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A B S T R A C T

In order to facilitate the importation of renewable hydrogen to Europe via dimethyl ether (DME), it is imperative 
to develop a robust steam reforming technology that is currently not available. This study explores the potential 
of state-of-the-art steam reforming technology of natural gas processing to address this technology gap, thereby 
facilitating accelerated commercialization. A process simulation was conducted in which a steam methane 
reformer (SMR) and a steam DME reformer with an integrated carbon capture unit (capture rate: 90 %) were 
modeled and compared in terms of efficiency, CO2 emissions, feedstock consumption, hydrogen yield and energy 
demand. The steam DME reformer demonstrated a cold gas efficiency (CGE) of 70.9 %, accompanied by 
uncaptured carbon emissions (UCE) of 1.12 kg CO₂ per kg H₂, as compared to 73.0 % efficiency and 1.03 kg CO₂ 
per kg H₂ observed for the SMR. The performance of the amine scrubber had the most significant impact on both 
the CGE and the UCE. Although DME reforming exhibited slightly lower efficiency and higher feedstock and 
energy requirements, it consistently achieved higher hydrogen yields, underscoring its potential as a renewable 
hydrogen carrier. This work should therefore be regarded as a foundational baseline study, providing the first 
detailed reference point for renewable DME reforming and a basis for future research into optimized reforming 
conditions, advanced concepts, and alternative CO₂ capture strategies.

1. Introduction

Europe’s high energy demand and its future reliance on renewable 
energy imports from regions such as Australia, Chile, and Africa 
necessitate efficient, high-density energy transport systems, like 
renewable hydrogen (H2) [1,2]. However, the economic viability of 
compressed H2 for long-range ship transport is questionable and pipe
line transport not always feasible or economic for very long ranges [3,4]. 
Furthermore, liquid H2 necessitates substantial energy consumption (10 
to 13 kWh per kg of H2 for liquefaction) and the development of new 
infrastructure [3,5,6]. Consequently, alternative hydrogen carriers such 
as renewable ammonia, methanol (MeOH), and dimethyl ether (DME) 
are being explored as more practical solutions for transportation and 
storage [7].

Renewable DME (rDME) has been discussed as an efficient H2 carrier, 
with a high technical H2 storage capacity of 26.1 wt%, which surpasses 
the capacities of MeOH (18.8 wt%) and ammonia (17.8 wt%) [8]. This 
attribute renders DME a significantly more energy-dense option for H2 
transport. Moreover, due to its analogous physical properties, DME is 

utilized as a blend-in or substitute for liquefied petroleum gas (LPG) 
[9,10] and diesel [11,12], and it can substitute for MeOH as a feedstock 
for hydrocarbon production [13].

Due to the disadvantage of DME containing carbon, Schühle et al. 
proposed a closed carbon cycle for green H2 imports, in which CO2 from 
the steam reforming of DME is captured, transported, and reused for 
DME synthesis in combination with green H2 from electrolysis [8]. In 
their study, Schühle et al. demonstrated that the energy efficiency of the 
DME/CO₂ system is more energy efficient to that of the carbon-free 
hydrogen carrier ammonia (54.52 % DME; 49.75 % ammonia) system 
[8]. The synthesis of DME is a state-of-the-art process that necessitates 
adaptation to renewable feedstocks [14]. A hybrid tank concept is 
currently under developed by Mitsubishi Heavy Industries for the pur
pose of facilitating the transportation of carbon dioxide (CO₂) and LPG- 
like substances [15,16], such as DME.

The steam reforming of DME is a well-established concept that re
quires further development for large-scale hydrogen production to 
enable the DME/CO2-cycle. Historically, this process has been pre
dominantly explored at a modest scale within the context of fuel cells, 
operating at temperatures in the range of 300 ◦C [17,18]. A substantial 
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amount of thermodynamic studies has been conducted over the past 25 
years, demonstrating the thermodynamic feasibility of achieving a 
hydrogen yield approaching 100 % [19–21]. Consequently, there has 
been an increase in the interest surrounding the DME steam reforming 
process at larger-scale plants [8,22].

In summary, the low-temperature steam reforming of DME (R01)
occurs in two reaction steps (R02, R03) via the intermediate MeOH 
[19,23,24]. The enthalpies of formation from literature (Table S1) were 
used to calculate the reaction enthalpies for all reactions in this article 
[25–31].

DME steam reforming 
(

ΔH0
r = 122.6 kJ

mol

)

: 

CH3OCH3 +3H2O⇌2CO2 + 6H2 (R01) 

DME hydrolysis: 
(

ΔH0
r = 24.1 kJ

mol

)

: 

CH3OCH3 +H2O⇌2CH3OH (R02) 

MeOH steam reforming 
(

ΔH0
r = 49.3 kJ

mol

)

: 

CH3OH+H2O⇌CO2 +3H2 (R03) 

In the context of the DME steam reforming reaction (R01), a bifunctional 
catalyst system is employed. The DME hydrolysis (R02) is catalyzed by 
an acidic catalyst, mostly γ-Al2O3 or zeolites [32–35], while the MeOH 
steam reforming (R03) is predominantly catalyzed by a copper-based 
catalyst [32–37]. A range of other metals, including palladium, plat
inum, nickel, molybdenum, and zinc, are also being investigated 
[32,37–41]. Nonetheless, the catalysts employed in these studies have 
not been subjected to evaluation regarding their long-term stability 
[23,42–44]. In contrast, the catalysts that were subjected to testing for a 
duration exceeding 1000 h demonstrated a substantial degree of deac
tivation [45–47]. This outcome is a matter of significant concern for 
industrial processes.

The low technology readiness level (TRL) of the low-temperature 
steam reforming of DME (approx. 4 or 5) is primarily attributable to 
challenges in scaling up the process, mainly in optimizing the catalyst 

Nomenclature

AS Amine scrubber
ATR Autothermal reformer
CGE Cold gas efficiency
DAC Direct air capture
DME Dimethyl ether
EH2 Specific energy demand of hydrogen
e-SMR Electrically heated steam methane reformer
FG Flue gas
HL Thermal loss
HP High-pressure
HX Heat exchanger
HX02 Feed preheater
HX03 Superheater
HX08 Hotbox
HX09 Steam superheater
HX10 Air preheater
HX11 Low-pressure steam generator
LHV Lower heating value
LHVCH4 Lower heating value of methane
LHVDME Lower heating value of dimethyl ether
LHVfeed Lower heating value of the feedstock
LHVH2 Lower heating value of hydrogen
LNG Liquefied natural gas
LP Low-pressure
LPG Liquefied petroleum gas
LSNG Liquefied synthetic natural gas
ṁCO2 ,flue gas Mass flow of carbon dioxide at the reformer outlet 

(plant) in the flue gas(es)
ṁfeed Mass flow of methane or dimethyl ether fed to the reformer 

(reactor)
ṁfuel Mass flow of methane or dimethyl ether used as fuel for the 

burner(s)
ṁH2 ,product Mass flow of the hydrogen product stream at the reformer 

(plant) outlet
mspec,feedstock Specific feedstock demand
MeOH Methanol
MT Medium temperature
ṅCH4 ,out Methane molar flow rate at the reformer (reactor) outlet
ṅCxHyOz ,in Methane or dimethyl ether molar flow rate at the reformer 

(reactor) inlet

ṅfeed Mole flow of methane or dimethyl ether fed to the reformer 
(reactor)

ṅfeed Mole flow of methane or dimethyl ether used as fuel for the 
burner(s)

NH2 ,max Stoichiometric coefficient of hydrogen in the reforming 
reaction

ṅH2 ,product Mole flow of the hydrogen product stream at the reformer 
(plant) outlet

ṅH2O,out Water molar flow rate at the reformer (reactor) outlet
ṅoverall,out Overall molar flow rate at the reformer (reactor) outlet
NG Natural gas
P Power (electrical)
Pel,i Electrical power demand of unit i
PSA Pressure swing adsorption
Q Thermal energy
rDME Renewable dimethyl ether
RG Regasifier
S1 First process gas separator
S2 Second process gas separator
S3 Flue gas separator
S/C Steam-to‑carbon ratio
S/Cnorm Normalized steam-to‑carbon ratio
S/Cstoi Stochiometric steam-to‑carbon ratio
S/Cstoi,CH4 Stoichiometric steam-to‑carbon ratio for methane steam 

reforming
S/Cstoi,DME Stoichiometric steam-to‑carbon ratio for dimethyl ether 

steam reforming
SDR Steam dimethyl ether reformer
SNG Synthetic natural gas
SMR Steam methane reformer
TMTWGS Medium temperature water-gas shift reactor outlet 

temperature
Toutlet Reformer (reactor) outlet temperature
TRL Technology readiness level
UCE Uncaptured carbon dioxide emissions
WGS Water-gas shift
WHB Waste heat boiler
x Number of carbon atoms per molecule
y Number of hydrogen atoms per molecule
YH2 Hydrogen yield
z Number of oxygen atoms per molecule
ηadia Adiabatic efficiency
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performance, with particular emphasis on the long-term stability, and 
missing protypes for reactor and process evaluation.

A review of the pertinent literature reveals the existence of several 
concepts for DME steam reforming reactors, including gas-heated 
[22,48,49], steam-heated [22,50], electrical-heated [22], oil-heated 
[51,52], and burner-heated fixed-bed reactors [22], as well as 
fluidized-bed [22,53,54], microchannel [55,56], and membrane reactor 
concepts [57]. The primary design concept is analogous to the conven
tional MeOH steam reforming process [58,59], which has normally a 
hydrogen production capacity of around 1000 Nm3

H2
/h [51,52,60]. 

Among the proposed concepts only the “burner-heated fixed bed 
reactor” is a state-of-the-art process for large-scale steam reforming 

(>100 kNm3
H2
/h

)
, the steam methane reformer (SMR) [61–63].

The history of SMR technology spans nearly 90 years, with its initial 
application in the processing of natural gas and subsequent adaptation 
to other feedstocks, including LPG [64]. In an SMR, methane undergoes 
a process of thermochemical reactions (R04, R06) within multiple tubes 
at temperatures ranging from 850 to 900 ◦C and pressures of 20 to 30 
bar; the required heat is provided by burners [61,62]. Due to the high 
carbon monoxide (CO) content in the product, it is subsequently shifted 
with steam (R05) to H2 and CO2 in the water-gas shift (WGS) reactor, 
with the objective of increasing H2 production [62]. Hydrogen separa
tion is achieved through pressure swing adsorption (PSA) [61,62]. The 
three primary reactions (R04 to R06) involved in steam methane 
reforming are as follows [63]:

CH4 steam reforming to CO (ΔH0
r = 205.9 kJ

mol

)

: 

CH4 +H2O⇌CO+ 3H2 (R04) 

WGS reaction 
(

ΔH0
r = − 41.2 kJ

mol

)

: 

CO+H2O⇌CO2 +H2 (R05) 

CH4 steam reforming to CO2 

(

ΔH0
r = 164.7 kJ

mol

)

: 

CH4 +2H2O⇌CO2 +4H2 (R06) 

To date, the application of an SMR for high-temperature DME steam 
reforming has not been subject of detailed investigations. Given the 
pivotal role of renewable hydrogen imports to Europe via the renewable 
DME, this study aims to address the knowledge gap by evaluating the 
high-temperature DME steam reforming concept as an alternative to the 
conventionally studied low-temperature steam reforming of DME in the 
context of the DME/CO2-cycle for renewable hydrogen imports into 
Europe. This approach would enable expedited upscaling, attributable 
to a higher TRL of 9 for steam methane reformer technology.

The objective of this study is to conceptualize an SMR-based steam 
DME reformer (SDR) using liquefied rDME as feedstock and compare it 
with an SMR using liquefied synthetic natural gas (LSNG) as feedstock 
(Fig. 1). The purpose of this comparison is to assess the feasibility of 
adapting the steam reforming process to DME (Fig. 1). To enable the 
back-shipping of CO2, the integration of a carbon capture unit is 
essential. Here, an amine scrubber (AS) for flue gas carbon capture, 
recognized as the state-of-the-art technology for achieving an overall 
CO2 capture rate of 90 %, was incorporated into the process (Fig. 1) 
[65,66]. This work should therefore be regarded as a systematic baseline 
for high-temperature SDR, providing the necessary reference point for 
future investigations into autothermal reforming, electrically heated 
reforming, and low-temperature pathways.

2. Simulation approach

This work investigates two process configurations for H2 production, 
an SMR and an SDR. All simulations in this study were conducted using 
AVEVA™ Process Simulation 2024.2 software.

In the context of steam reforming, the steam-to‑carbon ratio (S/C) 
has been shown to be a pivotal parameter, along with pressure and 
temperature [63]. S/C is defined as the ratio of water molecules to 
carbon atoms in the reactor feed. This concept is applicable to hydro
carbons, including methane, and their oxygen-containing derivatives, 
such as DME. With x, y, z representing the number of carbon, hydrogen, 
and oxygen atoms per molecule, respectively, the steam-to‑carbon ratio 
can be expressed as follows (see also SE1 and SE2): 

Steam 
Generation

Steam 
Generation

Fig. 1. Abridged scheme of the steam reforming process with carbon capture using liquefied DME or LNG as feedstock for the production of hydrogen.
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S

/

C =
ṅH2O,in

ṅCxHyOz ,in*x
(E1) 

The stoichiometrically required S/C for complete conversion to H2 and 
CO2 (S/Cstoi) differs between the steam reforming of DME and CH₄: 
S/Cstoi,DME = 1.5 molH2O

molDME
(SE3); S/Cstoi,CH4 = 2 molH2O

molCH4
(SE4). For better 

comparison of both reactions, a normalized steam to carbon ratio is 
introduced in this study: 

S
/

Cnorm =
S/C

S/Cstoi
(E2) 

While thermodynamic data for the steam reforming of CH4 is avail
able within the commercially operated pressure range of 10 to 30 bar 
[61–63], the published thermodynamic data for steam reforming of 
DME is only available for lower pressures (1 to 5 bar) [19,21]. However, 
given the expense associated with hydrogen compression [67], it is 
advantageous to consider reforming under pressures of 20 to 30 bar for 
DME as well. Consequently, a preliminary thermodynamic evaluation of 
the DME steam reforming shows the feasibility.

2.1. Thermodynamic evaluation

Thermodynamic equilibrium calculations for the steam reforming of 
DME are performed using a Gibbs Minimization Reactor and the Peng- 
Robinson equation-of-state [68]. Molar compositions are analyzed at 
varying temperatures (300 to 1000 ◦C) at 20 bar with an S/Cnorm of 1. 
The system included CO₂, CO, H₂, DME, MeOH, and H₂O (Fig. 2A), with a 
separate simulation incorporating also CH₄ (Fig. 2B), which can be 
formed via CO and CO₂ methanation (reverse of R04 and R06) [69] or 
DME decomposition (R07) [70,71].

DME decomposition to CH4, CO, and H2 (ΔH0
r = − 1.0 kJ

mol

)

: 

CH3OCH3⇌CH4 +CO+H2 (R07) 

Classical nickel-based SMR catalysts have been shown to promote 
methanation [72]. However, the steam reforming of CH4 requires higher 
reaction temperatures than the low-temperature steam reforming of 
DME is normally operated. Therefore, it is of interest to suppress 
methane formation in low-temperature steam reforming, with the 
objective of achieving a high hydrogen yield [40,73].

As demonstrated in Fig. 2, both graphs illustrate that across the 
temperature range of 400 to 1000 ◦C the DME and MeOH mole fractions 
are minimal, with values less than 0.05 mol% in the dry gas. The pri
mary distinction between scenarios A and B is that, in scenario B, where 
methane is in equilibrium, temperatures exceeding 800 ◦C are necessary 
to achieve substantial conversions to H2. In scenario A, the hydrogen 
mole fraction exceeds 65 mol% in the dry gas throughout the entire 
temperature range. Of particular interest are the temperatures below 
500 ◦C. This is attributable to the fact that the process of heat recovery is 
less complicated due to the reduced energy requirements, which are a 
consequence of the diminished temperature level. However, at tem
peratures below 400 ◦C, the MeOH and DME mole fractions increase 
steeply, yet remain below 0.4 mol% at 300 ◦C. Additionally, kinetic 
hindrance is predicted at low temperatures, which may result in ther
modynamically feasible conversion rates not being attained [74].

Conversely, classical steam reforming of CH4 has been demonstrated 
to attain near thermodynamic equilibrium at elevated temperatures 
(>800 ◦C), with the equilibrium being predominantly influenced by the 
reformer’s outlet temperature [61]. A similar outcome is anticipated for 
the steam reforming of DME at elevated temperatures. Similar as in 
classical SMR design, the overall reaction is not kinetically limited but 
by the heat transfer from the burner into the reaction zone, thereby 
enabling the highly endothermic reaction.

In consideration of the literature of CH4 formation over nickel cat
alysts [72], the inclusion of CH4 in the reaction scheme depicted in 
Fig. 2B is deemed essential for systems employing state-of-the-art nickel- 
based SMR catalysts, which compared to the developed low-temperature 
catalysts have a high long-time stability of several years [75,76]. The 
data suggest that the steam reforming of DME occurs via CH4 as an in
termediate. However, the precise reaction mechanism remains to be 
elucidated, and no experimental data is currently available for the steam 
reforming of DME over SMR catalysts.

Consequently, it is anticipated that the steam reforming of DME with 
a nickel-based catalyst will require elevated temperatures, similar to 
those necessary for the steam reforming of CH4. Given the very low 
concentrations of DME and MeOH (<10− 6), it is anticipated that com
plete conversion of DME and MeOH will occur. However, a certain CH4 
slip can occur, similar to CH4 steam reforming. Consequently, this key 
performance indicator of an SMR should be applied to the high- 
temperature DME reforming as well. The CH4 slip is defined as the 
mole fraction of CH4 in the dry gas at the reactor outlet. 

Fig. 2. DME steam reforming composition at thermodynamic equilibrium at 20 bar and S/Cnorm = 1 from 300 to 1000 ◦C; A) excluding methane; B) including 
methane (the DME and MeOH mole fractions are always below 10− 6).
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CH4 slip =
ṅCH4 ,out

ṅoverall,out − ṅH2O,out
(E3) 

A comparison was made between CH4 and DME steam reforming, with 
the CH4 slip for both reactions being simulated at four distinct pressure- 
S/Cnorm-combinations over the temperature range of 300 to 1000 ◦C. 
The results of these simulation are shown in Fig. 3.

The same trends for the CH4 slip are observable for CH4 and DME: 
lowering the pressure, increasing the temperature, and increasing S/ 
Cnorm leads to less CH4 in the product stream. While the CH4 slip reaches 
nearly 100 % for CH4 at 300 ◦C, the maximum for DME is 75 %. This 
disparity can be attributed to the fact that the decomposition of DME to 
CH4 and CO2 results in the formation of one mole of CO2 for every three 
moles of CH4.

DME decomposition to CH4 and CO2 (ΔH0
r = − 124.5 kJ

mol

)

: 

CH3OCH3⇌1.5CH4 +0.5CO2 (R08) 

A typical methane slip of an SMR ranges from 3 to 8 % [61], corre
sponding to a temperature of approximately 750 to 1000 ◦C at 30 bar. As 
illustrated in Fig. 3, the CH4 slip in DME steam reforming is comparable 
for the high temperature region to CH4. The data presented in Fig. 3
supports the hypothesis that the high-temperature steam reforming of 
DME differs from the steam reforming of CH4, primarily due to the 
process of DME decomposition to CH4, which occurs at temperatures 
above 500 ◦C without catalyst [70,71], while the latter steam reforming 
of CH4 remains constant. Consequently, the adaptation of SMR tech
nology to DME appears to be a promising approach.

2.2. Process simulation methodology

In order to facilitate an optimal comparison of an SMR and an SDR 
simulation model, both were configured identical wherever possible. 

Both simulations are based on the top-fired reformer design by Linde 
[77] and both layouts use the PSA tail gas and part of the feedstock as 
fuel for the burners. The flow diagrams of the SMR and SDR are shown in 
Figs. 4 and 5, respectively. The corresponding stream information is 
displayed in Tables 1 and 2. The Steam Tables were used for the pure 
low-pressure (LP) steam system [78] and the Peng-Robinson equation- 
of-state for all other streams [68]. The H2 production capacity for both 
systems is fixed at 200 kNm3

H2
/h with a purity of 99.999 % (10 ppm CO) 

and a pressure of 26.7 bar.
The LSNG feed is to be at bubble point at standard atmospheric 

pressure, which corresponds to a temperature of approximately 
− 162 ◦C. The liquid DME is to be at bubble point at 20 ◦C, and the 
corresponding pressure is approximately 5.1 bar. Given the high purity 
specifications of fossil LNG (99.8 % CH₄) [79] and fossil DME (98.8 % 
DME) [80], and the absence of a defined composition for rDME and 
LSNG, the feedstocks were modeled as pure components (CH4 and 
DME). This approach also facilitates a more effective comparison be
tween the feedstocks CH4 and DME. Given the low sulfur concentrations 
present in LSNG and rDME as compared to natural gas, desulfurization 
pretreatment of the feedstock is not incorporated in the models.

In the absence of an amine scrubber, an SMR typically generates 
export steam [61]. In this particular instance, however, no export steam 
is generated. Instead, the additional thermal energy is utilized to pro
duce low-pressure steam (3 bar, approximately 134 ◦C), which is then 
used in the reboiler of the amine scrubber (HX13). This approach fa
cilitates the comparison of the energy balance of both systems by 
eliminating the need to consider an additional product stream. In the 
context of a real-world plant, the option for steam export is likely to be 
incorporated with the objective of enhancing flexibility in addressing 
scenarios involving catalyst deactivation and plant maloperation.

It is noteworthy that both systems utilize an isothermal medium- 
temperature (MT) WGS reactor, a choice that is based on the reactor’s 
enhanced operational flexibility, particularly for subsequent parameter 

Fig. 3. Methane slips for CH4 and DME steam reforming at different pressures, normalized S/Cs, and temperatures.
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studies. This enhanced flexibility can be attributed to the fact that the 
allowable S/Cs for MT-WGS reactors are lower in comparison to the 
high-temperature WGS [81].

The reformer and MT-WGS reactor are modeled as Gibbs Minimi
zation Reactors, while the burners are Conversion Reactors. The re
formers are modeled with CH₄, MeOH, DME, H₂O, H₂, CO, and CO₂ as 
active components, while in the MT-WGS reactors MeOH, H₂O, H₂, CO, 
and CO₂ are considered. The burner converts 100 % of CH₄, MeOH, DME, 
H₂, and CO through the following combustion reactions (R09–R13). 

CH4 +2O2→CO2 +2H2O (R09) 

CH3OH+1.5O2→CO2 +2H2O (R10) 

CH3OCH3 +3O2→2CO2 +3H2O (R11) 

H2 +0.5O2→H2O (R12) 

CO+0.5O2→CO2 (R13) 

In order to ensure complete combustion, it is imperative to supply 8 to 
10 % excess air for an SMR [82]. In this instance, 8 % excess air is 
assumed, as a result of the absence of higher hydrocarbons in the feed 
[61].

17

24

23

Air

Flue gas 
& water

Fig. 4. Process flow diagram of the SMR simulation.

1717

Fig. 5. Process flow diagram of the SDR simulation.
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The reformers operate at an outlet temperature of 900 ◦C (with a 
150 ◦C higher bridge wall temperature), an S/Cnorm of 1.3, and an exit 
pressure of 30 bar with a 2 bar pressure drop [60–63]. The required heat 
is supplied by the hotbox (HX08). The model incorporates a temperature 
decline of 10 ◦C due to heat losses in the reformer pigtails (HL1). The 
MT-WGS reactors operate at an exit temperature of 270 ◦C, accompanied 
by a pressure drop of 1.5 bar [83,84]. The heat from the exothermic 
reaction is utilized by the heat exchanger HX12 for low-pressure steam 
generation.

The primary distinction between the SMR (Fig. 4) and SDR (Fig. 5) 
configuration is the feedstock supply; all other components of the setup 
are analogous. In the case of the SMR, the LSNG is pumped and rega
sified (T = 15 ◦C) in a submerged combustion vaporizer [85], the most 
flexible regasifier, with approximately 1.6 % of the LSNG being 
consumed as fuel. A portion of the gaseous CH4 functions as a burner fuel 
for the SMR, while the remainder is introduced into the SMR and sub
sequently heated to approximately 148 ◦C within the flue gas channel. 
The fuel for both burners (the SMR and the regasifier) is subjected to 
pressure reduction and heated to 10 ◦C using a natural draft air heater. 
In the case of the SDR, the majority of the liquid DME is pumped above 
process pressure, evaporated with low-pressure steam, and further 
preheated by flue gas to approximately 133 ◦C. A smaller portion 
(approx. 9.1 %) is pressure-reduced, evaporated, and heated to 10 ◦C via 
a natural draft air heater. This smaller portion is then used as make-up 
fuel for the burner. The gaseous feedstock (CH4 or DME) is subse
quently mixed with superheated steam (500 ◦C) and is then further 
heated to 650 ◦C in the superheater HX03, after which it is fed to the 
reformer [63].

In the waste heat boiler (WHB) HX04, the product stream is cooled, 
generating high-pressure steam (32.4 bar, approx. 239 ◦C) for the 
reformer. Thereafter, the cooled product passes through the MT-WGS 

reactor and undergoes a three-step cooling process (HX05 to HX07). A 
two-stage separation (S1 and S2) with air (cooling to 70 ◦C) and water 
intercooling (cooling to 40 ◦C) isolates the liquid phase for the high- 
pressure steam system, while the gas phase enters the PSA unit, which 
is modeled as a split with 87 % hydrogen recovery [62] (99.999 % H₂, 
10 ppm CO). The PSA tail gas is subsequently mixed with make-up fuel 
and air for combustion in the burner.

The flue gas (FG) heat is utilized in multiple units, including: the 
HX08 (hotbox), HX03 (superheater), HX09 (steam superheater), HX10 
(air preheater), HX11 (LP steam generator), and HX02 (feed preheaters) 
down to 150 ◦C. At the end of the hotbox (bridge wall temperature), the 
transition to the convection zone is modeled as a thermal loss (HL2) of 
10 ◦C.

The flue gas is pulled through the heat recovery by the flow gas 
blower and is subsequently cooled to 40 ◦C to be separated into its liquid 
and gas phase (S3). The liquid phase is subsequently introduced into the 
high-pressure steam system’s make-up water, while the gas is directed 
into the amine scrubber, which is modeled as a split with 90 % CO₂ 
recovery (99.8 % CO₂, 0.2 % N₂) [86,87]. The CO2-product pressure is 
set at 1 atm. The residual flue gas then exits the plant with the remaining 
CO₂ that has not been captured. The required amine scrubber reboiler 
duty for systems such as e.g. BASF’s OASE® process and Shell’s CAN
SOLV® process is reported in the literature to range from 2.0 to 2.6 GJ 
per tonne CO2 [86–91]. In this study, a mean value of 2.3 is employed.

In the high-pressure steam system, make-up water is mixed with 
condensates from the secondary process gas separator (S2) and the flue 
gas separator (S3). The mixture is subsequently pumped and heated in 
the heat exchanger HX07 to approximately 95 ◦C before entering the 
deaerator alongside condensate from the primary process gas separator 
(S1). The deaerator is operated at 1 atm with a blowdown equal to 0.5 
mol% of the water exiting. Subsequently, the water is pumped, 

Table 1 
Stream data from the SMR simulation (Fig. 4).

Stream number 1 2 3 4 5 6 7 8 9 10 11 12

T / ◦C − 162 15.0 650 900 310 270 124 40.0 44.1 23.9 20.0 387
p / bar 1.01 32.4 32.0 30.0 29.8 28.3 27.7 27.4 26.7 1.01 1.01 1.01
ṅ / kmol/s 1.02 0.878 3.17 4.63 4.63 4.61 4.61 4.09 2.48 1.26 3.99 5.37
ṁ / kg/s 16.4 14.1 55.4 55.4 55.4 55.4 55.4 46.0 4.99 34.6 116 152

Component mole fractions
H2O 0.000 0.000 0.720 0.289 0.289 0.190 0.190 0.087 0.000 0.009 0.000 0.002
Ar 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.009 0.007
DME 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
O2 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.210 0.155
N2 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.781 0.579
CO2 0.000 0.000 0.000 0.048 0.048 0.149 0.149 0.167 0.000 0.544 0.000 0.128
CO 0.000 0.000 0.000 0.110 0.110 0.008 0.008 0.009 0.000 0.028 0.000 0.007
H2 0.000 0.000 0.000 0.520 0.520 0.618 0.618 0.697 1.000 0.294 0.000 0.069
MeOH 0.000 0.000 0.002 0.000 0.000 0.002 0.002 0.002 0.000 0.002 0.000 0.001
CH4 1.000 1.000 0.277 0.033 0.033 0.034 0.034 0.038 0.000 0.123 0.000 0.053

Stream number 13 14 15 16 17 18 19 20 21 22 23 24
T / ◦C 1050 150 43.6 43.6 20.0 94.8 134 239 20.0 134 20.0 45.0
p / bar 1.01 0.961 1.01 1.01 1.01 1.01 32.4 32.4 1.01 3.00 1.01 1.01
ṅ / kmol/s 5.17 5.17 0.91 3.64 0.83 1.80 2.31 2.29 0.00234 2.34 0.17 0.19
ṁ / kg/s 152 152 40.0 101 14.9 32.6 41.8 41.4 0.0422 42.2 4.89 5.15

Component mole fractions
H2O 0.184 0.184 0.000 0.091 1.000 0.996 0.997 0.997 1.000 1.000 0.000 0.177
Ar 0.007 0.007 0.000 0.010 0.000 0.000 0.000 0.000 0.000 0.000 0.009 0.008
DME 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
O2 0.012 0.012 0.000 0.017 0.000 0.000 0.000 0.000 0.000 0.000 0.210 0.014
N2 0.602 0.602 0.002 0.855 0.000 0.000 0.000 0.000 0.000 0.000 0.781 0.711
CO2 0.195 0.195 0.998 0.028 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.089
CO 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
H2 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
MeOH 0.000 0.000 0.000 0.000 0.000 0.004 0.003 0.003 0.000 0.000 0.000 0.000
CH4 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
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preheated in heat exchanger HX06 to approximately 134 ◦C, and fed into 
the HP steam drum. The drum is operated at a circulation ratio of 12.5 
and a purge equal to 1 mol% of the generated steam. The selected cir
culation ratio (SE6) is contingent upon the operational pressure of the 
steam drum [92,93]. In the low-pressure steam system, make-up water is 
directly pumped into the LP steam drum, which is operated at a circu
lation rate of 50 and a purge equal to 0.1 mol% of the generated steam. 
All utilities are modeled at ambient conditions of 1 atm and 20 ◦C. The 
molar composition used for air was: 78.08 % N2, 20.95 % O2, 0.93 % Ar, 
and 0.04 % CO2.

3. Results and discussion

3.1. Process performance and validation

The most widely used parameter for evaluating the efficiency of an 
SMR is the cold gas efficiency (CGE), which is defined as follows based 
on the lower heating values (LHVs) and the mass flows of the H2 product 
and the feed at the plant inlet (stream 1, Figs. 4 and 5): 

CGE =
ṁH2 ,product*LHVH2(

ṁfeed + ṁfuel

)

*LHVfeed

(E4) 

The LHVs for H2, CH4, and DME are: LHVH2 = 119.96 MJ
kg 

[94], LHVCH4 =

50.03 MJ
kg 

[95], LHVDME = 28.84 MJ
kg 

[95]. The latter two were derived 
from the standard net enthalpy of combustion values (SE7 and Table S2).

In the context of the closed DME/CO₂ cycle - particularly relevant for 
the transport of the hydrogen carrier - the required feedstock mass per 
unit mass of hydrogen, mspec,feedstock, (E5) is a key metric. 

mspec,feedstock =
ṁfeed + ṁfuel

ṁH2 ,product
(E5) 

Beyond the feedstock requirement, the hydrogen yield, YH2 , (E6) is a key 
performance indicator, representing the fraction of the theoretically 
maximum producible hydrogen that is ultimately obtained as product. 
The feedstock specific factor NH2 ,max being the stoichiometric coefficients 
in the reaction eqs. R06 and R01: NH2 ,max,CH4 = 4 and NH2 ,max,DME = 6. 

YH2 =
ṅH2 ,product

NH2 ,max*
(

ṅfeed + ṅfuel

) (E6) 

The required energy demand per unit mass of hydrogen, EH2 , (E7) is also 
a commonly used metric in the context of reforming: 

EH2 =

(

ṁfeed + ṁfuel

)

*LHVfeed +
∑

i
Pel,i

ṁH2 ,product
(E7) 

Another important parameter is the amount of uncaptured CO2 per H2. 
The uncaptured CO2 emissions (UCE) are defined as follows: 

UCE =
ṁCO2 ,flue gas

ṁH2 ,product
(E8) 

The process remains effectively carbon-neutral even without CO₂ cap
ture, as the CO₂ released during reforming originates from renewable 
feedstocks such as rDME or SNG rather than fossil sources. Nevertheless, 
assessing carbon capture at this stage remains important, since the en
ergy demand for reformer-integrated CO₂ capture is significantly lower 
than for the most widely studied alternative, direct air capture (DAC). 

Table 2 
Stream data from the SDR simulation (Fig. 5).

Stream number 1 2 3 4 5 6 7 8 9 10 11 12

T / ◦C 20.0 20.0 650 900 358 270 125 40.0 44.4 23.3 20.0 207
p / bar 5.10 5.10 32 30 29.8 28.3 27.7 27.4 26.7 1.01 1.01 1.01
ṅ / kmol/s 0.636 0.578 2.84 4.90 4.90 4.87 4.87 4.41 2.48 1.54 3.45 5.04
ṁ / kg/s 29.3 26.6 67.6 67.6 67.6 67.6 67.6 59.3 4.99 47.1 99.8 150

Component mole fractions
H2O 0.000 0.000 0.793 0.300 0.300 0.176 0.176 0.090 0.000 0.008 0.000 0.002
Ar 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.009 0.006
DME 1.000 1.000 0.203 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.011
O2 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.210 0.143
N2 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.781 0.534
CO2 0.000 0.000 0.000 0.071 0.071 0.198 0.198 0.218 0.000 0.625 0.000 0.191
CO 0.000 0.000 0.000 0.139 0.139 0.010 0.010 0.012 0.000 0.033 0.000 0.010
H2 0.000 0.000 0.000 0.462 0.462 0.585 0.585 0.646 1.000 0.241 0.000 0.073
MeOH 0.000 0.000 0.003 0.000 0.000 0.003 0.003 0.003 0.000 0.002 0.000 0.001
CH4 0.000 0.000 0.000 0.029 0.029 0.029 0.029 0.032 0.000 0.091 0.000 0.028

Stream number 13 14 15 16 17 18 19 20 21 22 23
T / ◦C 1050 150 44.9 44.9 20.0 95.1 134 239 20.0 134 134
p / bar 1.01 0.961 1.01 1.01 1.01 1.01 32.4 32.4 1.01 3.00 3.00
ṅ / kmol/s 4.89 4.89 1.15 3.22 0.92 1.84 2.29 2.26 0.00327 2.96 0.313
ṁ / kg/s 150 150 50.5 89.6 16.6 33.3 41.3 40.9 0.0590 53.3 5.65

Component mole fractions
H2O 0.172 0.172 0.000 0.098 1.000 0.995 0.996 0.996 1.000 1.000 1.000
Ar 0.007 0.007 0.000 0.010 0.000 0.000 0.000 0.000 0.000 0.000 0.000
DME 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
O2 0.011 0.011 0.000 0.017 0.000 0.000 0.000 0.000 0.000 0.000 0.000
N2 0.550 0.550 0.002 0.836 0.000 0.000 0.000 0.000 0.000 0.000 0.000
CO2 0.260 0.260 0.998 0.040 0.000 0.000 0.000 0.000 0.000 0.000 0.000
CO 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
H2 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
MeOH 0.000 0.000 0.000 0.000 0.000 0.005 0.004 0.004 0.000 0.000 0.000
CH4 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
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Schühle et al. reported energy requirements of 1.8 GJ (electrical) and 
5.4 GJ (thermal) per tonne CO₂ for DAC [96], far exceeding those of 
conventional amine scrubbing - approximately 0.1 GJ (electrical) [94] 
and 2.3 GJ (thermal) per tonne CO₂. Accordingly, while emissions from 
renewable feedstocks do not represent a net fossil emission, their cap
ture remains beneficial from an efficiency standpoint within the closed 
DME/CO2-cycle. In this context, UCE should therefore be interpreted not 
as a climate burden but as a capture burden.

Table 3 presents the results from both simulations and literature data 
for an SMR with a carbon capture rate of 90 % (case 3 of the 2017 
IEAGHG report [94]). The percentage of UCE from the regasification 
unit (RG) of the SMR is also included.

The SMR examined in this study exhibited an approximate 5.6 % 
higher CGE and a roughly 4.0 % higher UCE in comparison to the SMR 
documented by the IEAGHG [94]. Additionally, the results for 
mspec,feedstock and EH2 of the SMR are in close agreement with literature 
values, with the specific feedstock demand approximately 12.1 % lower 
and the specific energy demand 4.9 % lower. The observed discrepancy 
in performance can be attributed to the methodology employed in the 
IEAGHG report, wherein electricity was produced using surplus steam 
[94]. Additionally, fossil natural gas (NG) was used as the feedstock in 
lieu of LSNG, thereby eliminating the requirement for a regasification 
process [94]. While the utilization of NG as opposed to LSNG results in 
an augmentation of the CGE, the generation of electricity from steam 
exerts a more substantial downward influence on the CGE compared to 
this study. The SMR results in this study are therefore consistent with the 
literature data, thereby validating the SMR methodology.

In comparison, the SDR is 2.6 % less efficient and generates 6.7 % 
more UCE than the SMR. This phenomenon can be attributed to the 
elevated levels of CO2 generation resulting from the DME reactions in 
comparison to the CH4 reactions. Specifically, the DME steam reforming 
reaction (R01) yields 0.33 mol of CO2 per mole of H2, while the steam 
reforming of CH4 (R06) generates only 0.25 mol of CO2 per mole of H2. 
Furthermore, the combustion of DME (R11) yields a lower energy output 
compared to the combustion of CH4 (R09), with 664 kJ per mole of 
formed CO2 (DME) versus 803 kJ per mole of formed CO2 (CH4), 
respectively [95].

The specific feedstock demand of the SDR is 79 % higher than that of 
the SMR, primarily due to the 73 % higher LHV of methane compared to 
DME. This indicates that significantly larger feedstock masses are 
required when using DME, a general limitation of DME as a hydrogen 
carrier rather than a plant-specific issue. The SDR achieves a higher 
hydrogen yield than the SMR, despite its lower cold gas efficiency, 
owing to differences in the LHVs, the molar masses, and the stoichio
metric coefficients. In terms of specific energy demand, the SMR per
forms only marginally better, requiring around 3 % less energy per 
kilogram of hydrogen. Overall, despite its higher feedstock demand, 
slightly lower efficiency, and marginally higher uncaptured emissions, 
the SDR remains a viable option for hydrogen production from rDME, 
offering the advantage of near-term applicability.

3.2. Equipment sizing

The subsequent analysis evaluates the technical viability of tran
sitioning from CH4 as a feedstock to DME, utilizing the same equipment. 
To this end, an analysis is conducted of the transferred thermal energies 
in the heat exchangers and the electrical power consumptions of both 
setups (Fig. 6) to obtain a basic understanding of the sizes of the units, 
since both processes are very similar. The heat exchangers are grouped 
into categories (Table 4), and the efficiencies of the components are 
given in Table 5. The power demand of the air coolers is fixed at 2 % of 
their duty.

As demonstrated in Fig. 6, the total transferred thermal energy of the 
two processes is comparable, with values of 715 MW for the SMR and 
684 MW for the SDR. The deviations in thermal energy between the SMR 
and the SDR are most significant in the hotbox, the air preheater, and the 
low-pressure steam system with the amine scrubber reboiler.

The heat demand for the reaction transferred in the SDR’s hotbox is 
69 % of that in the SMR’s hotbox, owing to the lower endothermic na
ture of steam reforming of DME (R01) relative to that of CH4 (R06). 
Consequently, less heat is required.

The air preheater of the SDR exhibits a 52 % reduction in heat ex
change, attributable to its lower preheating temperature. This is pri
marily due to the SDR’s elevated steam demand for the amine scrubber 
reboiler, resulting in a reduced energy availability for air preheating.

The transferred heat in the low-pressure steam system of the SDR is 
40 % higher than for the SMR. The elevated steam demand of the SDR is 
attributable to the necessity of steam for the DME evaporator and the 
augmented energy demand of the amine scrubber reboiler. It has been 
shown that the SDR results in a greater overall production of CO2, 
necessitating the capture of a greater volume of CO2.

The higher CO content in the reformer outlet of the SDR results in a 
59 % increase in thermal energy recovery through steam generation in 
the WGS reactor compared to the SMR’s WGS reactor.

The overall required power (excluding the amine scrubber) of both 
processes is comparable with 3.35 MW for the SMR and 3.34 MW for the 
SDR (Fig. 6); however, the shares of the specific plant components differ. 
The most significant disparity arises from the flue gas blower, as the 
SMR requires approximately 0.1 MW more power due to its higher flue 
gas mass flow. This discrepancy can be attributed to the higher oxygen 
demand of the SMR’s burner, which consequently leads to a significantly 
higher nitrogen mass flow in the flue gas. The DME educt pump requires 
17 % more power than the pump for liquefied methane because the mass 
flow of DME is 62 % higher than that of methane. However, given the 
inherent differences in the feedstock, the necessity for distinct equip
ment remains unaltered.

The feasibility of directly retrofitting an SMR to DME remains un
certain due to discrepancies in the detailed plant design. The viability of 
this process depends on the particular design of the SMR, necessitating a 
comprehensive equipment study to ascertain the technical feasibility.

3.3. Parameter variation

In order to identify the parameters that will enable future process 
optimization, a parameter variation was conducted. The variation was 
applied to the following key process parameters: the reformer outlet 
temperature (Toutlet), the MT water-gas shift temperature (TMTWGS), the 
steam-to‑carbon ratio (S/Cnorm), the H2 recovery rate of the PSA, the 
amine scrubber reboiler duty per tonne of CO2, and the amine scrubber’s 
capture rate. The outcomes of this study are presented in Fig. 7. The 
results for the UCE are shown in Fig. 8. The reference values are indi
cated by a dotted line. The superheater and steam superheater are 
excluded from the analysis because the temperature variations in the 
steam superheater (HX09) and the superheater (HX03) had no numeri
cal impact on the CGEs or the UCE. Therefore, the data are not shown in 
Figs. 7 and 8. The alterations in the steam superheater’s temperature are 
counterbalanced by the superheater, whose duty is inversely adjusted to 

Table 3 
Calculated efficiency parameters of the SDR and the SMR compared to literature 
values.

Parameters This work Literature

SMR SDR SMR [94]

CGE / % 73.0 70.9 69.1
UCE / kgCO2

/kgH2
1.03 1.12 0.99

UCE from RG / % 14.0 – –
mspec,feedstock/kgfeedstock/kgH2

3.28 5.87 3.73
YH2 / % 60.6 64.9 –
EH2 / kWh/kgH2

45.8 47.2 48.2
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maintain equilibrium, resulting in merely a redistribution of transferred 
thermal energies. A reduction in the superheater temperature facilitates 
enhanced air preheating, consequently elevating the burner tempera
ture and augmenting heat transfer to the reformer. This increase in 
thermal energy is proportional to the reduction in the superheater’s 
duty. Consequently, the alterations in both units (superheater and steam 
superheater) are counterbalanced by other components within the plant.

3.3.1. Effect of the parameter variation on the CGE
As demonstrated in Fig. 7A, the variation in the reformer outlet 

temperature indicates that an increase from 870 to 930 ◦C results in a 
0.3 % CGE increase for the SMR and a 0.5 % CGE increase for the SDR. 
This is attributable to a reduced methane slip at higher temperatures. 
While the impact on the SDR is more pronounced, the overall impact is 
negligible.

In a similar manner, an increase in the water-gas shift temperature 
(Fig. 7B) from 220 to 320 ◦C results in an elevated CO slip (SE5). The 
additional CO is combusted in the hot box, thereby reducing the 
requirement for make-up fuel. While a higher CO slip results in a 
decrease in hydrogen content, this effect is less pronounced, and the CGE 
exhibits a slight improvement, ranging from 72.8 to 73.1 % (SMR) and 

from 70.6 to 71.0 % (SDR). As the CGE increases, the CGE-difference 
between the SMR and the SDR narrows. Consequently, elevated WGS 
temperatures could potentially amplify the CGE, suggesting a possible 
benefit from a high-temperature WGS reactor.

The CH4 and CO slip are both influenced by the S/Cnorm variations 
(Fig. 7C). While an increase in S/Cnorm reduces the methane slip, thereby 
improving the CGE, it at the same time decreases the CO slip, exerting a 
negative effect on the CGE. The net effect of these opposing effects is that 
minimum CGEs of 72.94 % (SMR) and 70.85 % (SDR) occur at 
normalized S/Cs between 1.1 and 1.2, respectively, and CGE maxima at 
an S/Cnorm of 1.1. Given the elevated risk of coking at a low S/Cnorm, 
operating at a higher S/Cnorm would be advantageous in this instance, 
particularly for the SMR. This is attributable to the fact that the impact 
of S/Cnorm on the CGE is more pronounced for the SDR than for the SMR.

The absolute CGE difference between maximum and minimum is 
only 0.09 % for the SMR and 0.37 % for the SDR. Consequently, there is 
a possibility for the SDR to operate at low a S/Cnorm; however, further 
experimental analysis is necessary to investigate the coking behavior.

While the impact of S/Cnorm and the temperatures is only minor 
within the analyzed range, the hydrogen recovery rate of the PSA 
(Fig. 7D) has a greater impact on the CGEs of the SMR and the SDR. An 
enhancement in the recovery rate leads to an improvement in the CGEs, 
owing to the enhanced efficiency in utilizing a portion of the feed as fuel 
in lieu of a portion of the H2 product. By increasing the recovery rate 
from 82 to 92 %, the CGEs exhibit an increase from 72.3 to 73.6 % (SMR) 
and from 70.2 to 71.5 % (SDR). Consequently, a well-performing PSA 
unit is crucial for both the SMR and the SDR.

The amine scrubber reboiler duty exerts a substantial influence on 
the CGE (Fig. 7E), leading to a reduction in efficiency by 7.2 % for the 
SDR and 5.8 % for the SMR when the duty is elevated from 1.8 to 2.8 GJ 
per tonne of CO₂. As the reboiler duty increases, the CGE gap between 
the SMR and the SDR widens. While the optimization of the reboiler 
duty is imperative for both systems, the SDR has the potential to further 
reduce the CGE gap to the SMR by enhancing the performance of the 
amine scrubber. Consequently, in the context of DME steam reforming, 
enhancing carbon capture emerges as a pivotal concern.

The impact of varying the capture rate between 85 and 95 % (Fig. 7F) 
on the CGE is analogous to the impact of the PSA recovery rate. An in
crease in the carbon capture rate from 85 to 95 % results in a reduction 
of the CGE from 73.5 to 72.4 % (SMR) and from 71.6 to 70.2 % (SDR), 
with the SDR exhibiting a more pronounced decrease due to a higher 
CO₂ mass flow in the flue gas. While an augmented capture rate is ad
vantageous for the DME/CO2-cycle, it at the same time reduces 

Fig. 6. Overview of the transferred thermal energies (Q) of heat exchangers (red) and power (P) consumption of electrical units (blue) from the SMR and the SDR.

Table 4 
Heat exchange categories.

Categories Heat exchangers

Hotbox HX08
Air preheater HX10
AS reboiler HX13
LP steam system HX05, HX11, HX12
Superheater HX03
Educt preheating HX01, HX02
HP steam system HX04, HX06, HX07, HX09
Utilities & Losses AC1, AC2, WC1, WC2, HL1, HL2, AH1

Table 5 
Component efficiencies.

Efficiency (η) Value

Electrical η of pumps and compressors 0.90 [97]
Adiabatic η (ηadia) of the pumps 0.50 [97]
ηadia of the flue gas blower 0.82 [98]
ηadia of the regasification blower 0.77 [98]
ηadia of the air compressor 0.82 [98]
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efficiency and likely increases the reboiler duty of the amine scrubber, 
further reducing the CGE.

3.3.2. Effect of the parameter variation on mspec,feedstock and YH2

Both mspec,feedstock and YH2 are closely linked to the CGE. Fig. 8 illus
trates these correlations: while the hydrogen yield exhibits a linear de
pendency on the CGE, the specific feedstock demand displays an inverse 
dependence.

Across all parameter ranges, the hydrogen yield is consistently 
higher for the SDR than for the SMR, with an average difference of 
around 4.5 percentage points. For PSA recovery and capture rate, this 
difference widens at higher settings, while it narrows with increasing 
reboiler duty. This advantage stems from DME’s lower reaction enthalpy 
(20.4 vs. 41.2 kJ/mol H₂), though it is partly offset by higher CO₂ gen
eration per mole of hydrogen (0.33 vs. 0.25).

In contrast, the specific feedstock demand shows only minor varia

tions for most parameters (<2 %), with changes of about ±1.5–2 % for 
PSA recovery and capture rate. The reboiler duty exerts the strongest 
influence: increasing it from 1.8 to 2.8 GJ per tonnne CO₂ raises the 
feedstock demand by 6.2 % for SMR (3.19 to 3.39 kgCH4/kgH2 ) and 7.7 % 
for SDR (5.66 to 6.09 kgDME/kgH2

). Detailed graphs illustrating these 
parameter trends are provided in the Supplementary Information 
(Figs. S1 and S2).

3.3.3. Effect of the parameter variation on the UCE
As demonstrated in Fig. 9, the UCE generally exhibits opposing 

trends to the CGE and are proportional to the absolute captured CO2, 
with the exception of emissions from the regasifier flue gas. An increase 
in captured CO₂ has been shown to result in a rise in low-pressure steam 
demand, thereby reducing the CGE as the energy cannot be recovered 
within the system. Consequently, these trends can be attributed to the 
same underlying mechanisms, as discussed for the CGE.

Fig. 7. Influence of the variation of the process variables: A) reformer outlet temperature, B) MT-WGS temperature, C) S/Cnorm, D) PSA H2 recovery rate, E) reboiler 
duty of the amine scrubber and F) amine scrubber capture rate on the CGEs of the SMR and SDR.
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Increasing the reformer outlet temperature from 870 to 930 ◦C 
(Fig. 9A) results in a decrease in the UCE by 0.3 % (SMR) and 0.5 % 
(SDR). A comparable impact is observed with the MT-WGS reactor 
temperature (Fig. 9B): an increase from 220 to 320 ◦C results in a 
decrease of 0.3 % (SMR) and 0.4 % (SDR) in UCE.

For the variation of S/Cnorm (Fig. 9C) the UCE have a maximum 
between 1.1 and 1.2. For the SMR 1.033 kgCO2/kgH2 and for the SDR 
1.122 kgCO2

/kgH2
. The lowest UCE are for S/Cnorm of 1.1, with a mini

mum of 1.032 kgCO2/kgH2 for the SMR and 1.116 kgCO2/kgH2 for the SDR. 
This represents a decrease of only 0.12 % for the SMR and 0.53 % for the 
SDR. Similarly, by increasing the PSA hydrogen recovery rate (Fig. 9D) 
from 82 to 92 % the UCE decrease from 1.04 to 1.02 kgCO2/kgH2 for the 
SMR and from 1.13 to 1.11 kgCO2/kgH2 for the SDR. This represents a 
decrease of 1.68 % for the SMR and 1.87 % for the SDR. The variation of 
the amine scrubber reboiler duty from 1.8 to 2.8 GJ per tonne of CO₂ 
(Fig. 9E) leads to UCE increases of 6.2 % (SMR) and 7.2 % (SDR). As for 
the CGEs, the improvement in the amine scrubber has a greater impact 
on the SDR than on the SMR.

The variation in capture rates is predominantly responsible for the 
distinction in trends observed between Fig. 9 and Fig. 7. An increase in 
the carbon capture rate corresponds to a decline in both the CGE and the 
UCE, with the SDR curve exhibiting a steeper gradient in both instances. 
While the disparity in the CGE increases with elevated carbon capture 
rates, the UCE discrepancy diminishes until both curves intersect at 
approximately 93.8 % carbon capture rate. This outcome is attributable 
to the LNG regasifier, wherein flue gas CO2 is not captured. It is note
worthy that augmenting the carbon capture rate from 90 to 95 % results 
in a mere 43 % reduction in UCE for the SMR and approximately 50 % 
for the SDR.

Within the range that was analyzed, the variations of the reformer 
outlet temperature, the MT-WGS temperature, and S/Cnorm have an 
impact of less than 1 % on UCE. The PSA hydrogen recovery rate has 
been shown to have a moderate impact of approximately 1.8 %, with a 
higher recovery rate resulting in a reduction in UCE. Given the constant 
hydrogen production rate, a reduced PSA recovery necessitates an 
augmented carbon feedstock to counterbalance the diminished 
hydrogen production.

The amine scrubber reboiler duty variation demonstrates significant 
disparities, with an SDR discrepancy of 7.2 % and an SMR discrepancy of 
6.2 % between minimum and maximum. Increases in reboiler duties 
necessitate greater steam production, resulting in the utilization of 
additional feedstock as fuel, which in turn leads to elevated CO2 emis
sions. For the UCE, as for the CGE, the capture rate has the most sig
nificant influence. For the SMR, changes of approximately ±42 % to the 
reference value are observed, while for the SDR, the changes are 

approximately ±49 %.
Therefore, the amine scrubber is the pivotal unit that exerts a sig

nificant influence on the UCE. As shown above, in context of the DME/ 
CO2 cycle CO2 has to be captured either at the reformer or via direct air 
capture whereby capturing at the reformer is economically beneficial. It 
is therefore desirable to reduce the amine scrubber’s reboiler duty while 
maintaining the carbon capture rate as high as possible.

3.3.4. Effect of the parameter variation on EH2

The specific energy demand for hydrogen, EH2 , is determined by the 
specific feedstock requirement (mspec,feedstock; see also Fig. S2 in the 
supplementary information) and the overall plant electricity demand 
(see also Fig. S3 in the supplementary information). Since electricity 
energy accounts for only about 0.4 % of the total energy, its influence is 
negligible. Fig. 9 illustrates the parameter variation for EH2 . In contrast 
to the CGE, the trends are reversed: the SMR requires between 44.5 and 
47.5 kWh/kgH2 , while the SDR lies between 45.5 and 49.0 kWh/kgH2 .

The effects of the reformer outlet and WGS temperature are negli
gible, as the variations in EH2 remain below 1 % in both cases. For the 
outlet temperature (Fig. 9A), the SMR decreases by only 0.3 % (from 
45.91 to 45.79 kWh/kgH2

) and the SDR by 0.5 % (from 47.33 to 47.08 
kWh/kgH2 ). A similar trend is observed for the WGS temperature 
(Fig. 9B), with decreases of 0.4 % for the SMR (from 45.98 to 45.78 
kWh/kgH2

) and 0.6 % for the SDR (from 47.37 to 47.10 kWh/kgH2
).

For the normalized steam-to‑carbon ratio (S/Cnorm, Fig. 9C), EH2 

follows the same trend as the UCE, with a flat maximum at 1.12 (SMR) 
and 1.19 (SDR). The difference between maximum and minimum values 
is only 0.06 kWh/kgH2 for the SMR (from 45.86 to 45.80 kWh/kgH2 ) and 
0.25 kWh/kgH2 for the SDR (from 47.21 to 46.96 kWh/kgH2 ), corre
sponding to relative changes below 1 % in both cases.

The PSA hydrogen recovery and AS CO₂ capture rates (Fig. 9D and F) 
have a slightly larger effect. With increasing PSA recovery, EH2 decreases 
by 1.7 % for the SMR (from 46.26 to 45.47 kWh/kgH2 ) and by 1.9 % for 
the SDR (from 47.66 to 46.75 kWh/kgH2 ). Conversely, increasing the 
capture rate raises EH2 by 1.5 % in the SMR (from 45.49 to 46.20 
kWh/kgH2 ) and by 1.9 % in the SDR (from 46.74 to 47.63 kWh/kgH2 ).

The strongest sensitivity is observed for the AS reboiler duty 
(Fig. 9E). Here, the SMR energy demand increases by 6.2 % (from 44.50 
to 47.26 kWh/kgH2

), and the SDR by 7.7 % (from 45.49 to 49.00 
kWh/kgH2 ).

Overall, the relative changes in EH2 closely mirror those of 
mspec,feedstock, since more than 99 % of the energy originates from the 
feedstock. This highlights that plant-wide electrical optimization plays 
only a minor role compared to improvements in the utilization of the 
feedstock’s chemical energy (Fig. 10).

Fig. 8. Correlations between the CGE and the process parameters: A) hydrogen yield (YH2) and B) specific feedstock demand (mspec,feedstock).
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3.3.5. CO2 in DME feed
A final analysis was conducted to determine the impact of the CO2 

content in the DME feed on the performance of the SDR. Given that both 
DME and CO2 are transported in the same vessel within the DME/CO2- 
cycle, it is probable that low CO2 concentrations are present in the DME. 
To this end, a simulation was conducted in which the CO2 content in the 
feed ranged from 0 to 15 mol%. All other parameters remain at their 
reference values, as established in the simulation methodology. The 
impact on the CGE and UCE is illustrated in Fig. 11.

While the CGE decreases with increasing CO₂ content, the UCE in
crease. The CGE decreases by 1.9 % (from 70.9 to 69.5 %) as CO₂ content 
increases from 0 to 15 %. Meanwhile, the UCE increase by 11.0 % (from 
1.12 to 1.24 kgCO2/kgH2 ) over the same range. While the decrease in the 
CGE is manageable, the significant increase in UCE is challenging. This is 
because the uncaptured CO₂ cannot be back-shipped, and instead must 
be removed from the atmosphere by CO2 removal to close the carbon 

loop.

4. Conclusion & outlook

In this simulation study it has been shown that the adaptation of the 
state-of-the-art steam methane reforming to renewable dimethyl ether 
as a feedstock has potential to substantially enhance the technology 
readiness level of the DME steam reforming process. This in turn enables 
the DME/CO2-cycle and the utilization of DME as a renewable hydrogen 
carrier.

A comparison of DME to conventional CH4 steam reforming reveals 
that the SDR exhibits marginally reduced performance relative to the 
SMR with respect to cold gas efficiency (70.9 vs. 73.0 %), specific 
feedstock demand (5.87 vs. 3.28 kgfeedstock/kgH2

), specific energy demand 
per hydrogen (47.2 vs. 45.8 kWh/kgH2 ) and uncaptured CO2 emissions 
(1.12 vs. 1.03 kgCO2/kgH2 ). Its clear advantage lies in the higher 

Fig. 9. Influence of the variation of the process variables: A) reformer outlet temperature, B) MT-WGS temperature, C) S/Cnorm, D) PSA H2 recovery rate, E) reboiler 
duty of the amine scrubber, F) amine scrubber capture rate on the UCE of the SMR and SDR.
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hydrogen yield (64.9 % vs. 60.6 %). The disparities observed are un
critical so that DME can be considered a viable alternative, particularly 
given its potential role in renewable hydrogen pathways. Both reforming 
routes can be further optimized, which lies beyond the scope of this 
study but is well documented in the literature [99,100].

In order to adequately assess the overall suitability of DME as a 
hydrogen carrier in comparison to CH4, it is imperative to consider 
factors beyond the mere reforming step. Achieving higher efficiencies in 
other parts of the DME/CO2-cycle can lead to DME outperforming CH4. 
For instance, the liquefaction of CH4 is more energy intensive than the 
liquefaction of DME, and the transport of DME is more efficient.

However, the amine scrubber’s performance has the most significant 
impact on cold gas efficiency and uncaptured carbon emissions. The 
results suggest that improving the capture rate and reducing the reboiler 
duty will improve the SDR’s competitiveness with the SMR. Therefore, 
optimizing the amine scrubber efficiency is a key focus for future 

research. In this context, achieving the highest feasible capture rate 
while maintaining efficiency is critical. At the same time, improvements 
in carbon capture from the atmosphere, such as direct air capture (DAC), 
would enhance the competitiveness of all carbon-based hydrogen car
riers. However, given the maturity gap between DAC and amine 
scrubbing, near-term deployment of renewable DME reforming requires 
integration with high-efficiency capture at the reformer site. For this 
reason, current systems must rely on high-efficiency amine-based cap
ture, while future advances in DAC may provide complementary options 
once the technology becomes more energy-efficient and commercially 
viable.

Experimental studies are required to validate DME steam reforming 
at elevated temperatures, with a particular focus on coking behavior and 
the reaction mechanism, in comparison to CH4 steam reforming. A 
critical question to be addressed in future research is the comparison of 
catalyst longevity between these two reactions. Furthermore, additional 

Fig. 10. Influence of the variation of the process variables: A) reformer outlet temperature, B) MT-WGS temperature, C) S/Cnorm, D) PSA H2 recovery rate, E) reboiler 
duty of the amine scrubber and F) amine scrubber capture rate on EH2 of the SMR and SDR.
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studies are necessary to ascertain whether the revamp of an existing 
SMR plant to DME is a viable option, as a newly designed plant for DME 
steam reforming appears to be a feasible proposition. However, it is 
imperative to emphasize the necessity of conducting detailed design 
studies for critical equipment to ensure the optimal performance of the 
plant.

In addition, the performance of a low-temperature DME steam 
reformer in comparison to the results of this study should be investigated 
in future simulation studies. Another promising approach involves the 
implementation of an autothermal reformer (ATR) [63] for DME 
reforming. Additionally, the ongoing investigations into electrically 
heated reformers (e-SMR) could prove to be of interest in the context of 
DME steam reforming [101]. Both ATR and e-SMR have the potential to 
substantially decrease the effort required for CO2 capture, making them 
a subject of considerable interest for further exploration. Investigating 
these pathways in parallel with high-temperature SDR will help identify 
the most practical trade-offs between efficiency, flexibility, and inte
gration into renewable energy systems.

Furthermore, to comprehensively assess DME steam reforming 
within the broader context of the DME/CO2-cycle, future studies must 
ascertain the extent of CO2 content in DME. Additionally, a crucial 
element for future studies is the evaluation of a higher amine scrubber 
capture rate versus direct air capture. Subsequent studies should also 
assess additional carbon capture options [89,90,102]. Complementary 
life-cycle analyses and cost studies are also needed to establish both the 
environmental and economic viability of DME as a hydrogen carrier.
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[96] P. Schühle, R. Stöber, M. Semmel, A. Schaadt, R. Szolak, S. Thill, M. Alders, 
C. Hebling, P. Wasserscheid, O. Salem, Electronic supplementary information: 
dimethyl ether/CO 2 – a hitherto underestimated H 2 storage cycle, Energy 
Environ. Sci. (2023), https://doi.org/10.1039/D3EE00228D.

[97] L.T. Biegler, I.E. Grossmann, A.W. Westerberg, Systematic Methods of Chemical 
Process Design, Prentice Hall PTR, New Jersey, 1999.

[98] J.R. Couper, W.R. Penney, J.R. Fair, Chemical Process Equipment: Selection and 
Design, second edition, Butterworth-Heinemann, Burlington, USA, 2010.

[99] J. Sundberg, S. Rehfeldt, A. Peschel, H. Klein, Process optimization of the 
methanol synthesis using different local optimization algorithms, Chem. Ing. 
Tech. 89 (2017) 675–685, https://doi.org/10.1002/cite.201600108.
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