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Interstage product separation is a practical strategy to address challenges related to the equilibrium limitation
in CO,-based methanol synthesis. While many studies assess intensification strategies at the reactor level, this
work examines the process-wide implications of interstage condensation and membrane separation units in
comparison to the performance of a single-stage condensation reference. Interstage condensation increases
carbon efficiency by 3 to 12 percentage points over the reference without increasing power demand. Gains
are most pronounced for the first additional stage at low pressures and diminish with both increasing
stages and pressure. The required cooling and reheating before and after the condensation steps increases
total heat transfer demand by 13 to 83% over the single-stage reference, concentrated close to the reaction
stages. Membrane-based interstage separation operates at elevated temperatures compatible with low-cost
polymer membranes, avoiding this thermal burden near the reaction stages. Under more aggressive separation
conditions, carbon efficiency can exceed the condensation process (e.g. 98.9% vs. 98.5% at 80bar process
pressure and three stages), but sweep handling increases total heat duty (+38%) and compressor power demand
(+11%). Under milder separation conditions, compressor power demand approaches the condensation case
(+2%) and total heat duty is reduced (—8%), but carbon efficiency drops to 98.3%. Interstage condensation
emerges as the more robust and conceptually simpler option, although its operational advantages over the
single-stage reference must be weighed against additional investment and equipment-related complexity.

1. Introduction higher operating costs [7]. In addition to the development of novel

catalysts or the adaptation of conventional catalysts towards water-

In the context of a sustainable hydrogen economy, hydrogen-
containing bulk chemicals like methanol are taking on an additional ap-
plication as energy vectors, e.g. as carrier molecules for intercontinental
transport of hydrogen or directly as a fuel [1,2]. This development
comes along with challenges of changing boundary conditions of these
well-established processes, mostly associated with the replacement of
their conventional fossil feedstock such as natural gas or coal [3].

CO, as an alternative carbon source for methanol synthesis, e.g. cap-
tured from industrial waste streams, has been discussed for over 20
years [4] and is strongly rooted in George Olah’s pioneering concept
of the methanol economy [5]. Compared to NG-based synthesis gas, the
thermodynamics of CO,-based methanol synthesis is characterized by
increased water production and lower methanol yield [4]. Increased
water production is a challenge for conventional Cu/ZnO/Al,0O5 cat-
alysts as it accelerates catalyst sintering, resulting in faster deactiva-
tion [6]. Moreover, the lower conversion rate leads to an increased
recycle stream, which in turn requires larger equipment and leads to

resistance [8,9], in-situ or intermediate separation of the reaction
products could help to overcome this hurdle in CO,-based methanol
synthesis.

In-situ or intermediate product separation tackles the issue of the
well-known equilibrium limitation in methanol synthesis, which limits
the possible single-pass conversion and is industrially solved by re-
cycling unconverted reactants. Overcoming the equilibrium limitation
by selective product separation can be achieved by a variety of dif-
ferent separation principles: adsorption, absorption, condensation, or
membrane separation.

Studies dealing with the adsorption-enhanced MeOH synthesis con-
sistently report higher single-pass conversion and methanol yield in
comparison to the conventional process, e.g., Arora et al. [10] using
NaX zeolites, and Bayat et al. [11] using zeolite 4A. However, due to
the limited capacity of these solid adsorbents, the effect of product
separation diminishes once saturation is reached [12]. As a result,
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adsorption-enhanced process concepts inherently need regeneration of
the adsorbents. Typically, this requires either challenging handling
of moving solids for ex-situ regeneration of the adsorbent [11] or
discontinuous production for periodic in-situ regeneration cycles [10],
both rendering the processes complex and prone to disturbances [13].

Similar improvements in conversion and methanol yield have been
reported for absorption-enhanced concepts, which involve selective re-
moval of reaction products using specialized liquids. Examples include
interstage absorption with tetraethylene glycol dimethyl ether [14]
and in-situ absorption using alkali salt-doped ionic liquids [15]. How-
ever, introducing an additional working fluid adds significant process
complexity and imposes potentially conflicting requirements on the
absorbent, namely high capacity and selectivity, low cost and toxicity,
as well as chemical and thermal stability [16].

In contrast to adsorption and absorption-based concepts, membrane
and condensation-based separations enable continuous operation with-
out dedicated working fluids or cyclic regeneration steps. Moreover,
both condensation and membrane separation can be implemented as
standalone unit operations and combined with reaction steps. This
allows for straightforward process design based on in principle well-
known technologies. The present work therefore places the focus on
these two separation principles.

1.1. Condensation

Condensation is the state-of-the-art method for product separation
from the methanol loop [17]. Apart from the standard single-stage
reactor with one condensator after the reactor, process concepts with
condensation separation between typically two reaction stages can be
found in commercial large-scale configurations, e.g., in the Johnson
Matthey/Davy Process Technology “Original Series Loop” [18] and
in the Nextchem/GasConTec/Thyssenkrupp ‘“AdWinMethanol” process
concept [19]. Multi-stage concepts for conventional methanol synthesis
with more than two alternating reaction and separation units have also
been proposed in the patent literature by major technology owners
e.g., Thyssenkrupp [20], Mitsubishi [21], Johnson Matthey [22], and
Air Liquide [23]. These concepts differ in design aspects, such as the
types of reactors employed, the placement of recycle compressors, and
the overall flow configuration (e.g., bypasses, feed distribution). For
synthesis gas with inert contents too high to recycle, cascaded once-
through configurations have been suggested as an alternative [24-
26].

In light of the specific challenges associated with CO,-based
methanol synthesis, there has been renewed interest in interstage
condensation-based process configurations. Lacerda de Oliveira Cam-
pos et al. [7] performed a techno-economical analysis of a serial reactor
module (three stages) configuration at an operating pressure of 70 bar
with intermediate condensation steps. Compared to a parallel reactor
module arrangement, they reported that the benefits of a reduced
recycle flow, such as smaller equipment sizes and less reactant loss
in the purge stream, outweigh the cost incurred by the additional
heat exchange and separation equipment. In the context of small-
scale renewable energy storage, Moioli et al. [27] compared different
CO,-based methanol synthesis process configurations at an operating
pressure of 50bar including a single-pass reactor, a recycle reactor,
and a cascaded reactor arrangement without recycle. They argued that
for small-scale operation with energy scarcity, the cascaded reactor
configuration is best suitable due to its lower energy requirement
and high methanol yield. In a follow-up work, Moioli et al. [28]
investigated the techno-economical feasibility of several small-scale,
multistage process configurations at an operating pressure of 30 bar,
differing in the type of valorization of unconverted reactants (recycling
vs. coupling with methanation) and CO, source (pure vs. biogas). The
recycle process from pure CO, and the cascade from biogas including
subsequent methanation were shown to perform economically similar
and tolerate the highest electricity cost. Hillestad [29] investigated
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several interstage condensation concepts from CO, at an operating
pressure of 82bar. The study compared a once-through configuration,
where hydrogen was recovered from the unconverted reactants in a
pressure swing adsorption unit, with a recycle configuration, in which
unconverted reactants were returned directly to the reactor without
separation. The optimal catalyst volume distribution, coolant temper-
ature and hydrogen feed distribution was found by maximizing the
per-pass methanol production while using the least possible reaction
volume and hydrogen. A three-stage configuration with recycle was
claimed the best compromise and a final design is proposed with
the reaction stages located in a common shell, closely resembling a
patent by Gal et al. [30]. Patent filings from major technology licensors
further illustrate the industrial interest in interstage condensation for
CO,-based methanol synthesis: AirLiquide report their latest “Gener-
ation 2.1” CO,-based methanol process concept to be a three-stage
configuration with each stage containing water-cooled reactor, heat
exchangers and separator in a common vessel [31,32]. In another
patent, they propose a multi-stage condensation scheme in which the
recycle stream is sufficiently reduced to be integrated directly with the
feed compressor train [33]. Thyssenkrupp describe a two-stage reactor
configuration with interstage condensation [34], and Topsge propose
a two-stage arrangement combining interstage condensation with a
shared boiling water shell [35].

1.2. Membranes

In methanol synthesis, membrane separation is primarily inves-
tigated for the selective removal of MeOH and/or H,O through a
membrane to maintain distance from chemical equilibrium, while un-
converted reactants H,, CO,, and CO are retained. Pioneering work
on membranes in methanol synthesis began in the 1990s with Struis
et al. [36] being the first to experimentally demonstrate the feasibility
of in-situ product separation via membrane technology. Since then, a
research field has emerged which can be categorized into three key
areas: the development of suitable membrane materials, reaction en-
gineering utilizing these membranes, and process engineering focused
on embedding membrane-based reaction/separation technologies. Up
to now, product separation using membranes is not state-of-the-art in
methanol synthesis.

Membrane materials used in methanol synthesis can be divided into
polymers, zeolites and carbon membranes. Fig. 1 gives an overview of
reported permeance and selectivity data of these membrane types for
H,0 and MeOH, respectively. Most membranes used in conventional
applications today are fabricated from polymers, owing to their rela-
tively low production costs, ease of scalability [37], and the availability
of processing techniques for consistently producing thin membrane
structures [38]. Struis et al. [36] used a polymeric cation-exchange
membrane (Nafion™) for their early experiments. The material, how-
ever, showed decomposition above 200 °C, which is below the operat-
ing temperature of the conventional Cu-based methanol synthesis cata-
lyst. This has motivated the investigation of more temperature-resistant
polymeric materials, such as polyimides (PI) [39], polybenzimidazole
(PBI) [40], and sulfonated poly ether ether ketones (SPEEK) [41,42],
and composite materials, such as silicon on ceramic support [43,44].
Although H,0 and MeOH permeance remain relatively high for these
membranes at temperatures exceeding 200 °C (Fig. 1(a) and Fig. 1(c)),
the selectivity towards H, decreases drastically (Fig. 1(b) and Fig. 1(d)).
Zeolites represent another widely studied class of membrane materials
in the context of methanol synthesis, primarily due to their superior
thermal stability, which aligns better with the operating conditions
of conventional methanol synthesis processes [45]. Moreover, even at
temperatures above 200 °C, they tend to provide higher product perme-
ability at high selectivity towards H, than polymer membranes (Fig. 1).
Investigated zeolite types are various and include, among others, FAU-
type [46], MOR-type [47], Type A (LTA) [48,49], and promising Type
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Fig. 1. Temperature-dependent (a) H,O permeances, (b) H,O/H, selectivities, (¢) MeOH permeances, and (d) MeOH/H, selectivities of selected membranes
reported in literature for methanol synthesis. Polymeric membranes: Struis et al. [36],Pham et al. [39],Elvira et al. [40],Prasnikar et al. [41],Bargeman et al.
[42],Chen and Yuan [43],Juarez et al. [44]. Zeolite membranes: Sato et al. [46],Sawamura et al. [47],Song et al. [48],Raso et al. [49],Li et al. [50],Deng et al.

[51]. Carbon membranes: Poto et al. [53].

Na-A (LTA) [50,51]. However, the defect-free and reproducible fabri-
cation of zeolite membranes remains a significant challenge, posing a
major obstacle to large-scale production [38,52]. Carbon membranes
as molecular sieves have been investigated in methanol synthesis as
well [53]. Although promising in terms of cost and ease of preparation,
they are less commonly reported in the literature [52].

Studies on methanol synthesis employing membranes for product
separation, both at reaction and process engineering level, are mostly
focused on membrane reactors, i.e., the integration of reaction and
separation functionality in a single unit. Different membrane reactor
configurations are summarized in a recent review by Richard et al.
[54]. From a reaction engineering level, there is broad scientific con-
sensus emphasizing the superior performance of membrane reactors
over conventional tubular reactors in terms of single-pass reactant
conversion and methanol yield [45,49,55-57]. Although in principle
suggested early by Struis and Stucki [58], to the best of our knowl-
edge, Sjoberg et al. [59] were the only ones to investigate interstage
product separation by membranes in the context of methanol synthesis,
assuming a CO-rich synthesis gas from black liquor gasification. Us-
ing experimental permeation data for zeolite ZSM-5 membranes, they
compared the performance of a conventional reactor with recycle, a
single-pass membrane reactor and a single-pass membrane-module re-
actor on a reaction engineering level. Single-pass conversion increased
from 26 % in the conventional reactor to 97 % in the membrane reactor
and 81 % in the membrane-module reactor, while the required amount
of catalyst in the latter two almost halved due to the omission of the
recycle. Permeation data was, however, strongly extrapolated from am-
bient temperature and atmospheric pressure to the reaction conditions
of a conventional Cu-based catalyst, questioning the reliability of the
superior performance of the membrane-based processes.

On a process engineering level, studies are generally fewer in num-
ber and tend to reach more cautious conclusions, particularly regarding
the impact of H, co-permeation on process/system performance met-
rics. To quantify this aspect, Hamedi et al. [60] assessed the thermody-
namic performance of a CO,-based methanol process employing a 1D
membrane reactor model at 50bar to 70bar synthesis pressure on the

retentate side and atmospheric pressure on the permeate side. Assum-
ing an idealized, infinitely selective zeolite membrane and a constant
H,0 permeance of 1x10~% molm~2? s~! Pa~!, their analysis demonstrated
that, under these ideal conditions, the membrane-based process could
reduce power consumption by 32% and increase exergy production
by 21% compared to the conventional process. Based on a target-
based approach where both the membrane-based and the conventional
process achieve the same power consumption and exergy production,
the required H,O/H, selectivity was determined to be 970 and 190,
respectively. In a similar target-based study, Dieterich et al. [61] con-
ducted a techno-economic assessment of a CO,-based methanol process
using a membrane reactor at 70bar synthesis pressure. Their process
layout also considered a 1D membrane reactor model, but differed by
incorporating an additional H, sweep on the permeate side of the reac-
tor. When comparing two process configurations with different sweep
pressures (same pressure as make-up feed and atmospheric), they found
that only the atmospheric sweep had an economic advantage over the
conventional process. For this layout, H, co-permeation was found to
be a critical parameter for sufficient MeOH yield and a minimum H,
permeance of 1 x 107 molm=2s~! Pa~! was specified. The maximum
allowable membrane costs derived from the economic comparison
with the conventional process were shown to mainly depend on H,O
permeance, and a target of 5x 107 molm~2s~! Pa~! was recommended.

Both studies on the process engineering level state, that process
intensification in terms of the integrated membrane reactor increases
the complexity of the process and poses further implicit challenges for
material development. For example, Dieterich et al. [61] emphasize
that membrane development needs to focus on pressure stability in
order to withstand pressure differences of 50bar to 100bar when us-
ing conventional Cu-based catalysts. Moreover, they report that the
targeted high H,O permeance also leads to increasing hotspot tem-
peratures on the retentate side of the membrane reactor, which may
pose additional challenges to catalyst and membrane stability. This was
particularly crucial, as the membrane lifetime (and thus the frequency
of its replacement) had a major impact on economic performance in
comparison to the conventional process. Hamedi et al. [60] conclude
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that their results for the required H,O/H, selectivities must be un-
derstood only as lower threshold values due to the increased system
complexity.

1.3. Scope of this work

An interstage arrangement of product separation units is able to
exploit the advantage of product removal on the equilibrium-limitation
while avoiding the aforementioned inherent drawbacks of in-situ in-
tensified units related to the reduction in degrees of freedom and
engineering complexity. For the membrane separation unit, this strat-
egy decouples the membrane conditions from the reaction conditions
and allows to control the temperature of each unit individually, which
would particularly enable the use of low-cost and mass-produced poly-
mer membranes. The condensation separation unit is already based on
commercially proven and available technology, however likely associ-
ated with a larger heat transfer intensity due to repeated heating and
cooling.

In this work, we investigate the impact of two interstage product
separation strategies on the performance of the CO,-based methanol
synthesis process. Condensation and membrane units are considered
as separation technologies, with a single-stage condensation process
serving as the reference case. The process configurations are evaluated
from a process engineering perspective, taking into account the entire
synthesis section from H, and CO, feed to crude methanol to as-
sess how the different separation strategies influence key performance
metrics. This study thus contributes to the development of CO,-based
methanol processes through the following novelties:

» Process-wide simulation of interstage product separation strate-
gies, capturing trade-offs beyond reactor performance.

» Comparison of interstage condensation and membrane separation
as competing intensification strategies.

+ Identification of operating regimes for interstage membrane sep-
aration using polymer membranes.

2. Methods
2.1. Process concepts

The flowsheets of the different process concepts investigated in this
study are shown in Fig. 2. The single-stage recycle loop is considered as
a reference (reference process). The concept of interstage condensation
(condensation process) is adopted from Haag et al. [31]. The correspond-
ing configuration using interstage membrane units (membrane process)
has not been considered in the literature to the best of our knowledge.
All processes are modeled in AVEVA™ Process Simulation 2024.1 [62]
using the Soave-Redlich-Kwong equation of state [63] as the underlying
thermodynamic model.

The CO, make-up feed (stream (D in Fig. 2) is assumed to be
available at 25 °C and 1.013 bar, with a purity of Yco,@ = 98 % [64]. To
consider the accumulation of inerts in the process, the rest is assumed
to be Ny (yy,@ = 2%), similar to the assumptions by Lacerda de
Oliveira Campos et al. [7]. The H, make-up feed (stream (2 in Fig.
2) is introduced at 25 °C and 30bar [7]. It is assumed to be supplied by
electrolysis meeting Type I Grade C specifications (yy, 3 = 99.999 %,
YH,0® = 0.0009 %, Y0,@ = 0.0001 %) [65]. The overall make-up
feed (streams () + (2)) is characterized by a stoichiometric number
of SN = 2.05, as defined in Eq. (1), and an overall molar flow of
N® +@ = 700 kmolh~!. From reaction stoichiometry, this corresponds
to a methanol plant with a maximum methanol production of 132td~!.

YH, — Yco
SN =—"F2—"—=2
Yco t ¥Yco,

@
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The purge fraction &py,, resulting in the purge stream (3, is set to a
constant value of 2 % of the unconverted gas leaving the last separation
stage [7].

In both the reference and condensation processes, both make-up
feeds @ and (@ are compressed independently to the process pressure
Pprocess, Mixed with the recycle stream, and subsequently fed into
the reactor. Unconverted reactants are re-compressed t0 ppoces, and
recycled back to the first reactor. In the membrane process, reactants
that co-permeate through the membrane must also be recycled to avoid
unrecoverable losses, which would otherwise compromise the viability
of the process. Given the high partial pressure of H, present in both the
reactors and on the retentate side of the membranes, H, permeation is
expected to be particularly critical. To suppress H, permeation to the
permeate side, thereby minimizing its energy-intensive re-compression
required for its recovery, a H,-rich sweep gas can be used. This is
effectively accomplished by choosing the H, make-up feed (@ itself as
the sweep gas. Thus, the H, make-up feed @ is first compressed to
the pressure pg,., and fed into a sweep cycle. After final separation of
the condensable components, a fraction &gp (sweep-to-process) of the
hydrogen-rich sweep gas is compressed to the process pressure ppcesss
mixed with the CO, make-up feed D and introduced into the first
reactor stage. The remaining sweep gas is re-compressed to psyee, and
recycled back to the sweep cycle inlet, where it is mixed with the H,
make-up feed . The CO, make-up feed (D is directly compressed to
PpProcess*

In the condensation and membrane processes, the concept of in-
terstage product removal is realized by an alternating arrangement of
reaction units and separation units (separator drum or membrane). The
entity of heater, reaction unit, cooler and separation unit is referred
to as reaction-separation stage, as highlighted in Fig. 2. The number of
reaction-separation stages in series is denoted by N. Finally, the crude
methanol stream (@) is obtained.

2.2. Unit models

Reaction units. The reaction units are assumed as tubular water-cooled
reactors and are modeled as equilibrium reactors, considering the two
exothermic methanol synthesis reactions in Egs. (R1) and (R2) and the
endothermic reverse water-gas shift reaction in Eq. (R3).

CO, +3 H, ~—= CH;OH+H,0 4H%=-494kJ/mol  (R1)
CO+2H, —= CH;0H AH) =-90.7kI/mol  (R2)
CO, +H, — CO+H,0 AHY = 41.2kJ/mol (R3)

Equilibrium constants are adopted from Graaf and Winkelman [66] and
implemented according to the following equations:

K v,
fiT,p,y)\"
K, = I I <%> )

Ink® = % (a1 + @ T +a3T% + T + asT* + a6T° + ;T InT)  (3)

InKF = % (by + byT + byT? + byT3 + bsT* + bT> + b,TInT)  (4)
RD) _ £ [R2)  (R3)

Kf = Kf Kf 5)

Therein, K, is the equilibrium constant of each reaction calculated
for ideal gases at temperature T. Non-idealities are contained in the
fugacities f,(T,p,y;) for each considered species i and are calculated
from the equation of state. The stoichiometric coefficients are denoted
by v;. The polynomial parameters a,_; in Eq. (3) and b,_; for Eq. (4)
are provided Table 1.
The inlet temperature ng}cmr.m
é’;lcwr‘om = 250°C. These temperature values are chosen to be in
the range of pilot and demo plants for CO,-based methanol processes
reported by Dieterich et al. [4] and are considered the same for every
reaction stage (n) in each of the processes. The reverse water-gas shift

= 230°C and outlet temperature
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Fig. 2. Flowsheets of the reference, condensation, and membrane process layouts.
Table 1 comparison of this ATE method to reaction kinetics from Nestler et al.
Polynomial parameters of equilibrium constants [66]. [69] and Graaf et al. [70] is provided in the supplementary information
Parameter Eq. (R2) (a)) Eq. (R3) (b) (SD). The pressure drop of the reaction unit in the reference process
1 7.44140 - 10* -3.94121 - 10* is assumed to be Apg.,.or = 3bar, similar to a conventional medium-
2 1.89260 - 102 =5.41516 - 10; scale, tubular water-cooled reactor [4,71]. This value is assumed to be
3.2443 - 10~ —5.5642 - 10~ . . - .
i 733;; 18,6 22756()3? | 01,05 equally distributed among the N reaction units for the condensation
5 ~5.6053 - 10~ —7.6594 - 10-° and membrane processes, to consider the fact that product removal
6 1.0344 - 10712 1.0161 - 10712 reduces the throughput and reactor size in each subsequent stage.
7 —6.4364 - 10! 1.8429 - 10!
Heater/cooler units. Heating and cooling of the process and sweep
streams is modeled by standard, built-in heater/cooler units. The pres-
L . o » . sure drop of each heater/cooler unit in each of the processes is assumed
reaction in Eq. (R3) is assumed to reach equilibrium conditions. This _
o : T to be Apycy = 0.2bar [72].
assumption is based on its faster kinetics compared to the CO,-based
synthesis reaction in Eq. (R1) [67]. The latter is modeled with an Membrane units. The membrane units are modeled as 1D counter-
approach-to-equilibrium (ATE) of 20K [68] for each reaction stage, ac- current membrane modules using the built-in shortcut model in AVEVA
knowledging that full chemical equilibration is not reached in practice Process Simulation. This shortcut model originates from Bishop and
while avoiding explicit reactor sizing at each parameter variation. A Lima [73], where the model was verified against data from Radcliffe



M. Schiedeck et al.

et al. [74]. The reactor outlet is passed to the retentate side of the
membrane, and the permeate is withdrawn using the sweep.

The differential material balances for retentate and permeate side
are given in Egs. (6) and (7), respectively.

dN;, o ©
aa — !

dN,,

aa @

Therein, the change in molar flow N; of each species i along the
membrane area A, is determined by the trans-membrane flux J; of
each species i. The subscripts r and p denote retentate and permeate
side, respectively. The differential energy balances for retentate and

permeate side are given in Egs. (8) and (9), respectively.

dH 7 7

dAr = — <Umem(Tr - Tp) + Z Ji (Hi.r - Hi,P)) (8)
dH i q

d—Ap = <Umem(Tr - TIJ) + 2 Ji (Hi," - Hi»P)) ©)

Therein, the change in enthalpy flow H of each stream along the
membrane area A is determined by a term for convective heat transfer,
using an overall heat transfer coefficient U, = 30Wm—2K~! as a
typical value for gas-to-gas heat transfer [75], and the trans-membrane
enthalpy flux dependent on the molar enthalpy H of each permeated
species i.

Both, retentate and permeate side are discretized into 20 sections.
The outlet condition of each section determines the thermodynamic
state within each section of the respective side, thus transforming the
differential equations into algebraic equations.

Following the model by Bishop and Lima [73], the trans-membrane
flux J; is calculated from the linear relationship in Eq. (10) from the
difference in partial pressures p; between retentate and permeate side,
and a membrane-specific permeance P, for each species i.

J; =P (p;, — Pi,p) (10)

The interstage-arrangement of membranes aims to enable the use of
inexpensive and mass-producible polymer membranes by setting the
operating temperature of the membrane module independently of the
reaction conditions, i.e., at lower temperatures. An inlet temperature
of 200°C is assumed on both sides of the membrane, selected as a
balance between minimizing the repeated cooling and heating required
between reaction and separation stages on the one hand, and remaining
within the thermal limits of polymeric membrane materials on the
other hand. While this value is reported as the upper decomposition
threshold for Nafion™ as membrane material [36,44], temperature-
resistant polymeric materials [39-42] are reported at or beyond this
temperature (see Fig. 1).

Permeability measurement conditions for membranes often differ
significantly from the intended application conditions, particularly in
feed composition (pure or mixed) or membrane thickness [38]. The
data sources underlying Fig. 1 differ in feed composition (partial pres-
sure values of H,O and MeOH, single-component vs. mixture), absolute
retentate and permeate pressures, operating temperature, membrane
thickness, and membrane geometry. Selecting any one dataset would
therefore require uncertain extrapolation to the conditions of interest,
as required when exploring different designs and operating conditions
in this study. To cope with this uncertainty, we assume a hypotheti-
cal polymer membrane with constant permeances, treating membrane
permeances as free parameters, as done in similar process-based stud-
ies [60,61]. The sensitivity of the results to these permeance/selectivity
parameters is assessed in Section 2.3. Given the typically desired high
permeability of products (H,O, MeOH) and high selectivity over reac-
tants (Hy, CO,), these values are placed in the upper range of values
reported in the literature at the chosen membrane temperature of
200°C (Fig. 1). Based on the recommendation by Dieterich et al. [61],
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Table 2
Assumed selectivities for each species i in rela-
tion to HyO (Py,o =5x 1077 molm=s~! Pah).

Species i Selectivity Py,0/P;
MeOH 10

H, 100

Co, 1000

we assume a H,O permeance value of Py o = 5x 1077 molm=2s~! Pa~".
As shown in Fig. 1(a), this is an optimistic but potentially feasible
estimate for polymer membranes. The assumed selectivities of the con-
sidered species in relation to water are given in Table 2. The influence
of selectivities of H, and MeOH in relation to H,O is discussed in
Section 2.3. Since permeation data for CO and N, in the context of
methanol synthesis is largely unavailable for the polymer membranes
shown in Fig. 1, permeances of CO and N, are assumed to be signif-
icantly lower than that of CO, and therefore considered negligible.
This assumption is supported by literature reporting generally positive
CO,/CO [73,76] and CO,/N, selectivities [73,77] for various polymer
membranes, albeit in different applications.

In the absence of detailed specifications for the geometry of the
membrane module, an initial membrane area of A = 6000m? per
module » is assumed. Similarly, pressure drops on retentate 4p, vembrane
and permeate side 4p, \femprane depend on the membrane module type,
geometry and structure. Therefore, we take 4p, vembrane = APy Membrane
= 0.5bar as an assumption. These parameters serve as a basis for initial
analysis and will be investigated to assess their influence on the process,
see Section 2.3.

Separator units. The separator temperature is uniformly set to Tgeparator
= 40°C for all process configurations, achievable with conventional
cooling water recooled in a cooling tower [78]. To ensure that differ-
ences in process performance can be attributed solely to the separation
characteristics of the two investigated separation strategies, a consis-
tent pressure drop of ApSeparator = Apr,Memhrane = App,Membrane = 0.5bar is
applied to all separators within the reaction-separation unit. The sweep
separator in the membrane process is considered without pressure drop.
For the reference process, this results in an overall pressure drop of
3.9bar in the loop, which is within the range of conventional loops
based on a tubular, water-cooled reactor as reported by Dieterich et al.

[4].

Compressors. Each compressor is considered with a constant isentropic
efficiency of n;, = 75 % [79]. For each process, compression of the CO,
make-up feed (D is assumed in five stages with intercooling to 40 °C and
a constant pressure ratio calculated by Eq. (11) [80]. The H, make-up
feed (@) is compressed in a single stage.

PProcess 175
nm=(—= 11
(1.0l3bar) an

2.3. Case studies

To systematically compare the condensation and membrane-based
process concepts (Fig. 2), a range of key process parameters is explored,
with a consistent simulation framework applied across all scenarios.
The process pressure pp,...ss is varied within the range reported by Di-
eterich et al. [4] for pilot and demo plants. Further, the number of
reaction-separation stages N for both process concepts, and membrane-
specific parameters such as sweep pressure pg,,c., and sweep-to-process
split &p, membrane stage area A" and pressure drops Ap;:,), as well
as H,O/H, and H,0/MeOH selectivities are investigated. A base case
is defined to establish a point of reference for evaluation. The set of
parameter ranges and assumptions is listed in Table 3.
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Table 3

Summary of base case values and parameter ranges used for process concept comparison. Base case values are underlined.
Parameter Symbol Range/Value Ref. Cond. Memb.

Varied in Section 3.1 and Section 3.2
Process pressure Pprocess 40bar to 100 bar v v v
Sweep pressure DSweep 20bar to Pprocess v
Sweep-to-process split Esip 0.01 to 0.20 v
Fixed in Section 3.1, varied in Section 3.2
Number of stages N 2,35 v v
Membrane area A™ 2000, 4000, 6000, 10000 m? v
Membrane pressure drop Ap;f’ﬁ 0, 0.5 bar v
Membrane selectivity Py,0/ Py, 10, 100, 1000 v
Membrane selectivity Pu,0/ Pucon 1, 10, 50 v
2.4. Performance indicators 55 _ 0.8
LT} -
—=- Membrane c. i
The key performance indicators used to evaluate and compare the 50 A .’ e

process concepts are carbon efficiency - (Eq. (12)), total specific
COMPIESSOr POWET € oy ora (EQ- (13)), and total specific heat transfer
Giotat (EQ. (14)). The carbon efficiency 5. indicates how effectively the
carbon contained in the CO, feedstock is converted into MeOH. It is
defined as the ratio of MeOH molar flow rate in the crude methanol
stream (3, N@MeOH, to the constant CO, molar flow rate in the CO,
make-up feed @, N@,co ,- The total specific compressor power eqomp otal
reflects the combined electric load of all compressors and serves as a
proxy for the size and energy intensity of the rotating equipment in
relation to N@,Coz- The total specific heat transfer g, , defined as the
sum of absolute heating and cooling demands in relation to N@,coz’
indicates the overall thermal load and is used as a measure for the
required size of the heat exchangers.

N ,.MeOH
e = @—e (1 2)
N ®.Co,
Z[ PeLcomp,i
ecomp.lota] = N— (13)
®.co,
Zi Qi
Giotal = L a4
N ®.co,
3. Results

3.1. Base case

The base case at a constant number of reaction-separation stages
and constant membrane parameters (see Table 3) serves as reference
for the following parameter variations.

3.1.1. General results

Systematic variation of the process pressure pp,q.css; SWeep pressure
Psweep and sweep-to-process split &gp within the ranges specified in
Table 3 yields the curves (reference and condensation process) and
point clusters (membrane process) depicted in Fig. 3. For the membrane
process, a dashed line indicates the convex hull of each cluster. The
highlighted design points on the Pareto-like fronts have the minimum
relative distance to the condensation process in Fig. 3 at the same
process pressure pp.....se The corresponding parameters and results,
along with those of the reference and condensation processes, are listed
in Table 4.

For the single-stage reference process, carbon efficiency 7. increases
with process pressure pp.,..ss due to higher conversion from a more
favorable equilibrium, thereby reducing loop flow and associated purge
losses. Below 60bar, the power demand remains approximately con-
stant. Above, it increases, as the additional compression required for
the feed begins to outweigh the reductions in recycle compression from
improved conversion. The condensation process achieves higher carbon
efficiencies than the reference process by leveraging interstage product

.
2
v

N =3, Apy) = 0.5bar

v

iadu

g .
© 3
2 g
] () 2 i £
2 45 | A”=6000m =
| 3 ; =
2 el L0.6 =
£ 40 A 3 g
s >
& 35 - L0.5 5
g c
g £
5 30 - Z
é -0.4%

25 1 =
2 2
3 033
o 20 A o
S —— Condensation |‘_~§
& 15 , , , , 0.2
< 085 0.88 0.91 0.94 0.97 1.00
2 Carbon efficiency 7c / mol@), meon/mol@), co,

Prrocess= @ 40bar m 60bar » 80bar e 100 bar

Fig. 3. Comparison of the reference (N = 1), condensation (N = 3), and
membrane process (N = 3) for different process pressures pp,....- Each point
in the clusters of the membrane process represents a different design resulting
from variation of the sweep pressure pg,.., and sweep-to-process split &gp.
Highlighted design points on trade-off curves have minimum distance to
condensation design point at the same pp .. Other parameters correspond
to the base case values in Table 3.

removal, enhancing conversion and reducing carbon losses via the
purge. This improvement is, however, offset by the increased demand
in overall heat transfer, indicated by the total specific heat transfer
diotal, due to the repeated cooling and heating, being particularly ev-
ident at lower process pressures. As the process pressure increases,
conversion improves further, lowering loop flow and reducing heat
transfer requirements at the cost of higher feed compression energy. For
the 3-stage condensation process, the process pressure range of 60 bar
to 80bar emerges as a reasonable compromise, offering significantly
improved carbon efficiency with heat transfer requirements in the same
order of magnitude as the reference process. Pinch analysis of the
interstage condensation design cases in Table 4 shows that, within the
considered system boundary, the external energy requirement does not
change significantly compared to the reference case (see SI).

For the membrane process, the relationship between total specific
compressor power and carbon efficiency is characterized by convex
trade-off curves (indicated by dashed lines in Fig. 3) for each pro-
CESS Pressure pp.o..ss; forming Pareto-like fronts around the respective
point clusters. At low process pressures pp.....s» the membrane process
achieves higher carbon efficiency than the reference process, albeit
with substantially increased energy consumption and heat transfer
requirements. Its performance remains clearly inferior to that of the
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Table 4
Highlighted design cases in Fig. 3 for reference (R), condensation (C), and membrane (M) process.
Phrocess/bar 40 60 80 100
R C M R C M R C M R C M
N/- 1 3 3 1 3 3 1 3 3 1 3 3
Psweep/bar - - 32 - 49 - - 65 - - 76
s/~ - - 0.05 - - 0.08 - - 0.10 - - 0.14
N@/kmolh'1 104 40 54 67 26 30 51 20 22 41 18 17
N@/kmolh’1 301 331 324 318 338 336 326 341 339 331 342 342
Y@ H,0/% 50.7 50.2 50.6 50.1 49.9 50.1 49.9 49.9 50.0 49.8 49.8 49.9
Y@ weon/% 48.9 49.5 49.3 49.4 49.7 49.7 49.5 49.7 49.8 49.5 49.8 49.9
ne/% 85.5 95.4 93.0 91.4 97.7 97.0 93.9 98.5 98.3 95.3 98.9 99.1
ecnn\p,lolul/
K 24.8 20.3 31.2 24.7 22.8 25.6 27.5 26.5 27.1 30.5 29.9 29.9
mol @ co,
K 29.0 21.3 335 27.0 23.3 26.4 29.3 26.9 27.6 32.0 30.2 30.2
mol @) vreon
Giotal/
molg 0.48 0.59 0.66 0.35 0.43 0.42 0.29 0.37 0.34 0.25 0.33 0.32
.CO;
M 0.56 0.62 0.71 0.38 0.44 0.43 0.31 0.38 0.35 0.26 0.33 0.32
mol @) yicon

condensation process. At lower process pressures pp...ss, the equilibria
of the synthesis reactions Egs. (R1) and (R2) shift less toward the prod-
ucts, resulting in lower product partial pressures on the retentate side of
the membranes. Because the product partial pressures in the lean sweep
feed are fixed by the sweep condenser temperature, the driving force
for separation in Eq. (10) remains small. Consequently, the membrane
area limits overall product separation. Owing to the lower permeability
of MeOH compared to H,O (see Table 2), MeOH accumulates in the
recycle loop, leading to an increased recycle demand and to carbon loss
via the purge. The effect of membrane area and MeOH permeance on
process performance is further analyzed in Section 3.2.2. As the process
pressure pp..css inCreases, the membrane process curves approach the
performance of the condensation process.

The molar fractions of H,O and MeOH in the crude methanol stream
(@ are given in Table 4 for all configurations and process pressures. The
molar ratio of H,O to MeOH is close to 1 in all cases, consistent with
the global reaction stoichiometry. Deviations can be attributed to the
differences in vapor pressure of methanol and H,O and gas solubilities
across the pressure ranges investigated (ppyocess aNd Pgyeep)-

3.1.2. Detailed results

To better analyze the characteristics of the membrane process,
several design cases are examined in detail. These selected design cases
are summarized in Table 5. A process pressure of pp,o..ss = 80bar is
chosen as the basis for the analysis. Membrane cases A-C vary the
SWEEP PIessure pg,.., at constant sweep-to-process split &,p, while D-F
vary &gp at fixed pgyeep- Note that B and E describe the same design
point. In addition to the overall carbon efficiency 5, the single-pass
CO, conversion X, sp as a reactor-level indicator is calculated using
Eq. (15) and given in Table 5.

Zrlx\;l ngz Nggz,Reacwr,in
Xco,sp = ") s)
CO, Reactor, in

For N = 3, interstage condensation increases the single-pass conversion
Xco, sp by a factor of ca. 2.5 compared to the single-stage reference
process. In contrast, the single-pass conversion X, sp in the mem-
brane process is highly sensitive to the design parameters pp. ...; and
Ssp-

To analyze the membrane-level transport processes and their de-
pendence on the design parameters pg.., and &gp, Fig. 4 displays
the cumulative net permeation N"*"(4,) along the area A, of each
membrane for the design points A-F. The cumulative net permeation
NP™(A,) is calculated using Eq. (16) for each membrane unit. The
sign convention is chosen in accordance with Eq. (6) and expresses
the direction of permeation, with negative values indicating permeation
from the retentate to the permeate side (into the sweep), while positive

values indicate permeation from the permeate to the retentate side (out
of the sweep). The membrane area A, is defined as positive on the
retentate side, again consistent with the sign convention used in Eq. (6).
Note that the sweep side operates in counter-current mode and thus
flows in the opposite direction from right to left.

k

NP(A) = Y =0, - A4, (16)
j=1

Horizontal dashed lines in Fig. 4 indicate the feed flows of H,O and

MeOH to each membrane (retentate side), thus representing their max-

imum removable amounts in each separation step.

As the general results revealed significant differences in total spe-
cific compressor power and total specific heat transfer among the
reference, condensation, and membrane process, the individual contri-
butions to these indicators are detailed in Fig. 5 for the selected design
points in Table 5. Fig. 5(a) shows the distribution of compressor power
demands, while Fig. 5(b) presents the distribution of heating (Q; > 0)
and cooling (Q; < 0) duties.

Selecting a high sweep pressure of pgye,, = 70bar (design case
A) results in a weak driving force for product separation across the
membrane. Consequently, the partial pressure gradients for MeOH and
H,O cannot be maintained along the entire membrane, leading to early
sweep stream saturation in counter-current operation (Fig. 4A). As a
result, a considerable portion of the membrane becomes ineffective.
This leads to poor product removal, shown by the remaining distances
to the dashed lines in Fig. 4A that represent the maximum removable
amounts of MeOH and H,O, respectively. Consequently, MeOH and
H,0 accumulate in the process recycle, resulting in low single-pass
conversion due to worse equilibrium and low carbon efficiency due to
losses in the purge (Table 5). Additionally, the power consumption of
the recycle compressor increases (Fig. 5(a)). Significant H, permeation
from the sweep to the process side supplies hydrogen to the reaction,
minimizing sweep-side compressor requirements (Fig. 5(a)). This effect
of H, supply through the membrane is further discussed in Section 4.

A lower sweep pressure Of pgy.., = 65bar (design case B) is able
to maintain a strong and consistent driving force along the entire
membrane, leading to an effective removal of nearly all H,O and most
MeOH (Fig. 4B). This increases single-pass conversion (Table 5) and
lowers the power demand of the recycle compressor (Fig. 5(a)). While
the power consumption of the H, compressor is reduced, less H, is
supplied through the membrane to the reaction (Fig. 4B), increasing
the power demand of the sweep-related compressors (Fig. 5(a)).

To further enhance product separation, the sweep pressure is low-
ered tO pge, = S5bar (design case C). This enables near-complete
removal of H,O and MeOH in each stage. The process side is rapidly
depleted from products and a large portion of the membrane remains
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Table 5
Selected design cases for pproecs, = 80bar (N =3, 4p¢) = 0.5 bar, A® = 6000 m?).
Ref. Cond. Membrane
A B C D E F
N/- 1 3 3 3 3 3 3 3
Phrocess/bar 80 80 80 80 80 80 80 80
Psweep/bar - - 70 65 55 65 65 65
Eqp/- - - 0.10 0.10 0.10 0.17 0.10 0.03
N g, /kmolh™! 51 20 32 22 19 28 32 21
N g/kmolh~! 326 341 334 339 341 334 339 340
Y@ m,0/% 49.9 49.9 50.0 50.0 50.0 50.0 50.0 50.0
Y@ meon/% 49.5 49.7 49.7 49.8 49.9 49.8 49.8 49.8
Xco, sp/% 30.3 75.0 45.5 52.9 68.3 44.3 52.9 63.6
ne/% 93.9 98.5 96.6 98.3 98.9 96.6 98.3 98.5
ecomp.[oml/
mmgm, 27.5 26.5 28.2 27.1 29.5 28.2 27.1 29.0
m“lgwm 29.3 26.9 29.2 27.6 29.8 29.2 27.6 29.4
Giotal/
Ty 0.29 0.37 0.33 0.34 0.52 0.32 0.34 0.75
molcy;\w 0.31 0.38 0.34 0.35 0.51 0.33 0.35 0.76
- 100{A ] ] I i Ic 1] ] and carbon efficiency (Table 5). However, this benefit comes at the
3 cost of increased sweep recirculation, raising the power demand of the
£ 5071 1 1 1 / / 1 1 sweep-to-sweep compressor (Fig. 5(a)).
= 0 Yo ] | i i ] I In the condensation process, heating and cooling demands are
EfS \ \ \ \\ S“ \L\L‘_ higher than in the reference case, with heating duties evenly distributed
g —501 L1 ] =] L = and cooling duties decreasing along successive stages. In contrast, the
2 1004 =] E E E f — . membrane process design points exhibit reduced inter-reactor heat
duties, as reactor effluents are only cooled down to 200 °C. However,
100D ] ] e 1 IF ] ] these savings are offset by new thermal demands on the sweep-handling
% subsystem, as separated products must still be removed from the sweep
E 50 1 Z 1 / / 1 / / itself via condensation. As a result, heat exchange is not eliminated
= 0. / Z | | | ] | | in the membrane process but redistributed, and the total specific heat
< \ \ \ \\ \‘ - transfer is strongly influenced by the sweep configuration. Specifically,
g —501 ] F==7--1 \ S sweep pressure pg,.., and sweep-to-process split &p significantly affect
=2 ~100 L——F==7 | i | 1 1 1 the distribution of heating and cooling duties (Fig. 5(b)). Reducing
—— Psweep from design point A to C lowers heat transfer requirements
AN AR A8 A ARG A AN A@ A between reactors due to improved single-pass conversion and lower
— o0 MeOH CO, —— Hy flow through the reaction-separation stages but substantially increases

Fig. 4. Cumulative net permeation N"™(A,) along the area A, of each
membrane for different designs A-F (see Table 5) of the membrane process
(N =3, 4p\7) = 0.5bar, A® = 6000m?) at Pp,ece;; = 80 bar. Dashed lines indicate
the maximum removable amount of MeOH and H,O, respectively.

perm
i

unused (Fig. 4C). Single-pass conversion and carbon efficiency improve
considerably (Table 5). Additionally, the H, compressor power demand
is further reduced (Fig. 5(a)). However, the direction of H, permeation
reverses, causing substantial H, permeation into the sweep. This dras-
tically increases the load on both sweep compressors, particularly the
sweep-to-process unit, which must now supply all H, to the reaction
while additionally overcoming a growing pressure difference.
Similarly, varying the sweep-to-process split &,p significantly affects
the process performance. With a fixed H, feed @, higher values of
&gp (design case D) reduce the sweep-side recirculation, as indicated
by the lower duty of the sweep-to-sweep compressor (Fig. 5(a)). The
resulting lower sweep flow rate leads to early saturation with H,O
and MeOH due to increased partial pressures in the sweep (Fig. 4D).
At the same time, the H, partial pressure in the sweep decreases,
reducing the H, supply for the reaction through the membrane. To-
gether, these effects lower single-pass conversion and carbon efficiency
(Table 5). In contrast, decreasing &gp (design case F) increases the
sweep flow rate, which dilutes H,O and MeOH in the sweep, thereby
enhancing separation (Fig. 4F) and improving single-pass conversion

sweep-side heat exchange, eventually exceeding that of the condensa-
tion process when H, permeates into the sweep. Decreasing &gp from
design point C to F directly increases sweep recirculation. The resulting
enhancement in product removal and single-pass conversion initially
reduces heat exchange between the reactors, similar to the effect of
lower pg,c.,- However, as sweep recirculation continues to increase, the
associated thermal load in the sweep-handling subsystem rises sharply,
eventually dominating the overall heat exchange demand.

The analysis of the detailed design cases confirms that both sweep
pressure pg,.., and sweep-to-process split &p directly affect the trans-
membrane driving force, i.e., the partial pressure difference of permeat-
ing components in Eq. (10), as similarly reported by Hauth et al. [81].
Considering the permeate-side (sweep-side) partial pressures p; ,,

N,
Nyse) 4
this driving force is modulated either by the total pressure (pgyeep) OF
by dilution/enrichment via the permeate (sweep) flow N,(&sp) as a
function of &gp. The process-level trade-offs between carbon efficiency
fic, total specific compressor POWer ey o and heat transfer gy,
as shown in Fig. 3, are found to reflect competing requirements: min-
imizing H,O and MeOH partial pressure and maximizing H, partial
pressure on the permeate side of the membrane. In the best performing
designs of the membrane process, this leads to bi-directional perme-
ation, i.e., simultaneous removal of H,O and MeOH and supply of H,
through the membrane. Consequently, sweep conditions that yield low

pi,p
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Fig. 5. Distribution of (a) compressor power demands and (b) heating (Q; > 0) and cooling (0, < 0) for reference process (Ref.), condensation process (Cond.),
and different designs A-F (Table 5) of the membrane process (Mem.) (N =3, Ap;j'j = 0.5bar, A =6000m?) at pp,..ss = 80 bar.

H, partial pressures, such as H,-free sweep gas or very low sweep
pressures, are impractical with current polymer membrane selectivities,
as they either necessitate costly recompression of permeated H, or
result in its loss. Component partial pressure curves for the different
design cases A-F (see Table 5) of the membrane process are provided
in the SI

3.2. Scenarios

Furthermore, the influence of the number of reaction-separation
stages N, the membrane module parameters (area A" and pressure
drop Apﬁ,'fg), and the membrane assumptions (H,O0/H, and H,O/MeOH
selectivities) on the performance metrics in Egs. Eq. (12) to Eq. (14)
has been investigated. To this end, the systematic variation of process
PIESSUTE Ppyocess; SWEEP PIESSUTE Pgyeep, and sweep-to-process split &gp
within the ranges given in Table 3 is repeated for different numbers
of separation stages N in Fig. 6, different membrane module areas
A™ and pressure drops 4p()in Fig. 7, and different H,O/H, and
H,0/MeOH selectivities in Fig. 8. Since each scenario results in a set
of point clusters for the membrane process (cf. Fig. 3), only selected
membrane design points are shown in the remainder of this work to
illustrate the trends. These design points are chosen as the points on
the Pareto-like front (cf. dashed line in Fig. 3) of each cluster that
have the minimum relative distance (based on 5 and e pp (oa) to the
corresponding condensation process design point at the same process

Pressure Pppocess-

3.2.1. Stages

For both, condensation and membrane process, increasing the num-
ber of reaction-separation stages N generally results in improved prod-
uct removal, a lower loop flow, and thus higher carbon efficiency 7
(Fig. 6). The associated cost in terms of total specific compressor power
€comp,total aNd heat transfer g, varies, however, significantly with the
Process pressure pp...ss and the type of separation. For both processes,
the incremental improvement from four to five stages is marginal at
Pprocess = 00 to 100 bar, suggesting that four stages represent a practical
upper limit.

In the condensation process, the benefit of enhanced carbon effi-
ciency 5 is accompanied by a systematic rise in total specific heat
transfer g, due to more frequent heating and cooling requirements.
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Fig. 6. Comparison of the reference, condensation, and selected membrane
process design points for different numbers of reaction-separation stages N.
Other parameters correspond to the base case values in Table 3.

At high process pressures, the positive effect of reduced recycle flow
is largely offset by increased pressure losses, resulting in only minor
changes in compressor power demand. In contrast, at low process
Pressures pp...ss> the reduction in recycle flow leads to a more substan-
tial decrease in total specific compressor POWer eqomp oral; iMproving
overall process performance with additional stages. This results in a
characteristic design trade-off between high-pressure operation with
fewer stages and low-pressure operation with more stages. Within the
medium-pressure range (60 bar to 80 bar), three stages can be seen as a
practical optimum, beyond which further gains in carbon efficiency are
expected to be marginal relative to the additional equipment-related
costs.
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The membrane process does not exhibit the same trade-off as the
condensation process. Although increasing the number of stages re-
duces loop flow and lowers compressor power demand, membrane
performance remains substantially inferior to the condensation process
at low process pressure pp,...s- With increasing process pressure pp,qcesss
the performance gap narrows, particularly at higher stage numbers N.
However, even at high stages numbers, parity with the condensation
process is only reached at very high pressures (100 bar), which is ener-
getically unfavorable in view of the modest gains in carbon efficiency
relative to the substantial increase in compressor power demand. As
previously identified in Fig. 5(b), the associated advantage of lower
heat transfer g, is marginal, as the thermal load is not eliminated
but shifted to the sweep-handling subsystem of the membrane process.

3.2.2. Membrane assumptions

As already hinted at in Section 3.1, variations in membrane area
A®™ primarily affect process performance at low process pressures (Fig.
7(a)) due to the small driving force for MeOH separation. Assuming
constant membrane selectivities (Table 2), process performance can
be significantly improved by an increasing membrane area. At higher
process pressures, however, the benefit diminishes. In the medium-
pressure range (60bar to 80bar), performance gains plateau between
4000 m? to 6000 m? for the considered plant scale. Further increases in
membrane area yield negligible improvement.

To assess the impact of membrane pressure drop, pressure drops
Ap;'f) on both permeate and retentate sides are set to zero as an extreme
case. The results in Fig. 7(b) indicate that particularly the compressor
power demand is sensitive to the pressure drop within the membrane
modules, emphasizing the importance of their hydraulic design. This
effect is most pronounced at low process pressures and high recycle
flow rates, where eliminating the pressure drop reduces the recycle
compressor power significantly.

Finally, the influence of membrane permeabilities is investigated
by varying the H,O/H, in Fig. 8(a) and H,0/MeOH selectivities in
Fig. 8(b). Lower H,O/H, selectivity, i.e., increased H, permeabil-
ity, results in a slight decrease in compressor power demand in Fig.
8(a). As the presented design points correspond to sweep conditions
with bi-directional permeation, this higher H, permeability allows to
increasingly bypass the mechanical compression of H, in the sweep-to-
process compressor (cf. Fig. 2) via transport through the membranes.
In contrast, carbon efficiency declines. The stepwise H, introduction
in subsequent reaction stages reduces its excess in the first reactor
stage, lowering conversion and increasing recycle and purge losses. This
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effect diminishes at higher pressures, where equilibrium already favors
conversion. Overall, the effect of H,O/H, on process performance
remains small due to the employed configuration of using the make-
up H, as sweep. Consequently, H,O/H, selectivity requirements could
be relaxed to ranges achievable with current polymer membranes as
shown in Fig. 1(b). This conclusion, however, depends on the mem-
brane’s ability of bi-directional permeation: if back-permeation were
not possible, the benefit of reduced make-up H, compression (see Fig.
5(a)) would be lost and additional recompression would be required.
The aspect of bi-directional permeation is further discussed in Section 4.

Variation of H,O/MeOH selectivity in Fig. 8(b) has a more pro-
nounced effect for the investigated process: higher selectivity, i.e., re-
duced MeOH permeation impairs performance, particularly at low
process pressures where unfavorable equilibrium results in low MeOH
partial pressures. Thus, higher MeOH permeance would be benefi-
cial under these conditions, with an effect comparable to increasing
membrane area (cf. Fig. 7(a)).

4. Discussion

The condensation process seems conceptually simple, as its product
removal ability and thus performance is determined by vapor-liquid
equilibrium, which in turn is mainly influenced by conventional de-
sign parameters such as process pressure and separator temperature.
In contrast to the membrane process, the condensation process does
not require costly additional compression stages, as the majority of
hydrogen remains at high pressure at every product removal stage.
However, practical equipment design might be challenging due to
the close integration and proximity of reaction, heat transfer and
separation units. The stage variation results in Fig. 6 show that the
associated cooling and reheating demands increase total heat duty
by 13 to 83% in comparison to the single-stage reference (ranging
from a single additional stage at pp..s = 40bar up to five stages
at pprocess = 100bar). If these heat transfer and separation units are
located outside the reactor pressure shell, as proposed by Banister
et al. [26], Gal et al. [30], and Hillestad [29], the design is likely to
require increased piping effort, multiple mechanically demanding high-
pressure and high-temperature connections to the reactor shell, and
independent pressure resistance for each unit. Conversely, integrating
the reaction, heat transfer, and separation units within a single com-
mon pressure shell to avoid aforementioned drawbacks, as proposed
by Castillo-Welter et al. [23], introduces other engineering challenges,
such as unfavorable shell dimensions, difficulty in maintaining precise
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temperature control due to the direct proximity of hot reaction zone
to the cold separation zone, and thermal stresses arising from tem-
perature gradients [32]. As the condensation concept can be realized
through fundamentally different equipment arrangements, each with
distinct complexity and cost implications, the present work should be
understood as a conceptual screening study. In future work, the high
performance of interstage condensation reported here should therefore
be contextualized through a techno-economic evaluation that accounts
for these equipment aspects, ideally across plant scales.

The membrane process exhibits higher conceptual complexity than
the condensation process, as product removal and performance depend
on a larger number of interdependent design parameters and require
the introduction of sweep-handling equipment, as described in detail
in Section 3.1.2. This complexity may, however, create further oppor-
tunities for systematic process optimization, for instance through the
use of frameworks coupling process simulators with local optimization
algorithms [82]. Some membrane process design points approach the
performance of the condensation, e.g., at pp.,c.s = 80bar and N = 3
for pgyeep = 65bar and &gp = 0.1. Comparing this design point to
interstage condensation at pp,o..ss = 80bar and N = 3, compressor
power demand is 2 % higher, total heat duty is 8 % lower, and carbon
efficiency is slightly reduced from 98.5% to 98.3 %. Our findings show
that these membrane process design points exhibit bi-directional per-
meation across the membranes: H, is supplied from the sweep to the
reaction side, while, at the same time, H,O and MeOH permeate in
the opposite direction into the sweep. This behavior was also reported
by Dieterich et al. [61] for their MR COMP process design (sweep at
synthesis pressure). However, since they considered an additional H,
feed for the sweep, the need to compress it to synthesis pressure proved
economically infeasible. As a result, they adopted an atmospheric
sweep, similar to Hamedi et al. [60], and deduced that membranes
must exhibit very low H, permeance, while maintaining stability to
pressure differences of 50 bar to 100 bar. In contrast, the findings of this
work suggest that bi-directional permeation could permit higher sweep
pressures, thereby relaxing selectivity requirements to levels achievable
with current polymer membranes, as confirmed in Fig. 8, and reduc-
ing constraints on membrane pressure resistance. However, it should
be noted that ideal permeation behavior is assumed in this study.
Real component permeances exhibit non-ideal behavior and depend on
temperature, pressure and gas composition [83]. Especially for vapor
permeation in polymer membranes, this further includes effects such as
swelling, plasticization, and competitive sorption [84,85]. Further, flux
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coupling between permeating species [86] is not included in the model,
which could become significant under conditions of bi-directional per-
meation. However, much of the available experimental permeation data
in the context of methanol synthesis, as summarized in Fig. 1, has
been obtained under conditions that differ substantially from conditions
in this study in terms of temperature, pressure and gas composition.
Beyond permeation behavior, membrane stability and integrity are
critical operational concerns that could not be investigated in this study
due to the absence of suitable models and data. These aspects should
be a primary focus of future experimental work alongside permeability
and selectivity characterization under realistic operating conditions.

5. Summary and outlook

In this work, we investigated interstage product separation strate-
gies for CO,-based methanol synthesis to overcome the equilibrium lim-
itation, comparing condensation and polymer membrane units against
a single-stage condensation process as reference. The evaluation was
conducted from a process perspective, considering the synthesis loop to
capture effects beyond the reactor level across a range of key process
parameters.

Interstage condensation significantly increased CO, single-pass con-
version and carbon efficiency relative to the reference process, par-
ticularly at low process pressures. This revealed a trade-off between
high-pressure operation with fewer stages and low-pressure operation
with more stages. The condensation concept proved less complex than
the membrane-based design, while generally offering superior perfor-
mance. A key advantage is that H, remains largely in the gas phase
at high pressure rather than being co-separated. However, condensing
products between reaction units lead to considerable heat transfer with
large temperature differences in direct proximity to reaction stages.

In contrast to integrated membrane reactors, membrane-based inter-
stage separation decouples reaction and separation conditions, enabling
the use of low-cost polymer membranes. The issue of H, co-permeation
required the introduction of a sweep stream, for which the H, make-
up feed was used. Due to the separation temperature of 200°C, the
membrane process showed reduced heat transfer demands between
reactors in comparison to the condensation process, but shifted them
to the sweep-handling part of the process. Product separation was
found to be highly sensitive to the parameters directly influencing the
driving force over the membrane, i.e., the sweep pressure pgy.., and
sweep flow, manipulated by the split &.p. These parameters determined
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process performance, governed by a trade-off between minimizing H,O
and MeOH partial pressures and maximizing H, partial pressure on the
permeate (sweep) side of the membranes. While aggressive separation
conditions (very low sweep pressure, very high sweep flow) could
surpass the carbon efficiency of the condensation process, they imposed
an unacceptable increase in energetic and heat transfer burden in
the sweep-handling part of the process. This finding highlights the
importance of assessing such intensification strategies at the process
level to prevent overlooking trade-offs and the shifting of burdens
between subsystems. Milder sweep conditions (elevated sweep pressure
and flow) resulted in bi-directional permeation, i.e., Hy supply from the
sweep to the reaction side, while simultaneously removing H,O and
MeOH in the opposite direction. This reduced the demand of upstream
H, compression without compromising carbon efficiency and could be
achieved with H,O/H, selectivities in the range of current polymer
membranes. However, the feasibility of bi-directional permeation of
polymer membranes under real operating conditions remains to be
experimentally demonstrated. Even in these cases, the condensation
process remained the superior option.

From the comparison of process concepts in this study, interstage
condensation emerges as the recommended strategy for addressing
equilibrium limitations in CO,-based methanol synthesis. However,
the associated additional equipment warrants a more detailed techno-
economic comparison and the need to address equipment-related chal-
lenges, e.g. the mechanical arrangement of equipment with large tem-
perature differences in a common pressure shell. For smaller-scale
Power-to-X applications, the additional investment cost from more
equipment may weigh heavily, but the absence of scale limitations
on equipment sizing could make the operational benefits particularly
attractive. Future work should therefore combine process performance
analysis (e.g. via exergy analysis) with realistic equipment design con-
siderations to translate the demonstrated potential into practical and
economically viable systems.

Abbreviations

ATE Approach to equilibrium

Cond. Condensation process

Mem. Membrane process

Ref. Reference process

Nomenclature

Variables

A Membrane area m?

a;_q Polynomial parameters -

b7 Polynomial parameters -

e Specific power demand kJmol ™!

fi Fugacity of component i bar

H, Molar enthalpy of component i kJmol™!

AH g Standard molar enthalpy of kJmol™!
reaction

J; Trans-membrane flux of kmolh™! m~2
component i

K, Equilibrium constant -

N Molar flow kmolh~!

N, Molar flow of component i kmolh~!

N Number of reaction-separation -
stages

P, Permeance of component i molm=2s~! Pa~!
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P, Electrical power demand kW
p Pressure bar
D; Partial pressure of component i bar
»° Reference pressure bar
Ap Pressure drop bar
0 Heat duty kW
q Specific heat transfer MJ mol ™!
R Ideal gas constant Jmol™' K
SN Stoichiometric number -
T Temperature °C, K
Upem Overall heat transfer coefficient Wm—2K-!
of membrane
X Conversion -
Vi Molar fraction of component i -
e Carbon efficiency -
Mis Isentropic efficiency -
v Stoichiometric coefficient -
& Split factor -
Subscripts
comp Compressor
HCU Heater/cooler unit
in Inlet
j Discretization step
k Counter
out Outlet
p Permeate side
r Retentate side
StP Sweep-to-process
SP Single-pass
Superscripts

(n)

Reaction/separation stage
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