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ABSTRACT This report has been written as a German "Habilitations-
schrift’ summarizing some of the research results which were acquired in
the working group ’Fermentation technology’ at the Institute of Biotech-
nology, Forschungszentrum Jiilich GmbH. After finishing the Ph.D.thesis
(1997) the author became the assistant group leader and subsequently
gained official full-group leadership at the beginning of 2000. This "Habil-
itationsschrift’ only considers results mainly dating from 2000 until Jan-
uary 2004. The author has been responsible for the co-supervision of the
Ph.D. and master students which considers the primary topic identifica-
tion, preparation and funding, the scientific instruction and superivision
of the students and the common publication / patenting of the obtained
results. Each chapter contains a detailed description about the origin of the
presented results.

The author wants to express his thanks to Prof. J. Biichs (RWTH Aachen),
Prof. J. Nielsen (DTU Denmark) and Prof. C. Wandrey (Forschungszen-
trum Jiilich GmbH) for revieiwing this "Habilitationsschrift. The successful
final examinition has been passed at November 23 rd 2004 (RWTH Aachen).
For Martina, Konstantin and Charlotte who supported me essen-
tially.
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From Pools and Fluxes to Titers and

Rates

We have gone from the era of "who’ to that of 'how’ and are now entering
the era of "how much.” With this statement Koshland [Kos98] illustrated
the on-going development in understanding cellular metabolism starting
from the Era of Pathway Identification (1890 - 1950), passing through the
period of Pathway Regulation (1950 - 1980) and stepping into the Era of
Pathway Quantification (1980 - 7). Almost recently, the latter term has
been replaced by the so-called Post-Genomic Era [WKss| thus stressing
the current need to elucidate the basic questions of functional genomics for
understanding how the genome influences physiology ([Bai98], [Bai01b],
[NOO02]). Without doubt, metabolism modeling plays an important role in
this context [GNOO].

However, the pertinent question arises how this qualitative and quan-
titative understanding can be achieved. During the past years, manifold
experimental indications have revealed that the problem’s solution is not
trivial because of the robustness, redundancy and homeostasis observed
in cellular systems leading to multigene / multitranscript / multiprotein
responses after any perturbations [Bai99b]. According to Bailey [Bai01b]
'blind” computer simulators incorporating tens of hundreds of components
just because they 're in a database, are not useful for this purpose. De-
spite the cellular complexity, indications are given that basics in cellular
physiology can also be understood without the comprehensive, quantitative
knowledge of the whole cellular system [Bai0la].
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Besides, current activities in system biology ([CSF*01], [Kit02]) aim
at understanding the whole cell using a systemic modeling approach. In
the case of absent detailed information, typically cellular constraints were
considered thus allowing the analysis of the global cell instead of the re-
duced system [Pal00]. These approaches are also intended to incorporate
expression-profiling data as well as selected metabolomic data in upcoming
model generations [Pal02].

Metabolic engineering provides the notional framework for all these re-
search activities. Since its foundation (and definition) in 1991 [Bai91], defin-
ing it as the directed improvement of cellular properties through the modi-
fication of specific biochemical reactions or introduction of new ones using
recombinant DNA technology, it has emerged as a very interdisciplinary
field, possessing a strong relationship to bioinformatics [Ste00]. Compre-
hensive reviews regarding successful metabolic engineering examples are
given by Nielsen [Nie01] and Rohlin et al. [ROLO1].

While the first years of metabolic engineering considered strain improve-
ment by pathway engineering, future (and current) works will increasingly
consider techniques such as DNA microarrays, directed evolution (gene
shuffling) and tracer-based flux measurements [SS01]. Today’s metabolic
engineering focuses on the four categories of cellular variables, namely the
small metabolites (metabolome), the fluxes (fluxome), the mRNA (tran-
scriptome) and the proteins (proteome) [SS02]. This appeared to be neces-
sary because a restrictive sight on transcriptome and proteome alone does
not suffice to assess biological function [KWO01].

The expanded scope of metabolic engineering even resulted in definition
updates, such as the one of Westerhoff [Wes01] who introduced a modern
metabolic engineering aiming at the (ambitious) calculation of the func-
tioning of the living cell on the basis of the known gene expression levels
taking into account kinetic and thermodynamic properties of all macro-
molecules in the cell. However, the combination of analytical methods to
quantify fluxes and their control ... to implement genetic modifications is
(still) the essence of metabolic engineering ([Ste99], [CBC00], [CBC02]).

Being aware of these promising metabolic engineering topics and perspec-
tives, one might wonder about the remaining role of the classical biochemi-
cal engineering whose birth is dated as of 1947, when the first recognizable
biochemical engineering process emerged for the large-scale streptomycin
production at Merck [Cha97]. According to an American saying 'The job
of an engineer is modeling and scale-up’. Hence, one should ask: Is that
all? - Certainly not.

According to a ’classical’ definition given by Weuster-Botz [WB03] bio-
chemical engineering science represents the fundamental research into all
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aspects of the interactions between engineering and other disciplines nec-
essary to underpin the development of industrial-scale biologically based
processes. Hence metabolic and biochemical engineering are not excluding
themselves, on the contrary they support each other [Ste02]. The traditional
scale-up role of biochemical engineering remains an important activity in
practice as well as in research [Bai99a]. However, the scope of chemical
engineering has broadened from the steel tank to the individual cells and
their metabolic pathways ([Bai99a], [Ste03]) thus being directly related to
metabolic engineering.

The pace of development for large-scale bioprocesses can be accelerated
by increasingly applying basic principles of chemical engineering together
with front line concepts of molecular biology [LPVO01]. This is particularly
important if high-volume, lower-value products such as commodities (and
also fine chemicals) are considered. In contrast to high-value processes such
as the roller-bottle based erythropoietin production at Amgen (USA), the
high-volume processes are usually developed under the pertinent constraint
to be only commercially viable at low costs. Hence the concerted approach
of metabolic engineering and ’classical’ biochemical engineering is necessary
to achieve this aim, thus preventing a ’biotechnology without technology’
[Wan01].

The role of biochemical engineering sciences is to provide a sound scien-
tific basis for the engineering activities, i.e., a sound basis of know-why ...
to provide tools for rational, rapid and efficient development of processes,
products and services [SVMT03].

In this sense, this 'Habilitationsschrift’ is a typical biochemsical
engineering thesis.

Novels methods and apparatus will be presented that focus on intra-
cellular pools and fluxes, maybe the most typical biochemical engineering
variables [SVM™03], to gain a quantitative understanding of the living cell
thus enabling an efficient bioprocess development. After that examples of
‘classical’” bioprocess development will be given. Figure 1.1 roughly depicts
the structure of this "Habilitationsschrift’.

The subsequent chapters 2 and 3 focus on the development of novel
metabolic engineering tools, intended to accelerate and optimize the bio-
process development by gaining quantitative information about intracel-
lular pools and fluxes in recombinant microbial production strains. Espe-
cially the development of the Sensor reactor for metabolic flux analysis
was predominantly motivated by its application under production-like pro-
cess conditions. Biochemical engineering studies for ’classical’ bioprocess
development are given in the subsequent chapters 4 and 5 focusing on the
process parameters titers and rates.
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process

method
development

apparatus
development

FIGURE 1.1. Biochemical engineering topics as mirrored in this "Habilitationss-
chrift’. Method and apparatus development including typical metabolic engineer-
ing activities are considered as well as the process development (together with
scale-up). Intersections of all topics are possible as shown.

Regarding the 2002-report of Ernst & Young [EY02] it seems to be re-
markable that only 6% of all biotechnological activities in German compa-
nies can be attributed to the 'grey biotechnology’, a maybe unskillful term
describing biotechnological production processes as well as biotechnological
applications for environmental protection This might contrast the situa-
tion in the United States where Cargill Dow (Blair, Nebraska, USA) has
recently started its polylactide production at 140.000 tons-per-year scale
and is even suspected to use an ISPR approach for the on-line removal
of lactate by overpressured COg [SS03]. Nearby, the amino acid lysine is
successfully produced using Corynebacterium glutamicum in the company
Midwest Lysine (up to 70.000 tons per year) thus representing a product
with an expected annual market increase of ~10% [Her03]. Furthermore,
the company DuPont (Willmington, USA) has announced to start the 1,3
propanediol production (about 70.000 tons per year) using recombinant E.
coli strains [WBO03]. These high-volume, lower-value processes are only a
few examples of actual large-scale processes thus indicating the need to con-
sider biochemical engineering know-how to develop and to run large-scale
applications.

Besides the bulk products, also the production of fine chemicals repre-
sents an interesting biochemical engineering target. As outlined by Frost
and Lievense [FL94] and Schmid et al. [SDHT01], the production of aro-
matics benefits from its access using renewable resources instead of fossil
feedstocks. Therefore chapter 4 focuses on the production of the aromatic
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amino acid L-phenylalanine using recombinant E. coli strains. Finally an
E. coli based approach for pyruvate production is presented in chapter 5,
again motivated by the idea to replace existing, energy-intensive processes
by those with low environmental burden.
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2

In vivo Metabolic Dynamics after
Pulse Stimulation: Tools and Results

Parts of the following sections were subjects of the Ph.D. thesis
of A. Buchholz [BucOla], M. Oldiges [01d03], J. Hurlebaus [Hur01]
and D. Degenring [Deg03] who were (and still are) co-supervised
by the author. Review-like publications were given by Buchholz et
al. [BHWTO02] or submitted for publication by Oldiges and Takors
[0T03].

2.1 Motivation

Today, we are witnesses to current, novel technology developments intended
to elucidate the gene/phenotype relationship in ‘simple’ prokaryotic cells
as well as in complex eukaryotic mammalian cells. Usually, these essen-
tial studies [Bai0lb] are bringing together bioinformatics and metabolic
engineering [Ste00] while analyzing gene sequences (genomics), gene tran-
scription (transcriptomics) and gene translation (proteomics) thus trying
to find answers on questions such as (i) How many genes with what kind
of distinct functions can be identified in a genome? (ii) How (and why)
is gene expression controlled with respect to external culture conditions?
(iii) Which proteins (enzymes) are encoded by the genes and how are their
characterized? etc.

Despite the invaluable results obtained so far, the metabolome analy-
sis seemed to be somewhat neglected within this concerted ’omics’ ap-
proach. This might be surprising because the metabolome is downstream
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of genome, transcriptome and proteome [ADBT03], thus mirroring the up-
stream ’genotype-control’ of several thousand genes in a (relatively) con-
densed biochemical pool of several hundred metabolites. For instance, less
than 600 estimated metabolites ([TBWO98], [RTB*01]) represent the bio-
chemical analogues to 6000 genes in S. cerevisiae [GBBT96]. In the case of
E. coli, about 4800 genes are identified, coding for approximately 2500 pro-
teins [LS99] while only about 627 metabolites are actually listed in the Eco-
Cyc data base ([KRS100], [MBO1b], http://ecocyc.panbio.com/ecocyc).
Both examples give rise to the assumption that the reduced number of
metabolites should enable a simplified gene/phenotype analysis.

Hence, the metabolome study should keep abreast of the up-to-now
dominating’ functional genomics technologies [Fie01]. The knowledge of
intracellular metabolite concentrations certainly offers a promising basis
to quantitatively understand biochemical interactions (e.g. the in vivo en-
zyme kinetics) in the metabolic network [BHWT02]. Metabolomics even
allow functional genomic studies by combining metabolome analysis with
in silico pathway analysis [FGN02]. Consequently, microbial metabolome
analysis is currently attracting interest [KWO01]. While ’early’ taxonomic
classification studies of 132 Penicillium strains [LF95] and 169 yeast strains
[Wes98] already applied intensive, qualitative metabolome research, pio-
neering quantitative metabolome studies did not focus on microbial systems
but on plants such as Arabidopsis thaliana ([FKD100], [Fie01], [Fie02]).
These metabolic fingerprinting approaches considered more than 300 intra-
cellular metabolites at the same time and were supplemented later on by
metabolic footprinting [ADBT03], analyzing the culture supernatant of S.
cerevisiae strains.

Regarding the popular, classical definition of metabolic engineering defin-
ing it as 'the directed improvement of product formation or cellular proper-
ties through the modification of specific biochemical reactions or introduc-
tion of new ones with the use of recombinant DNA technology’ [Ste99], a
modern metabolic engineering has been introduced almost recently [Wes01].
Accordingly, the new definition aims at ’the calculation of the functioning
of the living cell on the basis of the known expression levels of all enzymes
taking into account kinetic and thermodynamic properties of all macro-
molecules in the cell’.

To achieve this - without doubt - ambitious aim homologous data sets of
in vivo enzyme kinetics are necessary. However, most of the enzyme kinetic
data available from databases such as EMP [EMP], MEDLINE [NCB],
ENZYME [Bai00], BRENDA [Bre] and LIGAND [Lig] are heterogeneous in
origin and are often based on in vitro experiments. Because of differences
in liquid viscosity (protein content) and reactant/effector concentrations
under in vitro experimental conditions compared to in vivo conditions,
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enzyme kinetic parameters derived from in vitro experiments should be
used with care to describe in vivo enzyme activities. Nevertheless, research
studies are currently performed which aim at modeling complex microbial
cells solely based on the enzyme kinetic information derived from databases
[dJ02]. As an alternative, experimental and modeling approaches will be
presented in the following that strive for studying enzyme kinetics in vivo,
in the presence of all interactions inside cellular metabolism. These studies
were intended to offer the opportunity of investigating not only one single
enzyme (as the classical approach) but a whole set of interacting ones, in
the sense of ’classical’ metabolic engineering [Ste99].

To model enzyme kinetics, the knowledge of enzyme activities as a func-
tion of reactant and effector concentrations is necessary [CB95]. If steady-
state experiments are used, one should consider the comparably small ex-
perimental data set that can limit the identifiability of complex enzyme
kinetics [WT03] and that can make additional measurements necessary, for
instance using '3C metabolic flux analysis [PMdG*01]. As an alternative,
the knowledge of time-variant intracellular metabolite courses can offer a
sufficient database [WT03], even for the identification of complex kinetic
equations.

Stimulus-response experiments, for instance by pulsing the sole carbon
source glucose to a glucose-limited culture, have already been developed
as an appropriate method for the generation of (intracellular) transient
metabolite concentration data'. These data sets can be a most valuable
basis for the estimation of dynamic flux control coefficients and concentra-
tion control coefficients [MAR97] which represent the key values of the
metabolic control theory. Pioneering examples have been published us-
ing S. cerevisiae ([TMB197], [RBTRI7]) by Vaseghi et al. ([VBRR9Y),
[VMZRO1]), Buziol et al. [BBBT02], Ostergaard et al. [OONO1] and Visser
[Vis02], studying E. coli ([SBTWB99], [CNRS*02], [SKB'02a]) and inves-
tigating Z. mobilis ([WBAG96], [WB97]). Pulse experiments are usually
started in a glucose-limited steady-state by pulsing a significant amount
of glucose to the culture to ensure a saturated glucose consumption after-
wards. Cells are then rapidly taken out of the culture, while at the same
time metabolism is inactivated. Further analysis of intracellular metabolite
concentrations finally provides the data for subsequent modeling taking
into account the stoichiometry of the metabolic network as well as kinetic
expressions for the enzymatic reactions in focus.

I These stimulus-response experiments are related to the rather slow shift-up, shift-
down experiments, such as the one of Melchiorsen et al. [MJCT01], which aim at studying
metabolism shifts under transient conditions usually lasting for several hours.
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FIGURE 2.1. Adaptional mechanisms in organisms and order of magnitude of
their relaxation timespan - taken from [Roe83].

It is noteworthy that only relatively small observation windows up to sev-
eral minutes (in the case of S. cerevisiae experiments) are usually realized.
This timespan represents a consequence of the need to get sufficient ex-
perimental data for enzyme kinetic identification and to prevent unwanted
enzyme activity changes by superimposing gene regulations as a result of
the initial glucose pulse. Figure 2.1, which is derived from Roels [Roe83],
indicates that mass action law and allosteric control relaxation times are
much shorter than for instance messenger (m)-RNA control or the changes
of active enzyme concentrations. Considering a typical observation window
of 40 seconds (see below) no changes of active enzyme pools should thus
be assumed.

In general, stimulus-response experiments for identifying in vivo enzyme
kinetics typically consist of different, sequential steps as follows:

e stimulus-response experiment with rapid sampling (to generate the
samples after metabolism stimulation)

e cell quenching (to rapidly inactivate metabolism thus ’freezing’ the
current metabolic state after stimulation)

e metabolite extraction (to extract metabolites, nucleotides etc. out of
the samples for further analysis)

e in vivo pool analysis (to quantify metabolite, nucleotide concentra-
tions)

e metabolism modeling (to identify quantitative, mechanistic models
based on the experimental data)

Fach of these topics will be treated in the following and the results
obtained will be presented and contrasted to already published findings.
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2.2 Rapid Sampling and Sample Preparation

Depending on the microorganisms used, the constraints for the sampling
frequency can change. For Saccharomyces cerevisiae, intracellular concen-
tration changes on second-scale after the pulse were reported ([TMB*97],
[RBTR97], [VBRR99], [Vis02]), while, for instance, an intracellular increase
of glucose 6-phophate (G6P) after external glucose addition took place
on the sub-second scale in E. coli ([SBTWB99], [CNRS102],[SKB*02a).
Hence, rapid sampling approaches must consider these characteristic time
constants of the biological systems under investigation.

To successfully perform stimulus-response experiments, the microbial
stimulation (for instance by glucose pulsing) must be chosen with care.
On the one hand, the stimulus should be strong enough to call forth curves
of detectable, time-variant intracellular pool sizes. On the other hand, the
stimulus (together with the preceding experimental period) must not cause
any damage of the cell function which could falsify the experimental obser-
vations. Studying (industrial) production strains the additional constraint
should be followed to choose the experimental conditions as similar as pos-
sible to the production process in order to allow the transfer of the exper-
imental results.

As a consequence, microbial systems such as E. coli, Z. mobilis or S.
cerevisiae are often stimulated by a rapid, step-wise increase of the sole
carbon source (for instance glucose). Usually this carbon source is limit-
ing before and is added by a rapid glucose pulse’. Before the pulse, the
metabolism should be at (pseudo-) steady-state which is shifted-away due
to the stimulus. To prevent any time-lags of the external stimulation, the
one-step increase of the extracellular carbon source should be transmitted
into the cell as fast as possible. In general, this can be achieved by profiting
of highly affine carbon uptake systems such as the carbohydrate phospho-
enolpyruvate:phosphotransferase system (PTS) [RMR100] or (fast) facili-
tated diffusion mechanisms which are often the basis for substrate uptake
in bacteria. It is noteworthy that other substrates which are not consumed
as quickly are consequently less suited to stimulate the biological system.
This limitation should be considered if the pulsing of co-substrates or aux-
otrophic substances is discussed. So far, glucose is most commonly used as
the pulse substrate although alternatives - for instance using glycerol to
stimulate E. coli [BHWTO02] - are also described.

2Tt is noteworthy that the the term ’glucose pulse’ might be misleading because it
basically describes the technical procedure to add the (limiting) carbon source into the
bioreactor. However, the cells observe a step-wise increase of the previously limiting
substrate, because no significant decline of the extracellular substrate concentrations
can usually be detected during the post-pulse observation period.
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While performing stimulus-response experiments, the ‘rapid sampling’
step takes over the functions of

e rapidly taking samples out of the culture (immediately after the
pulse) with sufficient sampling frequency and sample volume

e inactivating the cell metabolism during sampling by quenching.

Both items will be treated separately in the following subsections.

2.2.1 Rapid Sampling Devices

As long ago as 1993, Theobald et al. [TMRR93] developed a manual sam-
pling device, consisting of a sampling valve and a pre-cooled (e.g. -20°C)
quenching fluid (for instance methanol) to monitor intracellular changes
of the nucleotide pools in S. cerevisiae after glucose pulsing into a biore-
actor. This device was also used for studying yeast metabolism dynamics
([TMB*97], [RBTR97]) allowing a maximum manual sampling frequency
of about 6 to 12 samples per minute. Later on, an improved, similar sam-
pling strategy using a pre-cooled quenching solution (-40°C') prepared in
a vacuum tube was presented [LEZT01], again to monitor S. cerevisiae in-
tracellular metabolite dynamics after vacuum drying of the cell extracts.
Recently, this sampling device was again modified in a comparative study
by filling the syringe with pre-cooled stainless steel beads (& 4 mm) and
quickly withdrawing the solution via a 0.45 pm filter [MGVHO03]. It was
found that this approach was superior to the alternative method of quick
sample freezing in liquid nitrogen.

Further developments of the technology led to a stopped-flow method
([IMVRO00], [BBB'02]). This approach was characterized by a turbulent
mixing chamber which was connected to a sampling tube consisting of a
series of valves. The biosuspension leaving the reactor was brought into
contact with glucose in the turbulent mixing chamber before it streamed
into the valve cascade and from there into different sampling tubes with
pre-cooled quenching fluid. By controlling the valve opening at different
positions in the valve cascade, the glucose/biosuspension contact time was
controlled, too, thus allowing first samples to be taken within milliseconds
after glucose addition. However, a long-term (multiple seconds) sampling
window could not be realized owing to e.g. dissolved oxygen gradients that
must be prevented in too long valve cascades.

Parallel to this approach, a similar system called BioScope ([Vis02],
[VZD102]) has been developed, aiming at long-term sampling times of up
to 100 s using a sampling tube device of several meters length. In contrast
to the previously described valve cascade, BioScope is characterized by
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comparatively low flow rates through an oxygen permeable silicon tube?.
The perturbing agent (for instance glucose) is added at the inlet of the sili-
con tube. Hence, different glucose/biosuspension contact times are realized
by analogy to the valve cascade system of Buziol et al. [BBB102].

As an alternative approach, experiments with the anaerobic strain Z.
mobilis were carried out ((WBAG96], [WB97]) using a rubber sampling tube
system [WBWO96]. After pulsing glucose into the bioreactor, cell suspension
was rapidly drained off into a flexible sampling tube that was directly
brought into contact with 35% perchloric acid at —25°C' and later frozen
in situ. Following this procedure, the time-dependent cellular responses on
the glucose pulse were located in frozen volume elements inside the tube
while the distance to the tube inlet was inversely correlated to the glucose
contact time. Further sampling analysis was enabled by piecewise thawing
of tube parts.

The stimulus-response experiments presented in the following sections
made use of an automatic sampling system that was already developed in
1998 by Paschold et al. [PWBSB98|. The perturbing agent (for instance
glucose) was pulsed directly into the 20 L bioreactor (working volume: 7.5
L) allowing the monitoring of metabolic dynamics under realistic cultiva-
tion conditions. Usually 70 to 100 mL pulsing volume were automatically
injected causing a glucose concentration shift from apparently zero g - L1
(during the glucose limited steady-state) to three g - L~1.

Later, the pulsing technique was optimized (see Figure 2.2) to prevent
any other perturbation apart from the substrate injection and to reduce the
resulting mixing times [BWTO01]. For instance, sudden shifts of dissolved
oxygen concentration or reactor pressure could successfully be prevented
during pulsing, indicating that overpressured air was not co-pulsed into
the bioreactor. The amount of pulsing volume added to the reactor was
automatically controlled via the opening time of the two membrane valves
used. The injection valves possessed nozzles at the reactor inlet, which
targeted the injection stream directly to the Rushton turbines used for
mixing the cell suspension. A fgy mixing time of 640 ms was achieved
[BucOla], which is lower than the usually estimated values of 2 to 3 seconds
[MVRO00]. Samples taken during this time are subject to the superimposing
effects of mixing and intracellular metabolic kinetics. However, one should
consider the glucose uptake characteristics of e.g. E. coli strains used for
the experiments. Very low Kg-values of 3 — 10 uMol (0.6 - 1.8 mg - L™1)

3 Currently, the original BioScope apporach is extended by installing an additional
aeration system along the sampling tube to increase the oxygen transfer rates (unpub-
lished results).
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FIGURE 2.2. Experimental set-up of the pulse system used for stimulus-response
experiments. As indicated, a 20 L bioreactor was equipped with a glucose pulse
unit (left hand-side), corresponding injection valves, a sample valve and a con-
veyor belt that transported the precooled (60% v/v methanol at -50°C') sampling
tubes beyond the sample valve. A sampling frequency of 4 to 5 Hz was achieved.

were reported for the glucose-specific PTS *, which is responsible for the
prevailing amount of glucose consumption. These low Kg values are more
than 1600-fold smaller than the typical, final pulse concentration of 3 g -
L. Thus it can be assumed that saturating glucose uptake conditions are
achieved very much faster than within 640 ms mixing time.

Immediately after the pulse, a sampling valve is opened at the bottom
of the bioreactor and cell suspension is continuously drained off at a flow
rate of 33.3 mL - s71. Below the sampling valve, pre-cooled (-50°C') sam-

4Glucose uptake in E. coli is enabled by different systems depending on the extra-
cellular glucose levels. At micromolar external levels, half-saturated glucose uptake via
Mgl at 0.2 uM (0.036 mg/L) and via glucose specific PtsG at 3 to 10 uM or 0.6 to 1.8
mg - L~ takes place, while at millimolar external levels glucose uptake via PtsG and
mannose specific PtsM (half-saturated at 1.3 mM or 230 mg-L™!) should be considered
([Fer96], [Fer99], [LS99], [PLJ93], [HK79]).
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pling tubes are positioned automatically via a conveyor belt. Usually, a
sampling volume of 5 £ 0.08 mL [SBTWB99] cell suspension is quenched
into 15 mL 60 % v/v aqueous methanol causing an immediate cessation of
metabolic activity®. Further research led to an optimized composition of
the quenching fluid by addition of 70 mM Hepes (2-[4-(2-hydroxyethyl)-1-
piperazinyl]ethanesulfonic acid) [BTWO01]. With Hepes, a quenching fluid
at —50°C' can be used instead of the formerly —40°C' as previously applied.
Using the automated conveyor belt, a maximum sampling frequency of 4
to 5 Hz can be achieved, which leads to an observation time window of
approximately 40 seconds for the 160 samples available. However, longer
observation time windows are possible by lowering the automatically con-
trolled sampling frequency. Figure 2.2 gives an overview of the automated
rapid sampling machine. A movie of the rapid sampling apparatus in action
is provided on the internet at http://www.fz-juelich.de/ibt /ferm.

2.2.2  Cell Quenching Approaches

As outlined in the preceding subsection, the major task of cell quenching
is to halt metabolism activity by sudden cell cooling thus to prevent any
further metabolite conversions owing to enzymatic reactions. Because of the
immediate metabolism responses observed after stimulation ([SBTWB99],
[CNRS'02],[SKB*02a]), quenching should be realized within a subsecond
time-scale after pulse.

Early approaches of Theobald et al. [TMB*97] followed the strategy
to disrupt the cells immediately after sampling (via extraction) at the
same time denaturing all cellular enzymes using extreme pH conditions.
Although this method was successfully applied, it possesses the inherent
disadvantage that intracellular metabolites are diluted in the fermentation
supernatant of the sample and that the fermentation medium cannot be
separated from the cells. Hence, such a procedure should only be preferred
to study metabolites which are likely to occur only inside the cells.

Compared with this, the separation of the quenching and the cell extrac-
tion step offers the advantage of subsequent cell concentration by sample
centrifugation or filtration at low temperature, thereby removing the fer-
mentation medium. Saez and Lagunas [SL76] suggested the washing of the
sampled cells after filtration with 50% methanol at —40°C and de Koning
and van Dam [dKD92] optimized this strategy for yeasts by spraying the
sample into the pre-cooled methanol solution. They demonstrated that the
cellular methanol quenching succeeded to halt metabolic activity and that
S. cerevisiae was resistant to metabolite leakage when suspended in the

>Weuster-Botz [WB99] already estimated the necassarry time to cool an (hypotheti-
cal) sample drop of 100 pum from 37°C to -20°C' at about 50 ms.
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cold methanol quenching solution. These results were experimentally re-
confirmed by Hans et al. ((HHWO01], [HHWO03]) using HPLC-based amino
acid analysis. As an alternative, liquid nitrogen quenching of S. cerevisiae
cells was studied, which was found to be inferior to the cold methanol

quenching based on a pre-cooled syringe filled with stainless steel beads
[IMGVHO03]°.

It is noteworthy that the leaking resistance is not a general cellular prop-
erty because it strongly depends on the cell membrane composition. For
instance, metabolite leaking was reported for glycolytic intermediates of
Lactococcus lactis [JIJV99]. Own studies using gram-positive C. glutam-
icum strains for amino acid production (L-valin, L-lysine etc.) also re-
vealed significant leaking of glycolytic intermediates during the methanol
quenching procedure (data not shown). In a comprehensive study, Mahar-
jan and Ferenci [MF03] studied the metabolite extraction of gram-negative
E. coli applying six, commonly-used methods including acid or alkaline
[HBGF98] treatment, permeabilization by freezing with methanol, high-
temperature extraction in the presence of ethanol [TNMF98] or methanol
[SRB86] and by lysis with chloroform-methanol [dKD92]. Analyzing the
detected C-labeled compounds after methanol quenching of E. coli, the
authors outlined the significant influence of the extraction procedure on
the results of metabolome analysis. Although the cold methanol procedure
was favored, no phosphorylated glycolytic compounds, metabolites of the
pentose-phosphate pathway or cofactors (such as the adenosinphosphates
(ATP, ADP, AMP) were identified in their study. Own investigations of
Buchholz [BucOla] supported this finding by measuring a constant - and
not increasing - NAD content in the extract during methanol extraction
lasting for 7 h”. Similar observations were reported by Oldiges [Old03] re-
garding ATP, ADP, AMP, PEP and the lumped pentose-phosphate pool
P5P.

Hence, our own studies followed the protocol as already presented in the
foregoing subsection: 50 m/L sample tubes containing 15 mL of 70 mM
Hepes (2-[4-(2-hydroxyethyl)-1-piperazinyl]ethanesulfonic acid) and 60 %
methanol were pre-cooled at -50°C' and subsequently filled with 5 mL sam-
ples taken from the fermentation experiment at 37°C. Because of liquid
mixing, the sample temperature rose to <-20°C' before the samples were
stored at -28°C' for subsequent preparation and analysis. These steps were
always realized within the next 8 hours after storage.

6In addition to the aforementioned approaches Chassagnole et al. [CNRS102] used
liquid nitrogen (-196°C) for cell quenching, which was subsequently removed by evap-
oration and the sample was further subjected to extraction. If and how the culture
supernatant was removed before cell disruption is not known.

7 Additionally, measurements of protein content in the cell extract revealed a cell lysis
of less than 5% under methanol extraction conditions.
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2.2.8 DMetabolite Extraction

As shown in the preceding subsection, cell quenching and cell extraction/
disruption were separated to analyze E. coli samples after stimulus-response
experiments. Therefore a subsequent cell extraction/disruption step was
needed that

e allows a fast and quantitative cell disruption to provide analytical
access to the released intracellular components

e ensures metabolism inactivation during the extraction/disruption pro-
cedure

e prevents the (chemical) degradation of the interesting intracellular
metabolites, nucleotides etc.

e denatures enzymes to prevent subsequent metabolite conversions, also
after the extraction/disruption procedure is finished

e does not hamper the subsequent analytical procedures

e should be as simple as possible to allow the preparation of the 160
samples of a typical stimulus-response within usual working practice.

Considering these constraints typical approaches such as mechanical/
physical or enzymatic cell disruption as well as lyophilization were not
preferred. Instead chemical methods were favored as shown in the following.

So far, a variety of extraction methods has already been described for
different cells [Kar80]. For instance, S. cerevisiae was treated with chloro-
form [dKD92], perchloric acid and alkaline ethanol solution [TMB*97] and
buffered hot ethanol ([GFR9I7], [HHWO01], [HHWO03]). Additional freeze/
thaw cycles were applied to complete the cell disruption [TMRR93]. In anal-
ogy, E. coli extraction/disruption was subjected to perchloric acid treat-
ment ([SBTWB99], [BTW01], [CNRS*02]), potassium hydroxide solution
[CNRST02] or a hot Tris-HaSO4/EDTA solution [CNRS'02]. In contrast
to S. cerevisiae additional freeze/thaw cycles showed no effect on the ex-
traction of adenosine phosphates using E. coli [MNRRN99].

As already emphasized in the comparative study of Maharjan and Fer-
enci [MF03], the choice of the appropriate extraction method strongly de-
pends on the metabolites of interest and - additionally - on the biological
system that should be investigated. Reduced nucleotides such as NADH
or NADPH are instable during acid extractions, but stable under alkaline
conditions. On the other hand, the oxidized nucleotides NAD and NADP
are rapidly degraded under alkaline conditions, requiring acid extraction
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FIGURE 2.3. Scheme of the current protocol for sample preparation. The 'gray’
indicated centrifugation step is a matter of current optimization. After the last
centrifugation step, the clear solution can be sujected to metabolic profiling anal-
ysis. Abbreviations used: pca - perchloric acid; MeOH - methanol.

[SSS89]. This representative example clarifies that it is essential to study the
stability of the interesting metabolites under extraction conditions. Hence,
care must be taken to find the optimal extraction conditions concerning
metabolite stability and extraction efficiency. Furthermore, the character-
istics of the biological system should be considered as well. In a comparative
study of Schmid et al. [SSS89] adenosinetriphosphate (ATP) was chosen as
an indicator for the extraction efficiency during acid and alkaline extrac-
tion ([BF72], [MNRRN99]). For Thermoanaerobacter finii both methods
resulted in quite similar levels, whereas perchloric acid extraction yielded a
higher ATP content for F. coli compared to the alkaline procedure. Again,
this result underlines the necessity to identify optimal extraction condi-
tions with respect to the biological system and the pools that should be
analyzed.

Several preliminary studies were carried out by Buchholz [BucOla] and
Oldiges [01d03] to identify optimal extraction conditions for E. coli. Ex-
traction protocols using perchloric acid, alkaline ethanol (with KOH) and
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hot ethanol were considered. As a result, the following procedure was iden-
tified which currently serves as a standard protocol: The samples which
were stored at -28°C' (see preceding section) are centrifuged at 10,286 g
(5 min, -20°C). The methanol-containing supernatant is subsequently re-
moved. Then, the cell pellet is resuspended in 1 mL 50% methanol solution
(at -28°C) to ensure a declustering of the cells. 4 mL of 43.75% (w/v)
perchloric acid solution is added and well mixed with the cell suspension.
After this, the samples are stored again at -80°C. In the following, the
thawed samples were centrifuged (and ultrafiltrated concomitantly) to sep-
arate cell debris and proteins and neutralized at pH 7 by addition of 2.4
mL potassium-carbonate solution. Because of strong foaming, samples are
cooled (with liquid nitrogen) during neutralization. Finally, the samples are
"heated’ to 0°C' in an ice-batch, the precipitate is removed via centrifuga-
tion (10,286 g at 4°C') and the samples are stored at -28°C for subsequent
metabolic profiling analysis. A summarizing overview of the total sample
preparation procedure is given in Figure 2.3.
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2.3 In vivo Pool Analysis - Metabolic Profiling

2.3.1 Reviewing Metabolic Profiling Approaches

The term metabolic profiling represents a rather new definition for an
equally novel research field [HGO03|. According to Fiehn [Fie02], metabolic
profiling belongs to metabolome analysis, which is multifunctional, making
use of different analytical approaches depending on the topic of the study.
Metabolome analysis can thus be subdivided into

e target analysis, aiming at the measuring of distinct substrates or prod-
ucts, for instance to qualify genetic modification

e metabolic profiling, focusing on a complete pathway or linked path-
ways with the aim to quantify the intracellular metabolites and

e metabolomics, striving for an unbiased, semi-quantitative overview of
the whole-cell metabolic patterns.

Metabolic fingerprinting [Fie01] was presented as a tool for geno- (and
phenotype) classification with the aid of rapid metabolome pattern analy-
sis only focusing on those metabolites with biochemical relevance. Almost
recently, another variant of high-throughput classification was presented,
called metabolic footprinting [ADBT03], which differs from the aforemen-
tioned methods by analyzing extracellular metabolites instead of intracel-
lular pools.

Hence, target analysis allows to optimize the analytical approach with re-
spect to the distinct metabolites of interest, at the same time ignoring the
metabolic information of other compounds. Metabolomics aims at a full
uncovering of all metabolome information. However, the different chemi-
cal properties of the cytoplasm components restrict this approach to be
semi-quantitative but - more or less - unbiased. Metabolic profiling thus
represents a combination of both focusing on a group of metabolites which
represents a characteristic segment of the metabolism (for instance all path-
way intermediates together with the precursors). On the one hand, only a
limited number of metabolites is considered which simplifies the approach.
On the other hand, this group needs to be analyzed quantitatively, i.e.
the intracellular concentration of each component should be measured as
accurately as possible.

The measuring of intracellular concentrations is an ambitious task be-
cause the following experimental constraints should be considered:

e Typically, a 5 mL sample (see Figure 2.3) contains only 2 to 3 v/v%
of E. coli cells before methanol quenching. Intracellular concentra-
tions are reported to be at best in mM range ([BCKF93], [RC95],
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[BF195], [TGB97]). Hence the metabolite concentrations in the final
assay should be expected at low yM or nM levels because of the
necessary dilution steps during the sample preparation procedure.

e Cell matrix effects should be carefully considered while developing
protocols for intracellular metabolite analysis. First, effects of the
extracellular matrix (fermentation supernatant) should be ruled out
(see preceding section). Second, appropriate separation steps should
be applied to identify and to quantify the metabolites of interest
in the complex cytoplasm solution also containing substances with
similar chemical property.

e Regarding the 160 samples which were typically taken during a stim-
ulus-response experiment, the analytical procedure should be as sim-
ple and as ’universally valid’ as possible to minimize the analytical
effort.

Motivated by the high substrate specificity, enzymatic test systems are
used as a prevalent, state-of-the-art approach for intracellular metabolite
analysis of the neutralized cell extracts. Examples are given for S. cerevisiae
([TMRR93], [RBTR97], [TMB*97], [VBRR99], [LEZ"01], [Vis02]), Z. mo-
bilis ([WBAGY6], [WB97]) and E. coli ([SBTWB99], [CNRST02]). These
methods are usually based on standard approaches published in [Ber85].
In general, metabolites such as G6P, F6P, FBP, G3P, DHAP, GAP, PGA,
PEP, PYR, AcCoA, CIT, OXO, SUC, MAL, OAA and FUM can be quan-
tified to detection limits of about 10 - 100 uM (for abbreviations see tables
B.1 and B.3 in Appendix) which corresponds to about 0.1 to 1 mM inside
the cells ([Sch99a], [Buc0la]).

However, despite the invaluable results obtained by enzymatic analysis
so far, some drawbacks must be considered.

e Relatively large sampling volume: Enzymatic tests usually need
a relatively large sample volume of approximately 100-300 pL/assay.
Considering the sample volume that is harvested by rapid sampling,
only a limited number of enzymatic tests can be carried out. As a
consequence, the final monitoring frequency of measured intracellular
metabolites is limited too.

e Error-prone procedure: Enzymatic tests always need a final NAD-
(P)H- dependent reaction step that can be detected photometrically
(UV) at 340 nm. Therefore, reaction cascades are sometimes used
that are more error-prone than single reaction steps. Additionally,
enzyme instabilities can cause erroneous measurements.
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e Specialized analysis: In general, each metabolite requires a differ-

ent enzymatic test system (assay). Hence enzymatic measurements
are not universally applicable but very specific for each metabolite,
which makes the approach time-consuming.

Limited enzyme availability: Although a lot of enzymatic tests
are already known [Ber85] not all intracellular metabolites can be
measured following this approach due to the limited availability of
the enzymes needed. This especially holds true for the analysis of an-
abolic pathways where already established enzymatic tests are almost
entirely missing.

Effect of the cytoplasmic matrix: The selectivity of the enzy-
matic assays can be strongly influenced by the sample matrix (the
cytoplasmic composition), as found by our own studies. As an ex-
ample, Figure 2.4 is given showing the ’fictive’ course of the enzy-
matically measured, intracellular glucose-6-phophate (G6P) concen-
tration as a function of the assay incubation time considering a cell
extract of F. coli K12 which was treated according to the sample
preparation protocol given in the preceding section. Taking into ac-
count the strong acidic extraction conditions, one would assume that
no measurable enzyme activity is left after cell disruption. However,
Figure 2.4 reveals that enzymatic measurements obviously strongly
interfered with the sample matrix resulting in a steady increase of the
measured 'fictive’ G6P concentration - and not in a final steady-state.
It is noteworthy that enzymatic tests are usually expected to be fin-
ished within a couple of minutes and not after hours of incubation. It
is also remarkable that this effect - although reproducible - was found
to be specific for the samples used. Considering an additional sam-
ple ultrafiltration step (molecular cut-off: 5 kDa) before enzymatic
testing successfully prevented this unwanted, superimposing matrix
effect. In Oldiges and Takors [OT03], examples are given to demon-
strate the severe influence of the sample ‘rest activity’ after perchloric
acid treatment. Hence, sample preparation for enzymatic measure-
ments must consider an additional ultrafiltration step although the
overall protocol becomes even more complex and time consuming.

As an alternative to the enzymatic approaches, different methods were

already studied. Examples are: GC-MS ([HHT73], [KSMP99], [VBDANO03]),
NMR ([OGMHS2], [TRTP99], [dGSW+99]), HPLC-UV [MNRRN99], HP-
AE-PAD [BFI95), HPLC-MS ([St199], [BTWO1], [PCED00]), HPAE-MS
[DEF+02], CE-MS ([SUN*02], [SOU*+03]) and MALDI-TOF-MS [TWK+02].

If NMR approaches are compared - for instance - with enzymatic ap-

proaches, the NMR differs in relatively low sensitivity thus requiring a
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FIGURE 2.4. Measurement artefacts owing to the enzymatic measurement of
intracellular glucose 6-phosphate (G6P) concentrations in E. coli K12. The de-
pendency of the 'fictive’ result with respect to the assay incubation time is given.

biomass content of several grams cell-dry weight for a quantitative cell con-
tent analysis [DMW*03]. Regarding the aforementioned metabolic profiling
demands, this NMR property obviously limits its applicability.

The application of alternative HPLC based methods with UV detection
is also limited, because only nucleotides are well detectable (e.g. via HPLC-
UV) while central metabolism intermediates, such as sugar phosphates from
glycolysis and pentose phosphate pathway, only show poor UV activity.
Even in the case of nucleotide analysis, the cytoplasmic sample composition
(matrix) can still cause detection problems because of the presence of other
substances with similar HPLC column affinity (similar steric and chemical
properties).

To overcome the detection problems of compounds with low UV activity,
pulsed amperometric detection (PAD) coupled to high-performance anion
exchange (HPAE) chromatography was used instead [BFI95]. Because most
of the metabolites can be deprotonated and thus negatively charged, anion
exchange chromatography is a suitable separation method. However the
salt and buffer content of the matrix can also hamper PAD. Additionally,
the HPAE-PAD approach is limited to metabolites which are stable under
extremely high pH-values, because of the sodium hydroxide gradient used
for column elution. Smits et al. [SCB*98] improved the HPAE-PAD method
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by applying solid-phase extraction (SPE) to clean up the sugar phosphates
in extracts of Saccharomyces cerevisiae prior to injection.

In the recent years, the application of mass spectrometry gained more
and more interest for the analysis of biological samples [Cos99]. Hence,
the coupling of chromatographic separation with mass spectrometric iden-
tification seemed to be the logical consequence of the analytical problems
described in the preceding paragraphs. First, GC-MS approaches were pub-
lished focusing on the isotopomer analysis of proteinogenic amino acids in
biomass hydrolysates ([CN99], [DS00]). Later on, the GC/MS approach was
improved by Wittmann et al. [WHHO02] even allowing the identification of
intracellular amino acid labeling patterns in S. cerevisiae cells. Recently,
Villas-Boas et al. presented a new protocol based on alkyl chloroformates
derivatives for derivatization of amino acids simultaneously with di- and
tricarboxylic acids [VBDANO3]. However, the common characteristic of all
GC/MS methods is that they need an additional sample preparation step
for metabolite derivatization to increase their volatility. Thus thermolabile
or large molecules are difficult to detect apart from the problems that might
occur during the derivatization procedure.

Using MALDI-TOF-MS (matrix-assisted laser desorption/ ionization time-
of-flight mass spectrometry) an appropriate derivatization procedure is es-
sential as well. Additionally, the analysis of biological samples with complex
solutions can be hampered by the high volatility of the analytes used and
the possible interference with sample matrix signals. However, an appropri-
ate derivatization protocol for MALDI-TOF-MS applications was recently
presented [TWKT02] allowing the labeling of alcohols, aldehydes, ketones
carboxylic acids a-keto carboxylic acids and amines.

CE (capillary electrophoresis) -MS approaches, such as the one of Soga
et al. ([SUNT02], [SOUT03]), are currently followed too, allowing the de-
termination of more than 350 metabolite and nucleotide standards in par-
allel. However, own studies [BucOla] focusing on CE with UV-absorption
revealed a very high sensitivity of CE applicability with respect to the
salt content in the sample, which of course, is a consequence of the elec-
trophoresis principle used for analyte separation. Because our samples typ-
ically contained high salt fractions (due to perchloric acid treatment), the
application of CE was no longer followed.

The application of liquid chromatography combined with mass spectrom-
etry offers the opportunity to benefit from the (typically) high MS sensitiv-
ity considering an additional chromatographic separation step, at the same
time avoiding necessary sample preparation procedures such as derivatiza-
tion. Therefore, the LC-MS approaches seemed to be superior to the alter-
natives presented in the preceding paragraphs thus encouraging their use
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for metabolic profiling. After reliable sources with electrospray ionization
were commercially available, it could be shown that the LC-MS technique
can be successfully applied to analyze cell extracts of E. coli [BTWO1]
using a Finnigan LCQ iontrap mass spectrometer. In total, 15 glycolytic
metabolites, nucleotides and cofactors could be identified and quantified
in parallel only using a minimal amount of sample volume. Two different
chromatographic approaches were presented - one based on cyclodextrin-
bonded phases, the other making use of a porous graphitic carbon column
to separate isobaric substances with respect to analyte polarity and steric
differentiation.

TABLE 2.1. Compound specific parameters for MS/MS fragment detection using
the triple stage quadrupole ESI-MS (TSQ Quantum, ThermoFinnigan)

compound Parl  Prodl CE
(m/z) (m/z) )

3-Deoxy-ara.-hept. 7-phos. (DAHP) 287.1 79.0 45
3-Deoxy-ara.-hept. (DAH) 207.2 87.0 12
3-Dehydroquinate (3-DHQ) 189.1  170.8 12
3-Dehydroshikimate (3-DHS) 171.1 127.0 12
Shikimate (SHI) 1731 93.0 17
Shikimate 3-phosphate (S3P) 253.1 97.0 17
Phenylpyruvate (PP) 163.2 91.0 10
L-Phenylalanine (L-Phe) 163.2  147.0 12
L-Tryptophane (L-Trp) 203.2 116.0 17
L-Tyrosine (L-Tyr) 180.2  162.9 15
Phosphoenolpyruvate (PEP) 167.0 79.0 13
Dihydroxyacetonphosphate (DHAP) /
Glyceraldehyde 3-phosphate (GAP)® 259.1 97.0 10
2-Phospho-D-glycerate (2PG) /
3-Phospho-D-glycerate (3PG)® 185.1 79.0 35
Pentose-5-phosphates (P5P)¢ 229.1  97.0 15
Glucose-6-phosphate (G6P) /
Fructose-6-phosphate (F6P)® 259.1 97.0 17
6-Phosphogluconate (6PG) 275.1 97.0 17
Fructose 1,6-bisphosphate (FBP) 339.1 97.0 20
Adenosine 5-monophosphate (AMP) 346.2 79.0 35
Adenosine 5-diphosphate (ADP) 426.2  134.0 25
Adenosine 5-triphosphate (ATP) 506.2  158.9 33
Nic. amide ad. dinucl. (NAD) 662.4  540.1 17
Nic. amide ad. dinucl. phos. (NADP) 742.4  620.0 17

“lumped pools of isobaric compounds with identical frag. patterns; Abbrevia-
tions: Parl - parent ion; ProdI - product ion; CE - collision energy
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Later on, a novel approach was presented analyzing cell extracts of S.
cerevisiae with the aid of HPAE-MS [DEF*02] making use of a triple-
quadrupole devise. Compared to the LC-MS approach previously developed
[BTWO1], much lower detection limits (of up to two orders of magnitude)
were achieved applying the HPAE-MS technique, most presumably due to
the ’delicate’ ion trap used in the LC-MS approach whose performance
was influenced by the sample composition and the spray process [SKD03].
However, as already outlined in the preceding paragraphs, the applicability
of HPAE may be limited due to the sodium hydroxide gradient necessary
for elution which is usually not encountered using HPLC-MS.

2.3.2  The Current LC-MS/MS Approach

Based on the results of Buchholz et al. [BTWO01], an improved LC-MS
method was developed by Oldiges [Old03], which is currently used for
metabolic profiling. Instead of the previously used iontrap MS, a triple
stage quadrupole mass spectrometer with an electrospray ionization source
(ESI) for detection (TSQ Quantum, ThermoFinnigan) was applied. This
replacement was also motivated by the results of Oldiges [Old03], indicat-
ing that no further improvement of the metabolite detection limit could be
achieved with the iontrap device because of the high sensitivity of the MS
performance owing to increasing salt contents. However, the latter was a
consequence of the sample concentration thus hampering the iontrap based
approach to become as sensitive as the HPAE-MS protocol, described else-
where [DEF102].

Today, the novel LC-MS approach enables the parallel measurement of
metabolites of the catabolic central metabolism as well as of the anabolic
aromatic amino acid pathway®. The optimized MS specific and compound
specific MS/MS parameters are shown in the Tables 2.1 and 2.2, respec-
tively. The LC separation is performed using the previously described cy-
clodextrin method 1 [BTWO1] except for the LC split flow of 100 L -min~*
pumped into the MS detector (see Table 2.2). Method 2 was developed to
separate isobaric substances and was only applied for the ’old’ iontrap MS
device:

Method 1 was developed primary for the analysis of nucleotides such
as GTP, GDP, ATP, ADP, AMP, NADP, NAD, cGMP, FAD and also for
metabolites such as 6PG, FBP, PEP, PYR, G3P and AcCoA. A reversed-
phase system consisting of two Nucleodex S-OH columns (250 x 4 mm,

81t is noteworthy that the measurement of aromatic amino acids compounds requires
purified standards which were not commercially available. Their preparation was part
of the Ph.D. thesis of Oldiges [O1d03] and will be presented in the subsequent sections.
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TABLE 2.2. Parameters used to specify mass spectrometry with a triple stage
quadrupole and an electrospray ionization source (TSQ Quantum, ThermoFinni-
gan)

MS parameter Value

LC split flow 100 gL - min~"
ionization electrospray (ESI)
sheath gas 50 units (nitrogen)
auxiliary gas 15 units (nitrogen)
capillary voltage 4.0 kV
capillary temperature 375 °C

MS scan modus multiple reaction monitoring (MRM)
polarity negative (-)
data type centroid

Q2 collision gas argon (1.5 mTorr)
isolation width 1.5 amu

scan time 150 ms per SRM
Q1 + Q3 peak width 0.7 amu

5pum, Machery-Nagel, Diiren, Germany) connected in series was used. It
was protected by a guard column of the same material which was installed
upstream. A binary gradient at a flow rate of 0.5 mL - min~!, consisting
of solvent A with 12 mM aqueous ammonium acetate and solvent B with
80% v /v methanol and 20 % v/v solvent A, was applied using a Gynkotek
M 480 HPLC pump. The gradient was kept at 2% B for the first 15 min
and then increased to 100% B in the following 15 min. After 10 min, the
gradient was reduced to the starting conditions (2% B) within 10 min. 20
pL (Gynkotek Gina 50 Autosampler) was used for injection. 100 pL-min =1
was pumped into the mass spectrometer via a postcolumn T-splitter. To
ensure good ionization conditions, a sheath flow of 25 L -min~! methanol
was injected into ESI (Jasco PU 1585).

Method 2 was primarily developed to allow isobaric substances such as
G6P/F6P or 3PG/2PG to be separated as retention times in chromatog-
raphy were too similar. Therefore chromatographic separation was realized
via steric differentiation using a single porous graphite carbon Hypercarb
column (2500 x 4 mm, 5 pum, Thermo-Hypersil, Kleinostheim, Germany)
which was protected by an upstream guard column of the same material.
Buffer A was used isocratically at a flow rate of 0.5 mL - min~* during the
entire run time of 30 min. After 10 sample injections, a cleaning step with
30 % 2-propanol and 70 % buffer was applied for 300 min, which made this
protocol rather lengthy. Other injection conditions for ESI were the same
as described in method.

Based on the LC-MS approach, intracellular metabolite concentrations
were determined with the aid of the standard addition method [Bad80] to
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compensate matrix effects of the sample, which for instance could cause
ion suppression during the ionization process [Zim03]. Peak detection and
integration was based on the signal-to-noise ratio in the compound specific
MS/MS traces. Intracellular concentrations were estimated using the mea-
sured concentrations of the sample, taking into account all sample dilution
steps and considering cell volumes according to amperometric measure-
ments with the CASY counter (Schérfe System GmbH, Germany) as well
as preliminary findings of Buchholz et al. [BTWO1].
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2.4 Developing MMT - the Metabolic Modeling
Tool

Parts of the following section were published in Hurlebaus et al.
[HBAT02] and they were also subjects of the Ph.D. thesis of J.
Hurlebaus [Hur01] who was co-supervised by the author.

With the aid of LC-MS and enzymatic analysis, a total amount of ap-
proximately 20 to 40 intracellular metabolites and nucleotides of the central
metabolism and of the aromatic amino acid pathway can be quantified per
sample to date (applying the analytical approaches of the preceding sec-
tion). Considering that 160 samples are taken during each rapid sampling
experiment (see section 2.2), a huge amount of data points representing
the metabolic dynamics is produced. Usually the amount of data is in the
range of 2000 — 3000 per experiment. Obviously, this data needs to be
stored and handled adequately to ensure its correct use later on. Further-
more, one can assume that its information content is too complex to be
analyzed ‘intuitively’. To identify in vivo enzyme kinetics, the measured
metabolite and nucleotide concentrations must be transferred into enzyme
kinetic rates and enzyme kinetic parameters, respectively. This can only
be done by the application of detailed, structured metabolic models, which
have to consider reaction stoichiometry as well as enzyme kinetic rate equa-
tions. Mechanistically motivated enzyme kinetic models should preferably
be used to identify parameters such as vy, (maximum reaction rate), Kg
(half-saturation constant) or K (inhibition constant), which are typically
considered for enzyme characterization.

Motivated by these experimental and modeling constraints, the following
demands were formulated for a software tool suitable for the quantitative
data analysis:

e Data management: All data derived from rapid sampling experi-
ments must be adequately stored and handled to enable its easy use
for detailed modeling. Smoothing approaches for raw data should also
be included to ensure consistent data sets.

e Model construction: The construction of new complex metabolic
models must be facilitated to enable fast testing of new modeling
ideas. Variations of model structure (topology) as well as kinetic ap-
proaches should be readily achievable, thus enabling the formulation
of a set of competing metabolic models.

e Numerical calculations: Owing to the complexity of the metabolic
models, numerical methods used have to be optimally adaptable to
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the calculation tasks. Hence special settings for solving ordinary dif-
ferential equation systems (e.g. especially for stiff systems) and subse-
quent parameter regression (in a highly dimensional parameter space)
must be available. This also includes the necessity to perform sensi-
tivity calculations.

e Saving modeling results: For an efficient modeling process, model-
ing results together with their underlying assumptions (models, con-
straints etc.) must also be stored.

e Visualization: Modeling results have to be adequately visualized to
qualify the result.

e Interface: The software used should facilitate data transfer to other
commercially available software such as MAPLE to offer the possi-
bility of additional calculations for e.g. numerical algorithm testing.

e Open source code: The source code should be open to allow further
software developments driven by current necessities.

2.4.1 Software Overview

When modeling activities were started in 1999, commercial and public-
domain software was studied. With respect to the above-mentioned crite-
ria, neither the general modeling tools for dynamic systems such as MOD-
ELICA [Ott97], MATLAB/SIMULINK [Inc], MAPLE [Map], gPROMS
[Ltd] nor the specialized metabolic modeling tools such as METAMODEL
[CBH91], METATOOL [PSVNT99], MIST [EZ95], METASIM [SSB*92],
KINSIM/FITSIM [DF97], E-CELL [THT*99] , JARNAC-SCAMP [Sau],
DYNAFIT [Kuz96], DBSOLVE [GHS99] and GEPAST ([Men93], [MK96],
[Men97], [MK98]) fulfilled our special demands to apply them for rapid
sampling data analysis.

This valuation was especially motivated by our ambition to allow the
formulation of a set of competing metabolic models, each intended to mirror
the experimental data as well as possible. According to our understanding,
the formulation of a competing model set was necessary to cope with

e the lacking information of the biological system under investigation,
e the lack of experimental information
e the noise of experimental data and

e the need to simplify the metabolic models as much as possible to
uncover the most important underlying reaction mechanisms.
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FIGURE 2.5. Global MMT Structure. As indicated, a relational database repre-
sents the core element of MMT storing the information for model construction,
simulation and optimization. Data for external calculations (e.g. in MAPLE) can
also be extracted and visualized. Additionally, complex metabolism models can
be constructed via MMT user interface, which are automatically transfered into
C++ code via integrated MAPLE routines. Based on LSODA, the stiff ordinary
differential equation system is solved and parameter identification is realized us-
ing the SUBPLEX algorithm. The RANLIB function allows the randomized start
of new parameter identification problems.

Hence the development of a new software product — namely the Metabolic
Modeling Tool (MMT) - was started for LINUX systems [HBAT02]. As it
will be shown in section 2.7, MMT 1 has been the basis for the develop-
ment of MMT 2, which is currently performed by our cooperating partners
(Haunschild et al. [HFWTO02]).

2.4.2  The Metabolic Modeling Tool (MMT)

As indicated in Figure 2.5, one of the core elements of MMT is its database
that is implemented in the relational database system MySQL [Sys] and
coded for Tcl/Tk. Metabolic pathways are regarded as mathematical graphs,
only considering relations between reactants (and effectors) and reaction
rates. MMT stores these pathways on three levels, which are: (i) mod-
eling group, (ii) model and (iii) simulation and parameter identification.
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While the modeling group level contains information about the metabolic
network, general kinetic rate equations and experimental data, the model
level contains all the models of one metabolic network. A model is de-
fined by relations between the kinetic rate equations and the reactants
(stoichiometry). Alternative models can thus be easily defined by chang-
ing relations between reactions and kinetics within one modeling group.
The third database level ‘simulation and parameter identification’ stores
all parameters of different models.

In general, the metabolic model has the following structure

c=N-v(c,ep) (2.1)

where ¢ denotes the vector of all metabolite concentrations (and ¢ the
time derivative), N represented the stoichiometric matrix of the reactions
used and v codes for the reaction rates. The latter considers mechanistic
enzyme kinetic models and depends on the metabolite (reactant) concen-
trations (also including additional effectors such as cofactors, nucleotides
etc.), the vector of (active) enzyme concentrations e and the kinetic param-
eters of each enzymatic step, which are lumped in the parameter vector p.
It is noteworthy that experimental measurements of active enzyme con-
centrations were not available thus simplifying the general model structure
to

c=N-v(c,p) (2.2)

As a consequence, a model-based maximum reaction rate, which is typ-
ically described by vyax, basically represents the product of the enzyme
specific maximum reactions rate with the unknown amount of active en-
zZyme.

The stoichiometric matrix N only includes the stoichiometry of the meta-
bolic pathways. Therefore, for each of the reaction rates used an equation
has to be assigned that includes kinetic phenomena as well as effectors
of reaction rates. Databases such as EMP [EMP], MEDLINE [NCB]|, EN-
ZYME [Bai00], BRENDA [Bre|] and LIGAND [Lig] offer enzyme kinetic
data including suggestions for mechanistic models. However, these data
are heterogeneous in origin and almost entirely based on in vitro experi-
ments, which obviously do not well reflect the intracellular in vivo situation.
Additionally, the in vitro enzyme kinetic data are not infrequently inaccu-
rate, contradicting and incomplete, thus creating significant problems to
formulate the 'unequivocal’ kinetic model of a distinct reaction step. As a
consequence, the strategy was followed to formulate a set of ’competing’
mechanistic approaches for such type of reactions instead of considering
only one enzyme kinetic model. As outlined in the preceding paragraph,
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FIGURE 2.6. The main window of the MMT software tool used to configure
distinct enzyme kinetic rates as part of metabolic models (see right hand-side).
On the left hand-side, different modeling groups (cytoplasma, extracellular) as
well as different reaction groups (PTS, glycolysis) are shown.

this strategy necessitated the consideration of a complex data base to han-
dle the resulting, different models®.

After models have been defined (see also Figure 2.6), an automated model
generation starts by setting up a system of ordinary differential equations
(ODEs) and the initial value problem (IVP). A text file in MAPLE no-
tation is created, which is used by MAPLE to produce the corresponding
C-code. This code is then linked into a simulator and optimizer which are
both integrated in MMT. Owing to large differences in metabolic reaction
rate velocities, the resulting ODE system is known to be stiff. This is why
the freely available ODE solver LSODA [PH] was implemented in MMT,
which was optimized for the solution of stiff systems. As parameter val-
ues of the metabolic models must be estimated, a parameter regression
procedure must be carried out after ODE solution. Optimizers that use
gradient information for the calculation of new optimization steps showed

9Tt is noteworthy that the number of competing metabolic models can rapidly in-
crease, if different enzyme reactions are queried, even if the overall stoichiometry of the
metabolic model (namely the model topology) remains unchanged.



36 2. In vivo Metabolic Dynamics after Pulse Stimulation: Tools and Results

poor performance in preliminary test runs, which is probably caused by
the complexity of the parameter space in focus. So, the gradient-free algo-
rithm SUBPLEX [Row90] was used. The optimizer is an extension of the
well-known Nelder-Mead approach, using only subspaces of the complete
parameter space. In general, model identification was realized by using
weighted least-square fitting.

As pointed out elsewhere [HBAT02], MMT is also intended to calculate
output sensitivities of the ODE modeling system. Considering the fact that
the metabolite vector ¢ depends on the initial conditions ¢, the parameter
vector p and the time ¢, it is necessary to make use of the total differential
operators

Dpc (Co» p,t) (2'3)
D c(co,p,t) (2.4)

according to the introductory notes given in the Appendix (see A.6.1).
Because the function vector ¢ (co, p,t) is not explicitly known at the begin-
ning of the calculations, the differential equation system has to be solved
following the Schwarz’ rule according to

iDpc (co,p,t) = Dp [%c (co,p,t)} =Dp [N -v(c,p)]

dt
ovoc Ov
N (G ) (25)

d d
EDCOC (o, Pst) = Do, {ﬁc (co,p,t)] =D, [N:-v(c,p)]

ov Oc
=N (%a_c) (2.6)

For details see Hurlebaus [Hur01]. Please notice that a much more complex
ODE system of n? +n-m equations at maximum (with n being the number
of ODEs in the original system and m the total number of parameters) is
then to be solved using LSODA. Owing to the complexity of the resulting
ODE system, this represents an ambitious computing problem. However,
knowledge of the time-dependent derivatives of all ODEs with respect to the
parameters (output sensitivity matrix) is a prerequisite for qualifying the
identified models, as pointed out in Wiechert and Takors [WT03]. MMT is
capable to provide this information via an interface to commercial programs
like MAPLE, which offers the possibility of easily testing different model
discrimination approaches without too much programming effort!'?.

10As an alternative to the explicit solution given in the preceding paragraph, the
strategy can be followed to derive the output sensitivities by infinitissimal changes of
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As shown in Hurlebaus et al. [HBA102], MMT can cope with the com-
plexity of metabolic models consisting of 26 dynamic variables and 302
parameters, allowing a model parameter identification and an efficient han-
dling of model information in the integrated data base. Hence, the software
tool was subsequently used for further metabolism modeling.

model parameters used for simulation. Differences of the resulting model predictions can
thus be calculated and used for output sensitivity calculation. This robust approach has
successfully been applied by Degenring [Deg03], as will be shown in the next section as
well as in the Appendix A.6.3.
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2.5 Modeling Metabolism Dynamics: Aims and
Pitfalls

2.5.1 Modeling Constraints and Simplifying Assumptions

The data sets derived from stimulus-response experiments (for instance
by applying a glucose pulse) possess some characteristics which should be
carefully considered before the modeling procedure is started. As it will be
shown, model structure, model identifiability and validity are significantly
determined by the experimental data set.

e Pulse stimulation: Typically, stimulus-response experiments are
conducted by pulsing glucose to a glucose-limited culture (see sec-
tion 2.1). While it can be assumed that the cellular PTS allows a
rapid pulse transmission into the cell, the direct, experimental ev-
idence cannot be readily achieved, solely applying the protocols of
the preceding sections'!. During the observation window of 20 to 40
seconds, the extracellular glucose concentration typically remains (al-
most) constant thus providing no experimental basis to estimate the
time-variant glucose uptake rate immediately after the pulse. There-
fore, glucose uptake rates are usually estimated based on the total
metabolism model and not - as it may be preferred - with the aid of
additional measurements.

e Analysis of a single operation condition: Stimulus-response ex-
periments are typically performed at suitable operation conditions -
namely during the glucose-limited growth phase. Although this oper-
ating point is beneficial for these experiments, it might not be repre-
sentative for other culture conditions. For instance, the cellular com-
position of active enzymes can (and will) be significantly different
during the exponential growth phase. Hence, modeling results should
be treated with care if they are intended to be extrapolated to other
culture conditions.

e Constant enzyme composition: As outlined above, it is expected
that the intracellular active enzyme content remains constant dur-
ing the observation window of 20 to 40 seconds, thus allowing the
estimation of enzyme specific vy, values. However, it is noteworthy
that these values are still dependent on the intracellular enzyme con-
tent because no experimental measurements of the real active enzyme

1 Obviously, the use of additional on-line signals such as the dissolved oxygen con-
centration or the exhaust gas analysis would be helpful to offer an independent basis
for the estimation of the glucose uptake flux. While own studies have not yet been per-
formed, strategies for rapid OUR and CER estimation during pulse experiments based
on a 'black-box’ fermentor model have already been published ([BWG103], [WLGHO03]).
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concentration have been performed so far. As a consequence, these
metabolic models cannot easily be applied to predict the metabolism
behavior under different culture conditions.

e Average cell composition: Owing to the rapid sampling protocol
used so far, only one representative, mean metabolite concentration
is measured in the sample which averages potential inhomogenities
caused by cell segregation, cellular compartments (in eucaryotes),
spatial gradients, metabolite channeling, macromolecular crowding
etc.'?. Hence, models considering cellular inhomogenities, should not
be readily used.

e Limited insight into the cellular metabolism: Besides the in-
valuable results of metabolomics obtained so far, they still provide
only a limited insight into the cellular metabolism. Only a relatively
small fraction of the overall metabolome is quantitatively accessible.
Additionally, regarding the aforementioned protocols used so far, for
instance any experimental information about in vivo enzyme activi-
ties is still missing. Hence metabolism models must be aware of these
experimental limitations.

e Identifiability of enzyme kinetics: Apart from the fact that the
information about in vivo enzyme mechanisms may be incomplete,
contradicting or missing, one should take into consideration that
enzyme kinetics are not necessarily identifiable from dynamic data
sets. Measurement noise, non-optimal data distribution or insufficient
metabolite stimulation are dominant factors that can significantly in-
fluence the identifiability of enzyme kinetics [WT03].

Summarizing the aforementioned experimental restrictions, it is obvious
that metabolic models derived from stimulus-response data sets can only
provide a limited insight into the cellular metabolism. Nevertheless, the ap-
proach is still valuable to get a quantitative ’idea’ of the in vivo biochemical
mechanisms in a small part of the total metabolism. For this purpose, struc-
tured, non-segregated models should be preferred to mirror the metabolism
dynamics observed after glucose pulse experiments (see Figure 2.7).

12The potential existence of metabolite channeling effects was (and still is) often a
matter of controversial discussion. While, for instance, clear evidences are found for
channeling in the urea cycle, this is not the case for fatty acid oxydation. However, based
on experimental indications ([Hof91], [Mat93], [AS97]) the assumption can be formulated
that channeling effects are more likely to occur in eukaryotes (such as yeasts) than in
prokaryotes.
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FIGURE 2.7. Model classification with respect to their complexity (according
to [Chm91]). While non-segregated, one-component models (macrokinetic ap-
proaches) represent the simplest case, segregated, structured models aim to mir-
ror reality. Models used to mirror stimulus-response experiments are usually
structured but non-segregated according to the experimental constraints pre-
sented in the text.

2.5.2  Stimulus-Response Models

Even the ’simple’ bacterium Fscherichia coli possesses about 4800 genes
coding for 2500 proteins and enzymes, uses 50 to 70 sensors surveying
changes in the environment and converts substrates via hundreds of meta-
bolic pathways into intermediary products and cellular structures [LS99].
To cope with this complexity, the cell contains functional units that are
structured in an hierarchical way [Len00] - namely the modulon, the regulon
and, most downstream, the operon. As a consequence, whole cell metabolic
models that aim at describing the cellular behavior under varying culture
conditions should ’somehow’ represent this structure and complexity by a
similar modular concept [GBK95].

Following this modular concept, models have been presented that de-
scribe distinct functional units, for instance to model E. coli’s substrate
uptake during diauxic growth on glucose and lactose ([KJLGO00], [KGO01],
[KBL*01]). Apart from these current developments, other ’classical’” whole
cell models are still well-known. Examples are the pioneering works of
Shuler et al. [SLDT79], Domach, Shuler and co-workers ([DLC"84a], [DS84a],
[DS84b]) and Laffend and Shuler [LS94], the latter considering the lac
operon as well. Alternative methods for whole-cell modeling have been
presented by Varner and Ramkrishna ([VR99al], [VR99b]) putting forward
the idea of cybernetic metabolic networks which was subsequently supple-
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mented by a large-scale modeling concept that aims at marrying stoichiom-
etry and kinetics with metabolic regulation and control [Var00].

Although this list of E. coli models is by far not completed, the limited
applicability of such type of models to the typical stimulus-response data
sets should be clear. As outlined in the preceding subsection, only non-
segregated, structured models solely describing the biochemical metabolism
dynamics and ignoring any genetic regulation can be identified with the aid
of the experimental data.

In the pioneering work of the Reuss’ group ([RBTR97], [TMB™*97]),
Rizzi and coworkers managed to identify a structured model of glycolysis
and tricarboxylic acid cycle of S. cerevisiae consisting of 22 dynamic vari-
ables (mass balances), 23 reaction rates and about 90 parameters. Later,
this model was extended by Vaseghi et al. [VBRR99| considering in vivo
dynamics in the pentose-phosphate pathway. Because pentose-phosphate
pools could not be measured in vivo, these metabolites were estimated
according to a near-equilibrium estimation [SHR81]. It was shown, that
the overall metabolism dynamics could - in general - be well mirrored by
the structured model. However, the most significant differences between
model prediction and experimental observation was found for the intra-
cellular pyruvate concentrations. As shown by Rizzi et al. [RBTRI7], the
model-predicted pyruvate rise after the pulse could not keep pace with the
experimental observations and was still increasing when intracellular con-
centrations were already declining. Additionally, the authors outlined the
problem of model uniqueness by stating that ’...the set of equations used for
stmulation is not exclusive and other kinetic expressions may also lead to
reasonable results...”. However, following works of Mauch et al. [MVRO0]
stressed the general importance of this model identification approach by
revealing clear differences of the kinetic structure and parameters of phos-
phofructokinase I in S. cerevisiae between modeling results and in vitro
enzyme kinetic findings.

In 2002, Chassagnole et al. [CNRST02] presented a structured model of
E. coli’s central metabolism, which again was identified by glucose pulse
experiments. The authors also announced the use of the model for the
optimized production of aromatic compounds'?, in analogy to the preced-
ing works of Mauch et al. [MBSRO1] which lead to an increased ethanol
flux in S. cerevisiae. Again, the model managed to reflect the measured
intracellular metabolism dynamics. However, in the case of pyruvate, this
metabolite was repeatedly identified as the one with the most significant
difference between measured and predicted values. Anew, the fast pyruvate
ascent immediately after the pulse (within 100 ms) was not mirrored by

13 Presumably, the L-tryptophane production is meant.
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the model which could also not predict the subsequent decline followed by
a slow rise during the post-pulse period (30 seconds).

The modeling problems with respect to the pyruvate pool dynamics seem
to be remarkable because of the dominating role of pyruvate in the cel-
lular metabolism. For instance, pyruvate serves as a phosphate acceptor
for the PTS based glucose uptake; it is an important precursor for the
synthesis of several amino acids; it is an glycolytic intermediate and thus
involved into glucose overflow metabolism, anaplerosis etc. Recently, pyru-
vate has been identified as one of the mostly used metabolites/reactants
(apart from cofactors and nucleotides) in E. coli’s metabolism [FWO00]. Re-
garding the general model identification problems outlined in the preceding
paragraphs, one might thus conclude that also other, ’competing’ modeling
approaches would have been successful which would have tried to compen-
sate the (obviously) lacking pyruvate modeling information by alternative
models. Hence, instead of one unique model, a family of competing mod-
els could have been identified that allows to predict metabolism dynamics
equally well, although the model structures and the kinetic equations used
may differ.

The problem of model identifiability has also been addressed by Wiechert
and Takors [WTO03], who stressed the general challenge of model identifi-
cation based on noisy data sets and also analyzed the possibility of using
classical model discrimination approaches together with corresponding ex-
perimental design strategies. Visser et al. [VAHM™'00] proposed the idea
of tendency modeling, achieving a significant S. cerevisiae model reduction
by means of time scale analysis. Additionally, the approach of linlog ki-
netics was presented later on [VHO03], which aims at combining metabolic
control analysis with kinetic modeling. Although it has not yet been ap-
plied for measured data of stimulus-response experiments, the approach
seems to be a promising tool to model metabolism kinetics with the aid of
'pseudo’-mechanistic, enzyme kinetic models.

2.5.8 Model Identification Problems

Significant parts of the following subsection are already in press (De-
genring et al. [DFDTO03]). They are also subject of the Ph.D. thesis
of D. Degenring [Deg03] and were treated in the master thesis of C.
Froemel [Fro03] who have been both co-supervised by the author.

Motivated by the published results and based on own experimental find-
ings [Buc0Ola] as well as on the previously developed MMT software, the
aim was followed to identify E. coli central metabolism models with the aid
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of structured, non-segregated modeling approaches. Because of the model-
ing problems previously encountered, the paramount goal was to develop
a suitable model reduction procedure to eliminate redundant parameters
and to uncover the most important control mechanisms of the metabolism
models.

For this purpose, the following subsection deals with the presentation
of two classical model reduction procedures which were applied to analyze
complex metabolism models. For the testing of the model reduction strate-
gies,a set of 13 metabolic models, which originated form approximately
200 different modeling approaches, has been chosen. These 13 models were
primary selected because they offered the best, similar model prediction
quality taking into account the minimal sum of least squares achieved dur-
ing the model identification process shown elsewhere [DT02]. This zoo of
models was formulated as a consequence of

e missing measurement information, for instance because not all nec-
essary metabolic effectors, reactants etc. can be measured,

e simplifying assumptions, for instance because not-all enzymatic reac-
tions can be formulated in detail and thus must be simplified or even
lumped with other reactions,

e model topology variations, for instance because distinct pools of the
pentose-phosphate pathway, which are not accessible via measure-
ments, are neglected, lumped or simulated.

For the sake of brevity, not all models are presented in detail, however
models 11 and 13 are exemplarily presented (in the sections A.7.3 and A.7.5
in the Appendix) to give an impression of model complexity. Additional
information will be given in [Deg03].

Parameter sensitivity analysis will be based on two different criteria -
namely tuning importance and principal component analysis (PCA).
Exemplarily using model 11, it will be shown that both approaches lead to
comparable results which means that model predictions are still very similar
to the original, non-reduced model and the model itself is mechanistically
correct. Hence, using the PCA approach, the opportunity for an automatic
model reduction is given.

As outlined in the preceding sections, the dynamic model consists of a

system of ordinary differential equations (ODE), each equation thus repre-
senting a mass balance of the ith metabolite according to

de’ i i i
i Zujvj c'(tg) = (2.7
j=1
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FIGURE 2.8. Reaction network used in model 11 to describe glycolysis in Es-
cherichia coli K12. Squares denote enzyme reactions, cirlces code for regulatory
effectors. Blue and red backgrounds indicate the enzymatic or LC-MS/MS based
analytical approach used for metabolite quantification. In the pentose-phosphate
pathway only the lumped pentose pool was measured. The following abbreviations
were used for the enzymatic reactions: aldolase (aldo), dahps (DAHP synthase),
enolase (eno), GAP dehydrogenase (gapdh), G3P dehydrogenase (g3pdh), G6P
dehydrogenase (g6pdh), PYR dehydrogenase (pdh), phosphofructokinase (pfk),
6PG dehydrogenase (pgdh), G6P isomerase (pgi), phosphoglyceratekinase (pgk),
phosphoglyceratemutase (pgm), PYR kinase (pk), RuSP epimerase (rpe), Ri5P
isomerase (rpi), transaldolase (ta), triose-phosphate isomerase (tim), transketo-
lase a (tka), transketolase b (tkb).
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where ¢ is the time, ¢’ denotes the concentration of metabolite 4, V; means
the stoichiometric coefficient of this species in reaction j and v§ is the rate
of reaction j. A detailed description of the mass balance equations together
with the enzyme kinetic models is given in the Appendix (see A.7.3). Ad-
ditionally, Figure 2.8 is shown, representing a rough visualization of the
topology of model 11. It is noteworthy that model 11 basically depicts a
simplification of Figure 2.8 because some metabolites could not be mea-
sured with sufficient analytical accuracy. As already emphasized, this is a
typical problem. Therefore, subsection A.7.1 (Appendix) lists some of the
most often used, simplifying assumptions which were the consequence of
the experimental limitations. As already pointed out, the MMT software
was applied for simulation, model identification and analysis. Details of

the model identification process are given in the Appendix (see subsection
A7.2).

As outlined in the preceding paragraphs, it was a major aim of this
study to identify an appropriate model reduction procedure for complex
metabolic models. For this purpose, the normalized sensitivity matrices S,
which are specific for each metabolite ¢ and are composed of the normal-
ized local sensitivity coeflicients sjk at j = 1...n time intervals consid-
ering the kth parameter, were calculated as shown in the Appendix (see
subsection A.6.2). In principle, two different approaches for sensitivity cal-
culation could be performed - namely the direct, explicit calculation, which
necessitates the solution of a complex ODE system, or the finite difference
approximation (see subsection A.6.2).

Figure 2.9 (top diagram) shows the comparison of the sensitivity func-
tion curves resulting from both calculation approaches regarding one of the
‘most important’ parameters in the original model 11 (see below), namely
the partial derivatives with respect to p; = K; peppsi (see Equation A.17).
Based on the high similarity of the corresponding curves the conclusion
was drawn that the finite difference approximation using Ap, = 107 can
be chosen to estimate the concentration sensitivities accurately. Therefore
this approach was followed in all subsequent studies, since the calculation
of the sensitivity functions based on the direct method is very intensive
owing to the necessary consideration of all cross-dependencies in the com-
plex metabolism model. The parameter tuning importance, described in
subsection A.6.4, and the PCA approach, described in subsection A.6.3,
were used to reduce model 11 which originally consisted of 122 parameters
in 22 reactions. Both model reduction procedures made intensive use of the
normalized sensitivity matrices S?. In general, the strategy was followed to
reduce the model such that no significant discrepancies in the prediction of
the metabolite courses or resulting reaction rates (fluxes) occurred [Tur90].
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FIGURE 2.9. Overview of the sensitivity functions of the original model (top
diagram) and the reduced model (down diagram) which were obtained with re-
spect to K; peppsr using model 11. Sensitivities were calculated by the finite
difference approach (lines, top diagram) or using the explicit calculation (stars,
top diagram). Only the explicit sensitivity calculation was used for the reduced
model.
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FIGURE 2.10. Distribution of the total overall sensitivities os, of the 122 pa-
rameters used in the original model 11. 49 parameters were discarded because of
the low 0s, < 9, which - striktly speaking - represents a heuristic threshold.

Model Reduction Using the Parameter Tuning Importance

As described in Section A.6.4, the ’classical’ way of model reduction was
primary performed and the parameter ranking was identified considering
the corresponding overall sensitivity, os. Starting at the bottom of the list,
parameter values were sequentially set to 0 (or to 1, depending on the
respective mathematical expression) and the model simulations were re-
started. Parameters, which revealed to possess significant influence on the
system behavior, although their computed overall sensitivity was low, were
not discarded and the reduction procedure was continued with the next
parameter.

Figure 2.10 indicates that, although approximately 35 % of all parame-
ters possess a 'medium’ importance, only 7.4 % of the parameters revealed
to be highly important. Among them, mainly parameters of the glycoly-
sis and the phosphotransferase system were found. The inhibition of the
phosphofructokinase by PEP turned out to be a dominating effect in gly-
colysis. Considering K; ppp,pfi, very high overall sensitivities (up to 600)
were calculated, which are one order of magnitude higher than most of the
other parameters.
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FIGURE 2.11. Error functional ¢ depending on the number of discarded model
parameters in the original model 11. Additionally, the number of PCA-based
discarded parameters and their original reaction rate are indicated by labeling.
The star (*) denotes the complete elimination of the reaction rate caused by
sequential parameter reduction. The ¢ threshold was fixed heuristically such that
significant discrepancies of model predictions caused by on-going model reduction
were avoided.

Based on the ranking list, 49 parameters with an overall sensitivity up to
8.88 could be eliminated from the model without significant changes on the
systems behavior (see bold written terms in subsection A.7.3, Appendix).
However, 21 (17.2 %) parameters of the pentose phosphate pathway and
the pyruvate metabolism which possessed low tuning importance smaller
than 9.00, could not be discarded from the model because their influence
on the model prediction turned out to be too significant. This striking fact
was already described elsewhere [VVT85] and was considered to be disad-
vantageous for the model reduction, because no distinct upper limit for the
overall sensitivity values could be given in order to discard all parameters
with a smaller value from the model.

Model Reduction Using PCA

As already pointed out, the model reduction with PCA only discarded
these parameters which were commonly identified by all three methods.
In analogy to the procedure based on parameter’s tuning importance, the
model prediction after reduction were compared with the original model
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prediction in order to qualify whether both models are still similar. For
this, the error functional ¢ (see subsection A.7.2) with respect to the con-
centrations of the original model, ¢(¢;, p), and the concentrations of the
reduced model, &(t;, p), was used.

Figure 2.11 indicates that approximately 31 parameters were eliminated
without any effect on the model predictions. Then, a set of 12 parameters
was discarded at one single reduction step because a complete reaction
was identified as non-significant. This caused an (—increase to about 0.6.
Subsequent model reduction lead to even more increasing values. Therefore,
the PCA based model reduction was stopped after the elimination of 43
parameters of model 11.

Only minor differences between the PCA approach and the reduction
technique via the overall sensitivities os were detected. The reaction cat-
alyzed by the phosphofructokinase was only partially reduced by os-based
approach, since an additional constraint, namely the maintenance of the
flux distribution, was considered here besides the error functional . Further
on only 6 parameters coding for a simple model of the oxidative pentose
phosphate branch were not yet detected by the PCA reduction. Thus we
concluded, that the reduction results using the PCA approach, as shown
in figure 2.11, are basically the same compared with those of the os-based
reduction approach.

General Remarks

The parameters discarded from model 11 are shown in subsection A.7.4,
Appendix. It was found that parameter elimination usually coincided with
the loss of complete mathematical terms, when original in wvitro kinetic
approaches were primary employed without simplification. From this we
concluded that it may even be favorable to start model building with al-
ready simplified kinetic expressions. For instance, the models can consider
mass action kinetics or alternative terms, such as proposed in subsection
A.7.1. This holds also true for biomass building reactions, which turned
out to be usually a target of model simplification or even complete ne-
glecting (see Table A.7.4), most presumably owing to the significant lack
of corresponding information.

Although the model structure was strongly simplified by the model re-
duction process, the systems behavior did not change significantly. Repre-
sentative examples are depicted in the Figures 2.12 and 2.13 with respect
to the simulated metabolite trajectories of G6P, F6P, PYR, 6PG and the
fluxes catalyzed by the PTS, the G6P dehydrogenase (g6pdh), the G6P iso-
merase (pgi) and the phosphofructokinase (pfk), respectively. Because the
flux into the pentose phosphate was lower than 0.01 mM s~ before the re-
duction and all parameters of the g6pdh-catalyzed reaction revealed to be
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FIGURE 2.12. Curves of some selected, measured (dots) and simulated (lines)
metabolites. The light, orange line represents model predictions after reduction,
while the dark, black (dotted) line denotes the original model.

insignificant, the reaction was omitted. For the same reason the combined
transketolase and transaldolase reactions were eliminated. Thus, the origi-
nal model was subdivided into one part describing the pentose phosphate
pathway and another one modeling the glycolysis.

While modeling the pentose phosphate pathway it turned out that the
high steady-state 6PG concentrations of 3.7 mM (see subsection A.7.2
Appendix) could only be maintained by low exchange fluxes between 6PG
and P5P. During the subsequent pulse experiment, the intracellular 6PG
and P5P levels even sharply decreased, as shown in Figure 2.12. That drop
was achieved in the model by the simulation of an enlarged drain off flux
for the biomass synthesis, which was qualified as biologically meaningless.
However, the remaining model part for the glycolysis remains realistic and
allows predictions comparable to those published by Chassagnole et al.
[CNRST02].
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FIGURE 2.13. Curves of some selected, simulated fluxes according to model 11.
The light, orange line represents model predictions after reduction, while the dark,
black (dotted) line denotes the original model. In the case glucose 6-phosphate
dehydrogenase (g6pdh), this flux was eliminated in the reduced model.

To study the general applicability of the model reduction approach, the
other twelve models of the preliminary model identification that was men-
tioned in the introductory section, were reduced as well (see Table 2.3).
After the reduction the models were re-optimized. Thereby it was observed
that the least square sum of the re-optimized, reduced models was (some-
times) smaller than the least square sum of the original parameter fit. Most
presumably, this was due to the improved initial situation for parameter
fitting especially if a gradient-free, Nelder-Mead Simplex [NM65] derivative
was used, as implemented via the subplex routine [Row90] in MMT.

It was found that all structures could be simplified significantly. For in-
stance the same final structure was uncovered for the models 3, 4 and
5 in Table 2.3. Additionally, model reduction revealed that the models
1-8, and 12 all suffered from the same structural problem, namely an in-
terruption of glycolysis by neglecting the aldolase reaction and transal-
dolase/transketolase reactions after model reduction. Obviously, these mod-
els are not meaningful in a biological sense.
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TABLE 2.3. Results of the model reduction process taking into account all ’com-
peting’ 13 metabolic models. The models differ by the number of differential
equations (DE), the number of model parameters and the achieved least-square
sum. Additionally, the least-square sum before and after subsequent optimization
is given.

Model before red. after reduction.
No. DEs Para. 'S Para ¢ before opt. ¢ after opt.
1 8 101 1.749 44 2.045 1.523
2 9 105 1.482 35 1.307 1.080
3 9 102 1.189 26 1.264 1.034
4 9 102 1.189 26 1.264 1.026
5 9 102 1.248 26 1.275 0.980
6 9 102 0.951 34 0.944 0.944
7 9 99 1.696 29 1.577 1.302
8 10 122 1.461 73 1.740 1.550
9 10 134 1.087 64 1.508 0.862
10 10 80 1.370 72 1.924 1.372
11 10 122 1.515 73 1.501 1.098
12 9 92 1.151 64 1.151 1.151
13 9 96 0.669 75 1.469 0.814

Models 9 and 10 had the same model structure problem as model 11 and
could adequately mirror the glycolysis dynamics. Summarizing, all mod-
els revealed some difficulties to simulate the metabolite trajectories in the
pentose phosphate pathway, which was most presumably caused by the
non-physiological, high 6PG level (3.7 mM, which is more than 22-fold
higher than the G6P level). The level is also in disagreement compared to
the results of Chassagnole et al. [CNRS'02]. This is why it was assumed,
that the experimentally determined metabolite curves for 6PG (and maybe
P5P) are inconsistent and additional experiments have to be carried out
for the reproduction of these trajectories.

Model 13 seems to be most meaningful in a biological sense, because
the originally chosen model structure was conserved (see subsection A.7.5,
Appendix). However, the low value of the least square sum in Table 2.3
indicates that only highly concentrated metabolites such as FBP, DHAP
and GAP could be adequately described, while the model failed to predict
the steady-state concentrations and the dynamics of other metabolites.

Interim-Summary

The analysis of the two different model reduction approaches showed that
both procedures basically discard the same parameters. However, the PCA
approach offers the opportunity to be used as a self-controlled routine,
meaning that this procedure can automatically be repeated until a prede-
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fined upper-limit of the error-functional ( is achieved. Using the parameter
tuning importance, no unique criterion could be identified because even pa-
rameters with small parameter tuning importance caused significant model
prediction discrepancies. Therefore, this procedure must be performed step-
by-step critically studying each model reduction result.
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2.6 Broaden the Scope: From Central Metabolism
to Anabolic Pathways

Motivated by the basic problems that were encountered during the glucose-
pulse modeling studies of the central metabolism, the (ambitious) aim was
formulated to broad the scope of stimulus-response experiments by analyz-
ing anabolic pathways instead of the usually sighted catabolic routes.

Reviewing the comprehensive previous works using Saccharomyces cere-
visiae ([TMBT97], [RBTR97], [VBRR99], [MVRO00] [LEZ"01] [MBSRO1],
[Vis02]), Escherichia coli ([SBTWB99], [BTWO01],  BHWT02], [CNRS*02],
[SKB*02a]) and Zymomonas mobilis ((WBAG96], [WBI7]), one might be
surprised to recognize that all studies solely focused on the central meta-
bolism, namely the glucose uptake, the glycolysis, the pentose-phosphate
pathway and the tricarboxylic acid cycle.

This focus might be unexpected because especially pathway products
like amino acids, vitamins, antibiotics etc. are of outstanding commercial
interest and are thus at the forefront of metabolic engineering. However,
when the focus changes from catabolic to anabolic reactions two inherent
drawbacks must be taken into account that significantly hamper the ‘state-
of-the-art’ glucose pulse approach.

e Analytical access: While almost all metabolites of the central meta-
bolism can be measured enzymatically [Ber85] or, most promisingly,
with the aid of LC-MS/MS technology ([BTWO01], [DEF*02], [OT03]),
similar analytical approaches for other pathway intermediates are
usually lacking. Although tools like LC-MS/MS offer great promise
for quantifying intracellular metabolite concentrations in general, nev-
ertheless at least purified standards of the intermediates are necessary,
which are usually not available commercially. Hence, time-consuming
chemical synthesis or the isolation (and purification) of the substance
from fermentation supernatant using special ‘knock-out’ mutants is
the consequence.

e Signal dilution: The analysis of metabolite concentration profiles of
the central metabolism benefits from the relatively short reaction se-
quence from the signal input (glucose pulse) to its output (metabolite
of interest). However, the signal cascade to intermediates of anabolic
pathways is significantly longer meaning that concentration dynam-
ics may be strongly ‘diluted’ in the metabolic network before they
reach the desired target metabolite. Hence, the analysis of anabolic
pathways dynamics not only necessitates a sufficient stimulation of
substrate uptake but also a fortification of the carbon flux into the
anabolic pathway of interest.
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Despite these potential drawbacks, the results presented in this section
will show that the analysis of pathway dynamics by metabolic profiling
[Fie01] is possible and it provides valuable information about the pathway
structure and enzyme kinetics even allowing the identification of poten-
tial metabolic engineering targets. As an example the aromatic amino acid
pathway in F. coli for the production of L-phenylalanine was chosen be-
cause of the extensive knowledge about this route [Pit96] combined with its
commercial importance ([FL93], [SDH*01], [BKM™01]) at the same time
embracing the typical drawbacks as mentioned above'?.

Before details of in vivo pathway oscillations will be presented, the next
subsection compiles some essentials about the aromatic amino acid (AAA)
pathway in E. coli. Then preliminary experiments are described studying
the signal dilution caused by glucose pulse experiments. Finally, details of
the AAA pathway dynamics will be given together with novel analytical
approaches.

2.6.1 Basics of the Aromatic Amino Acid Pathway in E. coli
Focusing on L-Phe Synthesis

In the following, a short, condensed picture of the aromatic amino acid
pathway in FE. coli will be given. For the sake of brevity, this overview
cannot be complete and must necessarily ignore all aspects which are not
directly involved in the biosynthesis of L-phenylalanine in F. coli. Most
of the information given in this subsection is taken from the comprehen-
sive review of Pittard [Pit96]. Additionally the review of Bongaerts et al.
[BKM™01] and detailed publications such as the one of Dell and Frost
[DF93] can be recommended for further information.

The Reaction Scheme

A scheme of the aromatic amino acid (AAA) pathway in E. coli is presented
in Figure 2.14. Additionally, Tables 2.4 and 2.5 provide an overview of
the AAA metabolites used to synthesize L-Phe. A selection of some basic
chemical properties is given as well. Furthermore, the following section will
contain a list of some selected enzyme kinetic properties in Table 2.10.

It is noteworthy that the aromatic amino acid pathway not only leads to
the final pathway products L-tyrosine, L-tryptophane and L-phenylalanine
but also to folate, menachinone, ubiquinone and enterochelin. Figure 2.14

14Please notice that the L-phenylalanine bioprocess development represents an ad-
ditional research focus of this group, which will be presented in chapter 4. Therefore,
general motivations to focus on L-Phe production will be given later.
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FIGURE 2.14. Principle reaction scheme of the aromatic amino acid pathway
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text and Appendix.
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shows that chorismate (CHOR) represents the branch point for these differ-
ent biosynthetic routes. The route to chorismate is the common pathway
for all aforementioned products and has sometimes been referred to as
shikimate pathway. All enzymes of this part - except for shikimate kinase
(AroL) - appear to be synthesized constitutively [TCP76].

The following presentation of AAA pathway characteristics, focusing on
L-Phe production, will show that ’AAA pathway’ activity is subject to
various controls at different levels thus enabling E. coli to adapt the AAA
product synthesis tightly to its demands. Feedback inhibition of various
key enzymes and gene expression control affecting gene transcription rather
than mRNA translation will be in the foreground of the complex, hierarchi-
cal control system that hampers the ’simple’ construction of - for instance
- an L-Phe producing strain.

As depicted in Figure 2.14, the AAA pathway is closely connected to the
central metabolism of FE. coli by converting phosphoenolpyruvate (PEP)
from glycolysis and D-erythrose-4-phosphate (E4P) from the pentose- phos-
phate pathway via DAHP synthase into 3-desoxy-arabino-heptulosonate
7-phosphate (DAHP). At the same time a dephosphorylation takes place.
This entrance reaction of the AAA pathway is catalyzed by three isoen-
zymes namely AroF, AroG and AroH. Each of them is feedback inhibited
by at least one final pathway product, i.e. L-tyrosine, L-tryptophane and
L-phenylalanine. It was found that AroF is subject to tyrosine (TYR) in-
hibition and AroG is inhibited in the presence of phenylalanine (L-Phe).
In both cases a significant inhibition of 95% is observed while only 60%
AroH inhibition occurs in the presence of tryptophan ([PG70], [Pit96]). It
was found that enzyme kinetics are likely to follow an ordered, sequential
reaction mechanism with PEP as the first substrate to be bound [DDS73].
All three DAHP synthases have been shown to be metalloenzymes needing
iron (Fe?") for high activities.

Studying growing F. coli cells using LB medium, the phenylalanine sen-
sitive AroG was found to be responsible for more than 80% of the total
DAHP synthase activity. However, if no tyrosine inhibition of AroF occurs,
this enzyme dominates the total DAHP activity.

It is noteworthy that also the synthesis of all three isoenzymes can be in-
hibited by the respected aromatic amino acids. In analogy to the feedback
inhibition, aroF expression is repressed by tyrosine or very high levels of
phenylalanine. The AroG synthesis is repressed by phenylalanine and tryp-
tophane as well and AroH synthesis is equally repressed by tryptophane
[Pit96]. These controls are partially results of the tyrR-regulon which is
activated in the presence of tyrosine (> 36 mg - L~! [FH88]) thus reducing
the expression of aroF. The tyrR regulon plays a key role in AAA gene
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TABLE 2.4. Precursors and metabolites of the aromatic amino acid pathway in
E. coli including some selected chemical properties. Part |

Compound Properties
(@]
Tz
T T O_ﬁL C4HgO7P
o 99 o

N L] ; M, 199

comment commercially available

E4P unstable, tends to dimerize
O OH
D&
O—IID—OH C3H506P
PE}QH M., 168 . .
comment commercially available
HO 0 OH
OH OH !
d P o=PeOF C7H13010P
o]
M, 288
DAHP comment not commercially available
C7H1006
M, 190.15
comment not commercially available
0. _OH
(o] - oH C7HgO5
; M, 172.15
S-BT{S comment not commercially available
Oy _OH
HO" "ok C7H1005
§?II M, 174.15
comment commercially available
OVOH
o @w C7H1108P
o on M, 254.13

S3p comment not commercially available
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transcription control by modulating eight unlinked operons via the binding
of the corresponding TyrR protein.

3-dehydroquinate (3-DHQ) is synthesized via 3-DHQ synthase (AroB)
taking DAHP as substrate. Cofactors are NAD™ which is subsequently re-
duced and Co?*. As shown in Figure 2.14, DAHP is dephosphorylated too.
Early studies of Ogino et al. [OGMHS82] gave rise to the assumption that
wildtype AroB activitiy might be insufficient because DAHP accumulation
was observed in aroF overexpressed strains.

The dehydroquinate dehydratase (3-DHQ dehydratase, AroD) cat-
alyzes the conversion of 3-DHQ to 3-dehydroshikimate (3-DHS) by separat-
ing HyO at the same time introducing the first double bond of the aromatic
ring. The reaction was found to be reversible.

Shikimate (SHI) is synthesized from 3-DHS via shikimate dehydroge-
nase (AroE) taking the protons of NADPH + H* to reduce the substrate.
AroE was found to be feedback inhibited by shikimate, which is character-
ized by an inhibition constant of K7 grr = 0.16 mM [DF93].

Via shikimate kinase, shikimate, (SHI) is phosphorylated to shikimate
3-phosphate (S3P) using ATP as P; donor. E. coli possesses two isoenzymes
- namely shikimate kinase I (coded for by aroK) and shikimate kinase
II (coded for by aroL)'s. It was found that both isoenzymes have very
different affinities to the substrate shikimate. While the K,; of AroL was
identified at 200 uM, the respective value of AroK is about 5 mM. Hence,
a dominant role of AroL for AAA flux catalysis can be deduced for typical
E. coli cultivation conditions. AroL requires Mg?T as cofactor. Although
no feedback control on the biochemical level was found for the shikimate
kinases, the aroL expression revealed to be repressed by the TyrR protein,
which is part of the tyrR regulon mechanism (see preceding paragraph).
Additionally, aroL was found to be under the control of a second repressor -
called TrpR. In analogy to tyrR, the trpR regulon controls the expression of
genes involved in the tryptophane synthesis. Hence, the regulatory control
of both regulons makes it likely that AroL can significantly control the flux
through the ’shikimate’ pathway.

An additional molecule of phosphoenolpyruvate (PEP) is needed to syn-
thesize 5-enolpyruvoylshikimate-3-phosphate (EPSP) from S3P at the same
time dephosphorylating PEP. This reaction is catalyzed by EPSP syn-
thase (AroA). In accordance with the other enzymes of the ’shikimate’
pathway (except for aroL) the coding gene is constitutively expressed.

15The kinase numbering corresponds to the sequence the enzymes are eluted from
DEAE-Sephadex column.
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TABLE 2.5. Precursors and metabolites of the aromatic amino acid pathway in
E. coli including some selected chemical properties. Part 11

Compound Properties.
O__OH
HO-P-0" " 0 OH C10H13010P
o OH ! M, 324.18
EPSP comment not commercially available
0. _OH
OJYC C10H1006
7 M., 226.18
OH OH

comment unstable at room temperature

CHOR commercially available
A _cook
Hooc __ ~
. 1
L) C10H1006
g M, 226.18
oH comment unstable at acid pH
PRE converts to PPY
commercially available
. CcOook
rf\ o \“;T’/ CoHsO3
. } L M, 164
~ comment unstable
PPY tends to dimerize
commercially available
CoH10NO2
M, 165.19
solubility 730 g/L (25°C)
COOH equally low in methanol, ethanol
stability stable
pK1 1.83
pK, 9.13

comment  optically active
melting point at 283 - 284°C
decomposition at 310 - 312°C
essential, proteinogenic amino acid
human daily demand: 2.2 g
L-Phe: bitter taste
D-Phe, racemic mixture: sweet taste

L-Phe
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The chorismate synthase reaction, which is catalyzed by CHOR syn-
thase (AroC), introduces the second double bond into the aromatic ring
system while P; is cleaved. The enzyme is known to be oxygen sensitive
and it was found to be inhibited in the presence of high Fe?T, although iron
is known to be a cofactor for chorismate synthase. Because several authors
(Gollub et al. [GZS6T], Tribe et al. [TCP76]) observed that the specific
activity of chorismate synthase in cell extract is only 10 to 20% of that of
the prior enzyme - namely EPSP synthase - AroC can also be regarded as
a potential metabolic engineering target.

As illustrated in Figure 2.14, chorismate (CHOR) represents the most
important branch point in the aromatic amino acid pathway. CHOR
serves as a substrate for ubiquinone, menaquinone, folate and enterochelin
synthesis and it is also the substrate for L-tyrosine, L-tryptophane and
L-phenylalanine formation. Three enzymes are responsible for the con-
version of CHOR into the AAA pathway intermediates phenylpyruvate
(PPY), 4-hydroxy phenylpyruvate (HPPY) and anthranilate (ANT) The
bifunctional enzyme chorismate mutase / prephenate dehydroge-
nase (TyrA) uses chorismate as substrate (Kfjfg;‘qo r =92 puM) to syn-
thesize 4-hydroxy phenylpyruvate in a two step reaction via prephenate
for L-tyrosine formation. The bifunctional enzyme chorismate mutase /
prephenate dehydratase (PheA) serves for L-Phe synthesis and con-
verts chorismate into prephenate and subsequently into phenylpyruvate
(PPY) possessing a chorismate affinity of Kf"¢}op = 45 pM. The an-
thranilate synthase (TrpE) is involved in the tryptophane synthesis and
converts glutamine (GLN) together with chorismate (CHOR) into anthrani-
late, glutamate (GLU) and pyruvate. Because this enzyme revealed the
lowest K ﬂ”é%o r = 1.2 uM the tryptophane synthesis seems to be favored

by the cells'.

It is noteworthy that the enzymes TyrA, PheA and TrpE are all signif-
icantly feedback inhibited by the final pathway products. In the case of
the bifunctional enzymes TyrA and PheA the second reaction is mostly af-
fected. Tyrosine can cause up to 95% inhibition of TyrA catalyzed prephen-
ate dehydrogenase activity. Phenylalanine can reduce the prephenate dehy-
dratase activity of PheA up to 90% and TrpE is inhibited by tryptophane
as well. Furthermore it was observed that the PheA synthesis can be re-
pressed in the presence of tyrosine. Hence, to achieve an increased L-Phe
production, the overexpression of pheA and/or the use of feedback resistant
mutants should be favored.

16For the sake of brevity tyrosine and tryptophane pathway details will not further
discussed. The same holds true for the ubiquinone, menaquinone, folate and enterochelin
biosynthesis. However, these pathways play an increasing role in current research as
indicated in section 4.6.
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The final step of both tyrosine and phenylalanine formation is the trans-
amination of phenylpyruvate (PPY) and 4-hydroxy phenylpyruvate (HPPY)
with the amino donor glutamate to tyrosine and phenylalanine and a-
ketoglutarate (AKG). It was found that at least three amino transferases
can catalyze this reaction: the branched-chain amino acid aminotrans-
ferase coded for by ilvE, the so-called aromatic aminotransferase en-
coded by tyrB and the aspartate aminotransferase coded for by aspC.
Under physiological conditions, the aromatic aminotransferase TyrB is as-

sumed to play the dominant role (K1Y%% . = 56 uM, Ki¥B, . = 32

uM, K ]\Tj’EEU = 280 pM) while the aspartate aminotransferase AspC only
contributes at high phenylpyruvate and 4-hydroxy phenylpyruvate levels
(Kppy = 650 pM, Ky oy = 400 uM, K3% = 900 pM). The
synthesis of the aromatic aminotransferase TyrB can be repressed by tyro-
sine.

Transport Systems

In analogy to independent studies focusing on the L-lysine export in C. glu-
tamicum ([BEK93], [VSE96], [KLB196]) it would be fortunate whether an
active transport system in L-Phe producing F. coli could be identified and
designed such that no intracellular product accumulation occurs. However,
studies of Jacobi and Krémer [JK96] indicate that diffusion-driven L-Phe
exports is more likely than active export of the aromatic amino acid. Be-
sides, indications of an active transport system given by Grinter [Gri98]
were not supported by others ([SWG191], [PP96], [CP97]) who studied the
L-Phe specific permease in F. coli. Hence it must be assumed that L-Phe
leaves the cell mediated by an L-Phe specific permease following a diffusion
driven transport.

2.6.2 Preliminary Glucose Pulse Experiments

Significant parts of the following subsection were already published
by Schmitz et al. [SHBTO02]. They are also subjects of the Ph.D.
thesis of M. Oldiges [O1d03] and were treated in the master thesis of
E. Hirsch [Hir01] who have been both co-supervised by the author.

In the introductory part of this section, the statement has already been
emphasized that the successful application of glucose-pulses can signifi-
cantly be hampered by (i) the limited analytical access to the pathway
intermediates and (ii) by signal dilution.

When these preliminary experiments were planned and performed, the
first drawback was still existing. The LC-MS/MS based analytical access
to measure intracellular pools of the AAA pathway was not yet devel-
oped. This is why an extracellular pool analysis was applied using three
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knock-out mutants!”. Because the strains contained catalytically inactive
3-dehydroquinate synthase (AroB), shikimate dehydrogenase (AroE) or 5-
enolpyruvoylshikimate 3-phosphate synthase (AroA), these E. coli strains
produced 3-deoxy-D-arabino-heptulosonate 7-phosphate (DAHP), 3-dehy-
droshikimate (DHS) or shikimate 3-phosphate (S3P), respectively. For sim-
plicity, the strains are thus called E. coli DAHP, E. coli DHS and FE. coli
S3P (for details see subsection A.1.1, Appendix). Presumably based on
(facilitated) diffusion, the pathway intermediates were secreted into the
fermentation supernatant and thus accumulated. Because their accumu-
lation could be detected applying different analytical techniques (A.3.4,
Appendix), this approach offers the possibility to detect production rate
changes after a glucose pulse.

Hence it was the aim of this study to investigate whether and how glucose
pulse experiments affect the accumulation rates of DAHP, DHS or S3P. The
results obtained should give rise to the conclusion whether a significant
signal dilution exists and how it could be prevented or overcome to enable
the successful application of intracellular AAA pathway dynamic studies
later on.

Experimental Procedure

The fed-batch fermentations (with the manual glucose pulse using a syringe
with a 0.22 pm filter) were performed in a 2 L Labfors bioreactor (Infors,
Switzerland) at 37°C and pH 6.5 (titrated with 25% NH4OH) using the
medium *GPM’ for glucose pulse experiments as indicated in the Table A.2.
Please notice the extra addition of the auxotrophic substances which was
essential for growth of the knock-out mutants. The glucose feed was real-
ized with a Dosimat 665 (Metrohm AG, Switzerland). IPTG induction was
achieved with a final concentration of 100 M. To monitor adequately the
fermentation process, 4 to 6 samples of cell suspension (4 mL) per hour were
taken during the phases IT and IIT of the experiment (see below). Standard
analytical approaches were applied (see subsection A.3.3, Appendix) identi-
fying the correlation CDW = 0.43 gL~!-ODgs0. The analysis of DAH(P),
DHS and S3P accumulation in the culture supernatant was performed fol-
lowing a concerted enzymatic, HPLC- and 'H-NMR-based approach (see
subsection A.3.4, Appendix).

Fermentation Strategy

In order to identify the effects of glucose pulses on the E. coli strains used,
an experimental protocol had to be developed allowing different glucose

17"These mutants were kindly provided by U. Degner, M. Kremer, J.Bongaerts and G.
Sprenger as indicated in the Appendix.
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FIGURE 2.15. Example of the fermentation strategy used to study the effects
of glucose pulses to a glucose-limited E. coli DAHP culture. During phase I cell
growth takes place, while no biomass is produced during the following periods.
A glucose pulse together with a sudden increase of the glucose feed Vpwt,giuc is
installed to finish phase II and to begin phase III.

limitation levels to be controlled and their impact on the strain physiology
after glucose pulses to be qualified. Using the DAH(P) producing E. coli
strain as an example, the following fermentation strategy was applied:

The fermentation process consisted of three phases (see Figure 2.15).
During the first phase (I) biomass was produced until the aromatic amino
acids PHE, TYR and TRP were depleted!®. IPTG was added to overex-
press plasmid-encoded genes thus causing an increased carbon flux into the
aromatic amino acid pathway. In the second phase (II), the glucose feed
was reduced to a limiting value, followed by an increase in phase (III). The
latter was installed such that a saturated glucose supply was ensured. In
phases II and III no biomass was produced. During all phases aerobic con-
ditions with DO setpoints as 30, 60 an 40% during the phases I, IT and III,
respectively, were chosen.

To investigate the effects of the glucose pulse on different glucose limita-
tion levels, the maximum, strain-specific glucose consumption rate realized

18 Please notice that ample amounts of the other auxotrophic substances were supplied.
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in phase III was estimated in a previous experiment. For E. coli DAHP,
E. coli DHS and FE. coli S3P the glucose consumption rates were deter-
mined as 37.9, 78.8 and 30.3 mmol - h~!, respectively. All three strains
achieved biomass concentrations at about 19.7 g- L~!. For instance, taking
the observed glucose consumption rate of E. coli DAHP (37.9 mmol - h™!)
as a reference, 0%, 25%, 50% and 75% glucose limiting feeds were calcu-
lated according to 37.9, 28.4, 19.0, 9.5 mmol - h~!. These glucose feed rates
were installed during phase II. Then, after about 4 h, 25 mL of a glucose
solution was rapidly added to finish the limitation period (IT) and to im-
mediately shift the glucose concentration up to 5 g - L~! (27,6 mM). At
the same time, the glucose feed was enhanced to ensure saturated glucose
consumption rates, which resembled the determined 0% limitation value.
As already pointed out, the accumulating pathway intermediates were fre-
quently measured during the periods II and III to detect changes of the
resulting production rates caused by the glucose pulse.

Experiments with E. coli DAHP

Using E. coli DAHP, pulse experiments with 25, 50 and 75% limitation were
performed (and each repeated) as described in the preceding paragraphs
(see Figure 2.16). As depicted in the figure, a clear dependency of the
rate of the DAH(P) synthesis on the degree of glucose limitation can be
recognized. This is also shown in Table 2.6, generally indicating that the
weaker the glucose limitation in phase II, the higher the rate of DAH(P)
production. In accordance with the saturated glucose supply in phase III,
the highest production rate was observed in this phase.

Based on the observed variations of DAH(P) formation it was concluded
that the glucose pulse experiments changed significantly the carbon fluxes
into the aromatic amino acid pathway revealing a strong correlation of
DAH(P) formation and glucose supply. The stronger the glucose limitation
before the glucose pulse was, the larger the observed flux changes were.
Phase III after the glucose pulse was characterized in all experiments by

TABLE 2.6. Results of a series of experiments studying E. coli DAHP strains un-
der different glucose limited conditions as indicated. To qualify the experimental
accuracy the standard deviation sd is given.

rate. limitation degree [%]
mmol - g Th™! 75 50 25 0
T AH(P) 0.118 0.224 0.299 0.531
T am(P) 0.122 0.221 0.348 -

Tpam(p) £sd  0.12040.003 0.223£0.002  0.32440.035  0.531£0.01¢

a’bindependent experiments

“result from all six experiments
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FIGURE 2.16. DAH(P) production rates related to the cell-dry weight of E. coli
DAHP as a function of process time and installed glucose limitation are given.
During phase IT glucose limitations ranging from 25 to 75 % of the maximum
glucose uptake rate were applied. Additionally, the regression coefficient r is
given to qualify the almost constant DAHP production rates.
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FIGURE 2.17. DHS production rates related to the cell-dry weight of E. coli DHS
as a function of process time and installed glucose limitation are given. During
phase II glucose limitations ranging from 50 to 75 % of the maximum glucose
uptake rate were applied. Additionally, the regression coefficient r is given to
qualify the almost constant DHS production rates.

a highly reproducible biomass-specific DAH(P) productivity (see the low
standard deviation in Table 2.6), irrespective of the extent of the previous
limitation. Obviously, cell metabolism was not irreversibly affected by the
strong glucose limitation in period II, leading to very similar, final DAH(P)
formation rates of 0.531 4 0.014 mmolp ar(p) 'ggjljw -h~1. Hence it was
concluded that this experimental strategy can be applied to study the effect
of glucose pulses on the AAA pathway.

Experiments with E. coli DHS

The effects of glucose pulses were also studied using E. coli DHS, follow-
ing the same protocol as before, performing pulse experiments with 50 and
75% limitation and repeating them once. As it can be seen from Figure 2.17
and Table 2.7 the same correlation between glucose pulse intensity and DHS
formation was observed: the stronger the glucose limitation, the larger the
difference in productivity after glucose pulse during the third period. How-
ever, if product formation rates of E. coli DHS and E. coli DAH(P) at 50%
glucose limitation are compared, a relatively high DHS production (~74%
of the maximum value) is found. For comparison: DAH(P) production only
achieved 40% of its maximum. Therefore, it was assumed that a further de-
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TABLE 2.7. Results of a series of experiments studying F. coli DHS strains under
different glucose limited conditions as indicated. To qualify the experimental
accuracy the standard deviation sd is given.

rate. limitation degree [%)]
mmol - g~ th=1 75 50 25 0
T s 0.183 0.488 n.d. 0.647
™ Hs 0.107 0.516 n.d. -
Tpus T sd 0.1454+0.054 0.5024+0.020 n.d. 0.647%0.01¢

“’bindependent experiments
“result from all four experiments
n.d.: not determined

cline of glucose limitation to 25% would not reveal any differences in DHS
formation compared to the maximum value. The 25% glucose limitation
experiment for F. coli DHS was thus omitted. In analogy to the previ-
ous findings using E. coli DAH(P), a high reproducibility of the maximum
DHS formation rates was found again (see Table 2.7; Tpys = 0.064740.017
mmolpgs - g th™1).

Experiments with E. coli S3P

Further studies with F. coli S3P were carried out to investigate the glucose
pulse transmission via DAH(P) and DHS downstream to S3P. Experiments
with 50 and 75% glucose limitation were performed. While the strains E.
coli DAH(P) and E. coli DHS accumulated only the intermediate, which
is prior to the catalytically inactive enzyme, E. coli S3P exhibited a dif-
ferent behavior. Apart from S3P, shikimate and DHS were also detected in
the fermentation supernatant. While the shikimate accumulation could be
a consequence of an unspecific phosphatase activity taking S3P as a sub-
strate, the DHS appearance could give a hint to an insufficient shikimate
dehydrogenase (AroE) activity. The latter is likely to occur as a result of
feedback inhibition by shikimate [DF93].

In the experiment with 75% limitation, the production rates of S3P,
shikimate and DHS increased after the glucose pulse (see Figure 2.18 and
Table 2.8). However, it is noteworthy that the significance of rate changes
strongly depended on the relative intermediate position in the aromatic
amino acid pathway. Intermediates further downstream of the pathway
were less affected than those upstream. For instance, 7w ppg g increased signif-
icantly more strongly than wgg shikimate, which could be a consequence
of the increasing feedback inhibition at rising shikimate concentrations.
Additionally, much stronger changes of mpgg were observed than those of
mg3p. Studying the 75% limitation experiment, the most dominant change
of the production rate is observed for DHS, showing a more than 11.8-fold
increase of the production rate after the pulse. In case of S3P a 5.6-fold
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FIGURE 2.18. S3P production rates related to the cell-dry weight of E. coli S3P
as a function of process time and installed glucose limitation are given. During
phase II a glucose limitation of 75 % of the maximum glucose uptake rate was
applied. Additionally, the regression coefficient r is given to qualify the almost
constant S3P production rates. As shown, significant by-product formation of
SHI and DHS took place during the same experiment.

increase could be observed, while the shikimate production rate only dou-
bled.

Analyzing the experiment with 50% glucose limitation, the same sce-
nario was found. (Figure 2.19, Table 2.8). In analogy to the 75% limitation
experiment the most significant change was observed for DHS. The produc-
tion rate of DHS showed a 3.4-fold increase after the glucose pulse, while
the production rates of S3P and shikimate remained almost constant. In
both experiments the most significant shift of production rates was ob-

TABLE 2.8. S3P and by-product formation using E. coli S3P under different
glucose limited conditions. To qualify the experimental accuracy the standard
deviation sd is given.
rate. limitation degree [%)]

mmol - g~'h~1 75 0 50 0

TDHS 0.005 0.059 0.018 0.062

TSHI 0.023 0.045 0.005 0.005

TS3P 0.026 0.146 0.099 0.105
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FIGURE 2.19. S3P production rates related to the cell-dry weight of E. coli S3P
as a function of process time and installed glucose limitation are given. During
phase IT a glucose limitation of 50 % of the maximum glucose uptake rate was
applied. Additionally, the regression coefficient r is given to qualify the almost
constant S3P production rates. As shown, significant by-product formation of
SHI and DHS took place during the same experiment.

served for DHS, which is the most upstream intermediate. Significantly
smaller changes of the production rates were observed in both experiments
for the more downstream intermediates S3P and shikimate. The observed
quantitative differences between the shikimate production rates in both
experiments is a surprising result and which is not yet understood.

Interim Conclusion

Summarizing it can be stated that significant flux changes can be observed
in the aromatic amino acid pathway as a consequence of extracellular glu-
cose pulses. Interestingly, these changes strongly depend on the pulse in-
tensity and on the relative position of the pathway intermediate in focus.
The more downstream an intermediate is, the higher the stimulus must be
to detect significant carbon flux shifts. While relatively small changes of
25% glucose supply could still be detected for DAH(P), a 75% increase was
necessary to influence S3P production. Figure 2.20 illustrates this general
finding considering the metabolites E4P and PEP as (secondary) stimu-
lators of the primary glucose pulse with respect to the AAA pathway. It



2.6 Broaden the Scope: From Central Metabolism to Anabolic Pathways 71

»

E‘é;‘: DAHP 3DHQ 3DHS SHI S3P EPSP -

FIGURE 2.20. Principle scheme of the signal dilution observed in the aromatic
amino acid pathway as a consequence of extracellular glucose stimulation. The
intracellular stimulators are thus represented by E4P and PEP which transmit the
glucose pulse signal into the AAA pathway. Because intermediates such as EPSP
only ’see’ a very diluted signal, high extracellular stimulations are necessary to
cause identifiable effects.

seems to be noteworthy that glucose pulses did affect S3P, provided that
their intensity was strong enough. Indeed, this observation is remarkable
because of the fact that the following reaction, namely EPSP synthase,
condenses S3P with PEP thus being again stimulated by the glucose pulse
via PEP addition.

2.6.3 In vivo Analysis of the Aromatic Amino Acid Pathway

Significant parts of the following subsection were submitted for pub-
lication (Oldiges et al. [OKDTO03]). They are also subjects of the
Ph.D. thesis of M. Oldiges [Old03] and were treated in the master
thesis of M. Kunze [Kun03] who have been both co-supervised by
the author.

The experimental results presented in the preceding subsection were
qualified such promising that further activities focused on the identification
of post-pulse intracellular metabolite dynamics in the AAA pathway. As
already indicated, the lack of purified standards of the pathway intermedi-
ates was regarded as a major problem before the LC-MS/MS-based anal-
ysis approach could be developed and used for the investigation of in vivo
metabolite concentrations. Table 2.9 shows that almost all intermediates
upstream of the branch point chorismate were not commercially available
(except for SHI). This is remarkable because it is exactly this part of the
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TABLE 2.9. List of the AAA pathway intermediates for L-PHE synthesis with
respect to their commercial availability.

metabolite commercial availability
yes no

E4P °

PEP °

DAHP

DAH

3DHQ

3DHS

SHI .

S3pP

EPSP

CHOR

PRE

PPY

L-Phe

aromatic amino acid pathway which is highly feedback regulated by the
final pathway products and by pathway intermediates (see section 2.6.1).
Hence, the primary studies focused on the preparation of these standards,
which were not commercially available

Standards of AAA Pathway Intermediates

For the production of DAHP and DAH the aroB-negative E. coli mu-
tant E. coli DAHP (see section A.1.1), which was already introduced in the
preceding subsection, was cultivated. Following the procedure of Mehdi et
al. [MFKS87], the samples were centrifuged and further processed via sev-
eral chromatographic ion exchange steps followed by vacuum drying and
product extraction until approximately 1.6 g Li-DAH (purity ~75%) was
achieved. In contrary to the previous findings, DAHP was not found as a
significant fraction of 17 to 34 %. Instead, only very low DAHP amounts
could be isolated to serve as a qualitative standard for subsequent analyt-
ical developments. According to the current hypothesis DAHP is subject
of intracellular dephosphorylation which hampered its isolation from the
culture supernatant.

3-DHQ was chemically synthesized following the procedure of [GJ56],
based on the oxidation of shikimate with concentrated nitric acid.

For the production of 3-DHS the aroF -negative E. coli mutant E. coli
DHS (see section A.1.1), which was already introduced in the preceding
subsection, was cultivated in analogy to E. coli DAHP. 3-DHS was isolated
from the supernatant following the procedure of Dell and Frost [DF93],
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which consisted of ethyl acetate-based extraction followed by sample con-
centration and subsequent anion exchange chromatography.

In analogy to DAH(P) and 3-DHS, the production of S3P based on the
aroA-negative strain E. coli S3P (see section A.1.1) which was presented in
the preceding section. The S3P isolation from the culture supernatant in-
cluded the steps cell separation, cation/anion exchange, sample concentra-

tion and extraction following the previously published protocol of Coggins
et al. [CBCT87].

Finally, DAH, 3-DHQ, 3-DHS and S3P were quantitatively available for
the analytical development based on LC-MS/MS, while the small amount
of DAHP only allowed its use as a standard for peak identification and
not for metabolite quantification. E4P, PEP and SHI were commercially
available. Hence the LC-MS/MS method (presented in section 2.3) was
developed by Oldiges [01d03] to quantify the intracellular concentrations
of the first five AAA pathway intermediates. That means, an access was
achieved to monitor in vivo the first five steps of L-Phe synthesis, which
are the most feedback regulated reactions.

Experimental Expectations and Limits

Glucose pulse experiments were planned following the previously described
procedures. Accordingly, cells were stimulated by a sudden rise of glucose
uptake changing the intracellular levels of glucose 6-phosphate (G6P), phos-
phoenolpyruvate (PEP) and pyruvate (PYR) immediately because of the
underlying PTS in E. coli. As a consequence, a negative signal transduction
to PEP (expressed by dropping PEP concentrations) originating from the
positive glucose stimulation can be expected.

Within this study, the decision was made to focus the interest on the lin-
ear, upstream part of the aromatic amino acid pathway, namely the conver-
sion of the precursors PEP and erythrose 4-phosphate (E4P) via five sub-
sequent reactions to shikimate 3-phosphate (S3P). This was motivated by
the fact that the subsequent reaction from S3P to 5-enolpyruvoylshikimate
3-phosphate (EPSP) again needs PEP for condensation thus leading to an
‘unusual’ second stimulation of the pathway. Additionally, the following,
commercially available metabolites chorismate and prephenate are chem-
ically instable, which would significantly hamper their use for metabolic
profiling analysis.'?

Anticipating it can be stated that no E4P was detectable in any experi-
ment, which is in agreement with previous observations of Williams et al.

19For the sake of brevity, the resulting metabolism dynamics of the glycolysis are not
shown here, although they were measured. Details can be found in [01d03].
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[WBDMS0]. These authors critically reviewed in vivo measured E4P levels
concluding that only very low E4P pools should be expected in vivo (if at
all), because of E4P’s tendency to react into dimeric forms. Also Ruijter
and Visser [RV99] outlined that no E4P could be detected in Aspergillus
niger strains although the respective detection limit was about 25 pmol?°.
Considering that even aroF/"" fortified strains were used in this study, no
significant E4P pools could be expected. Therefore the lumped pentose-
phosphate pool P5P was used as a reference instead, allowing at least some
speculations about the E4P supply via transketolase (tktA) reaction.

In the case of DAHP, the small amount of isolated standard showed
some impurities making it difficult to apply it for quantification and thus
motivating the use of the dephosphorylated derivative DAH instead. This
decision was justified by the experimental finding that the ratio of DAH
concentrations versus DAHP peak area was constant at 3.3 & 0.308 nM -
peakArea=! in all LC-MS/MS measurements. Thus, a common DAH(P)
pool is considered in the following discussion.

Experimental Procedure

For experiments, the L-Phe producing strains E. coli 4pF20 and E. coli
4pF78 were used?!. As indicated in subsection A.1.1, Appendix, both strains
were tyrosine auxotrophic and contained the tyrosine feedback resistant
gene aroF" to ensure a sufficient carbon flux into the aromatic amino
acid pathway via DAHP synthase. Additionally, the plasmid contained the
L-Phe feedback resistant gene pheA’’" to avoid an feedback inhibition of
the L-Phe sensitive chorismate mutase / prephenate dehydratase, down-
stream of the branch point chorismate. However, the strains differed with
the overexpression of aroB (coding for 3-DHQ synthase, converting DAHP
into 3-DHQ) which was only considered in E. coli 4pF78 to study to what
extend the total carbon flux into AAA pathway is effected by AroB.

Fed-batch fermentations (7 L) were carried out in a 20-L bioreactor
(ATGU503, Infors AG, CH), using the defined medium and culture con-
ditions as indicated in the Appendix (subsection A.2.1) and applying the
'standard’ fermentation techniques for on-line analysis and data acquisition
as listed in subsection A.4.2, Appendix. The L-tyrosine feed was realized
with a Dosimat 665 (Metrohm AG, Switzerland) ensuring L-tyrosine ex-
cess (0.20 to 0.30 g- L~!) during the whole fermentation. The supply of the
sole carbon source glucose was used to control cell growth. This resulted

20 Additionally the authors wondered whether the presence of E4P in the cells makes
sense at all because the phosphoglucose isomerase (PGI) was found to be strongly in-
hibited by E4P with K; gap =1 pM !

21 Both strains were kindly provided by co-operating partners as indicated in the sub-
section A.1.1.
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in a non-limited batch and fed-batch phase (permanent glucose level 3 to
5 g-L71) and a growth-limited glucose supply (50 g - h~!) after optical
density ODggp ~50 was achieved. The glucose-limited, tyrosine-rich period
lasted for 20 (E. coli 4pF20) and 45 (E. coli 4pF78) minutes, respectively,
before the glucose pulse (50 mL, 420 g - L™!) was added automatically to
the bioreactor, thus shifting the concentration to 3 g - L~!, while rapid
sampling was started at the same time.

The rapid sampling and sample preparation procedure followed the same
protocols as already presented in the preceding sections. However, techni-
cal problems of the experimental set-up reduced the pre-pulse observation
window from —4.5 to —2.5 seconds for FE. coli 4pF78 and shortened the
post-pulse observation window of E. coli 4pF20 to 18 seconds. The quan-
tification of intracellular metabolite levels (of the cell extract) was realized
using an Agilent1100 HPLC with a HTC Pal autosampler (CTC Analyt-
ics) coupled to a TSQ Quantum mass spectrometer (ThermoFinnigan) and
following the aforementioned analytical protocol (see section 2.3).

Glucose Pulses Monitored in E. coli 4pF20

As shown in Figure 2.21 (dark columns), the intracellular pre-pulse pools
found in the E. coli 4pF20 were most at physiological levels of several
100 pM — apart from DAH(P), which showed a very large pool of about
10 mM. From this the conclusion was drawn that the huge DAH(P) pool
was a consequence of the sole overexpression of aroF7*" caused by a high
flux into this pool which could not be compensated by a corresponding
downstream reaction. The considerable inequality of pool sizes between
DAH(P) and the subsequent 3-DHQ of almost three orders of magnitude
should be noted as well.

Figure 2.22 (left column) presents the results of the glucose pulse exper-
iment using strain E. coli 4pF20. Before the pulse, the PEP and the P5P
pool were in steady-state. After the pulse, both pool sizes changed signifi-
cantly as was indicated by a strong increase followed by oscillating behavior
of P5P and PEP. Both pools served as precursors for the DAHP-synthase.
Table 2.10 indicates, that none of the three DAHP-synthase isoenzymes is
supposed to be limited by PEP supply, because the measured intracellular
levels of 70 - 140 M were well above the reported Ky, values.

In the case of E4P, no pools were measured thus suspecting an almost
entire limitation of DAHP synthase activity (Kas,gpap ~35 — 900 pM) at
first glance. However, it should be queried whether dissolved E4P really
exists in cell cytoplasm [RV99] because of its high affinity for dimeriza-
tion thus supporting the hypothesis of E4P channeling via DAHP-synthase
[WBDMS0).



76 2. In vivo Metabolic Dynamics after Pulse Stimulation: Tools and Results

E. coli strains
100905 [ (4pF20) -

[ 1(4pFT78)

s

=

» 1000 )

[ 3

>

Kol

<4}

L)

g_ 100 E

- ]

a ]

iod [ ]

PEP P5P DAH(P) 3-DHQ 3-DHS SHI S3P

FIGURE 2.21. Comparison of the different intracellular pool levels analyzed dur-
ing the last 2.5 to 5 seconds before the glucose pulse. Two different L-Phe pro-
ducers were used - namely FE. coli 4pF20 and E.coli 4pF78, the latter possess-
ing plasmid-encoded, additional aroB overexpression. The precursors PEP, the

lumped pentose-phosphate pool P5P, DAH(P), 3-DHQ), 3-DHS, SHI and S3P are
shown.

Hence, we concluded that pulse signal transduction into the aromatic
amino acid pathway in F. coli 4pF20 was not limited by PEP or E4P, but
it was buffered by the subsequent, huge DAH(P) pool. Most presumably,
the buffering occurred as a consequence of the significant AroB inhibition
in the presence of 8 to 12 mM DAH taking into account previous findings
of Maitra and Sprinson [MS87] who observed that already 5 mM DAH
caused 72% AroB inhibition. As a consequence, glucose pulse signaling to
the subsequent pools was hampered.

The pure analysis of the concentration courses can only provide a limited
insight into the underlying reaction mechanisms. This is why the standard-
ized pool velocity v* [s~!] was introduced, taking into account the pre-pulse
concentration ¢; and the current concentration c¢ of pool i as follows

1 dCi (t)
v = ———= 2.8
' c; dt ( )

The standardized pool velocity thus resembles the definition of an ordi-
nary mass balance of the pool species i. High positive values indicate a fast
pool size increase while high negative values represent a rapid decrease,
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FIGURE 2.22. Metabolism dynamics observed in the first five reactions of the
AAA pathway forced by the independent stimulators PEP and P5P (coding for
the lumped pentose-phosphate pool) immediately after the glucose pulse. Left: E.
coli 4pF20; Right: E. coli 4pF78. Reaction steps are given according to subsection
2.6.1. Smoothed curves were achieved by fast Fourier transformation (FFT) using
Origin (OriginLab Corporation, USA) applying a smoothing window of 5 points.
Preliminary test with 3 to 7 points smoothing window revealed similar results.
Experimental errors identified after multiple LC-MS/MS measurements in each
sample with cytoplasm matrix were < 15% .
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TABLE 2.10. Overview of some characteristic kinetic values of the enzymes in
the AAA pathway leading to EPSP.

Enzyme Substrate K, [uM] Reference
St.s [uM]
DAHP synthase (4.1.2.15)
AroF (TYR sensitive) E4P 80 - 90 [RE97], [SHT76]
PEP 5.8 - 13
AroG (L-Phe sensitive) E4P ~80; 900 [Sim50], [SD76]
PEP ~5: 80
AroH (TRP-sensitive) E4P 35* [MFLASO0], [AB97]
PEP 5.3%

DHQ synthase (4.2.3.4)
AroB DAHP 4; 30 - 50 [MFKS87], [CPHTS],
[MS87], [WBK89)]
DHQ dehydratase (4.2.1.10)

AroD 3-DHQ 10 - 18 [CLMCS86], [CDC8T],
[KDK92]
SHI dehydrogenase
AroE 3-DHS n.d.
SHI kinase (2.7.1.71)
AroK (SK I) SHI ~5000 [FP86]
ATP ~160
AroL (SK 1I) SHI 200 [Fey87]
ATP 160
EPSP synthase (2.5.1.19)
AroA S3pP 2.5 -3.6 [DLC84b], [GWS92],
PEP 10 - 20 [L.C87]

both related to the pre-pulse concentration. Using this criterion, concen-
tration courses were transferred to velocity series as indicated in Figure
2.23. It is shown that the precursor P5P obviously represented the most
perturbed pool, which was still oscillating at the end of the observations
after 18 seconds. This held also true for shikimate. However, no common
behavior such as in-phase oscillations can be observed in the pools, neither
before nor after the pulse. The most striking effect is the inertia of the
DAH(P) pool, which is also detected by pool velocity analysis, showing
almost unchanged values about zero.

Motivated by this finding, the observed amplitudes were ranked with
respect to the minimum standardized pool velocity (min(v}) ), i.e. the
highest (negative) standardized pool velocity of each species was selected.
The guiding idea was to define a simple criterion called ‘pool efflux capac-
ity (PEC)’ that aims at identifying the slowest pool decline of the reaction
sequence considering the corresponding enzyme as the one that exerts the
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FIGURE 2.23. Standardized pool velocity curves before and after the glucose
pulse in E. coli 4pF20.

main flux control in this pathway?2. This criterion is standardized by the
pool size thus eliminating this effect from the analysis. Following the pro-
cedure, absolute pool efflux capacities [s7!] of 0.09, 0.42, 0.48, 0.41 and
0.22 were calculated for DAH(P), 3-DHQ, 3-DHS, SHI and S3P (see Fig-
ure 2.24). According to the working hypothesis that the lowest ‘pool efflux
capacity’ (here: DAH(P)) indicates the slowest, subsequent enzymatic re-
action, the 3-dehydroquinate synthase, encoded by aroB, was identified as
a promising target, which is in agreement with previous studies ([SDF96],
[Pit96], [YLDF02]). Hence, strain E. coli 4pF78 was constructed.

It is noteworthy that the PEC criterion cannot readily be compared with
the classical definitions given by the metabolic control analysis (MCA).
Here, highly dynamic data were analyzed while classical MCA typically uses
small deviations of steady-state fluxes to identify flux control coefficients,
elasticity coefficients etc. MCA has rejected the idea of a single rate-limiting
step (bottleneck) in a (linear) pathway and introduced the shared flux
control by all enzymatic reactions instead ([WK96], [Bai99b]). In general,

22The introduction and application of the PEC criterion should be understood in the
sense of the MCA ’dogma’ that flux control is shared among the enzymes of a pathway
thus rejecting the idea of a single reaction-limiting step. In this sense, the different PEC
values given in Figure 2.24 mirror the distributed flux control in the pathway.
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FIGURE 2.24. Pool efflux capacity criterion (PEC) of strains E. coli 4pF20 and
E. coli 4pF78 identified after glucose pulse experiments with respect to the pools
DAH(P), 3-DHQ, 3-DHS, SHI and S3P. Furthermore, the independent stimu-
lators PEP and P5P as well as EPSP, the subsequent pool of the reaction se-
quence, are given in the reaction scheme also considering the enzymes involved.
The yellow background highlightes the pool which assigns the subsequent reaction
bottleneck.
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this holds also true for the PEC values of the aromatic amino acid pathway
given in Figure 2.24. In analogy to the MCA findings, the distributed PEC
values can be regarded as the consequence of shared flux control for each
enzymatic step. In this sense, the PEC criterion is in agreement with the
lessons of the classical MCA.??

Glucose Pulses Monitored in E. coli 4pF78

Figure 2.21 (light columns) gives an overview of the pre-pulse concentra-
tions in E. coli 4pF78 possessing an overexpression of aroF /" and aroB.
Most strikingly, no intracellular DAH(P) could be measured, although the
intracellular levels of PEP and P5P remained almost constant compared
to the results of F. coli 4pF20. This allows the conclusion that the previ-
ously existing AroB limitation had been alleviated. However, the finding

23Recently Visser and Heijnen [VHO3] presented a novel approach to combine kinetic
modeling (linlog-approaches) with MCA. This framework represents an interesting tool
to be additionally applied for the analysis of these stimulus-response data.
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FIGURE 2.25. Standardized pool velocity curves before and after the glucose
pulse in E. coli 4pF78. In-phase oscillation ringing is observed for the standard-
ized pool oscillations of 3-DHQ and 3-DHS. The dotted lines symbolize the cor-
responding coating curves.

coincided with a strong increase of the pool sizes downstream of DAH(P)

in E. coli 4pF78, indicating an additional flux limitation further down??.

Significant differences were also observed following the intracellular meta-
bolite dynamics (Figure 2.22). The precursors PEP and P5P showed dif-
ferent pool courses in F. coli 4pF78 compared to E. coli 4pF20, which held
especially true for the decreasing PEP pool. Very strong oscillations were
found in the pools of 3-DHQ and 3-DHS, but also in SHI and S3P. The high
DAHP affinity of AroB, the increased AroB concentration and the missing
DAH inhibitor, were most presumably the reasons for the fast DAHP-to-
3-DHQ conversion without an intermediary accumulation of DAH(P). It
is noteworthy that the initial jump of the 3-DHQ and 3-DHS pool size
is not fully covered by the fast Fourier transformation (FFT)-smoothing
approach.

To further investigate the underlying reaction mechanisms, the standard-
ized pool velocities were calculated again and presented in Figure 2.25. In

24This finding is in agreement with the MCA theory because no single rate-limiting
step exists and flux control is distributed on several enzymatic steps, as observed.
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comparison to the results of E. coli 4pF20, pool velocities of E. coli 4pF78
show significant differences expressed by damped, in-phase vibrations of
the intermediates. Owing to the removed DAH(P)-buffer in E. coli 4pF78,
precursor stimulations are now signaled down via DAHP leading to in-
phase oscillations of the (subsequent) pool velocities 3-DHQ and 3-DHS
during the observation period of 27 seconds. Both oscillations appear to be
in-phase with P5P. On the other hand, P5P and PEP are counteroscillat-
ing most of the time. With respect to S3P, a strong correlation with the
PEP pool velocity can be assumed, which originates most presumably from
stoichiometric conversion of S3P and PEP into EPSP via EPSP-synthase.

Correlation Analysis

Based on the standardized pool velocities shown in Figure 2.25, a corre-
lation analysis was performed analyzing the covariance matrix of all post-
pulse data of E. coli 4pF78 with the aid of MATLAB (The Mathworks Inc.,
USA). This approach was motivated by the previously published results of
Arkin et al. [ASR97] (see also [Ros03]). However, it is noteworthy that not
the original approach was applied to achieve the results of Figure 2.26. In-
stead, only a ’simple’ correlation analysis regarding the standardized pool
velocities was used. Most strikingly, the correlation analysis reveals declin-
ing reliance on the precursor P5P with advancing reaction sequence. In
analogy, the dependency on PEP grows from 3-DHQ via 3-DHS, SHI to
S3P. While P5P was correlated with 3-DHQ and 3-DHS with 0.92 and 0.77,
respectively, the inverse was found for S3P, which was negatively correlated
(-0.6) with P5P and positively correlated (0.71) with PEP.

As indicated in Figure 2.25, a high positive correlation (0.91) was found
between 3-DHQ and 3-DHS, allowing the conclusion that the AroD cat-
alyzed HoO separation from 3-DHQ to 3-DHS was very fast. This corre-
sponds to the in vitro measured, low Ky, value for 3-DHQ (10 to 18 uM,
see Table 2.10), which was far below the intracellular substrate level. Hence,
a constant 3-DHS production rate must have occurred giving rise to the
conclusion, that reaction rates of the subsequent shikimate dehydrogenase
(AroE) must have been variable to cause 3-DHS pool oscillations as ob-
served. As a consequence, high Kj; values for 3-DHS or NADPH of AroE
could be assumed.

Significantly changing shikimate kinase reaction rates can also be de-
duced from the data. In the case of E. coli 4pF78 extraordinary high shiki-
mate levels of several mM were found, which gave rise to the assumption
that not only AroL but also the isoenzyme AroK was active (see Table
2.10). The latter is characterized by a very high K,; value which signifi-
cantly limits AroK activity in wild-type strains [Pit96] and also in E. coli
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FIGURE 2.26. Correlation analysis of the aromatic amino acid pathway interme-
diates 3-DHQ, 3-DHS, SHI and S3P with respect to the stimulating precursors
P5P and PEP measured in E. coli 4pF78 after glucose pulse.

4pF20 where such high shikimate levels were not found. However, in the
presence of high intracellular shikimate levels in E. coli 4pF78 the total
shikimate conversion reflects a superimposition of both enzyme activities,
meaning a saturated (constant) AroL activity together with a strongly
varying AroK catalyzed conversion (see Table 2.10)

The correlation analysis supports the qualitative impression derived from
Figure 2.25 that the intermediates 3-DHS and 3-DHQ were strongly cor-
related with the precursor P5P while S3P (and also SHI) showed higher
correlations with the PEP supply. The latter can be explained by the subse-
quent EPSP-synthase reaction, taking S3P and PEP for (reversible) EPSP
synthesis. Corresponding Kj; values of 10 to 20 uM for PEP and 2.5 —
3.6 uM for S3P were measured by in vitro experiments (see Table 2.10)
giving rise to the assumption that the decreasing PEP levels could hamper
EPSP-synthase activity in vivo.

To explain the high 3-DHS, 3-DHQ dependence on P5P, consideration
should be given to their proximity to the P5P stimulation, the missing
DAH(P) buffer and the close connection between the 3-DHQ and 3-DHS
pools. However, the question arises why the PEP reliance of the DAHP
synthase, the 3-DHQ ‘supplier’, led to only surprisingly small correlation
values. In wild-type E. coli cells, almost 80% of the total DAHP synthase
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FIGURE 2.27. Correlation analysis of the aromatic amino acid pathway interme-
diates 3-DHQ, 3-DHS, SHI and S3P with respect to the stimulating precursors
P5P and PEP measured in E. coli 4pF78 after glucose pulse. Only the data from
17.5 seconds until the end of observation (27 seconds) were used for analysis.

activity is realized via AroG and to a less extent by AroF. The trypto-
phan sensitive AroH is only of minor importance [Pit96]. Because E. coli
4pF78 possessed a plasmid-encoded aroF7P" overexpression, it can be ex-
pected, that AroF7*" and AroG were responsible for the prevailing amount
of carbon flux into the aromatic amino acid pathway. As indicated in Ta-
ble 2.10, a high PEP affinity of the native AroF (Kp; ~13 puM) and some
conflicting results with respect to AroG (Kps ~5 — 80 pM) were found
by in vitro studies. Provided that the feedback-resistant AroF/*"mutant
possessed similar PEP affinity compared to AroF (Jossek et al. [JBS01]),
PEP-limited AroF#*" or AroG activities should not necessarily occur dur-
ing the first phase of experimental observations when intracellular PEP
levels were sufficiently high. However, they were likely to occur during the
later phase, when intracellular PEP levels decreased. Hence, a first indica-
tion was found that the intracellular PEP levels significantly controlled the
activity of enzymes in the aromatic amino acid pathway

With respect to Figure 2.25, the remarkable observation is made, that
all precursors and intermediates show a zero-crossing at about 17.5 sec-
onds, indicating the start of a common in-phase oscillation after a short
pool inertia. At this time, intracellular PEP levels had already diminished
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to about 35 puM. This finding was the motivation for a separate correla-
tion analysis, now using all pool velocity data from 17.5 seconds onwards.
Interestingly, it was found (see Figure 2.27) that all intermediates showed
very high correlations to PEP (3-DHQ (0.87), 3-DHS (0.87), SHI (0.96),
S3P (0.96)) and only low correlations to P5P (up to 0.37 in the case of
3-DHQ). All intermediates were now closely intercorrelated, showing val-
ues of not less than 0.74 in subsequent reactions. From this we concluded
that DAHP-synthase activity (meaning AroF/*", AroG and to a minor ex-
tent AroH ) obviously became PEP limited, thus switching the previous
dependence on P5P now to PEP, which coincides with the corresponding
correlation change of 3-DHQ and 3-DHS. Pool velocity oscillations of these
compounds were now in-phase with SHI and S3P — which is in contrast
to the previous situation before 17.5 seconds. As a consequence, oscillation
ringing occurred, because the pool velocities of 3-DHQ and 3-DHS became
limited by the PEP supply during the course of the experiment.

The finding that limited PEP supply dominated pool velocity oscilla-
tions in the aromatic amino acid pathway - and especially those of S3P,
the substrate of EPSP-synthase - can also be understood as an indica-
tion for further production-strain optimization. Previous studies of Draths
et al. [DPCT92], Patnaik and Liao [PL94], Patnaik et al. [PSLI5], Berry
[Ber96], Flores et al. [FXB96] and Li et al. [LMD"99] already addressed
the problem of well-balanced PEP and E4P availability to achieve a max-
imum carbon flux into the aromatic amino acid pathway. It has also been
shown by Sprenger et al. [SSST98b] that an optimized precursor supply
can be achieved by a combination of transketolase (tktA) over-expression
together with a phosphoenolpyruvate synthase (pps) amplification or by
implementing an alternative, non-PTS based glucose uptake. In general,
the results of this study support the findings. However, with respect to the
correlation analysis of the L-Phe producing F. coli 4pF78, PEP availability
is assigned to be even of higher importance than E4P supply, represented
by P5P in this study.

Finally, the ‘pool efflux capacity’ criterion (PEC) was applied again (Fig-
ure 2.24), based on the pool velocities presented in Figure 2.25. Absolute
minima like 1.24 (3-DHQ), 0.92 (3-DHS), 0.37 (SHI) and 0.3 (S3P) were
calculated. As a consequence, AroB, AroD and AroE, using DAH(P), 3-
DHQ and 3-DHS as substrates, could be excluded as potential candidates
for metabolic engineering. Because the observed criterion differences for
SHI and S3P were relatively small, AroL/AroK (shikimate kinase), cat-
alyzing SHI to S3P, as well as AroA (EPSP synthase), catalyzing S3P with
PEP to EPSP, were regarded as promising candidates with enhanced flux
control. In the case of AroK/AroL, aroL should be preferred owing to its
higher shikimate affinity (see Table 2.10). Again, this target identification
is in agreement with previous observations of Dell and Frost [DF93] and
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Snell et al. [SDF96]. The criterion even succeeded to avoid the misleading
identification of AroE (shikimate dehydrogenase) as a target for gene over-
expression, which could occur if pure concentration analysis would have
been performed ([DF93], [SDF96]). Nevertheless, the simple ‘pool efflux
capacity’ criterion should be used with care, as its applicability is limited
to linear pathways and superimposing effects like additional substrate lim-
itations of bimolecular enzyme kinetics are not thoroughly considered.

Summarizing Remarks

The experimental and analytical approach of metabolic profiling focusing
on anabolic pathways is not exclusive to the analysis of the aromatic amino
acid pathway. In contrast, considering the fact that a positive signal stimu-
lation (rising precursor concentration) should be favored to ensure measur-
able pool changes in the pathway, the example of negative PEP signaling
into the aromatic amino acid pathway anticipates even higher signals in
positively stimulated routes. This includes, for instance, amino acids, vita-
mins or antibiotics originating from precursors such as pyruvate, interme-
diates of the pentose-phosphate pathway or even TCA-metabolites such as
oxaloacetate, for which positive glucose pulse responses were already found
(data not shown).

The analysis of pathway dynamics offers new insights because of the
high data density gained after step-function or Dirac-like system stimula-
tion. Because short-term observation windows were chosen, gene regulatory
effects can be excluded thus focusing the analysis on pure enzyme kinet-
ics. Therefore, corresponding dynamic data represent a valuable basis for
model-based in vivo enzyme kinetic identification or thorough oscillation
analysis, as it is currently performed. It can be assumed that model iden-
tification of the linear pathway will be simplified compared to complex
network analysis because cross-interactions usually encountered should not
be expected.

Indeed, no detailed model analysis was necessary to obtain the presented
results. Pathway mechanisms were elucidated by simple correlation and os-
cillation analysis and even the pathway reconstruction is enabled by cor-
relation analysis too. Hence, the analysis of pathway dynamics stimulated
by glucose pulses should no longer be restricted to central metabolism but
it should be extended to anabolic pathways. This enables the use of simple
criteria such as the ‘pool efflux capacity’ criterion to identify the distributed
flux control in linear pathways thus revealing potential metabolic engineer-
ing targets.
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e Rapid Sampling and Sample Preparation: Based on the pre-
viously developed rapid sampling device ([PWBSB9S], [SBTWB99])
some technical improvements were realized ([BWTO01], [BucOla]) pre-
venting unwanted side-effects of glucose pulsing such as pressure and/
or dissolved oxygen rise at the same time enabling low 09y mixing
times of about 640 ms. The methanol based cell quenching protocol
was optimized such that low quenching temperatures of -50°C' could
be used for E. coli, which accelerated cell cooling and metabolism in-
activation. Still, the perchloric acid extraction method is applied for
cell disruption and metabolite extraction because its applicability has
been shown for the analysis of E. coli samples in large numbers of 160
samples per experiment. However, alternative methods, optimized for
other biological systems and metabolites, are currently investigated
as well.

e Metabolic Profiling: While the first stimulus-response experiments
were analyzed using enzymatic assays ([SBTWB99], [BucOlal]) to
monitor the metabolism dynamics of glycolysis, pentose-phosphate
pathway and tricarboxylic acid cycle, subsequent studies focused on
the alternative LC-MS/MS technology to achieve higher measure-
ment accuracy, lower detection limits and an increased monitoring
frequency because of significantly reduced sample volumes needed
for analysis. For the first time, Buchholz et al. [BTWO01] managed to
develop an LC-MS based analytical approach for central metabolism
metabolites and nucleotides using an ESI iontrap mass spectrome-
ter. A significant improvement of measurement accuracy and detec-
tion limit was further achieved by applying a triple-stage quadrupole
MS instead ([OT03], [01d03]). The latter was intensively used for
stimulus-response studies which also included the intermediates of
the aromatic amino acid pathway. After the access to purified stan-
dards of the aromatic amino acid pathway has been achieved, this
LC-MS/MS approach was successfully applied to measure intracellu-
lar concentrations of pathway intermediates. This opened the door to
perform - for the first time - metabolic profiling for the analysis of an
anabolic pathway after glucose pulse experiments.

e Metabolic Modeling Tool (MMT): Because the analysis of rapid
sampling data demanded for a specialized software, which was not
available, the metabolic modeling tool MMT was developed ([Hur01],
[HBA102]). Some basic software characteristics are (i) the relational
data base, which allows the management of complex experimental
data sets, models and modeling results, (ii) the implemented mathe-
matical routines, which allow the solution of stiff ordinary differential
equation systems, the parameter identification and the calculation of
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output sensitivity matrices and (iii) the interface to commercial pro-
grams such as MAPLE to allow the rapid test of new mathematical
algorithms which could be programmed later in the open source code.
MMT has been shown to cope with the complexity of metabolic mod-
els consisting of 27 dynamic variables and 302 parameters.

Modeling Metabolism Dynamics: Using MMT, a comparative
study was performed to identify an appropriate model reduction ap-
proach for simplifying complex metabolic models thus uncovering
the most important underlying mechanisms. Considering a set of 13
primary identified models, two different model reduction approaches
were tested, which both used the normalized sensitivity matrices, cal-
culated by MMT. It was shown that the PCA-based model reduction
is superior to the ’classical’ parameter sensitivity analysis, because an
upper-limit of the error-functional ¢ can (heuristically) be achieved
which consequently allows to use the approach as an automatic rou-
tine. Hence, compared to previous results of Visser et al. [VAHM™00],
an alternative approach is presented, which is solely based on math-
ematical constraints and which is intended to be used in MMT as a
standard routine.

Broaden the Scope to Anabolic Pathways: Motivated by the
fact that the analysis of glucose pulse experiments was limited to
the central metabolism so far, metabolism dynamics of the aromatic
amino acid pathway, as a typical example of a commercially interest-
ing biosynthesis, were monitored. It was shown that the basic draw-
backs, namely signal dilution and limited analytical access can be
overcome by the appropriate experimental procedure and the prepa-
ration of purified standards for LC-MS/MS analysis using knock-out
mutants and chemical synthesis in a concerted approach. For the first
time, metabolic profiling has thus been applied to monitor anabolic
pathway dynamics (AAA pathway) after glucose pulse. Based on the
dynamic pool curves measured the standardized pool velocities were
introduced. Thereof, the maximum (negative) values of each species
were identified and ranked, thus defining the data-driven criterion
‘pool efflux capacity (PEC)’. As a consequence, the need to overex-
press aroB (coding for 3-DHQ-synthase) was experimentally recon-
firmed studying F. coli 4pF20. While analyzing the resulting strain
E. coli 4pF78, damped oscillations of the pathway intermediates were
found. The repeated application of PEC permitted the conclusion
that aroD and aroE are not necessarily metabolic engineering tar-
gets but aroL and aroA. In addition, the correlation analysis of the
oscillating standardized pool velocity curves allowed the reconstruc-
tion of the aromatic amino acid reaction sequence. Beyond it, it was
found that PEP supply should preferably be optimized for e.g. L-Phe
production.
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FIGURE 2.28. Current simulation results modeling the metabolism dynamics
in the aromatic amino acid pathway in E. coli 4pF78 with respect to 3-DHQ,
3-DHS, SHI and S3P. Model predictions are indicated by (red) lines while FFT
smoothed concentration courses are given by small (blue) lines.

Based on the aforementioned results, the current and future activities of

stimulus-response studies focus on three major parts.

e MMT 2: As already pointed out, the primary software MMT (1) has
currently been replaced by a novel software MMT 2, which is actually
developed by the project partners at University of Siegen [HFWT02].
Some basic features of this novel MMT tool are: XML-based model
configuration and automatic model generation for different model
topologies and reaction mechanisms, model discrimination includ-
ing system analysis considering for instance elementary flux modes,
distributed computing using a PC-cluster (currently 128 computers
connected in the 'Rubens’-cluster) for simulation and model identi-
fication, detailed graphical visualization of the modeling results etc.
Although this tool development is competing with likewise specialized
software alternatives such as GEPASI 3.30 (http: /gepasi.dbs.aber.ac.
uk/softw/gepasi.html), E-CELL and Insilico discovery 1.0 (Insilico
biotechnology, Stuttgart, http://www.insilico-biotechnology.com) and
it also competes with comprehensive modeling approaches using gen-
eral simulation tools such as ProMoT/DIVA ([MHBGST7], [TGZG97],
[KJLGO00], [KGO01], [KBL*01], [MG03]) and ModelMaker (Cherwell
Scientific, Oxford, http://www.modelmanager.com/), the current MMT
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2 development is still motivated by the special modeling demands out-
lined in subsection 2.4. As a result, the identification of the ’correct’
model out of the set of competing approaches will be facilitated by
the distributed modeling and system analysis approach implemented
in MMT 2, as it will be shown by future studies.

Modeling pathway dynamics: As indicated in the preceding sec-
tion, the analysis of the AAA pathway dynamics so far was only
performed by applying ’simple’ statistical tools such as correlation
analysis. However, detailed modeling approaches are currently stud-
ied by Degenring [Deg03]. As an example of the actual, unpublished
results, Figure 2.28 is given. For the sake of brevity, only the model
predictions compared to the experimental data are shown. 3-DHQ, 3-
DHS, SHI and S3P were used as dependent variables while PEP, P5P
and cofactors were taken as measured (smoothed) input values. It can
be observed that general experimental tendencies are well reflected
by the model, which holds especially true for SHI and S3P. However,
the strong vibrations observed in 3-DHQ and 3-DHS (see also Figure
2.22) are not yet mirrored by the model predictions which obviously
demands for model refinement, for example by taking into account
central metabolism dynamics or feedback inhibitions by L-Phe, which
were both ignored so far.

Studying alternative systems: The analysis of anabolic pathway
dynamics after glucose pulses is currently extended taking into ac-
count alternative biological systems. As already outlined, a positive
pathway stimulation for instance by increasing stimulator concentra-
tions would be fortunate. Because of the PTS-based glucose uptake in
E. coli - which also exists in C. glutamicum - pyruvate (PYR) would
thus be an appropriate stimulator for pathway dynamics. This is why
current studies already focus on L-valin biosynthesis in C. glutam-
icum L-valin producers (together with an industrial partner). Two
molecules of pyruvate are needed to synthesize one L-valin molecule
in the cells, which gives rise to the assumption that the stimulating
signal into the pathway should even be fortified by factor 2. It is note-
worthy that L-valin synthesis in C. glutamicum is closely connected
to L-isoleucine and L-Leucine formation as well as to the production
of pantothenic acid. All pathway products are of commercial interest.
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Serial *C Flux Analysis Using the
Sensor Reactor

3.1 Motivation

Without doubt, metabolic flux analysis (MFA) has become an important
tool in metabolic engineering during the last decade ([Wie01], [Ste02]).
Since the foundations for MFA were laid in the 1990s, this tool increas-
ingly gained attraction because of the intracellular carbon flux distribu-
tions, which were derived as a result of analysis. The knowledge of intra-
cellular flux maps obviously allows a quantitative valuation of the phys-
iological cell state, the estimation of maximum product formation yields
making use of linear programming ([VS93], [INVMO95]), the identification
of promising metabolic engineering targets, and the retrospective assess-
ment of previous genetic manipulations [Nie98]. These MFA applications
are thus in agreement with the metabolic engineering demands formulated
in various definitions ([Bai91], [CT93], [Ste99], [Wes01]).

Furthermore, MFA also plays an important role when control coefficients
or theorems of the metabolic control analysis (MCA) should be applied
[KA93]. For instance, the most often-used flux control coefficients (FCCs,
[Nie97], [Nie98]) (usually) make use of the fractional changes of steady-state
fluxes caused by infinitesimal activity variations of the respected enzymes.
Hence, the MFA-based knowledge of the intracellular fluxes is most valu-
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able to apply classical MCA approaches, reviewed in [Fel92] and [VHO02]!.
MFA is still valuable for the application of the more recently published, new
MCA approaches which proposed a facilitated MCA access by getting rid off
restrictive experimental constraints such as an infinitessimal system pertur-
bation ([HB96], [KCH98], [Hat99],[VH02]). In general, these approaches
make use of simplified enzyme kinetics, such as lin(log)-approaches, to reach
this aim.

Farly MFA approaches used stoichiometric metabolism models together
with measured substrate consumption and product secretion rates in order
to identify intracellular fluxes. Following this strategy the first flux map for
a complete central metabolism was published by Vallino and Stephanopou-
los ([VS93]) studying L-Lysine production in C. glutamicum. However, the
application of this concept for complex metabolism networks necessitated
sensitive balancing assumptions such as a constant P/O ratio (about 2.5)
and/or closed balances for energy (ATP) or reducing equivalents, which
were both, highly speculative and not well justified [Wie02b]. Additionally,
experimental observations of subsequent studies outlined the speculative
character of these assumptions ([MdGW196], [SB99]). Moreover, bidirec-
tional fluxes and cyclic pathways (not coupled to measurable fluxes) could
not be resolved by pure metabolite balancing [BST97]. Hence, a more de-
tailed MFA — also allowing the identification of bidirectional fluxes — was
required.

As a consequence, C labeling experiments were performed providing
additional measurement information about 2C-13C correlations or frac-
tional 13C enrichments by NMR or (later on) by MS analysis ([Szy98],
[Wit02]). In general, these methods focused on the analysis of labeling pat-
terns found in the amino acids of the protein hydrolysate or in the metabo-
lites of the supernatant [Wie02a]. While Zupke and Stephanopoulos [ZS94]
published the first MFA results studying hybridoma cells with the aid of
'H NMR, Marx et al. [MAGWT96] investigated the central metabolism
of C. glutamicum in detail based on '3C analysis and metabolite balanc-
ing. Later on, 2-dimensional (namely 'H and '3C) NMR was intensively
used by [SHBT97] to study the riboflavin production in Bacillus subtilis.
Concomitantly, mathematical tools were developed to keep abreast of the
increasing metabolic model complexity and the rising amount of label-
ing information. Examples were the introduction of the isotopomer map-
ping matrix ([SCNV97], [SNV99]), the thorough statistical and mathemat-

!Flux control coefficients (FCCs) have also been shown to support MFA in under-
determined modeling systems [LD98]. It is noteworthy that the estimation of FCCs can
also be achieved if a kinetic metabolism model is already know, as shown by Prathumpai
et al. [PGWT03]. Besides, current MCA approaches (such as the one of Visser et al.
[VHO03]) intend to derive FCCs from non-steady state data by applying linlog-kinetics.
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ical analysis of the model identification problem ([WdG97], [WSAGM97],
[WMIT99]), the introduction of bondomers [Win02] and the detailed anal-
ysis of metabolic network structure (i.e. null-space analysis, elementary
flux modes, extreme pathways etc. [HS98], [SSPH99], [SFD00], [SKB*02b],
[SKWT02], [SVC02], [KS03]). Hence, numerous MFA studies were subse-
quently performed considering these tools. For example, applications are
found for E. coli ([SNV99], [EDP102]), Z. mobilis [dGOOb], C. glutam-
icum [dGO00al], P. chrysogenum [WGS'03] and S. cerevisiae ([GSCNO1],
[CGNO02)).

At the same time, GC-MS based analysis of the labeled amino acids in the
protein hydolyzate was developed ([CN99], [DS00], and recently [KAS03a])
and successfully applied in subsequent studies. Using the GC-MS labeling
data, for instance Penicillium chrysogenum strains were studied to qual-
ify the penicillin production [CTNOO] of high- and low-yielding strains, to
analyze the metabolic network [CNO0], to elucidate the adipate degrada-
tion in 7-ADCA-producing strains [TCN02] and to estimate the flux split
between oxidative pentose phosphate pathway and glycolysis, not only in
P. chrysogenum but also in B. clausii and S. cerevisiae [CCGT01]. Ad-
ditional studies were performed analyzing the carbon flux distribution in
serine protease (Savinase) producing Bacillus clausii.[CN02]. Streptomyces
nursei was studied during nystatin (an antibiotic polyketide) production
[JCNO1] and co-substrate metabolism was elucidated by a novel approach
called "reciprocal '3 C' labelling’ [CN02]. In addition, MALDI-TOF MS in-
creasingly gained interest to measure label patterns of preferably amino
acids in the culture supernatant [WHO00]. Following this approach, MFA
was applied for L-Lysine production with C. glutamicum strains ([WHO1a/,
[WHO1Db)).

Although 3C-based MFA appears to be the method-of-choice to deter-
mine intracellular flux distributions, the classical approach of metabolite
balancing was still successfully followed in numerous studies. Maybe the
possible pitfalls of "*C based MFA with respect to metabolite channeling
and model incompleteness [WVHO01] also motivated the use of the classi-
cal approach. For instance S. cerevisiae, was investigated by Nissen et al.
[NSNV97] and Vanrolleghem et al. [VIGGT96], the latter pointing out that
the P/O ratio in S. cerevisiae can be accurately estimated thus allowing
its use for stoichiometric models. Also, penicillin production in Penicillium
chrysogenum strains was intensively studied ([JNVM95], [GALVHO00]), pro-
viding changing flux maps of the growth phase and the product forma-
tion period. Beyond it, the flux balance approach (FBA, [VP94al, [VP94b],
[EP98]) should be noted which overcomes the problem of under-determined
stoichiometric systems using optimization objectives (such as growth max-
imum) in combination with flux restrictions. With the aid of FBA, for
instance phenotype phase planes were identified to predict the substrate-
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specific maximum growth of E. coli cells [ERP02], to allow the prediction
of evolutive strain development with respect to optimal growth [IEP02]
and to analyze the effects of gene additions and deletions systematically
[BMO1]. Nevertheless, *C-based MFA seems to be favored by most of the
experimentalists nowadays, presumably because there is no alternative if
detailed flux analysis should elucidate bidirectional steps or cycles and sen-
sitive balancing assumptions should be avoided.

However, despite the invaluable results which were obtained by 13C-based
MFA, some drawback hampered its use as a standard technology, especially
with respect to cell monitoring under industry-like production conditions.

e First, the state-of-the art analysis of '3C labeling experiments as-
sumed labeling equilibrium, e.g. in the amino acids of the protein
hydrolyzate, which forced the experimentalist to use the technology
either in steady-state experiments or under pseudo-stationary label-
ing conditions, i.e. during the exponential growth phase in batch ex-
periments ([Wie01], [Wie02a])

e Second, labeling can usually be performed only once per experiment.
Otherwise residual background '3C labeling, resulting from prior la-
beling, could interfere with the analysis, thus hampering the MFA
accuracy.

e Third, experimentalists always had to consider the significant labeling
costs (approx. € 250 /g fully labeled glucose) that made small-scale
experiments more attractive than large industrial-scale applications.

As a consequence, MFA based on labeling experiments was usually re-
stricted to small-scale in vitro conditions that were only partially compa-
rable to the large-scale industrial cultivations which - however - would be
an interesting target for the technology. Besides, MFA results only repre-
sented ‘snapshots’ of the intracellular flux distributions of these in wvitro
conditions whereas experimentalists would prefer information about time-
variant flux maps of realistic cultivation conditions in order to qualify the
strain performance.

Motivated by this discrepancy, the goal was defined to develop the so-
called ‘Sensor reactor’ that enables the use of *C-based MFA under
large-scale semi-industrial cultivation conditions. The technology
aims at the calculation of a series of flux maps, each map consisting
of ‘integrated fluxes’, documenting the changes of intracellular flux
distributions during a typical fed-batch process. Hence, the ‘Sensor
Reactor’ represents a tool allowing the time-resolved analysis of realistic
production processes comparable to ‘classical’ studies - but with more ex-
tensive use of 13C labeling information.
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It is noteworthy that the Sensor reactor concept is not restricted to a
certain mode of labeling or labeling analysis. Different labeling sources
such as [U-13C] or [1-13C] glucose (or others) should be applicable under
glucose-limited and/or glucose-saturated cultivation conditions with dif-
ferent growing or non-growing cells. This also includes the possibility to
analyze the labeling pattern in the most meaningful way. Hence the state—
of-the-art labeling analysis regarding the hydrolyzed pool of proteogenic
amino acids, which is mostly preferred for growing cells, the analysis of
labeling patterns found in the metabolites/amino acids of the culture su-
pernatant and the not-yet fully established methodology to analyze the
labeling pattern in the metabolome should be supported by the Sensor re-
actor?. As a consequence, techniques for cell labeling and rapid sampling
have to be developed.

2Recently, van Winden published the first MFA approach based on metabolome la-
beling patterns using HPAE-MS for analysis [Win02].
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3.2 The Sensor Reactor Concept
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FIGURE 3.1. Flow scheme of labeling experiments using the Sensor reactor.
After inoculation from the production process, the biomass is labeled, cultivated
in parallel to the production process (via Master/Slave control), harvested and
later analyzed to perform 13C based MFA. This process can be repeated several
times while the production process is running.

As a basic idea of the ‘Sensor Reactor’ concept, a small-scale bioreactor
of 1 L working volume is run in parallel to a large-scale production reactor.
Labeling experiments are carried out in the Sensor Reactor after it has been
inoculated with cells automatically taken from the production process at
freely chosen process time. The two reactors run in parallel, which is en-
sured by a master/slave control mode, until cell labeling is sufficient. This
can be achieved either by long-term labeling aiming at completely equili-
brated labeling patterns (for instance in the proteinogenic amino acids) or
by ‘mid-term’ labeling making use of a subsequent mathematical ‘wash-out’
correction of non-equilibrated labeling patterns [Win02]. During the label-
ing procedure, samples were taken frequently from both reactors in order
to verify process similarities. Labelled cells from the Sensor Reactor are
harvested and used for further '3C analysis providing the data for detailed
MFA. Thus an integral, time-averaged flux analysis of the labeling period
is enabled. After the Sensor Reactor had been emptied, it could be used for
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additional labeling experiments in analogy to the described procedure mon-
itoring the on-going production process (see.Figure 3.1). Provided that the
Sensor Reactor and production process show a similar performance, the
MFA results of the Sensor Reactor mirror the intracellular fluxes of the
production process.
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3.3 Technical Development

Significant parts of the following section were published in [MSD*03].
Results were acquired during the Ph.D. thesis of M. El Massaoudi
and during the master thesis of Spelthahn [Spe02] who were co-
supervised by the author. The Sensor reactor system was applied for
patent [MFdGTO1].

3.3.1 Settling on Corynebacterium glutamicum

Without doubt, the gram-positive, nonpathogenic, soil bacterium Coryne-
bacterium glutamicum represents one of the most interesting bacterial strains
for industrial purposes. Since its isolation in 1957 [KUS57] and the subse-
quent finding that L-glutamate was secreted under biotin limitation [SOT62],
the strain was subjected to mutagenesis numerous times, thus achieving a
"dynasty’ of excellent L-glutamate producers reaching product titers up to
150 g- L=t ([ES99], [DHKT02]). These strains were used in large-scale pro-
duction processes (up to 500 m?3) to serve an increasing glutamate market.
Beyond it, mutagenesis also enabled the construction of lysine, threonine,
isoleucine, tyrosine and phenylalanine producing strains [Leu96]. In 1999,
worldwide market of the 'big three’ amino acids L-glutamate, L-Lysine and
D,L-methionine (including their salts) counted more than 700 to 840, 370
to 430 and 380 to 450 kilotons per year, respectively ([Miil01], [DHK02]),
representing approximately 95% of the total amino acid volume. Today, the
worldwide consumption of amino acids is estimated to be over 2 million
tons [Her03], of which 1.5 million tons of L-glutamate are produced using
coryneform bacteria. In 2001, 550 kilotons L-lysine were produced world-
wide to serve a market with 7% growth rate per year [Her03|. The majority
of mono-sodium glutamate (MSG) is still used as a taste enhancer, while
D,L-methionine and L-lysine-HCI are most preferably added to animal feed
to enhance the nutritive value [DHK*02]3. In the case of L-glutamate and
L-Lysine, these amino acids were exclusively made by C. glutamicum which
stresses the importance of the strain.

However, C. glutamicum strain development obviously kept not restricted
to classical mutagenesis. Metabolic engineering tools were increasingly ap-
plied in subsequent studies focusing for instance on the construction of
L-lysine producers. Comprehensive reviews covering these works are writ-
ten ([EES93], [SLEEK95], [Kr#96], [ES99], [IGES01], [PMBMO03]). For in-
stance, L-lysine production was increased by over-expression of genes cod-
ing for aspartate kinase and dihydrodipicollinate synthase ([CES91], [EOS98)),

3The addition of 0.5% L-lysine increases feed quality as much as the addition of 20%
soybean meal [Her03].
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lysine export was studied and thus improved ([BEK93], [VSE96]), the bene-
ficial effect of glucose co-substrates (such as acetate) was discussed [PR03],
the need for a well balanced NADPH regeneration was outlined [WHO02] and

addressed [MHM™03], acetate overflow mechanism were studied in detail
[GWST03] etc.

Apart from these approaches, the availability of precursors such as as-
partate but also pyruvate, NADPH and ATP was investigated. Aspartate,
the product of the transamination reaction with oxaloacetate, was found to
be highly essential for an optimum L-lysine formation [MTES89] and pyru-
vate, NADPH and ATP were discussed as candidates that could potentially
limit lysine production ([VS94], [MSAGT97]), [WHO02], [PMBMO03]).
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FIGURE 3.2. Scheme of the five anaplerotic reactions found in C.glutamicum
- namely: PEP-carboxykinase, oxalacetate decarboxylase, malic enzyme,
PEP-carboxylase and pyruvate carboxylase. The corresponding pools are: phos-

phoenolpyruvate (PEP), pyruvate (PYR), oxaloacetate (OAA) and malate
(MAL).
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Because of the dependency of L-lysine formation on the precursor supply,
the refilling of the oxaloacetate pool via the anaplerotic reactions was one
of the most interesting targets of the on-going metabolic engineering re-
search. Considering the results of Peters-Wendisch et al., (PWWdAGT96],
[PWWP*97]), who identified the pyruvate carboxylase as an additional
anaplerotic enzyme in C. glutamicum (which is, by the way, in contrast
to the anaplerotic reactions found in E. coli), altogether five enzymatic
reactions had to be considered to cover C. glutamicum’s anaplerosis com-
pletely. These are: (i) GTP/ITP dependent decarboxylation of oxaloacetate
via PEP-carboxykinase [JS93], (ii) oxaloacetate decarboxylase leading to
pyruvate [JS95], (iii) NADP dependent malic enzyme (leading to pyru-
vate) [EES93] and the refilling reactions (iv) PEP carboxylase ([EFGS89],
[PWWdAGT96]) and (v) ATP dependent pyruvate carboxylase [PWWP*97]
(see Figure 3.2). It is noteworthy that C. glutamicum does not possess
transhydrogenase activity [KT72], thus giving the reaction cycle of pyru-
vate carboxylase and malate dehydrogenase the potential task to deliver
sufficient NADPH in the case of a limiting oxidative pentose-phosphate
activity. Recently, Koffas et al. [KJAS02] outlined the necessity to prop-
erly adjust pyruvate carboxylase with aspartate kinase activity because of
aspartate inhibition and lactate and acetyl CoA activation of this enzyme.

Motivated by previous findings ([SSAGT95], [MdAGW196], [MSdG*97],
[MEST99]) revealing that both, carboxylation and decarboxylation, oc-
curred simultaneously in vivo, Petersen et al. [PAGE100] succeeded to
quantify the individual anaplerotic fluxes and showed that PEP carboxyk-
inase is responsible for recycling two-thirds of the anaplerotically synthe-
sized oxaloacetate to PEP. Very recently, this results was critically discussed
by Klapa et al., [KAS03b] estimating a very low PEP carboxykinase flux
in another L-lysine producing C. glutamicum strain.

Despite these invaluable results presented above, it might be surprising
that all "¥C based flux analysis accomplished so far was limited to small-
scale experiments, preferring glucose limited chemostat cultures or shaking
flasks. Obviously, these experimental conditions did not reflect realistic
production conditions of a several 100 m? bioreactor which represents the
usual industrial reaction system of today’s L-lysine production. Hence, the
L-lysine producing C. glutamicum strain MH20-22B [SES92] was found to
be an excellent biological system to develop and to test the Sensor reactor
technology under industry-like production conditions.

3.8.2 Sensor Reactor Set-up

As indicated in Figure 3.3, the Sensor reactor was installed close to the
production process. While the production reactor had a total volume of 300
L, the volume of the Sensor reactor was two orders of magnitude smaller (2
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Production Sensor pid Sampling
reactor reactor unit (optinonal)

FIGURE 3.3. Experimental set-up of the production reactor/Sensor reactor unit.
Characteristic on-line measurements from the 'master’ production reactor (such
as pH, pressure, aeration) were taken as setpoints to control the Sensor reactor.
Labeled glucose is added via a special apparatus. The possibility of rapid sampling
is optionally considered, which is basically motivated by the (not yet realized idea)
that rapidly changing labeling patterns in the metabolome should be analyzed.
The Sensor reactor is automatically inocculated from the production process.

L). There was a similar ratio for the working volumes of the two reactors
(approximately 180 L/1.0 L).

3.5.8 Inoculation

An important aspect of the Sensor reactor approach is that similar pro-
cess performances should be obtained in both reactors during the labeling
process. Hence, cells drained off from the production reactor must not expe-
rience any differences in cultivation conditions and — even more important —
the cell metabolism must not be affected during the inoculation procedure
to ensure the same cell activity in the Sensor reactor. As a consequence,
the inoculation of the Sensor reactor should be a fast process that does
not cause any significant gradients in fermentation parameters such as pH,
pressure (p), temperature (T'), dissolved oxygen concentration (DO), sub-
strate concentrations etc.

To estimated the required maximum inoculation time, the following as-
sessment is given: The oxygen uptake rate (OUR) for a typical fermenta-
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tion with Corynebacterium glutamicum is 140 mmol - (L - h) ! (exponential
growth, OD = 70), which is equivalent to 0.039 mmol-(L-s)~!. The oxygen
solubility at 30 % DO (1.5 bar, 37 °C) is equivalent to approximately 0.22
mmol - L= (6.9 mg - L™1), which means that the DO will drop to zero
after 6 seconds. Hence a fast inoculation process is needed (< 2 seconds) to
prevent potential oxygen limitation. In addition, the inoculation procedure
should not cause cell damage for instance owing to increased shear stress.

Finally, from the point of view of an experimentalist working in large-
scale semi-industrial processes, the Sensor reactor technology should be
readily adaptable to conventional production reactors and it should not
cause any negative impact on the production process. As a consequence,
the authors decided to dispense with additional apparatus that had to be
installed inside the production reactor. Instead, the inoculation of the Sen-
sor reactor was performed by simply using the (hydrostatic) overpressure of
the production reactor, which was assumed to be present in the large-scale
bioreactors of interest.

A inoculation unit

steam

press. air

300 L reactor B pulsing device

N Ol

Sensor Reactor : !

FIGURE 3.4. Experimental setup of the inoculation (A) and the pulsing device
(B). Both are automatically controlled. They can be cleaned roughly by air and
sterilized by steam switching the solenoid valves 1-3 and 4,5, respectively.

As indicated in Figure 3.4(A) the Sensor reactor was connected to the
production reactor via the inoculation unit consisting of stainless steel tub-
ing (inner diameter 21 mm) between valves 1, 2 and 3 and a flexible tube
together with a ‘quick-connect’ unit installed behind valve 3. At the pro-
duction reactor, a standard port with diameter 25 mm was used. The di-
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aphragm valves 1-3 (type 2031, EPDM diaphragm, Biirkert, Germany) were
pneumatically controlled (7 bar air pressure) allowing

e the drain-off of potential ‘dead zone’ inoculation volume (located di-
rectly in front of valve 3) into the waste before Sensor reactor inocu-
lation (valves 1 and 2 were open, 3 was closed)

e the inoculation of the Sensor reactor (valves 1 and 3 were open, 2 was
closed)

All valves were automatically controlled via the process control system
run on the PC. Additionally, manually controlled valves were integrated to
clean the tubing by air flow and to sterilize the unit with steam. Using this
system, an experimental series was carried out which identified a total inoc-
ulation volume accuracy of 1.025 4+ 0.021L considering production process
overpressures from 0.4 to 0.7 bar and simulating fed-batch volume changes
by studying 140 L and 180 L reaction volume. Table 3.1 indicates that the
inoculation took between 1.20 and 1.56 s. Hence, if, for instance, a typical
glucose consumption rate of 0.5 ggiy cose - (oW - h)~! were assumed and a
high biomass concentration of 50 gcpw - L' were considered, then 0.007
Jglucose - L~! would be consumed by the cells during a ‘slow’ inoculation
procedure of 1.56 s, which we did consider to be not critical with respect
to unwanted cell-limitations.

TABLE 3.1. Inoculation volume accuracy using setpoint 1.02 L, considering vari-
ations of overpressure and liquid volume of the production process (PR)

Reactor overpressures (bar)
0.4 0.5 0.7

PR volume (L)

140 Mean inoculation vol. (L) 1.014  1.018 1.026
Standard deviation (L) 0.0276  0.01257 0.022
Filling time (s) 1.56 1.40 1.20
Num. of experiments 10 10 9

180 Mean inoculation vol. (L) 1.034  1.032 1.026
Standard deviation (L) 0.0244 0.0133 0.026
Filling time (s) 1.47 1.30 1.29
Num. of experiments 10 10 10

Total mean inoculation volume: 1.025 L; weighted standard deviation:
0.021 L
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3.8.4 Master/Slave Mode

As mentioned above, the Sensor reactor was run in the ‘slave’ mode com-
pared to the ‘master’ production reactor to ensure pH, temperature, pres-
sure and dissolved oxygen concentration were similar in the two reactors.
Figure 3.5 gives an example of the master/slave controlling results consid-
ering the courses of dissolved oxygen concentration (DO) after a series of
drastic set-point shifts including the sudden addition of antifoam to the
production process. As indicated, owing to the relatively small working
volume of the Sensor reactor, it is possible to follow the dynamic changes
of the production process very accurately and quickly.

3.3.5 Pulsing

Figure 3.4(B) represents a scheme of the automated pulsing device that was
also controlled by the process control software. As shown, the pulsing liquid
(maximum volume 60 mL) was pumped into the storage tank via a sterile
filter (1) (20 pm, Schleicher & Schiill, Dassel, Germany) or directly via port
(2). At the outlet of the tank, a system of 2 valves was installed to admit
the labeling solution into the Sensor Reactor when the 3/2 diaphragm valve
(1) was open and the 2/2 valve (2) was closed. Otherwise, for instance the
liquid from the storage tank could be released. The pulsing system was
sterilized by using 1 M NAOH for the solenoid valves and tubings and by
autoclaving of the storage tank and the connected sterile filter

Using an overpressure of 4 bar at the storage tank, the labeling substance
was pulsed into the Sensor Reactor by controlling the pulsing amount via
the opening time of valve (1). A nozzle pipe was installed inside the Sensor
Reactor so that the pulsing stream was directed at one rotating 4-blade
Rushton turbine thus dispersing the labeling substance most efficiently.
Figure 3.6 shows two examples of conductivity measurements with KCI as
an indicator of the mixing of 5 g - L™! glucose from which mixing times
were determined. This amount was chosen because ‘real’ labeling pulse
experiments were expected to need an '*C glucose enrichment of 10 % in
the bioreactor. From Figure 3.6 mixing times of 0.72 s (for a glucose pulse
concentration of 250 g - L™1) and 0.51 s (for 500 g - L™!) were identified.
Hence, the technology could certainly be used for ‘slow’ labeling processes
(like the labeling of the amino acids in the proteins), but also to monitor
quick, ‘short-term’ labeling effects, for instance in the metabolome. The
latter has not been studied yet. However, current research activities aim
at identifying rapidly changing 2C labeling patterns in the intracellular
metabolome, which necessitates a rapid sampling technology to enable a
highly frequent metabolic flux analysis (see section 3.6).
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FIGURE 3.5. Example of master/slave controlling mode: Dynamic dissolved oxy-
gen setpoint shifts (DO) in the production reactor were performed (see arrows).
The measured DO concentrations in the production (filled rectangles) and in the
Sensor reactor (open circles) are shown.
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FIGURE 3.6. Estimated 9o mixing times of glucose pulses (indicated as arrow
labels) of two experiments with 250 g- L™ (A) and 500 g- L™" glucose-containing
pulsing liquid are shown. Both pulses caused a sudden increase of 5 g - L™*. For
standardized conductivity measurements KCl was added to the glucose solution.
Accordingly, 10 % upper/lower limits and pulsing valve I/O are given.
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3.3.6  Clltivation Experiments
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FIGURE 3.7. Sensor reactor test during a batch fermentation with C. glutamicum
MH20-22B. At the beginning of phases 1 and 2 the Sensor reactor was inoculated
and ran in parallel for approximately 2.5 hours, (see shaded areas). The filled
down triangle indicates OD measurements in the production process. Exponential
growth is shown by the line.

Using the Sensor reactor, batch experiments were carried out with C.
glutamicum MH20-22B for L-lysine production. The reaction volume of
the production process was 180 L and 1 L was chosen for the inoculation
into the Sensor reactor. As indicated in Figure 3.7, the Sensor Reactor was
filled twice at a process time of 14.5 h and 17 h for parallel fermentations,
thus allowing studies of the exponential phase of the fermentation process.
This phase is of particular interest for qualifying the technology because
medium limitations are excluded (per se) and potential differences in pro-
cess performance (measurable via discrepancies for growth, (co-) substrate
consumption and (by-) product formation) can only be caused by different
process conditions or originate from (partial) cell damage during inocula-
tion.

Figure 3.8 gives an overview of the experimental results using phase di-
agrams instead of usually presented time-resolved plots to illustrate the
similarity of the fermentations in the Sensor reactor and in the production
process. As indicated, optical density (ODgog) together with the curves
of the main carbon (glucose) and nitrogen source (ammonium), the aux-
otrophic compound L-leucine, the main product L-lysine and typical (in-
termediary) by-products like isoleucine, alanine, glycine, acetate, pyruvate
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FIGURE 3.8. Overview, representing the concentrations of glucose, optical den-
sity (ODeoo), ammonium, acetate, pyruvate, lactate, lysine, isoleucine, leucine,
alanine, glycine and oxoglutarate in the two parallel runs of phase 1 (down tri-
angle) and phase 2 (circle) in the Sensor reactor and in the production process.
To qualify the similarity of Sensor reactor and production reactor fermentations,
linear fits are given (line), together with regression coefficients (r) and the coef-
ficients of determination (r2).
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and lactate were analyzed in the samples taken simultaneously, approxi-
mately every 20 min, during the parallel operation of the two reactors. As
Sensor reactor concentrations were plotted versus the corresponding con-
centrations in the production process, a good similarity of the two reactor
runs is shown by linear correlation with the 45° slope and an intercept close
to zero. The regression coefficient r is given as a quality criterion of the
linear fit. Additionally the coefficient of determination 72 [%] is calculated
to indicate how much of the original variability of the Sensor reactor results
is explained by the regression line regarding the corresponding values of the
production process.

If the criteria of 45° slope, (estimated) intercept close to zero, high re-
gression coefficient and high coefficient of determination are taken into
account, most of the curves of phases 1 and 2 show good similarity be-
tween the production process and the Sensor reactor fermentations. Con-
centrations in the two reactors were very similar at corresponding process
times. This holds true for the main carbon and nitrogen sources glucose
and ammonium, the biomass (indicated by the optical density ODgqg), the
auxotrophic compound leucine, the targeted product L-lysine and the (in-
termediary) by-products isoleucine, glycine and oxoglutarate. In the case
of isoleucine, it should be stressed that this amino acid was produced in an
earlier fermentation phase (not indicated here) and consumed later. The
metabolites acetate and lactate also showed acceptable 45° linear slopes.
However, the regression coefficients r and r2 for lactate and acetate were
significantly lower than the corresponding values of the other metabolites,
indicating a noisier linear fit. For acetate, this was mainly due to the last
measurements in phase 1 carried out more than 2.5 h after inoculation.
Here, a technical problem with oxygen control occurred in the Sensor re-
actor.

A good similarity between the two reactors was not only shown by the
concentrations in the Sensor Reactor and the production rector, but also by
the appropriate rates e.g. lysine production rate [mmolly sine * (OD - h)’l]
(0.115 4 0.018 production reactor, 0.0963 & 0.013 Sensor reactor), leucine
consumption rate [mmoljeycine - (OD-h) 1] (0.0239+0.0023 production re-
actor, 0.0239-+0.0026 Sensor reactor), glycine production rate [mmolgycine-
(OD-h)~1 (0.00237=+0.00038 production reactor, 0.00250+0.00033 Sensor
reactor) and glucose consumption rates [ggiy cose (OD-h) 1] (0.197+0.036
production reactor, 0.233 +0.033 Sensor reactor). Hence we concluded that
rates for biomass production, glucose consumption, lysine production etc.
were sufficiently similar thus fulfilling the necessary similarity criterion for
a successful interpretation of a Sensor reactor MFA as a mirror of the pro-
duction process.

However, when 3C labeling experiments were carried out, a '3C-contai-
ning glucose pulse had to be added to the culture in order to label, for
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FIGURE 3.9. Effect of a 10 g - L™! glucose pulse on the concentration curves in
the Sensor reactor compared to the production reactor. To illustrate the quality
of fit the regression coefficient r is given.

instance, the amino acids inside the cells. Hence the question arises, if
cellular metabolism is affected by the sudden glucose addition. In analogy
to E. coli, C. glutamicum also has a phosphotransferase system (PTS) for
an active glucose uptake. Assuming that Kg values for the glucose specific
uptake were in the same order of magnitude as those of E.coli [Fer99],
we expected the glucose uptake to be fully saturated in the presence of
relatively high extracellular concentrations > 0.01 mM (a criterion which
is usually fulfilled during batch processes). Hence, an additional glucose
labeling pulse should not affect glucose uptake and should create a constant
mixture of labeled/unlabeled glucose in the Sensor reactor.

To study this hypothesis, glucose pulse experiments were carried out fol-
lowing the same experimental procedure as described above except for the
addition of a significant 10 g- L~ glucose pulse into the Sensor reactor. In
Figure 3.9, measured glucose concentrations in the Sensor reactor are plot-
ted versus their counterparts in the production process. Again, a good linear
correlation (r = 0.975) showing a 45° slope was identified. The vertical gap
between the identity of the linear course and the measured values clearly in-
dicated the glucose pulse, which could also be identified by the interception
at 0 g-L~! in the production reactor. Using these data, glucose consumption
rates [ggiucose - (OD-h) 7] of 0.122+£0.0025 for the production reactor and
0.11 £0.0105 for the Sensor reactor were calculated (assuming a mean OD
during the ‘labeling’ procedure), which were identified as statistically equal.
This also holds true for the lysine production rate [mmoljy sin e - (OD-h) 1]
(0.00912 4 0.00075 production reactor, 0.00964 + 0.00084 Sensor reactor),
leucine consumption rate [mmoljeyeine - (OD - h)~1] (0.00544 4+ 0.00065 pro-
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duction reactor, 0.00642 + 0.00077 Sensor reactor) and glycine production
rate [mmolgiycine - (OD - h)™'] (0.000479 £ 0.000043 production reactor,
0.000532 £ 0.000048 Sensor reactor). Hence cell metabolism was obviously
was not affected by the glucose pulse.

3.8.7 Interim Summary: Sensor Reactor Development

The experimental results showed that a fast inoculation of the Sensor re-
actor, simply based on the existing overpressure of the production process,
was possible within 1.20 to 1.56 s without using additional technical de-
vices of the production reactor. A negative impact of the Sensor reactor
on the production process could be ruled out. In the later fermentation
process, the master/slave modes ensured parallel operation of the Sensor
and the production reactor. Pulses with labeled glucose were shown to be
added quickly to the culture within 0.51 to 0.72 s mixing time, thus also
allowing fast labeling experiments (for instance by analyzing labeling pat-
terns of the metabolome) to be performed in future studies. Fermentation
experiments with C. glutamicum showed very good similarities between the
Sensor reactor and production reactor, even when significant pulses of 10
g - L1 glucose were added to the Sensor reactor.

In summary it can be stated that the Sensor reactor (shown in
Figures 3.10 and 3.11) represents a promising tool for serial 1*C
labeling experiments. Hence the tool was applied as shown in the
following sections.
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FIGURE 3.10. Experimental setup of the 1-L Sensor reactor together with the
standard equipement for fermentation control and the 300-L bioreactor.
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FIGURE 3.11. Details of the Sensor reactor setup used. The 300-L bioreactor
is connected to the 1-L Sensor reactor via an inoculation unit (including PC
controlled valves for inoculation and cleaning).
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3.4 MFA for L-Lysine Producing C. glutamicum

3.4.1 Analysis of the Growth Phase

Significant parts of the following subsection were published by Drysch
et al. [DMM™'03] Results were acquired during the Ph.D. thesis of
M. El Massaoudi and A. Drysch which were co-supervised by the
author.

Using the Sensor reactor technology, a batch experiment with lysine-
producing C. glutamicum MH20-22B was carried out to study the alter-
ations of the in vivo metabolic flux distribution during lysine production.
Therefore, a series of three parallel fermentations was performed represent-
ing three subsequent periods during exponential growth with a growth rate
of 0.20+£0.01 =1, As indicated in Figure 3.12, experiments were performed
from 8.5 to 10.5, 11 to 13.5 and 14 to 16.25 hours process time. For the
estimation of the concentration courses of the main carbon source glucose,
the auxotrophic compound leucine, the target product lysine and the by-
products trehalose, valine and lactate, supernatants from the production
and Sensor reactor were analyzed by 'H-NMR (see A.3.5). Comparing the
three Sensor reactor fermentations with each other, a gradual significant
increase of lysine production was identified, even though the auxotrophic
substrate L-leucine was not limiting at all times 3.13.
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FIGURE 3.12. Growth curve of L-lysine producing C. glutamicum MH20-22B
in the 300-L bioreactor. 3 subsequent Sensor reactor experiments were run as
indicated by the shaded phases 1 to 3.
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FIGURE 3.13. Overview of the concentration courses in the fermentation su-
pernatant of the sole carbon source glucose, the principal product lysine, the
auxotrophic substrate leucine and the by-products trehalose, valine and lactate
during the phases 1 to 3 in the Sensor reactor.

According to the previously described procedure, a '3C-containing glu-
cose pulse was added to the culture at the beginning of each parallel fer-
mentation (see Appendix A.5.1) in order to label the proteinogenic amino
acids. The glucose pulse was limited to max. 10 % of the total glucose
amount of the Sensor reactor to prevent, for instance, unwanted osmotic
stress. Because of the similarity between the phosphotransferase system in
E. coli and C. glutamicum, and the fact that the Kj,-value of the glucose-
specific PTS in E. coli is known to be in the range of 3 to 10 pM [Fer99],
no significant changes of glucose uptake before and after the pulse are to
be expected (under these conditions), as already shown in the previous
section.



3.4 MFA for L-Lysine Producing C. glutamicum 115
| v Phase1 ¢ Phase2 = Phase3 |
40 10 40
E. 300 glucose -l 75  OD,, .. 30 lysine -
=] ° o " L]
§ 20 . 50 @ 20 o
P2 . Py L]
810 w r=0.998 | 25 Y r=0.995| 10 «*  r=0.998
1< = § i ‘
2 . -
0 100 200 300 400 0 25 50 75 100 0 10 20 30 40
12 6,0 2,0
)
E 9 r=0993 4,5 r=0.993 1,5 r=10.961 )
S v ¥ b ] s’
§ 6 | 3.0 F o 1,0 e
2 s 2 " v
E . '.. v
2 3 ;"l leucine | 1,5 s trehalose 0,5 valine
c )
n
0 3 6 9 12 00 15 30 45 60 00 05 10 15 240

Production Reactor [nM]  Production Reactor [mM]  Production Reactor [mM]

FIGURE 3.14. Concentrations measured in the supernatant of the Sensor reactor
versus their analogues measured in the production reactor. Glucose, biomass
(ODsoo), lysine, leucine and the by-products trehalose, and valine are shown.
Additionally, the correlation coefficient r is given.

To study the similarity of the fermentations, the concentrations of metabo
lites in the Sensor reactor were plotted versus their analogues measured in
the production reactor. The correlation courses show satisfactory slopes of
about 45°, high regression coefficients approaching 1 and an (estimated)
intercept at the origin of the diagram 3.14. This holds true especially for the
most important physiological values such as biomass (indicated by the opti-
cal density ODgqg), the main carbon source glucose, leucine, and the prod-
uct lysine. From that we concluded that in all three fermentation phases
a very good similarity of the metabolic states of the cells in the produc-
tion and Sensor reactor existed thus allowing to transfer the results of the
subsequent MFA from the Sensor reactor to the 300 L production process.

For the flux analysis, rates of glucose consumption, lysine production
etc. of all three Sensor reactor fermentations were calculated from the con-
centration measurements at different time points (see Table 3.2) and used
in an integrated metabolic balancing and isotopomer labeling analysis as
described in section A.7.7. The model presented in section A.7.8 was used.

Isotopomer labeling data were derived from the hydrolyzate of the pro-
teinogenic amino acids as described in sections A.3.7, and A.3.8. The fine
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TABLE 3.2. Important extracellular fluxes for C. glutamicum MH20-22B during
exponential growth in the three Sensor reactor fermentations used for metabolic
flux analysis
Specific rates Phase 1 Phase 2 Phase 3

[mmol - gcpw -]

glucose consumption 3.7+0.34 3.84+0.37 3.240.20

leucine consumption 0.074 +0.007 0.076 4+ 0.006 0.042 4+ 0.002

lysine production 0.113 +£0.024 0.260 4+ 0.015 0.414 4+ 0.024

trehalose production 0.013 £0.009 0.037 4+ 0.005 0.029 £ 0.002

Standard deviations were derived from regression analysis indicating measure-
ment errors and corresponding flux variations. The cell-dry weight (CDW)

concentration used as a reference for the production and consumption rates

was obtained by optical density as CDW [g . L_l] =0.25 [g . L_l] -ODggo.

structures of 13C multiplet signals (intensities) from different carbon atoms
in eleven amino acids were evaluated from the 2D NMR spectra of the cell
hydrolysates obtained from all three Sensor reactor fermentations (see in
Appendix A.3.9 Tables A.5, A.6 and A.7). The spectra showed clear and
well-resolved multiplet patterns indicating that the labeling grade of 7 - 10
% used was sufficient for the flux analysis even after the short incubation
times of only 2 - 2.5 hours.

During a batch culture, the metabolism is not fully at steady state. Up to
now, no adequate mathematical tools for the treatment of such non-steady
state labeling experiments have been published, although corresponding
research is currently performed and will without doubt lead to a thorough
understanding of the underlying non-linear, dynamic mechanisms (see 3.6).
Therefore, the fluxes in each phase were calculated as if the labeling pat-
terns were the result of a constant metabolism and can be termed as “in-
tegrated or summarized fluxes” [JCNO1]. As a consequence, these fluxes
simply reflect “summarized tendencies” in the metabolism of each phase
and should not be interpreted as actual in vivo fluxes at the end of each
parallel fermentation.

It is noteworthy that the 2 to 3 hours labeling applied during the expo-
nential growth phase were presumably not sufficient to achieve a stationary
labeling pattern in the proteinogenic amino acids. Therefore, only a fraction
of labeled glucose was used as input value for the model identification pro-
cess with the C-flux software package. Details are given in the appendix
A.7.7 and A.5.2.

Using the mathematical framework, fluxes in the central metabolism were
identified by the best fit of simulated labeling data to the NMR measure-
ments. The weighted sums of squared residuals were 167 (phase 1), 136
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TABLE 3.3. Selected calculated intra- and extracellular fluxes and their standard
deviation in C. glutamicum MH20 -22B during the phases 1 to 3 of the batch
culture in the Sensor reactor

Reactions Flux estimates [mmol gcpyh~!]
glucose consumption? 3.13+£0.07 3.23 £0.07 3.29 + 0.07
G6P—P5P? 1.184£0.20  0.98 £0.24 1.12 +0.46
G6P—F6P 1.88+0.20 2.134+0.23 2.06 +0.44
GAP—PEP/PYR® 498 +£0.15 5.154+0.14 5.25 £0.17
PEP/PYR—AcCoA 3.69£0.13 3.59+0.12 3.43£0.15
AcCoA—TCA cycle 3.16 £0.15 3.05+0.14 2.90 £0.17
SUCC—OAA/MAL 2.88+0.10 2.77+0.10 2.62 £0.10

PEP/PYR—OAA/MAL? 1.70£0.08 1.58 40.07 1.32 4 0.07
OAA/MAL—PEP/PYR® 0.98+0.02 0.72£0.03 0.32 £0.05
OAA/MAL—Asp 0.32+0.01 0.47+0.01 0.61 £0.01
lysine formation” 0.13+0.01 0.27+0.01 0.41+0.01
“calculated glucose consumption rate from flux analysis; "P5P codes for the
lumped pools of ribose-5-phosphate (R5P), ribulose-5-phosphate (Ri5P) and
xylulose-5-phosphate (X5P); “Net flux; dlumped anaplerotic reactions - namely
PEP carboxylase, PYR carboxylase; “lumped reverse anaplerotic reactions -

namely PEP carboxykinase, OAA decarboxylase, malic enzyme; fcalculates
lysine production from flux analysis

(phase 2) and 213 (phase 3), respectively, for 100 measurement values of
labeling patterns and extracellular rates. Thus, the average residual was
max. 1.5 standard deviations indicating a good model consistency.

The resulting metabolic flux maps are shown in Figures 3.15, 3.16 and
3.17. Table 3.3 summarizes some key fluxes together with the statistical
error estimates. According to the flux maps, the flux entering the pentose
phosphate pathway (G6P — P5P) was calculated at 38, 30 and 35 % of the
molar glucose consumption in the three Sensor Reactor experiments, re-
spectively, with estimated relative standard deviations ranging from about
20 to 40 %. These values differ from the 47 % also found in exponentially
growing C. glutamicum MH20-22B [SSAG195] (i.e. to be compared with
phase 1) and from the 66.4 % found for this strain in chemostat culture
during lysine production [MdAGW'96] (more or less comparable to phase
3). However, the differences are hardly significant because of the relatively
large imprecision in the flux estimates which are most presumably a con-
sequence of the [U —* C] glucose used. This labeling substrate was previ-
ously found to be non-suited for the determination of the flux split ratio of
glycolysis versus pentose phosphate pathway [MWKdG99).

As indicated by Table 3.3, the absolute flux through the glycolysis (from
F6P to PEP/PYR) was identical within the error margins in all three par-
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allel fermentations, which also holds true for the normalized fluxes (molar
percentage). If the glucose uptake is compared to the flux of C3 units at
the triose phosphate level (GAP), a drain off from central metabolism to
biomass production and CO4 formation of about 20 mol% can be derived.
The flux through isocitrate lyase and malate synthase (glyoxylate shunt)
was found to be nearly 0 in all three Sensor reactor experiments indicating
that no significant activity of the glyoxylate pathway was present in vivo,
which is in agreement with previous findings ([SSAGT95], [MdGW™'96])
supporting the hypothesis that the glyoxylate cycle is significantly reduced
in C. glutamicum during growth on glucose as compared to acetate as the
sole carbon source [WdGSE00].

As already mentioned in subsection 3.3.1 (see also Figure 3.2), lysine pro-
duction in C. glutamicum is strongly influenced by the precursor availability
and thus depends on the anaplerotic C3-carboxylation and the reverse C4-
decarboxylation reactions. As indicated in Table 3.3, these fluxes showed
only low calculation errors, which allows their detailed discussion. Interest-
ingly, the most noticeable flux difference in all three parallel fermentations
was observed at the anaplerotic node. The in vivo C4-decarboxylating flux
significantly decreased in the course of the three fermentation phases (see
Figures 3.15, 3.16 and 3.17). This decrease, of 30 % in the second phase
and as much as 70 % in the last phase, strongly correlated with the lysine
production that doubled and tripled in the 2nd and 3rd phase, respectively,
compared to the 1st phase.

Using '3C labeling-based MFA, Petersen et al. ([PAGE*00], [PMdGT01])
already showed that the decarboxylating flux via the enzymes oxaloacetate
(OAA) decarboxylase and malic enzyme is almost negligible in cells growing
in chemostate cultures. Therefore, it was presumed that the decarboxylat-
ing flux at the anaplerotic node during exponential growth was mainly
catalyzed by the PEP carboxykinase. However it is noteworthy that very
recent findings of Klapa et al. [KAS03b] partially contradict the results of
Petersen et al. [PMdG*01] by identifying a low PEP carboxykinase flux
and a high OAA decarboxylating flux in (another) lysine producing C. glu-
tamicum strain, which was identified by MS-based [1 —'3 C] analysis®. Yet,
this Sensor reactor study cannot distinguish between the different decar-
boxylating fluxes in C. glutamicum. Nevertheless, because the same strain
compared to Petersen et al. ([PAGET00], [PMdG101]) was used, the as-

4As a potential reason for these conflicting results, the authors outline the benefits
of their own, improved 3C-GC-MS-analysis of biomass hydolyzate compared to the
previoulsy used NMR approach. They also postulate triggering effects of the lactate
addition used in the Petersen experiments [PMdG101] with respect to an increased
gluconeogenesis activity.



3.4 MFA for L-Lysine Producing C. glutamicum 119

Dhaeca1- QK _ 1N K K

Glucose

Pentose phosphate

Glycolysis pathway

Tricarbonic acid cycle
and
glyoxylate cycle

Anaplerotic
reactions

s cO,

FIGURE 3.15. Map 1 of a series of three subsequent flux distributions represent-
ing the integrated fluxes of lysine producing C. glutamicum MH20-22B during
batch culture monitored by *C labeling form 8 to 10.5 h process time using the
Sensor reactor approach. All fluxes are given as molar precentage of the glucose
uptake. Thick and thin lines indicate central metabolism reactions or fluxes into
anabolic pathways and by-products, respectively. For abbreviations see Appendix.
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Phase 2: 11-13.5h
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FIGURE 3.16. Map 2 of a series of three subsequent flux distributions represent-
ing the integrated fluxes of lysine producing C. glutamicum MH20-22B during
batch culture monitored by '*C labeling form 11 to 13.5 h process time using
the Sensor reactor approach. All fluxes are given as molar precentage of the glu-
cose uptake. Thick and thin lines indicate central metabolism reactions or fluxes
into anabolic pathways and by-products, respectively. For abbreviations see Ap-
pendix.



3.4 MFA for L-Lysine Producing C. glutamicum 121

Phase 3: 14 - 16.5 h
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FIGURE 3.17. Map 3 of a series of three subsequent flux distributions represent-
ing the integrated fluxes of lysine producing C. glutamicum MH20-22B during
batch culture monitored by '*C labeling form 14 to 16.5 h process time using
the Sensor reactor approach. All fluxes are given as molar precentage of the glu-
cose uptake. Thick and thin lines indicate central metabolism reactions or fluxes
into anabolic pathways and by-products, respectively. For abbreviations see Ap-
pendix.
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sumption was made that (still) PEP carboxykinase is mainly responsible
for the decarboxylating flux in lysine producing C. glutamicum MH20-22B.

Riedel et al. [RRD"01] showed that the presence of PEP carboxykinase
activity is counteractive to the production of lysine, probably because rising
enzyme activity reduces the intracellular concentration of the lysine precur-
sor oxaloacetate (OAA). In accordance with this finding, the elimination
of the PEP carboxykinase activity in pck mutants led to a 60 % increase
of lysine formation concomitantly with increasing pool sizes of pyruvate,
a-ketoglutarate, aspartate and oxaloacetate in C. glutamicum MH20-22B
growing in chemostate cultures [PMdG™01]. Therefore, the present scenario
of a decreasing PEP carboxykinase flux coupled to an increasing lysine for-
mation, well confirms previous findings. It also outlines the quality of the
Sensor reactor system, because previous findings were independently re-
confirmed moreover offering the possibility to discuss temporary changing
flux patterns thus deriving working hypothesis for further metabolic engi-
neering.

Up to now, little information is available on the regulation of PEP car-
boxykinase activity in C. glutamicum. Jetten and Sinskey [JS93] found out
that the enzyme is strongly inhibited by ATP for oxaloacetate (OAA) syn-
thesis making it very unlikely that PEP carboxykinase catalyzes OAA for-
mation in vivo. To further elucidate the in vivo PEP carboxykinase regula-
tion, enzyme activity measurements were additionally performed using cell-
free extracts of all three Sensor reactor experiments (see protocol given in
section A.3.11). It was observed that the specific activities [U - mg;rloteme]
were almost identical (phase 1: 0.072 + 0.002, phase 2: 0.067 & 0.020 and
phase 3: 0.072 4 0.006, respectively). Again, this finding is in agreement
with previous results of Riedel et al. [RRD"01], who found that the en-
zyme is not regulated by cell-growth but weakly regulated by the carbon
source.

Studying the anaplerotic net fluxes given in the Figures 3.15, 3.16 and
3.17, an increase from 23 % (phase 1) to 30 % (phase 3) is identifiable
which coincides with rising lysine formation rates from 4 % (phase 1) to
13 % (phase 3). Obviously, the improved oxaloacetate and aspartate avail-
ability enabled increasing lysine production, in accordance with previous
findings [MTES89]. However, it is noteworthy that increasing anaplerotic
net fluxes were not the consequence of rising carboxylation rates. On the
contrary, the carboxylating flux diminished from 54 % (phase 1) to 40 %
(phase 3). Increasing net anaplerotic rates were thus caused by concomi-
tantly declining decarboxylation rates from 31 % (phase 1) to 10 % (phase
3) - a fact that might not have been expected before the experimental
observations were made.
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This (maybe surprising) finding also outlines the benefit of the Sensor re-
actor approach. Only the analysis of a series of subsequent flux maps reveals
temporary changes of intracellular fluxes and it thus allows the formula-
tion of further working hypothesis. In the current study, growing enzyme
inhibition by increasing, inhibitory pool sizes could be assumed to explain
- for instance - the declining carboxylation rates. In C. glutamicum both
anaplerotic enzymes PEP carboxylase and pyruvate carboxylase are known
to be feedback inhibited by aspartate ([0S69], [MS85],[PWWP*97]) while
a-ketoglutarate and oxaloacetate have been suggested as possible inhibitors
of pyruvate carboxylase ([PWWP197], [PMdG™"01]). Hence, to further elu-
cidate the regulation of the anaplerotic node reactions with respect to lysine
formation, it would be most meaningful to measure the intracellular con-
centrations of potential effectors such as aspartate, a-ketoglutarate and
oxaloacetate during Sensor reactor experiments. Following this concerted
approach using pool and flux analysis, the current underlying inhibitory
mechanism could be revealed and promising targets for production strain
optimization identified.

3.4.2  Analysis of the L-Lysine Production Phase

Significant parts of the following subsection were already accepted
for publication [DMW*03]. Results were acquired during the Ph.D.
thesis of M. El Massaoudi and A. Drysch who were co-supervised by
the author.

As a continuation of the previous work, the Sensor reactor technology
was subsequently applied to study the lysine production with non-growing
C. glutamicum MH20-22B in an industry-like fed-batch process. The anal-
ysis of the fed-batch production phase with non-growing cells was chosen
because this process mode represents a typical industrial application. In-
dustrial fermentation processes usually consist of a phase of cell growth
followed by a long lasting production phase during which negligible cell
growth takes place and which is characterized by a highly selective sub-
strate/product conversion. While the growth phase has already been stud-
ied (see preceding subsection) the current investigation focused on the pro-
duction phase.

It is noteworthy that the serial flux analysis of the production phase
necessitated some significant changes of the experimental procedure used
so far:

e Sensor reactor operation: It must be secured that the (substrate)
feeding profiles of the production reactor and the Sensor reactor are
identical so as to be able to install the same culture conditions in
both reactors.
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e Labeling: While labeling with >C-glucose was performed by a single
addition of the labeled substrate at the beginning of the labeling pro-
cess to analyze the growth phase, the fed-batch process additionally
requires the appropriate continuous feeding of the labeled substrate.

e Labeling analysis: Because non-growing cells are studied, the label-
ing information cannot be derived from the labeling patterns of the
proteinogenic amino acids in the biomass, as it was performed dur-
ing the serial flux analysis of the growth phase. Instead, the labeling
information must be taken from free metabolite pools either in the su-
pernatant or inside the cells. Intracellular pools are preferred because
of their supposedly short turnover times and an absence of memory
effects with respect to the C labeling. Memory effects would be ex-
pected with respect to the native amount of 3C labeling found in
the accumulated products in the supernatant that superimpose the
added '3C labeling aimed at.

e Modeling: Compared to the stoichiometric model used for cell growth
analysis, the current study allows the simplification of the model
structure because fluxes into amino acid biosynthesis, representing
cell growth, can be neglected.

In analogy to the foregoing study, the anaplerotic node was again in the
focus of the detailed flux analysis because of its importance for the produc-
tion of amino acids of the aspartate family. The total experimental set-up
was similar to the preceding experiments. Again, the 300-L bioreactor was
used as the production process which was coupled to the 1-L Sensor re-
actor in master/slave controlling mode and which was inoculated, labeled
and harvested twice according to the previously presented procedure (Fig-
ure 3.1).

At the beginning, the production process was started in batch mode
(for start medium, see A.2.2). 24.5 h process time after the inoculation
of the production reactor, the first Sensor reactor experiment was started
(phase 1) coinciding with the beginning of the L-leucine limited L-lysine
production phase. An inoculation volume of 1 L was automatically taken
out of the 300 L production process and injected into the Sensor reactor.
Immediately after inoculation, the glucose pulse for labeling was added
and the '3C containing feed started such that a constant level of 15 % 13C
labeled glucose was maintained in the Sensor reactor for the next 3 hours
(for details see A.5.3). Then, cells were sampled according to the protocol
given in the Appendix (A.3.1). Finally the Sensor reactor was emptied
and cleaned by aeration. After 0.5 hour the device was prepared for the
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FIGURE 3.18. Comparison of the feed rates installed in the Sensor reactor (thin
lines with filled area) and in the 300-L scale production process (thick line)
together with the courses of the biomass production (given by ODeoo). Please
notice that the feed rate of the Sensor reactor is scaled-down to the production
process by taking into account the current ratio of the reaction volumes of the
two reactors.

next experiment which was performed after 32 h process time (phase 2)°.
Hence, the beginning of the L-leucine limited production phase as well as a
subsequent phase 6 hours later could be monitored (and compared) making
use of the Sensor reactor.

As indicated in Fig. 3.18 differently scaled but otherwise identical feeding
profiles of the sole carbon source glucose during the L-Leucine limited pro-
duction phase (no cell-growth) were established in the production process
and in the Sensor reactor. The scaled-down feeding profile of the Sensor
reactor was calculated based on the relationship of the current reaction
volumes in the two bioreactors. A typical scale factor was 1:153. A small
amount of L-Leucine was also included in the feed medium (see A.2.2) to
fulfill the maintenance demands of C. glutamicum.

Figure 3.19 illustrates the similarity of the two fermentation runs in the
different bioreactors. Metabolite measurements were performed using stan-
dard analytical approaches (see A.3.2) as well as 1H-NMR measurements
(see A.3.5). The metabolites glucose, lysine, lactate, trehalose, isopropyl

5Please notice that the numbering of process phases should not be mixed up with
the corresponding numbering of the preceding batch experiments.
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FIGURE 3.19. Overview of representative metabolite courses observed during
the labeling periods 1 and 2 of the L-lysine production phase with non-growing
C. glutamicum MH20-22B cells. Filled square symbols indicate the production
process while open (up) triangles represent measurements of the Sensor reactor.
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malate and the optical density ODggg were chosen to represent the major
carbon source, the most important product and the formation of important
by-products. Courses of the auxotrophic substance L-leucine are not shown,
because the concentration was zero during the production phase with non-
growing cells. As indicated, high similarities were found for each course,
allowing the conclusion that similar cultivation conditions were achieved
in each bioreactor, which obviously is the basis to transfer metabolic flux
analysis (MFA) results of the Sensor reactor to the production process.

Following the modeling procedure presented in A.7.7 (which was already
applied in the preceding subsection), MFA considers measured rates such
as substrate consumption and production formation (so-called extracellu-
lar fluxes) together with the labeling information in a least-square model
identification process. Therefore extracellular fluxes represented by glu-
cose consumption and lysine, trehalose, isopropyl malate production rates
(mmol - go by - h) were determined for phase 1 (1.16 + 0.09; 0.31 + 0.01;
0.012 4 0.002; 0.014 + 0.001) and phase 2 (0.86 £+ 0.11; 0.27 4 0.01; 0.012
+ 0.002; 0.015 =+ 0.001) of the Sensor reactor fermentations.

Results of the 2D-NMR measurements of isotopomer distributions are
given in the Appendix (see tables A.8, A.9) as well as the analytical pro-
tocol used (see subsection A.3.13). It should be pointed out that these
measurements were made on an extract prepared from approximately 5 g
dry weight of quenched cells and thus represents the labeling state of the
important intracellular pools of free metabolites in vivo. These include tre-
halose, citrate, alanine, aspartate, threonine, valine, isoleucine, glutamate
and lysine (as indicated in the tables). Since these pools rapidly turn over
also in non-growing cells, (example: see below), their labeling state accu-
rately reflects the pseudo-stationary metabolic state during the labeling
period. This is in contrast to extracellular compounds present in the cul-
ture broth, that to a large extent may have been synthesized in the 300 L
bioreactor before being transferred to the Sensor reactor and as a conse-
quence are largely unlabeled and therefore less suited to take as a basis for
flux analysis. Indeed, the NMR analyses evidenced that the labeling degree
of valine and isoleucine, two uncharged amino acids that may strongly ex-
change with the extracellular compartment via diffusion over the cell wall,
was considerably lower than that of the precursor alanine.

For modeling, the combined metabolic balancing/isotopomer analysis ap-
proach already applied in the preceding subsection and also presented in
subsection A.7.7 was chosen. Basically, the model of Marx et al. [ MdGW*96]
was used as shown in the Appendix A.7.9. However, the model was simpli-
fied because the cells were observed under non-growing conditions. Strictly
spoken no fluxes from precursor metabolites into the amino acid pools for
biomass protein synthesis should be considered. Since this, however, would
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Production Phase 1: 24.5-27.5h
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FIGURE 3.20. Carbon flux distribution in non-growing L-lysine producing C.
glutamicum MH20-22B during phase 1 (24.5 to 27.5 h process time) in the Sen-
sor reactor. Fluxes are given as molar percentage of the glucose consumption.
Thick lines indicate estimated fluxes of central metabolism while thin lines show
reactions to by-products, anabolic pathways etc. For abbreviatons see Table B.1
in the Appendix.



3.4 MFA for L-Lysine Producing C. glutamicum 129

Production Phase 2: 32-35h
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FIGURE 3.21. Carbon flux distribution in non-growing L-lysine producing C.
glutamicum MH20-22B during phase 2 (32 to 35 h process time) in the Sensor
reactor. Fluxes are given as molar percentage of the glucose consumption. Thick
lines indicate estimated fluxes of central metabolism while thin lines show reac-
tions to by-products, anabolic pathways etc. For abbreviatons see Table B.1 in
the Appendix.
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lead to unrealistic unlabeled amino acid pools in the model, all the effluxes
of the amino acid pools for protein/biomass synthesis were set to a neg-
ligibly small non-zero value (0.0001 mmol - (gh)~!) to prevent numerical
problems. In addition to the directly measured cellular effluxes (such as
lysine formation), very small synthesis rates (non-measurable by standard
'H-NMR) of 0.0008 mmol-gg oy, -h ! of valine and 0.0003 mmol-gg b ™"
of isoleucine, as well as a transmembrane exchange of these amino acids had
to be considered in the model to account for the labeling observed in the
intracellular pools of these amino acids. Results of the flux calculations are
given in the figures 3.20 and 3.21 and in Table 3.4.

As indicated by the values given in Table 3.4, most of the intracellu-
lar reactions were estimated sufficiently accurate to allow the discussion
of the overall flux distribution. This especially holds true for the fluxes of
the anaplerotic reactions, which are in the focus of this study due to their
importance for L-lysine synthesis. A striking feature is that for both fer-
mentation phases, a net reverse glycolytic flux of F6P—G6P was calculated
together with a very high inaccuracy of the glucose-6-phosphate isomerase
reaction qualifying this result as not statistically significant. It should be
noticed that previous studies of Drysch et al. [DMM™03] achieved a higher
accuracy for the same isomerase reaction - namely 10% error margins. How-
ever, the previous study focused on the exponential growth phase and thus
could make use of labeling information in the aromatic amino acids tyro-
sine and phenylalanine as well as of labeling patterns in nucleosides like
cytidine and uridine that were also found in the biomass hydrolyzate. As
can be seen in the isotopomer data given in the Appendix (see tables A.8,
A.9), this information was not available in this study. Therefore, the high
error margins for the glycolytic flux encountered in the present study are
caused by limited labeling information detected by NMR. Future studies
employing mass spectroscopy for analysis of isotopic enrichments should
alleviate this problem.

As pointed out above, these flux analysis results can only be trusted if
the 3C labeling of the detected large intracellular pools truly reflects the
steady state value. This is the case if the pools have a sufficiently rapid
turnover meaning that at least 95% of the pools are exchanged during
the labeling period. Making use of the well-known ’classical’ chemical en-
gineering theory, this constraint realistically corresponds to a 3 fold pool
exchange considering the mean pool-residence time of a constant pool size
with a constant pool in- and efflux.

Historically, C. glutamicum is well-known as an L-glutamate producer
([KUS57], [SOT62]), thus recommending the intracellular glutamate pool as
an appropriate example to test the hypothesis. The representative metabo-
lite L-glutamate was analyzed and found to be 50 (phase 1) and 40 mM
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TABLE 3.4. Selected calculated intra- and extracellular fluxes and their standard
deviation in C. glutamicum MH20-22B during the phases 1 and 2 of the L-lysine
production in the fed-batch processin the Sensor reactor

Reactions Flux estimates [mmol . ga}jw . hil]
glucose consumption? 1.05 +0.05 0.75+ 0.05
G6P—P5P? 1.63 £ 0.59 1.194+0.41
G6P—F6P 0.61 +£0.73 0.47 £ 0.63
GAP—PEP/PYR® 1.50 +0.17 1.05+0.08
PEP/PYR—AcCoA 0.82 £0.15 0.45 £ 0.07
AcCoA—TCA cycle 0.81 £0.16 0.43 £ 0.09
SUCC—OAA/MAL 0.81 £0.14 0.43 £ 0.09
PEP/PYR—OAA/MAL?  0.43 4 0.03 0.29 £ 0.02
OAA/MAL—PEP/PYR® 0.11+0.07 0.02 £0.04
OAA/MAL—Asp 0.32 £0.01 0.28 £0.01
lysine formation/ 0.31 £0.01 0.28 £0.01

“calculated glucose consumption rate from flux analysis; "P5P codes for the
lumped pools of ribose-5-phosphate (R5P), ribulose-5-phosphate (Ri5P) and
xylulose-5-phosphate (X5P); “Net flux; dlumped anaplerotic reactions - namely
PEP carboxylase, PYR carboxylase; “lumped reverse anaplerotic reactions -
namely PEP carboxykinase, OAA decarboxylase, malic enzyme; fcalculates

lysine production from flux analysis

(phase 2), which is equivalent to 0.025 and 0.02 mmol - ga})w. The guiding
idea for the estimation of the L-glutamate turnover was to use its biochem-
ical function as an ammonium donor for L-lysine synthesis together with
the following assumptions:

e The turnover rate of the intracellular glutamate pool can be estimated
from the nitrogen flux considering that under conditions of ample
extracellular ammonium availability, the glutamine 2-oxoglutarate-
aminotransferase system (GOGAT) in Corynebacterium glutamicum
is inactive and all nitrogen not used for the synthesis of glutamine-
derived compounds is assimilated by the glutamate dehydrogenase re-
action [TdGS99]. This means that a lower boundary for the turnover
of the glutamate pool is set by the nitrogen assimilation necessary
for transamination and aminotransferase reactions involved in the
synthesis of lysine and its precursor aspartate.

e For lysine production, the following ammonium demands were as-
sumed: 1 mol aspartate is transaminated per mol of lysine (entrance
reaction of the lysine pathway) and 1 mol glutamate is needed for
the succinyl-diaminopimelate aminotransferase reaction per mol of
lysine unless the ammonium-dependent diaminopimelate dehydroge-
nase pathway is used. Obviously, the latter does not require gluta-
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mate but ammonium instead. According to the findings of Sonntag
et al. [SEAGS93], approximately 70% of lysine formation is expected
to proceed via the succinyl-diaminopimelate aminotransferase route
at the extracellular ammonium concentrations of 300 mM (phase 1)
and 275 mM (phase 2). Thus, the flux via the glutamate pool comes
up to 1.7 fold of the L-lysine production.

As a consequence a glutamate flux of 0.527 mmol - gEIDW -h~! was
estimated for phase 1 and 0.476 mmol - gEIDW -h~! for phase 2 (see also
Table 3.4). From this, glutamate turnover rates of 26.35 per hour (phase 1)
and 19.04 per hour (phase 2) were calculated, which represent 2.28 min and
3.15 min mean pool-residence times (turnover times). 95% pool exchange
was thus achieved after 6.84 min (= 3-2.28 min) and 9.45 min respectively.
Hence, 3 h of labeling were obviously enough to achieve an equilibrated
labeling pattern even in a high concentrated pool like L-glutamate.

Inspection of the flux analysis results for the anaplerotic reactions, the
main MFA target in this study, reveals some interesting effects. Despite an
increase in lysine selectivity going from phase 1 (31 mol%) to phase 2 (37
mol%), the anaplerotic carboxylating flux (i.e. PEP/PYR — MAL/OAA)
remained almost constant at 39 — 41 % of the molar glucose uptake rate.
During the same period, a surprisingly strong decrease of the reverse decar-
boxylating flux MAL/OAA— PEP/PYR (10 mol% during phase 1, reduced
to 2 mol% during the 2nd phase 6 hours later) was found that inversely
correlated with the increased lysine selectivity.

This finding is in remarkable agreement with previous studies of Pe-
tersen et al., (([PAGET00], [PMdG™'01]) and Riedel et al. [RRD*01], which
were already discussed in the preceding subsection. According to their find-
ings, the presence of PEP carboxykinase activity is counteractive for lysine
formation, most presumably owing to a reduced supply of the precursor ox-
aloacetate. While strictly speaking the present study - once again - cannot
discriminate between the enzymes PEP carboxykinase and malic enzyme
or oxaloacetate decarboxylase, Petersen et al., ((PAGE'00], [PMdG*01])
showed that malic enzyme and oxaloacetate decarboxylase are almost neg-
ligible inactive in cells growing in glucose chemostat cultures®. So the work-
ing hypothesis can be concluded that the decarboxylating fluxes found in
the present study are mainly catalyzed by PEP carboxykinase and that
their decline is closely correlated to the rising lysine formation. So far,
the results of the serial MFA in the production phase are similar to those
findings considering L-lysine production during the growth phase.

6 Again, the author wants to indicate that instead of PEP carboxykinase, oxaloacetate
decarboxylase was identified by Klapa et al. [KAS03b] to be mainly responsible for the
decarboxylating fluxes.
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FIGURE 3.22. Serial flux distributions in anaplerosis considering growing and
non-growing lysine producing cells of C. glutamicum MH20-22B. Carboxylating
(down triangle, open) decarboxylating (up triangle, open) net anaplerotic (square,
open) and lysine formation rates (circles, filled) are shown.

3.4.8 Flur Map Comparison - Growth vs. Production Phase

Up to now, the serial MFA results of the growth phase and the L-lysine
production phase were separately discussed leading to the similar finding
that - presumably - PEP carboxykinase activity declined and thus L-lysine
formation rates increased. From this one could conclude that PEP car-
boxykinase activity should be (fully) suppressed in an optimum L-lysine
producing strain to achieve maximum product formation rates. Whether
and how this was realized in the L-lysine production strain investigated
remains unclear. Either gene regulation or feedback inhibition by intracel-
lular pools can be assumed as potential reasons for the PEP carboxykinase
activity decline observed during the course of L-lysine production. How-
ever, more detailed serial studies, in combination with transcriptome and
metabolic profiling analysis are necessary to elucidate the underlying mech-
anism.

Unfortunately, little is known about PEP carboxykinase activity regu-
lation in wvivo (as already mentioned) apart from an inhibition of the re-
verse catalyzing potential at physiological ATP levels [JS93]. Therefore, the



134 3. Serial '*C Flux Analysis Using the Sensor Reactor

discussion of flux analysis results must remain limited to phenomenologi-
cal explanations based on comparative studies. For that, the summarizing
anaplerosis flux distributions given in Figure 3.22 offer the opportunity to
identify phenomenological differences between the growth and the L-lysine
production phase with non-growing cells.

The combined presentation of the preceding findings considering the sep-
arate batch and fed-batch experimental results is motivated by the fact that
both fermentation experiments were performed using a similar medium (see
A.2.2). During both fermentations, almost identical maximum growth rates
of 0.2 & 0.01 h~! were achieved thus excluding any medium effects (includ-
ing glucose and leucine) during the growth phase.

As shown, in growing cells decreasing fluxes via the decarboxylating
and the carboxylating anaplerotic reactions were observed. Because the
carboxylating rates were higher than the reverse rates, an increasing net
anaplerotic flux was found that led to an increase of growth-associated ly-
sine formation during the course of the batch phase, however at low lysine
selectivities not exceeding 15%. During the high-selective lysine formation
phase the scenario is different. For the first 10 h the carboxylating fluxes
and decarboxylating fluxes remain apparently at the values pertinent to the
final stage of the growth phase, thus leading to high lysine formation rates
because growth is halted. After 25 h lysine production even increases be-
cause the decarboxylating fluxes (via PEP carboxykinase) reduce to almost
negligible rates while carboxylation rates remain almost constant. The high
lysine/glucose yield of 37 mol% indicates an optimum of lysine selectivity
for this strain.

Motivated by these findings, one can conclude that in order to achieve im-
proved lysine selectivities during the fed-batch production phase, on-going
production strain development should aim at improving the carboxylating
reactions — namely PEP carboxylase and pyruvate carboxylase. PEP car-
boxykinase and oxaloacetate decarboxylase are almost inactive at optimum
lysine production, thus only the carboxylating reaction can further increase
the flux into the product.

It is noteworthy that this conclusion, which is essentially based on the
results of the serial flux analysis using the Sensor reactor, exceeds the fur-
ther finding that decreasing PEP carboxykinase activity enabled increased
L-lysine formation rates. Now, two metabolic engineering targets are identi-
fied -namely the reduction of PEP carboxykinase activity and the fortifica-
tion of PEP carboxylase and/or pyruvate carboxylase activity - to further
improve the selectivity of L-lysine production with C. glutamicum.
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3.5 MFA for L-Phenylalanine Producing E. coli

Significant parts of the following section were submitted for publi-
cation [WMS™03]. Results were acquired during the Ph.D. thesis of
A. Wahl and M. El Massaoudi which are/were co-supervised by the
author.

The preceding sections have shown that the Sensor reactor approach
enables serial flux mapping during batch and fed-batch periods exemplar-
ily studying the L-lysine formation in C. glutamicum MH20-22B under
industry-like production conditions. In order to demonstrate that the Sen-
sor reactor technology is not limited to C. glutamicum, an alternative strain
- namely the recombinant L-phenylalanine (L-Phe) producing E. coli 4pF81
(for genotype details see Table A.1) - was chosen, which has played an im-
portant role during the L-Phe process development as presented in the
subsequent chapter 4. Hence the results obtained during serial flux anal-
ysis of L-Phe production were intended to be used for further metabolic
engineering of L-Phe producing strains. Additionally, these results are also
relevant with respect to the current research topics presented in section 4.6.

3.5.1 Settling on L-Phenylalanine Producing E. coli

Although a detailed motivation for choosing ’L-phenylalanine’ as a tar-
get for microbial process development will be given in section 4.1, some
introductory notes, elucidating the necessity to study intracellular flux dis-
tributions in an L-Phe producing strain will be presented in the following.

The production of aromatic amino acids, corresponding pathway inter-
mediates or derivatives thereof is without doubt of great commercial impor-
tance ([FL94], BKM*01], [SDH"01], [DHK"02]). Several approaches were
published in the past using for instance recombinant F. coli strains. Exam-
ples are the production of pathway intermediates such as 3-dehydroshikimic
acid [LMD%99], shikimic acid ([CYD"03], [KBR'03]), chorismate deriva-
tives such as 2,3 cyclohexane trans diole [FLET03] or 3,4 cyclohexane trans
diole [FSMO03] and the final pathway products L-tryptophane, L-tyrosine
and L-phenylalanine ([BKM*01], [DHK"02], [GMK™'02]). Among these
products, L-Phe currently represents the largest economical market with
11,000 to 12,000 tons per year and a product price of 20 to 40 US$ per kg
depending on the product purity [BKM*01]. In the case of L-Phe, the ma-
jority is used for the production of the artificial sweetener aspartame, for
instance in the ‘Thermolysine’ process at DSM, The Netherlands [SDHT01].

Motivated by these promising commercial perspectives, several studies
were previously performed investigating the optimum supply for the path-
way precursors D-erythrose-4-phosphate (E4P) and phosphoenolpyruvate
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(PEP). To ensure a sufficient E4P availability, transaldolase (tal) [JLLL97]
and/or transketolase (tktA) over-expression was studied [DPCT92] and
subsequently combined with phosphoenolpyruvate synthase (pps) over-ex-
pression ([PL94], [PSLI5], [Ber96], [GYXB96], [YLDF02], [CYD"03]) or
alternative glucose uptake systems in phosphotransferase system (PTS)
negative strains ([Ber96], [GYXB96], [FXB196], [CYPB97]). In addition,
Csr (carbon storage regulator) disrupted strains were used to ensure a suf-
ficient PEP supply [TRO1].

Despite the invaluable importance of these results for the optimization of
the aromatic amino acid precursor supply, detailed (}*C-based) flux anal-
ysis was not (yet) used to elucidate intracellular flux redistributions in
strains producing AAA pathway intermediates (or final products) such as
L-Phe. So far, flux analysis was applied to estimate (theoretical) optimum
flux distributions in DAHP (3-desoxy-arabino-heptulosonate-7-phosphate)
producers ([PL94], [PSL95]), which even achieved a glucose-to-DAHP con-
version with theoretical yield [LHC96]. Also the effect of inactivated PTS
for DAHP production was studied by MFA [FGFT02]. Furthermore, aro-
matic amino acid precursors such as PEP were investigated for instance in
pyruvate kinase (Pyk) knockout E. coli strains [EDPT02]. However, one
should consider that MFA for L-Phe producing strains significantly differs
from the DAHP-studies because of the second PEP molecule needed for
L-Phe production. It is also noteworthy that all studies were limited to
shake flasks or small, lab-scale bioreactors which obviously did not repre-
sent industry-like production conditions in large-scale bioreactors.

Hence it was planned to apply the Sensor reactor technology to an L-Phe
producing E. coli strain - namely E. coli 4pF81 - under realistic production
conditions. Following the optimized L-Phe process strategy described else-
where ([GMK™02], [RHK'03]) a serial *C based metabolic flux analysis
should be enabled aiming at

e identifying changing intracellular flux distributions during the L-Phe
production phase,

e comparing the identified fluxes with the theoretical, optimum flux
distribution,

e qualifying discrepancies between real an optimum flux distribution
by flux sensitivity analysis and

e finally deriving a working hypothesis for further production strain
optimization.
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3.5.2  Fermentation Experiments

Fermentations with E. coli 4pF81 were started in four shaking flasks (250
mL) to inoculate the 30-L and subsequently the 300-L bioreactor (using 11
L biomass suspension) after ODgag ~3 was achieved. Fermentations were
performed under aerobic conditions at pH 6.5 and 37°C (for details see
Appendix A.2.1).

As shown in subsection A.1.1, F. coli 4pF81 is tyrosine auxotrophic and
additionally very sensitive to tyrosine accumulation owing to the plasmid-
encoded, tyrosine feed-back inhibited, native aroF gene used to fortify L-
Phe production. An optimized tyrosine feeding was thus necessary which
was realized as follows: The tyrosine containing feed (20 mL-min~'including
25 g - L1 tyrosine dissolved in 5% NHj) was started at the beginning of
the exponential growth phase (ODggp ~8) and lasted until ODgog ~80 was
achieved. Then the feed was drastically reduced to 1 mL - min~" until the
end of the fermentation to fulfill only maintenance demands of the cells.
The glucose profile (containing 600 g - L=! glucose HoO) was based on
the results of fermentation process development (see following chapter 4)
and was manually controlled such that no significant glucose accumulation
occurred in the production process. All feed profiles of the Sensor reactor
were similar to the production process but automatically scaled down (with
the aid of LabView”™ process control) with respect to the current work-
ing volume ratio of the two processes. As indicated in subsection A.2.1,
a diluted tyrosine feed concentration was used for the Sensor reactor to
ease accurate feeding. After ODgog 10 ~15 was achieved, 100 pM IPTG
was added for induction. As already described in the preceding section, the
Sensor reactor was coupled to the 300-L production process in master /slave
controlling mode thus allowing the monitoring of three subsequent phases
during L-Phe production with non-growing E. coli.

Because previous experiments [RHK 03] revealed maximum product for-
mation rates shortly after the beginning of the tyrosine limited production
phase (followed by a significant product formation decline), this period was
chosen to study changing intracellular flux maps and to derive thereupon
working hypothesis trying to identify promising metabolic engineering tar-
gets for further production strain improvement.

Figure 3.23 shows a selection of characteristic state variables representing
the phenomenological state of the cells in the production process and in
the Sensor reactor. Details of the analytical protocols used are given in
subsection A.3.3. The figure illustrates that labeling periods from 14 to
16.8 h, 17.2 to 20 h and 20.5 to 23.3 h process time were applied thus
exemplarily representing the L-Phe production phase with non-growing F.
coli 4pF81. Before, biomass production halted after 11 h at ODggo ~80 as
a result of the significantly reduced tyrosine feed as described above.
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FIGURE 3.23. Comparison of some phenomenological state variables such as
optical density (ODeg20), glucose concentration (Glu), L-phenylalanine concen-
tration (L-Phe), by-products like shikimate (SHI), 3-dehydroshikimate (DHS),
uracil (URA) and the oxygen uptake rate (OUR) as well as the carbon dioxide
tranfer rate (CTR). All variables are shown for the production process (filled,
black symboles/lines) and for the Sensor reactor (open red symbols/lines). La-
beling experiments were started 14, 17.2 and 20.5 h process time, lasting for
about 2.5 hours.
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For 13C labeling [1 —'3 C] glucose was added to the Sensor reactor im-
mediately after inoculation such that a 25 % '3C glucose enrichment was
achieved in the culture supernatant which was maintained during the sub-
sequent feeding phases (following the procedure described in subsection
A.5.4). As a consequence, the total glucose level in the Sensor reactor was
accordingly higher compared to the production process nevertheless fol-
lowing the same course, especially during phase 2 and phase 3. Differences
between the glucose curves occurred during phase 1, because of some tech-
nical feeding problems in the Sensor reactor. However, different cultivation
conditions were not the consequence because glucose levels of both reactors
ensured well-saturated glucose uptake”.

With respect to the measured metabolite concentration courses in the
supernatant, a high similarity was found. The L-Phe accumulation was
almost identical in both reactors (regression coefficient » = 0.999). This
also holds true for the uracil (URA) synthesis (r = 0.971) following the S-
alanine route via aspartate and oxaloacetate, respectively. Obviously, the
two intermediates of the aromatic amino acid pathway, 3-dehydroshikimate
(DHS) and shikimate (SHI), were produced before Sensor reactor moni-
toring was started. Their production stopped during the labeling periods,
which was indicated by an almost constant level.

In the case of the oxygen uptake rate (OU R), high similarities were found
regarding the Sensor and the production reactor. The dissolved oxygen
concentration (DO) was always above 30 % in both processes (data not
shown) thus ensuring a non-limited oxygen supply. On the other hand,
carbon dioxide transfer rates (CTR) in the Sensor reactor were observed
to be 15 to 20 % higher than in the production process during the phases
1 and 2. However, this is an ‘artificial’ offset that occurred because the
maximum COs detection limit was exceeded in the exhaust gas analysis
device used to monitor the production process.

Summarizing it can be concluded, that the phenomenology of both pro-
cesses was sufficiently consistent thus allowing to perform 2C based flux
analysis of the three labeling phases and to transfer the results from the
1-L Sensor reactor to the 300-L scale production process.

TE. coli 4 pF81 possesses an active phosphoenolpyruvate:carbohydrate phosphotrans-
ferase system (PTS). According to the results of Ferenci ([Fer96], [Fer99]) and oth-
ers ([LS99], [PLJ93], [HK79]) half-saturated glucose uptake via Mgl at 0.2 pM (0.036
mg - L™1) and via glucose specific PtsG at 3 to 10 uM or 0.6 to 1.8 mg - L™! at micro-
molar external levels can be assumed while at millimolar external levels glucose uptake
via PtsG and mannose specific PtsM (half-saturated at 1.3 mM or 230 mg- L™!) should
be considered.
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TABLE 3.5. Important extracellular fluxes for E. coli 4pF81 during L-Phe pro-
duction phase with non-growing cells. The measured rates for non-labeled glucose
uptake (uptl), labeled glucose uptake (upt2), L-Phe formation, CO2 production
and uracil formation are given

Rates Phase 1 Phase 2 Phase 3
[mmol - L7t - h™1]
uptl 52.9 42.32 39.52
upt2 17.53 14.13 13.48
L-Phe formation 14.12 10.69 5.96
CO32 production 253.6 238.1 199.5
uracil formation 0.26 0.33 0.20

3.5.83 MFA Results

In analogy to the procedure described in the preceding sections, MFA was
(again) based on the combined approach of metabolite balancing and iso-
topomer analysis (see A.7.7) using the software 13CFlux. The Table 3.5
provides an overview of the measured rates which were used as input val-
ues for the intracellular flux analysis.

Furthermore, labeling information of the L-Phe fraction which was solely
produced during each labeling period, was needed for MFA. Because na-
tively 13C labeled L-Phe (1.1 %) could already exist in the culture super-
natant before each labeling experiment was started, the measured labeling
patterns (see protocol A.3.6) were corrected following the procedure de-
scribed in the Appendix A.5.5. The corrected NMR, data together with the
measured rates (Table 3.5) were used for MFA considering the stoichiomet-
ric and C-transition model presented in subsection A.7.10. The resulting
flux maps are given in Figures 3.24, 3.25 and 3.26 as well as the absolute
values of the calculated fluxes in Table 3.6.

As shown, most of the fluxes were estimated sufficiently accurate within
error margins of 5 to 15%. This especially holds true for the flux estimations
of the production phases 1 and 2. Sole exceptions were the closely corre-
lated reactions empl, pppl and ppp2 coding for the glucose 6-phosphate
isomerase, the oxidative pentose phosphate pathway and the ribulose-5-
phosphate epimerase, respectively. Flux errors higher than 25% were found.
Most presumably, these errors were caused by lacking nucleoside labeling
information (from e.g. cytidine or uridine) considering ribulose-5-phosphate
(Ru5P) as the precursor which was not accessible using strains under non-
growing L-Phe production conditions. Analyzing the fluxes of empl, pppl
and ppp2 in phase 3, the consequences of information lacks become even
more apparent, because the fluxes of the pentose-phosphate pathway were
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FIGURE 3.24. Estimated intracellular carbon flux distribution based on the *3C
labeling experiment in the Sensor reactor during the L-Phe production phase
from 14 to 16.8 h process time studying non-growing (tyrosine limited) E. coli
4pF81. All fluxes are standardized by the corresponding glucose uptake rate thus
representing mol%. Counter-current fluxes are indicated by minus signs. Because
13C flux analysis considered a lumped PEP/PYR pool, the PEP—PYR flux was
reconstructed by stoichiometric constraints including a flux portion for PTS (left
box) and the resulting net flux catalyzed by PEP synthase and/or PYR kinase.
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Production Phase 2: 17.2-20h
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FIGURE 3.25. Estimated intracellular carbon flux distribution based on the *3C
labeling experiment in the Sensor reactor during the L-Phe production phase
from 17.2 to 20 h process time studying non-growing (tyrosine limited) E. coli
4pF81. All fluxes are standardized by the corresponding glucose uptake rate thus
representing mol%. Counter-current fluxes are indicated by minus signs. Because
13C flux analysis considered a lumped PEP/PYR pool, the PEP—PYR flux was
reconstructed by stoichiometric constraints including a flux portion for PTS (left
box) and the resulting net flux catalyzed by PEP synthase and/or PYR kinase.
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Production Phase 3: 20.5-23.3 h
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FIGURE 3.26. Estimated intracellular carbon flux distribution based on the 3C
labeling experiment in the Sensor reactor during the L-Phe production phase
from 20.5 to 23.3 h process time studying non-growing (tyrosine limited) E. coli
4pF81. All fluxes are standardized by the corresponding glucose uptake rate thus
representing mol%. Counter-current fluxes are indicated by minus signs. Because
13C flux analysis considered a lumped PEP/PYR pool, the PEP—PYR flux was
reconstructed by stoichiometric constraints including a flux portion for PTS (left
box) and the resulting net flux catalyzed by PEP synthase and/or PYR kinase.
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TABLE 3.6. Estimated fluxes resulting from metabolic flux analysis studying
non-growing FE. coli 4pF81 during L-Phe production. Flux naming corresponds
to the model given in Appendix.

Flux Phase 1 Phase 2 Phase 3
[mmol - L=t - h=1]  [mmol - L7t -h™]  [mmol - L71 - h™1]

uptl 17.52 £0.30 14.13 £0.30 13.43 £0.30
upt2 52.08 £0.30 42.31 £0.30 39.47 £0.30
empl 31.79 £8.50 34.62 £8.98 49.90 +26.27
emp?2 52.29 £+2.85 45.60 £3.01 49.90 £8.76
emp3 52.29 +2.85 45.60 £3.01 49.90 £8.76
emp4 197.77 £2.94 91.36 £3.09 96.81 +8.79
prpl 37.81 £8.51 21.82 £8.99 3.00 £26.27
ppp2 20.50 £5.67 10.99 £5.99 0.00 £17.51
pprp3 17.31 +2.84 10.84+3.00 3.00 +8.76
pppd 3.19 +2.84 0.153.00 -3.00 £8.76
pPP5 17.31 +2.84 10.8443.00 3.00 +8.76
ppp6 17.31 +2.84 10.8443.00 3.00 +8.76
teel 79.27 £3.00 69.65+3.15 84.63 +8.81
tce2 79.27 £3.00 69.6543.15 84.63 +8.81
tce3 79.27 £3.00 69.6543.15 84.63 +8.81
tced 79.27 £3.00 69.6543.15 84.63 +8.81
tceh 79.27 £3.00 69.65+3.15 84.63 +8.81
anal 0.26 +0.26 0.33£0.02 0.2 £0.02
bsUracil 0.26 +0.26 0.33£0.02 0.2 0.02
bsDAHP 14.12 40.20 10.69+0.20 5.99 40.20
bsSHI 14.12 40.20 10.6940.20 5.99 40.20
bsPhe 14.12 £0.20 10.6940.20 5.99 +0.20
CO2aux 289.50 £3.11 241.1443.09 262.67 £3.09

no longer statistically identified. This observation needs to be stressed be-
cause it illustrates the potential drawback of a single metabolic flux analysis
which, by retrospective analysis, could reveal the insufficiency of the ex-
perimental data measured during the pre-chosen observation window. If a
serial flux analysis is carried out — as it will be presented in the follow-
ing — potential data limitations could be overcome additionally uncovering
systematic flux changes, which were not accessible with a single snapshot
study.

Studying the current results from 14 to 23.3 h process time, the series of
flux maps allows the conclusion that a continuously increasing fraction of
carbon was metabolized via glycolysis (empl) compared to the branching
off into the oxidative pentose phosphate pathway (pppl). As a consequence,
transketolase (ppp4, ppp5) and transaldolase (ppp6) catalyzed fluxes of the
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pentose-phosphate pathway declined significantly giving rise to the assump-
tion that the E4P precursor supply for the aromatic amino acid pathway
reduced concomitantly.

As illustrated in the Figures 3.24, 3.25 and 3.26, the lumped PEP/PYR
pool of 13C analysis was decomposed by stoichiometric analysis, allowing
the estimation of a net flux via pyruvate kinase and the inversely directed
phosphoenolpyruvate synthase (Pps) reaction. The serial flux analysis in-
dicates that the pykA and pykF encoded kinase reaction obviously increas-
ingly dominated the net flux and consequently amplified the flux into the
tricarboxylic acid cyclic from 114 to 160 mol %. As a result, CO5 formation
steadily increased from 416 to 497 mol % while at the same time L-Phe
formation rates reduced from initially 20 to 11 mol %. It is noteworthy,
that cultivation conditions like pH, temperature etc. did not change dur-
ing this period (see Figure 3.23). Also, the availability of the sole carbon
source glucose as well as the tyrosine supply and oxygen availability were
unchanged during the whole observation period.

3.5.4 Linear Programming

To qualify the experimental MFA results, a theoretical carbon flux distri-
bution was estimated representing an optimal flux map with respect to
maximum L-Phe formation (mol%). Following the linear programming ap-
proach it was assumed that maximum L-Phe formation occurred during the
tyrosine-limited production phase thus allowing to neglect all biomass refill-
ing fluxes. The stoichiometric model included metabolites of the glycolysis
(G6P, FBP, PEP, PYR), the pentose-phosphate (Ru5P, RiP, S7TP, E4P)
and the aromatic amino acid (DAHP, SHI) pathway while reactions of the
tricarboxylic acid were lumped in one reaction step (tca). Co-Metabolites
such as NADH, NADPH and ATP were included with “open” balances; for
instance futile cycling (fut) was allowed as a free flux to consume ample
ATP. It was assumed that the L-Phe producing strain possessed an active
PEP synthase (Pps, represented by reaction emp5) and a transhydroge-
nase (thy) reaction enabling the proton transfer from NADH to NADPH.
In total, the model consisted of 16 balanced metabolites and 19 reactions
signifying three degrees of freedom. To cover the three degrees, the input
flux (pts) was set to one, which reduced the degree of freedom to two. With
the aid of two additional optimization criteria - namely maximization of
L-Phe formation and minimization of futile cycling (fut, i.e. ATP consump-
tion) - the linear equation system was solved. Further details are given in
subsection A.7.11.

As a result, an intracellular, optimal carbon flux distribution according
to Figure 3.27 was calculated. Most strikingly, an optimum L-Phe forma-
tion of 59.7 mol% was estimated provided that the tricarboxylic acid cycle
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Counter-current fluxes are indicated by a minus sign. PEP — PYR net fluxes are
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PEP synthase and/or PYR kinase reaction. For modeling details see Appendix
A.7.11.
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was inactive in non-growing cells®. As a consequence, the PTS caused PYR
formation is redirected into PEP via PEP synthase (Pps, -100 mol%). Inter-
estingly, only a small flux of 3.3 mol% via the oxidative pentose-phosphate
route was favored compared to a significant transketolase activity (ppp4)
providing a high flux of — 38.7 mol% into the E4P pool. Together with
the in-coming transaldolase reaction (ppp6) 59.7 mol% of E4P were thus
delivered into the aromatic amino acid pathway. It is noteworthy that,
under optimum L-Phe production conditions, a reaction cycle was build
up taking GAP and F6P from glycolysis, transferring them into E4P and
X5P, the latter subsequently converted into Ru5P and further metabolized
via ppp3 into Ri5P and then back into GAP. This demonstrates that all
pentose-phosphate reactions must be well equilibrated to enable an opti-
mum E4P supply — including transketolase and transaldolase as well as the
phosphoribose isomerase (ppp3) and the ribulose 5-phosphate 3-epimerase

(ppPp2).

3.5.5 Theoretical Fluxes vs. MFA Results

To compare the linear programming results with those of MFA, some char-
acteristic fluxes - namely pppl (coding for the oxidative pentose-phosphate
branch), ppp4 (coding for transketolase), ppp6 (coding for transaldolase),
empb (coding for the net flux of PEP synthase and PYR kinase) and the
L-Phe formation (phe) - were studied.

Figure 3.28 provides an overview of the differences between measured and
theoretical fluxes. The comparison reveals that even at the beginning of the
production phase, which was previously identified as the best production
period, the flux distribution was far away from the optimum. The flux
via oxidative pentose phosphate pathway (pppl) was about 50 mol % too
high. Similar observations were made for the transketolase reaction ppp4
and an even worse situation was found for the net flux via PykA /PykF and
Pps (empb). Against it, the transaldolase reaction ppp6 showed an almost
optimum flux and kept this level although the measured L-Phe/glucose
yield achieved only 20 %, compared to the theoretical value of 59.7 %. From
this, we concluded that transaldolase is probably not the most interesting
metabolic engineering target. This statement partly contradicts previous
findings of Lu and Liao [JLLL97]| who identified a positive effect of tal over-
expression for DAHP production. However, no amplified DAHP synthase
was used in their study and DAHP production was investigated with partly
growing cells in shaking flask cultures, which significantly differed from the
experimental conditions of Sensor reactor experiments used here.

81t should be outlined that 59.7 mol% resembles 89.55 % of the total carbon input,
because a C9 molecule (L-Phe) is produced from a C6 source (glucose).
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FIGURE 3.28. Selection of characteristic carbon fluxes differences in L-Phe pro-
ducing, non-growing F. coli 4pF81 monitored during three subsequent labeling
periods from 14 to 22 h process time. Flux difference refer to the optimum carbon
flux distribution obtained by linear programming. All flux differences are given
as mol% of glucose uptake. For abbreviations see the text.

As already pointed out, large differences occurred between (theoretical)
optimal and measured fluxes for transketolase (ppp4) and the net reac-
tion of PykA/PykF and Pps (emp5). The flux differences coincided with
low (insufficient) L-Phe/glucose yields, which even deteriorated during the
course of observation. The findings are in agreement with previous studies
of Draths et al. [DPC192], and Li et al. [LMD'99] thus emphasizing the
necessity of tktA over-expression. The observations also support the results
of Patnaik and Liao [PL94], Patnaik et al. [PSL95], Berry [Ber96], Gos-
set [GYXB96], Yi et al. [YLDF02] and Chandram et al. [CYD"03], who
stressed the need for a common over-expression of tktA and pps to achieve
an increased flux into aromatic amino acid synthesis.

3.5.6 Flux Sensitivity Analysis

So far, the combined approach of MFA and linear programming allowed
to identify discrepancies between measured fluxes and the optimal flux
distribution for L-Phe production. However, these differences are difficult
to qualify because information about flux sensitivities is missing. Therefore,
measured fluxes of the MFA were subsequently used as input values for
an additional linear programming approach. The basic idea was to derive
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FIGURE 3.29. Ranked list of maximum achievable L-Phe formation rates (mol%)
based on the assumption that the measured fluxes of emp5, pppl, ppp4 or ppp6
(of phase 1) could not be exceeded, glucose uptake kept constant and the rest of
the metabolic network could reroute carbon fluxes such that a maximum L-Phe
formation is achieved. The upper maximum L-Phe formation (59.7 mol%) is given
by a straight line and was calculated by linear programming as illustrated in the
text.

flux sensitivity data which were not as dependent on the choice of fixed
fluxes as in the classical approach of Delgado and Liao [DL97]. Based on
the experimentally determined metabolic fluxes the glucose uptake was set
constant together with one of the interesting fluxes such as emp5, pppl,
ppp4 or ppp6. Using the constraint of L-Phe flux maximization the rest
of the metabolic network was free to rearrange. Basically, the resulting
flux patterns thus represent optimum L-Phe formation rates under the
constraint that each of the fixed flux emp5, pppl, ppp4 or ppp6 could not
be amplified because of biochemical limitations or gene regulations. High
L-Phe formation rates (close to the theoretical optimum of 59.7 mol%) thus
indicate that the corresponding fixed flux does not significantly hamper the
reachable, optimal L-Phe yield. On the other hand, the lowest achievable
L-Phe yield obviously corresponds to the limiting affect of the fixed flux
thus revealing it as a promising metabolic engineering target.

Figure 3.29 presents the results of the flux sensitivity analysis using the
MFA fluxes of phase 1 (the 'best’ production phase) as a reference. It is
clearly identifiable that emp5, coding for the net reaction of PykA/PykF
and Pps, represents the reaction that mostly limited the maximum achiev-
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able L-Phe formation. In the case of transaldolase (ppp6), its low limiting
impact on the L-Phe formation becomes obvious, because the theoretical
optimum of 59.7 mol % is almost achievable with a fixed ppp6 flux. Fixing
the transketolase reaction, encoded by ppp4, still 49 mol % L-Phe flux are
possible. Hence, emp5 should be the preferred metabolic engineering target
to improve the existing L-Phe production strain.

3.5.7 Working Hypothesis

However, the identification of empb as a promising metabolic engineering
target as such is not sufficiently unequivocal, because emp5 codes for the net
flux of PykA /PykF and the conversely directed Pps reaction. Furthermore,
the question should be addressed, why emp5 even deteriorated showing
increasing net fluxes during the observed phases (see Figures 3.24, 3.25
and 3.26). Therefore, a working hypothesis is derived taking into account
that increasing net fluxes indicate rising PykA /PykF rates together with
decreasing Pps rates.

In the case of PykA/PykF, FBP (and to a minor extent G6P, Ri5P)
activate the pyruvate kinase activity [VMPT96]. Provided that increasing
glycolytic fluxes (see absolute flux values in Table 3.6) also entailed increas-
ing FBP pool sizes because of underlying Michaelis-Menten type reaction
kinetics, rising pyruvate kinase activity would be the consequence. Fur-
thermore, it is known that PEP synthase activity can be inhibited by TCA
metabolites such as 2-oxoglutarate (AKG) and oxaloacetate (OAA; [CK74],
[CAT3]), both important precursors for amino acid synthesis which - most
noticeable - was not active in the non-growing FE. coli cells of this study.
Regarding the increased, absolute TCA fluxes and following the same ar-
gumentation as above, a diminished Pps activity owing to accumulating
AKG and OAA pools could be assumed.

Hence, deteriorating L-Phe/glucose levels could be caused by decreasing
Pps activity together with increasing PykA /PykF activity, both regulated
on a biochemical level by enzyme inhibition and/or activation respectively.
pps over-expression could thus be an appropriate means to compensate a
potential Pps inhibition and to redirect the PykA /PykF flux. However, to-
tal flux redirection from PYR to PEP (as proposed by linear optimization)
could only be achieved if pykA and pykF would be completely inactivated in
resting cells. So, the serial MFA using the Sensor reactor enabled the iden-
tification of two metabolic engineering targets which are promising targets
for further strain optimization to maximize L-Phe production.
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3.6 Sensor Reactor: Conclusions and Outlook

e Sensor reactor development: A 1-L Sensor reactor was developed
to monitor temporary changing intracellular carbon flux distributions
in industry-like production processes by serial >C based metabolic
flux analysis (MFA). The apparatus consisted of automatic devices for
inoculation, '3C pulsing and (optionally) rapid sampling. Realizing
master /slave controlling mode, i.e. on-line measured state variables
of the production process such as pH, temperature, dissolved oxy-
gen concentration etc. were used as setpoints for the Sensor reactor,
very similar fermentations could be performed in the Sensor reactor
compared to the (300-L) production process. Exemplarily studying
lysine production with C. glutamicum MH20-22B revealed high re-
gression coefficients and high coefficients of determinations in a set
of three subsequent fermentations (each lasting for 2 to 3 hours) thus
recommending the Sensor reactor for further '*C labeling studies.

e Serial 13C based flux analysis of lysine producing C. glutam-
icum MH20-22B: 13C labeling experiments with lysine producing
C. glutamicum MH20-22B illustrated that the Sensor reactor can suc-
cessfully be applied to monitor the exponential growth phase as well
as the (leucine) limited lysine production period with non-growing
cells. Because of the essential importance of the anaplerosis for lysine
production in C. glutamicum, in total five flux carbon maps based
on [U —13 C} glucose labeling were calculated which - for the first
time - give an overview of the temporary changing intracellular flux
patterns during industry-like production conditions. As a result, the
correlation between decreasing decarboxylating (PEP carboxykinase)
fluxes and increasing lysine production rates as well as the need to
fortify PEP carboxylase and/or pyruvate carboxylase activity were
identified as promising metabolic engineering targets in C. glutam-
icum MH20-22B.

e Serial 13C based flux analysis of L-Phe producing E. coli
4pF81: The application of the Sensor reactor approach for the analy-
sis of L-phenylalanine production with non-growing (tyrosine limited)
E. coli 4pF81 allowed the serial flux mapping of three subsequent
phases. As a major result, the need to overexpress pps (coding for
PEP synthase) was found owing to comparative studies with respect
to linear programming results together with flux sensitivity estima-
tions. Based on the observed changes in the series of three subsequent
flux maps the working hypothesis was derived that intracellular pool
accumulations of oxaloacetate (OAA) and 2-oxoglutarate (AKG) are
presumably the reasons for the deteriorating L-Phe formation rates.
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Summarizing, the aforementioned results show that the novel Sensor re-
actor can be successfully applied for the serial flux mapping of industry-
like production processes thus providing the experimental data for detailed
MFA to identify promising metabolic engineering targets for further strain
improvement. Different biological systems such as C. glutamicum and FE.
coli were studied in batch and fed-batch mode focusing on growing and
non-growing cells at the same time applying different labeling analysis
methods (biomass hydrolyzate, metabolome labeling patterns and label-
ing information of the culture supernatant) for different products (lysine
and phenylalanine). Consequently, the Sensor reactor should be usable for
a broad range of different applications as it is currently planned in cooper-
ation with different industrial partners.

However, the Sensor reactor results obtained so far make also evident
that the technology is not yet finally developed and that there are still
promising challenges left to be fulfilled:

e Combination of pool and flux information: The analysis of ly-
sine producing C. glutamicum and the study of L-Phe production in
E. coli revealed significant temporary changes of intracellular carbon
flux distributions although the external culture conditions remained
unchanged during the observation period. Regarding the working hy-
pothesis already presented in the preceding section, one could assume
that intracellular pool accumulations may be the major reason for
increasing or decreasing fluxes. Hence, the knowledge of these po-
tentially existing biochemical effects is without doubt of outstanding
importance for further metabolic engineering. Therefore, future Sen-
sor reactor studies should aim at combining MFA with e.g. metabolic
profiling to elucidate the underlying mechanisms.

e Exploiting '3C labeling information of the metabolome: Own
studies (data not shown) as well as published results of other groups
[Win02] have already shown that low concentrated *C labeling in-
formation in the metabolome originating from '*C labeled glucose
is accessible for instance with the aid of novel, sophisticated LC-
MS/MS (or HPAE-MS/MS) approaches or with the aid of GC/MS
analysis [WHHO02]. The quality of today’s commercial LC-MS/MS de-
vices offers a new access not only to the quantification of intracellular
metabolite concentrations but also to the identification of 13C label-
ing patterns in the metabolome! This is especially remarkable with
respect to the significant benefits that follow for serial metabolic flux
analysis - for instance using the Sensor reactor:

1. Focusing on '*C labels in the metabolome significantly
reduces the necessary labeling period. As shown in sec-
tion 3.4.2, typical labeling equilibration timespans of about 10
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minutes can be assumed for metabolism intermediates, which is
significantly shorter than the several hours of labeling needed
for instance to equilibrate the labeling patterns in the proteino-
genic amino acids. Besides, Christensen et al. [CGN02] already
argued that the relatively slow protein synthesis significantly
buffers the amino acid pool exchange, thus causing equilibra-
tion delays which are consequently mirrored by metabolic flux
analysis and not the carbon metabolism, which is the original
target. Furthermore, the focus on '3C labels of the metabolome
would simplify further labeling data handling because a data
correction - as performed in section 3.5 - is no longer neces-
sary. Hence, using C labeling information of the metabolome
instead of the ’classical’ sources used so far, would drastically
reduce the labeling period thus allowing the Sensor reactor to
be inoculated, labeled and analyzed more frequently.

. The analysis of 13C labels in the metabolome demands
for rapid sampling. If 13C labeling patterns in the metabolome
can be identified by new analytical approaches, the sampling
out of the Sensor reactor must be adapted as well. In analogy
to the results of the preceding chapter, samples must be taken
rapidly out of the Sensor reactor while the metabolism should
be inactivated immediately to prevent any unwanted metabolic
conversion, i.e. changes of the metabolic labeling pattern. The
necessity of rapid sampling also demands for a fast mixing of the
13C labeled substrate, which was already subjected during the
past studies. Currently, an appropriate rapid sampling device is
developed.

. 13C metabolome information demands for novel MFA
software tools. Obviously, the *C labeling information origi-
nating from mass spectrometry measurements, differs from the
labeling results obtained for example from ’classical’ NMR mea-
surements. Instead of measuring labels at distinct carbon-atom
positions applying NMR, MS methods can only give ’integral’
answers with respect to the increased molecular mass in molecules
or fractions thereof due to labeling. Hence, the existing software
tools must be adapted to be able to use this information. More
strikingly, another, fundamental aspect demands for the devel-
opment of novel mathematical approaches - namely the use of
temporary changing C labeling patterns for MFA. Basically, a
new mathematical approach must be developed enabling the in-
stationary MFA instead of the state-of-the-art (pseudo-) steady
state MFA: The analysis of temporary changing labeling pat-
terns is much more ambitious than the ’classical’ MFA approach
assuming pseudo-steady state conditions. Prospective 2C la-
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beling data sets will include temporary changes of the labeling
patterns in each pool. As a consequence a set of instationary
differential equations has to be solved instead of the (pseudo-)
stationary analysis accomplished so far. Hence, novel mathe-
matical tools must be developed, which is already in progress
[WNO03], in cooperation with the author’s research group.

Hence, future Sensor reactor technology will (most presum-
ably) aim at monitoring processes with increased flux map fre-
quency benefitting from '*C labeling information which originates
from the metabolome and which is provided by LC-MS/MS mea-
surements and used by novel mathematical tools for serial MFA.



4

L-Phenylalanine Bioprocess
Development

4.1 Market Driven Motivation for L-Phenylalanine
Production

Currently, the overall annual consumption of amino acids is estimated to
be over 2 million tons [Her03]. The ’big three’ amino acids L-glutamate,
L-lysine-HCL and D,L-methionine which count for approximately 95% of
the total market ([Miil01], [DHK"02]) are almost entirely produced us-
ing coryneform bacteria in bioreactors up to 500 m? scale. These amino
acids are commonly used as flavour enhancers (such as MSG: mono-sodium
glutamate) or feed additives to increase the nutritive value [DHK102].

Compared to this huge market which is dominated by companies such as
Ajinomoto, ADM (Archer Daniels Midland), BASF AG, Cheil-Jedang, De-
gussa AG (via Midwest Lysine), Kyowa-Hakko and Miwon, the production
of other amino acids with a significantly smaller market segment seems to
be not as attractive - at first sight. However, actual market analysis show
that almost all amino acid markets are expected to grow 10% per year and
more [Her03] thus offering promising perspectives in general.

This holds especially true for the production of aromatic amino acids as
fine chemicals. Already in 1994, Frost and Lievense [FL94] emphasized the
possibility to produce aromatics for industrial purposes not by exploiting
fossil feedstocks for the preparation of precursors such as benzene, toluene
and xylene but by making intensive use of biological (microbial) systems
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instead. This route, converting D-glucose via the microbial aromatic amino
acid pathway into the desired aromatic products or synthesis precursors
thereof, offers environmental benefits at the same time liberating the chem-
ical industry from imported petroleum.

Schmid et al. [SDHT01] encouraged this general idea by presenting a
couple of successful biocatalytic examples which were already realized in
research laboratories as well as in industrial companies such as BASF
AG, DSM and Lonza. Examples are the production of enantiopure alco-
hols, (non-proteinogenic) amino acids, penicillins and heterocyclic com-
pounds which were produced by whole cells or isolated enzymes. Without
doubt, also the aromatic amino acids L-tyrosine, L-tryptophane and L-
phenylalanine belong to this 'promising’ fine chemical group As pointed
out by Bongaerts et al. [ BKM™01], the 1997-worldwide market for tyrosine,
tryptophane and phenylalanine was about 150, 500 - 600 and 11,000 - 12,000
tons per year, respectively. The corresponding prices for chemical/pharma
product quality were about 51/124.5, 22/35 and 19/34.5 US$/kg for the
aforementioned aromatic amino acids.

It is noteworthy that not only the final products of the aromatic amino
acid (AAA) pathway are of (commercial) interest because of their impor-
tance as feed/food additives, precursors for drug synthesis or drugs itself.
Also the AAA pathway intermediates were chosen as promising targets for
bioprocess developments. Examples are published by the 'Frost’ group for
the production of pathway intermediates such as 3-dehydroshikimic acid
[LMD*99] and shikimic acid [CYD"03] but also from others [KBR'03]
focusing on chorismate derivatives such as 2,3 cyclohexane trans diole
[FLE*03] or 3,4 cyclohexane trans diole [FSMO03]. The latter will be pre-
sented in section 4.6.

As already shown, L-phenylalanine represents the largest economical
market of the three aromatic amino acids. Today, worldwide L-Phe pro-
duction is estimated to be 14,000 tons per year [Bud01] and is expected to
increase to sales of US$ 850 million in 2004 [Miil01]. This high demand is
not caused by L-Phe’s importance for parenteral nutrition [DHKT02]. The
majority of phenylalanine is used to produce a substance that goes back to
the ’accidental’ discovery of the chemist J.M. Schlatter in 1965 - namely
the identification of N-L-a-aspartyl-L-phenylalanine 1-methyl ester better
known as aspartame [Gri98]. The low calorie sweetener aspartame is the
condensation product of L-phenylalanine with L-aspartic acid and is about
200 times sweeter than sucrose (glucose-a-1,2-fructose) [Cou02]. In 1981
aspartame became the first low-calorie sweetener approved by the Amer-
ican Food and Drug Administration (FDA) and it is produced worldwide
by companies such as Ajinomoto, The NutraSweet® Company and The
Holland Sweetener Company (HSC, a joint venture of DSM with Tosoh).
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It is noteworthy that for each molecule of aspartame one molecule of -
phenylalanine is needed.

The kiloton-scale process of HSC uses a proteolytic enzyme, called ther-
molysin, to catalyze the dipeptide formation from N-protected L-aspartic
acid and the racemic mixture of D /L-phenylalanine methyl ester.[SDH*01].
Thanks to the high selectivity of thermolysin, the enzyme predominantly
couples L-phenylalanine methyl ester to the a-carboxyl group of Z-Asp for
Z-aspartame production and ignores the other three possible side-products.
While the Z-group is removed by catalytic hydrogenation, the remaining D-
phenylalanine methyl ester has to be racemized and recycled to get access
to an new L-enantiomer fraction.

Hence, motivated by the idea to simplify the existing HSC process by
preparing only the L-enantiomer of phenylalanine for the thermolysin pro-
cess, the cooperation with the DSM company was started in mid 1997 to
study to what extend purified L-phenylalanine can be produced with ap-
propriate E. coli strains for further large-scale aspartame production.
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4.2 Access to L-Phenylalanine

4.2.1 L-Phenylalanine Production

The access to phenylalanine (for chemical properties see Table 2.5 in sub-
section 2.6.1) which was first discovered in 1881 in plants by Schulze and
Barbieri, is manifold. As almost all amino acids, L-Phe could be extracted
from natural raw materials after the containing proteins were hydrolyzed
and further processed via technical chromatography steps (as for instance
performed by the AMINO GmbH, Frellstedt, Germany). Another, classi-
cal approach, which could generally be applied for the production of a-
amino acids, is the well-known Strecker-synthesis. Accordingly, aldehydes
are converted to a-amino nitrils in the presence of sodium cyanide (NACN)
and ammonium chloride (NH4Cl) and further hydrolyzed to the racemic
mixture of the respective amino acids. Other possibilities for phenylala-
nine synthesis are the carboxylation of benzyl chloride leading to N-acetyl
D,L-phenylalanine or the condensation of benzaldehyde with hydantoin to
D,L-phenylalanine.

However, most of these routes lead to a racemic mixture of D,L-phenyl-
alanine which is disadvantageous with respect to the aforementioned aim
(see preceding section). Hence biotechnological approaches should be fa-
vored which can deliver the pure L-entantiomer.

One biotechnological route to L-phenylalanine considers the use of iso-
lated (purified) enzymes. A large-scale production example is the resolu-
tion of N-acetyl-D,L-phenylalanine by carrier-fixed microbial amino acylase
(N-Acyl-L-amino acid-amino hydrolase, EC 3.5.1.14) ([DHK"02], [Roe03]).
Although pharmaceutical-grade L-Phe was produced via the enzymatic
cleaving of the N-acetyl group form the L-enatiomer, the process was ham-
pered by the necessary racemization and recycling of the remaining D-
enantiomer !. Alternative approaches were presented by Ziehr et al. [ZKST87]
considering the continuous L-Phe production by transamination based on
Pseudomonas putida enzymes and by Hummel et al. ((HSWKS86], [HSST87])
using enzymes from Brevibacterium sp. and Rhodococcus sp. for reductive
amination of the substrate phenylpyruvate. The phenylalanine dehydroge-
nase from Spoosarcina ureae for L-Phe production was applied by Asano
et al. [AN8T7]. Rozzel presented an approach based on the transaminase
reaction using a-keto acid and aspartic acid as substrates for L-amino acid
production with oxaloacetate (OAA) as by-product [Roz85], also in a cou-
pled multi-step approach [Roz89).

I The separation of the L-amino acids from the mixture was achieved by making use
of its low solubility compared to the N-acetyl-D,L-substrate. The industrial production
of L-amino acids belongs to the first applications of carrier-fixed enzymes ([Roe03],
[LSW00]).
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Additionally, whole cells were used as ’enzyme bags’ for biotransfor-
mation approaches. Typically these cells were immobilized and/or perme-
abilized to ensure a sufficient catalyst availability [BD90b]. An industrial
process example, which was realized during the first aspartame produc-
tion campaign [DHK102], is the stereo- and enantioselective addition of
ammonia to trans-cinnamic acid, which was catalyzed by L-Phe ammonia
lyase (PAL, EC 4.3.1.5) containing Rhodotorula rubra strains [McG86]. Up
to 50 g - L= were achieved in an continuous process [ECPMS87]. Alter-
native approaches were published by Nakamichi et al. [NNNT89] focusing
on the (trans-) amination of phenylpyruvate with Paracoccus denitrificans,
with E. coli cells (([CWOT86], [TDN*87], [WC88], [BD9I0b]) or with (par-
tially growing) C. glutamicum cells ([BC85],[EBG'87]). Recently Xu et al.
[XWZ103] presented an approach, which is similar to the previous findings
of Chao et al.([CLaJC99], [CLL00]), using a coupled two-strain E. coli sys-
tem consisting of a transaminase and an aspartase overproducing strain.
By addition of ammonium fumarate and phenylpyruvic acid L-Phe was
produced. 2

However, Drauz et al. [DHK'02] emphasized that the ’fermentation pro-
cesses based on glucose-consuming L-phenylalanine overproducing mutants
of E. coli and coryneform strains turned out to be more economical’ (com-
pared to the alteratives routes of L-Phe production). Therefore, a number
of different processes have been presented, which mainly focused on E. cols,
C. glutamicum and Brevibacterium strains [BD90b]. However, early process
approaches using Bacillus subtilis [MJ74] were known as well.

For instance, Brevibacterium species such as B. flavum [SSK88] and B.
lactofermentum [TKMT87] were applied for L-Phe production after their
selection succeeded based on classical screening methods looking for feed-
back deregulated key enzymes. For instance, Goto et al. [GIS*81] achieved
about 25 ¢ - L~! with a tyrosine and methionine requiring mutant of Bre-
vibacterium lactofermentum.

In a similar way, the first coryneform L-Phe production strains were
selected. Additionally, metabolic engineering methods were applied to C.
glutamicum strains by overexpressing plasmid-encoded (heterologous) cho-
rismate mutase / prephenate dehydratase and/or feedback resistant DAHP
synthase variants ([OKOF85], [IK92], [IOK93]) thus achieving about 26
g-L~! L-Phe titers. In the following, appropriate process engineering meth-
ods were studied for L-Phe producing C. glutamicum by applying an oxys-

2 Additionally, the L-amino acid production from hydantoins should be mentioned. For
instance, three enzymes, namely L-hydantoinase, L-N—carbamoylase and the hydantoin
racemase, were overexpressed in E. coli for L-tryptophane production [WWS*01].
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tat fed-batch process [WYSL94]. Shu and Liao [SL02] achieved 23.2 g- L™*
with a space-time yield of 0.37 g1 ppe - (Lh)7L.

So far, L-Phe process development has been dominated by the applica-
tion of different, metabolically engineered E. coli strains, which is also doc-
umented by the patent list ([LWPL91],[KRL194], [KRLT95], [SSST98a],
[SSST98Db]) For the sake of brevity, only a selection of the different ap-
proaches will be presented in the following:

While early process engineering studies for L-Phe production were al-
ready performed in 1979 by Akashi et al. [ASH79] and in 1982 by Choi
and Tribe [CT82], this topic gained increasing interest in the late 80s and
onwards. Based on the E. coli K12 mutant of Choi and Tribe?, Park and
Rogers ([PR86], [PR]) achieved L-Phe titers of 22.4 g - L™!, revealing a
space-time yield of 0.72 gr_pne - (Lh)~!. Hwang et al. [HGCT85] pre-
sented their approach using an auxotrophic E. coli strain. Forberg et al.
([FH87], [FH88], [FEH88]) studied the L-Phe production with recombinant
E. coli possessing a (plasmid encoded) feedback-resistant chorismate mu-
tase / prephenate dehydrogenase (pheAf'") together with the wild-type
aroF'™*t in aromatic amino acid auxotrophic strains. Tyrosine and glucose
feeding was empirically adjusted (not-controlled) leading to inhibiting Tyr
levels during the growth phase which consequently repressed L-Phe pro-
duction. L-Phe production was thus achieved only with non-growing cells
leading to the maximum product/substrate yield of 0.2 mol - mol~tand low
titers at about 3 - 4 g- L1,

A temperature-controllable expression vector (optimal temperature 38.5
°C') was used by Sugimoto et al. [SYKT87] carrying the genes for feedback
resistant aroFf*" (coding for DAHP synthase, formerly TYR sensitive) and
phe A" (coding for L-Phe feedback-resistant chorismate mutase / prephen-
ate dehydratase). By optimizing the temperature profile and by employing
a temperature-distributed dual bioreactor system 28.5 gr,— pne - L~ with a
space-time yield of 0.52 g1, ppe-(Lh) ™! could be achieved [SKK90]. Based
on this strain, further process developments were presented by Konstanti-
nov et al. ([KNY90],[KY90],[KKSY90], [KYNS91]) introducing an OUR
(oxygen uptake rate)-based glucose-limiting feeding strategy to prevent un-
wanted acetic acid formation. In total 46 gr_ ppe - L' could be produced
in 48 hours. The integral space-time yield was about 0.85 gr,_ ppe - (Lh) 1.
Later on, Takagi et al. [TNOY96] presented a further approach with the
same strain taking into account the previously published results of Kon-
stantinov et al. An improved on-line estimation method was applied for
the maximum glucose uptake rate (so-called MGUR) to keep the glucose

3This mutant possessed feedback resistant AroF, AroG and PheA and was aroH ~.
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level below 0.1 g- L~!. Additionally, tyrosine was fed to fulfill maintenance
demands®.

Independently, Weikert et al. [WSBI8] selected the strain E. coli CWML2
which exhibited shorter lag phases, decreased acetate production and higher
specific growth rates (compared to the wild-type strain) and introduced
pheAT’" and aroF" into this strain. Maximum L-Phe/glucose yields of
0.057 g - g~ ! and titers up to 10 g - L~! were achieved.

In 1998, Grinter [Grid8] presented some of the achievements of the Nu-
traSweet Company with respect to their 15-years lasting (successful) efforts
to establish an L-Phe production process. He listed a number of metabolic
engineering targets which were realized in the current E. coli L-Phe pro-
ducer. Without giving details, for instance the use of pheA/’" the partial
inactivation of pyruvate kinase activity, the modification of glucose uptake
and hints for the existence of an active L-Phe export system were given.
However, the latter is not supported by other findings (see subsection 2.6.1).
Titers > 30 g - L' are achieved in this process. Further details are also
given by Fotheringham et al. ([FTH94], [Fot98]).

Hitherto, the highest L-Phe titers of about 50 g - L~! measured after
36 hours process time were published by Backman et al. [BOM'90] con-
comitantly achieving an L-Phe/glucose yield of 0.23 g-¢g~* with 23 g- L~!
cell-dry weight concentration. The authors engineered an E. coli strain pos-
sessing pheAf’™ and aroFf" and outlined that ’...contrary to conventional
wisdom, the tyrosine-specific DAHP synthase determined by aroF is in fact
inhibited by phenylalanine...’. Therefore the authors ’...adopted an histori-
cally proven approach and isolated feedback-inhibition-insensitive mutations
in the gene(s) for DAHP synthase by means of resistance to toxic amino
acid analogues...’ and thus selected an appropriate E. coli L-Phe producer.
Presumably, because of this strategy, such high L-Phe titers were achieved
5

4.2.2  Metabolic Engineering Targets

If the aim is followed to construct the optimal L-Phe producing E. coli
strain, the following metabolic engineering targets should be focused ac-
cording to Berry [Ber96], Grinter [Gri98] and Bongaerts et al. [BKM101]:

4Unfortunately no absolute product titers were given in this publication.

5This statement is supported by previous findings of other groups such as Gil et
al. [GKBL85], Park and Rogers [PR89] and Konstantinov et al. [KYNS91], who also
assumed a product inhibition hampering the L-Phe synthesis.
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Optimization of E4P supply

As shown in subsection 2.6.1, erythrose-4-phosphate (E4P) represents one
of the two precursors of the AAA pathway, which obviously necessitates
its optimal supply in L-Phe producing strains. Because E4P is synthesized
via transaldolase and transketolase reactions in the penthose-phosphate
pathway, Draths and Frost [DF90] and Draths et al. [DPC*92] identified
the beneficial effect of transketolase overexpression for DAHP production.
Later on, this was reconfirmed by tktA overexpression in F. coli possess-
ing a non-PTS uptake systems [FXBT96] and by a comparative study of
Gosset et al. [GYXB96] considering pyruvate kinase and/or PTS mutants
with/without overexpressed tktA. It was also found in L-tryptophane pro-
ducing E. coli [KTHNT00]. However, using xylose as substrate, this posi-
tive effect was not observed [PSL95]. Regarding transaldolase (encoded by
talB), similar results were uncovered because talB overexpression resulted
in increasing DAH(P) [JLLLI7] and L-Phe [SSST98a] formation. Addition-
ally, Lu and Liao [JLLLI7] emphasized that talB overexpression showed no
effect in strains already possessing overexpressed tktA, thus giving the lat-
ter a higher priority for metabolic engineering. Also Frost [Fro92] disclosed
the necessary expression of transketolase to increase the flux into the AAA
pathway.

Optimization of PEP supply

To produce one molecule of L-Phe, two molecules of PEP are needed (see
subsection 2.6.1). This is remarkable, because only 3.3% of the flux via
the phosphoenolpyruvate node is directed into the AAA pathway in wild-
type E. coli ([Hol86], [VMP96]). Hence, the PEP availability should be
optimized to prevent a PEP-limited L-Phe formation. This can be achieved
by either reducing the PEP consuming reactions - (i) phosphoenolpyruvate
carboxylase (encoded by ppc), (ii) pyruvate kinase (encoded by pykA and
pykF') and (iii) the PTS demand for glucose uptake - or by enhancing the
refilling reactions (iv) phosphoenolpyruvate synthase (encoded by pps) and
(v) phosphoenolpyruvate carboxykinase (encoded by pck) ©.

ad (i): Miller et al. [MBOHS7] studied the effects in phosphoenolpyru-
vate carboxylase deficient mutants observing an increased L-Phe produc-
tion which coincided with unwanted by-product formation of pyruvate and
acetic acid. These results are in accordance with the findings of Gokarn et
al. [GEA00] who observed an increased succinate production in ppe- mu-
tants under anaerobic conditions. Interestingly, these authors inserted a

6For visualisation the reader may consider Figure 3.2 depicting the anaplerosis of
Corynebacterium glutamicum. However it is noteworthy that anaplerotic fluxes in E. coli
are limited to the PEP = OAA conversion thus lacking of the PYR = OAA interactions
as existing in C. glutamicum.
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pyruvate carboxylase of Rhizobium etli in ppc- mutants thus revealing its
promising potential to compensate the missing anaplerotic flux.

ad (ii): Gosset et al. [GYXB96] showed that the total inactivation of
pykA and pykF, which resulted in the complete loss of E. coli’s ability to
directly convert PEP into pyruvate, increased the carbon flux into AAA
synthesis by the factor 3.4. However, this beneficial effect was not found
in strains that already possess an tktA overexpression thus stressing the
need to fortify TktA activity in the production strains. Additionally, Em-
merling et al. [EDPT02] investigated the flux redistribution in pyruvate
kinase knockout strains, which were not optimized for L-Phe production.
They identified a general local flux rerouting via the combined reactions of
phosphoenolpyruvate (PEP) carboxylase and malic enzyme.

ad iii): Flores et al. [FXB196] succeeded in selecting a PTS™ E. coli
strain whose ability to grow on glucose was attributed to an amplified
galactose permease activity realized with the aid of classical mutagenesis.
The flux into the AAA pathway was found to be increased in the non-PTS
strain and it could even be fortified by the overexpression of aroG" and
tktA. Based on this strain, an aroB~ mutant was constructed which accu-
mulated DAH(P) in the culture supernatant [BBGO1]. From the excretion
rates it was concluded that carbon flux redirection was such successful that
83% of the theoretical optimum of 0.855 mol - mol~! was achieved. Sub-
sequent metabolic flux analysis [FGFT02] revealed that also the glycolytic
fluxes were increased in these strains compared to the wild-type E. coli and
that an additional glucose kinase (glk) gene is required in the chromosome
to ensure rapid glucose uptake. While no flux was observed via phospho-
enolpyruvate carboxykinase in the non-PTS strains, the malic enzyme was
active instead, both in contrast to the findings regarding the wild-type E.
coli. The PTS™ mutant selected by Flores et al. [FXB196] was also applied
in the comparative study of Gosset et al. [GYXB96] showing that a 19.9-
fold increase of carbon flux into DAH(P) synthesis could be achieved using
the PTS™ strain with overexpressed tktA and inactivated pykA and pykF.

Rather conflicting observations were made by Chen et al. [CHY197] who
found that a non-PTS strain - which managed to consume glucose via the
proton-galactose symport system - revealed less phenylalanine production,
attained lower biomass concentration and consumed more Os. These sur-
prising results coincided with significantly changed metabolic patterns in
aerobic and anaerobic cultivations [CYPB97]. Lower levels of total sugar
phosphates, NAD(H), nucleoside triphosphates and PEP were observed,
while nucleoside diphosphate levels were increased.

Frost and Draths [FD95] also addressed the possibility to replace the
wild-type PTS by an heterologous glucose uptake system. The combina-
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tion glucose facilitator (encoded by gif) and glucokinase (glk) - both origi-
nating from Zymomonas mobilis - was successfully applied by Snoep et al.
[SAYT94] and Weisser et al. [WKSS95]. The same genes were amplified in
PTS-negative E. coli strains leading to increased DAH(P) secretion [Kr#00]
in aroB~ mutants and elevated L-Phe production [SSST98b]. Additionally,
gdh (coding for glucose dehydrogenase from Bacillus megaterium) together
with gntk (coding for gluconate kinase) were overexpressed in such strains
to co-increase the E4AP availability thus leading to an enhanced L-Phe pro-
duction as well [KKSS99]. Recently Chandram et al.[CYD"03] presented
the results of an E. coli shikimic acid producer achieving a maximum prod-
uct titer of 87 g - L~! with a PTS™ mutant which expressed Z. mobilis glf
and glk together with aroF*" and tktA. Currently Yi et al. [YDLFO03] have
studied the effect of different glucose uptake systems, namely native PTS,
the glf / glk encoded approach using the Zymomonas mobilis genes and the
recruitment of native E. coli galP-encoded galactose permease. In general,
the PTS- mutants are favored for AAA intermediate production, however
...the impact of a given strategy for increasing phosphoenolpyruvate avail-
ability differs as a function whether 3-dehydroshikimic acid or shikimic acid
1s targeted for synthesis’.

ad iv) Regarding the PEP refilling reactions, the overexpression of pps
(coding for phosphoenolpyruvate synthase) was usually the preferred tar-
get to achieve an increased PEP supply. Patnaik et al. [PSL95], estimated
that the theoretical DAH(P)/glucose yield of 43 % mol - mol~! could be
increased to 86 % mol - mol~! in the case of a complete pyruvate recycling
- for instance by overexpressing pps. In a series of experiments the authors
overexpressed aroG, tktA and pps in aroB~ E. coli mutants [PL94]. Based
on the DAH(P) accumulation they concluded that pps overexpression must
be accompanied by tktA overexpression thus suggesting that E4P supply is
the dominant problem in the E. coli strain investigated’.

Later on, Yi et al. [YLDF02] emphasized the need to overexpress pps
properly meaning that ’... an optimal expression level of phosphoenolpyru-
vate synthase was identified which did not correspond to the highest ex-
pression levels of this enzyme, where the total yield of 3-dehydoshikimic
acid...synthesized from glucose was 51 % mol - mol’. According to the au-
thors this is attributed to the necessarily increased glucose consumption
that causes increased and unwanted by-product formation thus reducing
the optimum expression level of pps.

ad v) The overexpression of pck (coding for phosphoenolpyruvate car-
boxykinase) was studied in 3-dehydroshikimate producing FE. coli which

"It is noteworthy that our metabolic flux analysis results presented in section 3.5
clearly stress the necessity to overexpress pps in our L-Phe production strains.
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were supplied with succinate in addition to the main carbon source glu-
cose [LF99]. It was shown that 57 g- L~ of DHS could be produced when
glucose and succinate were used. In the case of glucose as the sole carbon
source only 44 ¢ - L™! were achieved.

Alleviating Flux Control in the Aromatic Amino Acid Pathway

As already mentioned in the subsection 2.6.1 the AAA pathway is subject
to transcriptional and allosteric control. While transcriptional control can
be circumvented by gene insertion behind promoters that are not regu-
lated by TrpR and TyrR or by the deletion/inactivation of the respective
regulators [Ber96], allosteric control must be addressed specifically for each
feedback inhibited enzyme. Examples for the structure of feedback resistant
enzymes such as AroF7%" AroGf*" and PheA/?" are given by Bongaerts et
al.  BKM™01].

Additionally, the results of the ’Frost’ group exemplarily demonstrate
that flux control in the AAA pathway can be alleviated step-by-step in
order to achieve an ’unlimited’ carbon flux from DAH(P) to the AAA
intermediate of interest. After the limiting role of transketolase (encoded
by tktA) was shown by DAH(P) accumulation experiments using aroB~
mutants of E. coli with tktA and aroG™" overexpression [DPC*92], the role
of aroB (coding for 3-dehydroquinate synthase), aroL (coding for shikimate
kinase II) and aroA (coding for EPSP synthase) was analyzed. Using 'H-
NMR analysis of the culture supernatant these enzymes were identified as
potential metabolic engineering targets of the AAA pathway [DF93]%. In
the following [SDF96], an E. coli producer was presented that possessed
a mutation in the tyrR locus thus preventing a potential trancriptional
repression of aroL. Additionally aroA (coding for EPSP synthase), aroC
(coding for chorismate synthase) and aroB (coding for 3-dehydroquinate
synthase) were inserted in the chromosome using a multigene cassette. As
a result, the L-Phe/glucose yield was doubled. Later on, 69 g - L~! of 3-
dehydoshikimic acid were achieved [LMD'99] using E. coli with aroB and
aroG" overexpressed genes and 57 g - L™! were the result of a fed-batch
fermentation with E. coli possessing aroF ", tktA and pck overexpression
using succinate as an adjunct to glucose [LF99]. Current studies of this

81t is noteworthy that the identification of AroL was not straightforward. The authors
mention that ’... The discovery that the rate-limiting nature of both shikimate dehydroge-
nase and shikimate kinase could be removed upon amplified expression of aroL came as
a surprise... The impact of amplified expression of aroL also indicated that an enzyme’s
apparent rate-limiting character may not result from inadequate expression levels or
catalytic sluggishness but rather could be the consequence of feedback inhibition by the
substrate of a distal, rate-limiting enzyme in the pathway. This statement seems to be
remarkable because the PEC criterion presented in the preceding section allowed the un-
equivocal identification of AroL thus preventing misleading interpretations with respect
to AroE (shikimate dehydrogenase).
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group focus on the PEP availability as already mentioned in the preceding
paragraphs.

Global Regulatory Gene Disruption

Tatarko and Romeo [TRO1] showed that the disruption of csrA (coding
for the carbon storage regulator) resulted in a twofold increase of L-Phe
production. This result is attributed to the now-inactivated Csr-functions
which are: repression of PEP carboxykinase, PEP synthase, gluconeogenesis
etc. and amplification of pyruvate kinase, glycolysis etc.
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4.3 Preliminary Studies

4.8.1 Small-Scale Production Strain Characterization

Since the beginning of the 'L-Phe project’ in mid 1997, a large amount
of different E. coli strains has been constructed and tested by small- and
large-scale fermentations. As already indicated in Table A.1 (section A.1.1,
Appendix) none of these strains was constructed in the author’s group
but they were kindly provided by our cooperating partners. Therefore and
for the sake of brevity, the following subsection does not aim at giving an
overview of the E. coli constructs used. Instead, the fermentation procedure
will be presented which was usually applied to characterize novel E. coli
strains in parallel experiments.

FIGURE 4.1. The Sixfors Vario system (Infors AG, CH) consisting of 6 3.5-L
bioreactors was additionally equipped with a Dosimat 665 system (Methrom AG,
CH) for the accurate feeding of two independent feeds and a multiplexed, 6-chan-
nel exhaust gas analyzer (Fisher-Rosemount, Germany).

For this purpose the Sixfors Vario system (Infors, Basel, CH, Figure
4.1) was installed. The system consists of 6 3.5-L stirred tank bioreactors,
each equipped with 6-bladded Rushton turbines to ensure sufficient oxygen
transfer?. Usually a working volume of 0.5 to 2 L was used in each biore-

9During typical fermentation conditions dissolved oxygen levels > 20% were installed
for growing and non-growing cells.
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actor. The central controlling unit supervised the automatic control of pH,
temperature, dissolved oxygen and antifoam addition.

50

[ fermentations
40 [ Istrains

30
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FIGURE 4.2. Number of newly constructed strains and number of (parallel)
fermentations carried out per year to qualify the strains in preliminary, parallel
experiments.

Additionally, the total system was equipped with a two-feed Dosimat 665
system (Metrohm AG, Switzerland) The feed control was achieved using the
process control software of DASGIP (Jiilich, Germany). With this feed sys-
tem, accurate glucose and tyrosine feeding within error margins < 1% and
<1.5% for glucose and tyrosine were realized. Because exhaust gas analysis
was enabled by a multiplex O2/CO4 device (Fisher-Rosemount, Germany)
carbon balances could be formulated while analyzing the fermentation re-
sults. This turned out to be highly beneficial because potential carbon gaps
could be identified at an early step of process development. The fermenta-
tion apparatus was also capable to apply the tyrosine feed profile according
to the findings of Gerigk et al. [GMK™'02], to be shown further down.

Usually, preliminary shaking flask experiments were performed to achieve
a rough estimation of the maximum growth rates and glucose and tyrosine
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FIGURE 4.3. Ranking of some selected strains with respect to the final prod-
uct/glucose yield Ypgs achieved in parallel experiments. Error bars indicate the
result of parallel fermentations.

consumption rates of the novel E. coli strain '°. If multi-auxotrophic strains
were used, corresponding consumptions rates had to be estimated as well.
These data were the basis for the glucose and tyrosine feeding applied in
the Sixfors Vario apparatus. As a guideline, glucose feeds were adjusted
such that glucose levels between 5 to 10 g - L=! were realized during the
experiments thus preventing a carbon-limited L-Phe production. Usually,
tyrosine limitation was realized during the L-Phe production phase to en-
able selective L-Phe formation with non-growing cells. IPTG was manually
added during the growth phase.

10These preliminary experiments were typically performed following ’classical’ pro-
tocols, i.e. ~ 100 mL biosuspension in 500 or 1000 mL shaking flasks with a shaking
frequency of about 100 - 200 rpm. Occasionally, on-line pH control combined with
small-scale substrate feeding [WBARAO1] was applied depending on the purpose of the
experimental study. Baffled as well as unbaffled flasks were used for the experiments.
Unbaffled flasks were preferred because of the out-of-phase hydrodynamic phenomena
occuring in baffled systems [BLMO1] which can finally reduce the oxygen transfer rate
[MBO01a]. Summarizing, shaking flask conditions might have been non-optimal with re-
spect to the maximum achievable oxygen transfer rate ([ABO01], [BiicO1b]), however, one
should consider the preliminary character of these experiments delivering only some
rough estimates of basic strain characteristics. As indicated, the final strain evaluation
was performed in the Sixfors Vario system.
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To give an overview of the fermentation activities Figure 4.2 is given. As
depicted in the figure, up to 40 different FE. coli strains were constructed
per year by the cooperating partners and qualified in parallel fermentation
experiments. In general, the same metabolic engineering topics as already
presented in the preceding sections were studied such as PEP and E4P
availability and the alleviation of the AAA pathway flux control. To qualify
the performance of these strains, usually the product/glucose yield [mol -
mol~!] was applied as a criterion, together with additional characteristics
such as product titer and the general performance of this strain. Figure
4.3 provides an overview of the product/glucose yields achieved comparing
some selected strains. For the sake of brevity, no detailed strain description
is given. However, these strains which were selected for further process
development up to 300-L fermentations will be presented in the following
sections. Please notice that the strain E. coli 4pF81 (see also Table A.1,
section A.1.1, Appendix) revealed to be best suited already in the small-
scale bioreactor fermentations.

4.83.2  Statistical Analysis Based on PCA

Significant parts of the following subsection were already published
in Takors et al. [TGPWO1].

Introduction

The identification of fermentation key parameters seems to be attractive
because fermentation process development can be facilitated by simply con-
sidering the key parameters at the same time ignoring the less important
fermentation variables. Hence, trajectories of fermentation key values can
provide a promising data basis for the development of optimized fed-batch
processes. Moreover, the on-line analysis of these parameters can allow the
implementation of on-line control strategy to optimize the process.

Despite these advantages, the identification of key parameters is ham-
pered because of the complexity and heterogeneity of fermentation data
sets. Thus a data-handling procedure is needed that reduces the dimension-
ality of fermentation data sets with respect to the key effects. A statistical
tool for this purpose is the principal component analysis (PCA). So far, a
lot of PCA applications have been published covering the field of chemical,
economical or medical studies [Jol86]. Beyond it, PCA is also used to an-
alyze fermentation experiments. For instance, applications were shown for
on-line sensor signal analysis ([LMG198], [MHD"98], [ME97]), fermenta-
tion pattern recognition ([SS92], [KSG94]), identification of fermentation
key variables [Pat97], and fermentation fault diagnosis ([SYUS97], [Lia89]).
However the number of PCA applications for fermentation data analysis is
still rather small although this tool holds great promise [Ree97].



4.3 Preliminary Studies 171

cell L-phenylalanine
production production

L-phenylalanine

concentration

Process time

FIGURE 4.4. Rough scheme of a typical fed-batch fermentation for L-Phe pro-
duction using the strain F. coli DSM as indicated in the text.

Therefore, as a matter of preliminary studies, the aim was followed
to investigate whether and how PCA can be applied for fermentation
data analysis. Using eight fed-batch fermentations with a recombinant L-
phenylalanine producing E. coli strain as a test system it was studied (i)
if PCA is principally applicable for heterogeneous fermentation data sets
and (ii) if it allows the identification of key parameters even considering
typically noisy measurement data. The latter also included the detailed
analysis of PCA score values.

Experimental Conditions

The strain E. coli DSM (see also Table A.1, section A.1.1, Appendix) was
used for all eight fermentations. As indicated, the strain was tyrosine aux-
otrophic and possessed the feedback resistant genes aroF /" together with
pheATP" . Fermentations were carried out using the 'DSM’ medium given
in Table A.2 (see Appendix) at constant pressure (1 bar), temperature (33
°C) and pH (6.8).

Typical fermentation courses using the strain E. coli DSM can be divided
into two parts (see Figure 4.4). At the beginning all medium components in-
cluding tyrosine and glucose were provided in the bioreactor. Additionally,
a pre-defined feed consisting of glucose and tyrosine was installed. During
this fermentation phase cell growth occurred and tyrosine concentrations
in the bioreactor slowly decreased. When tyrosine was depleted, the end of
the growth phase was observed. Then, under tyrosine limited conditions,
a constant glucose feed was installed. During this production phase glu-
cose was converted to L-phenylalanine with high L-phenylalanine/glucose-
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selectivity. Relatively high glucose concentrations occurred temporarily in
the bioreactor as the feeding profile was manually controlled. Glucose levels
were not close-loop controlled but measured off-line by enzymatic analysis.

TABLE 4.1. Basic characteristics of the eigth fed-batch fermentations for L-Phe
production with E. coli DSM used for PCA.

name fermentation characteristic
F1 inoculum treatment changed
F2 highest L-Phe concentration achieved
F3 tyrosine feed concentration doubled during the cell growth

F4 L-Phe added at the beginning of fermentation
F5 standard fed-batch fermentation

F6 reduced glucose feed leading to glucose limitation
F7 increased glucose feed leading to glucose concentrations > 20 g - L™*
F8 empirical 'new’ glucose feed trajectory

For PCA the experimental data of eight fed-batch fermentations have
been used. These fermentations were carried out according to the fermen-
tation procedure described above. However, some modifications have been
realized to investigate their effect on fermentation results. Differences in
fermentation characteristics are listed in Table 4.1. As indicated, fermen-
tation F5 represents the standard fed-batch procedure. In comparison to
F5 fermentation F3 for instance was carried out using relatively high tyro-
sine feed concentrations during the first fermentation phase; a significant
amount of L-phenylalanine was added to the bioreactor at the beginning of
F4 and so on. Courses of the fermentations F1-F8 with respect to certain
fermentation variables are given in Figure 4.5. Details of the PCA appli-
cation as well as of the error estimation are given in the Appendix (see
sections A.6.5 and A.6.6, respectively)

PCA Results

Figure 4.6 shows the PCA results based on the experimental data of eight
fed-batch fermentations with the L-Phe producing strain E. coli DSM.
Approximately 90% of total variance can be described using only the first
three loading vectors. Even when loading vectors 1 and 2 are studied alone,
79% of total variance is covered. Thus it is statistically sufficient to consider
only the first three loading vectors for further analysis. Subsequently, the n-
dimensional problem of fermentation course discussion can now be reduced
to three dimensions consisting of the loading vectors 1, 2 and 3.

To identify fermentation key parameters a detailed study of these loading
vectors is necessary. As shown in Figure 4.6 the respiration quotient rq
and the dissolved oxygen concentration DO possess small values in all
loading vectors. This indicates, that the eigenvectors’ direction is hardly
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FIGURE 4.5. Courses of Optical density (OD) dissolved oxygen (DO), glucose,
acetate, tyrosine and L-phenylalanine concentrations of eigth fed-batch fermenta-
tions using arbitrary units. PCA was performed with the absolute values, which -
however - cannot be shown following the requests of the industrial partner DSM
Biotech.

influenced by these observations. Thus, rq and DO are not key parameters.
The minor importance of DO could be explained by high dissolved oxygen
levels (>>10%) that were maintained during all fermentations and that
prevented any limitation of growth or product formation. In the case of
rq the conclusion can be drawn that this (easy obtainable) signal would
not be suited as an on-line fermentation control variable (e.g. for indirect
substrate control).

However, when tyrosine and acetate concentrations were studied, these
observations can be identified as key fermentation parameters. Both dom-
inate loading vectors 1 and 2 strongly influenced 79% of the total vari-
ance. With respect to tyrosine, this result was expected since a tyrosine
auxotrophic E. coli strain was used for fermentations. Thus tyrosine limi-
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FIGURE 4.6. PCA results considering the data set of eight fed-batch fermenta-
tions including the observations optical density (od), concentrations of glucose
(cgiu), tyrosine (ciyr), L-phenylalanine (cphe), acetate (cace), dissolved oxygen
(DO) and the respiration quotient (rq) (Remark: rq was only measured during
4 fermentations.)
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FIGURE 4.7. Phase diagram with courses of principal components scores pcl and
pc2 representing eight fed-batch fermentations (F1 — F8) for L-Phe production
using the tyrosine auxotrophic strain F. coli DSM. For explanation of grey arrows
see text

tations not only strongly reduced the microbial growth rate but also con-
trolled the selectivity of L-Phe production. In the case of acetate it should
be mentioned that, due to the pre-defined glucose feed rates, glucose accu-
mulations (>10 g+ L~!) temporarily appeared during fermentations. These
led to temporarily high acetate production rates (see also Konstantinov
et al. [KNY90], [KYNS91]). As a result, a high acetate significance was
calculated.

Other observations like od, cg4i, and cppe are only significant within the
third loading vector. According to the minor importance of this loading
vector with respect to the total percentage of variance, these variables are
also of minor importance for fermentation characterization.

When values of ¢y, and cqce in loading vectors 1 and 2 were compared,
different effects on the loading vector orientation can be identified. While
both observations possess similarly directed influence on the orientation of
loading vector 2 (both values have negative signs), an inverse effect was
found for loading vector 1 (see Figure 4.6). Figure 4.7 indicates that this
prospective contradiction can be explained when time courses of the scores
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are studied. The score phase diagram includes all observations with respect
to the loading vectors 1 and 2.

As shown in Figure 4.7 the time courses of pc; and pcy of all fermenta-
tions are similar. All fermentations started with pci-scores smaller than 0
and this value increased until the end of the experiment. Moreover all pcy
courses posses a maximum that coincides with the beginning of tyrosine
limitation which obviously is a dominant fermentation characteristic.

For the explanation of score trajectories the grey arrows at the top and
at the right of the diagram are given. The arrows elucidate effects of ac-
etate, tyrosine and L-phenylalanine concentrations on pc; and pco scores.
These observations have been chosen because they have the strongest influ-
ence on score values according to Figure 4.6. Regarding equation A.29 (see
section A.6.5, Appendix) scores are calculated as a product of the loading
vector and the standardized measurement variables. As a consequence of
standardization, concentrations that are higher than average receive a pos-
itive sign. In the case of acetate these values are multiplied with a positive
value of loading vector 1 or a negative value of loading vector 2 (see Figure
4.6). Thus high acetate concentrations lead to high pc; or low pey scores
- as indicated by the grey arrows. Analogously, the effects of tyrosine and
L-phenylalanine can be discussed.

Using these relations, pc; courses of the phase diagram could generally
be explained as an increase of acetate and L-phenylalanine concentrations
in combination with a decrease of tyrosine concentrations. Moreover, the
maximum of pcy courses could be discussed as a decrease of tyrosine content
during the first fermentation period and an increase of L-phenylalanine and
acetate concentration during the following production period. This general
explanation also fits to the experimental observations of fermentations F3
and F4. The doubled tyrosine feed concentrations during the first period
of fermentation F3 caused low pc; and pcs scores. Moreover high pc; and
low pcy scores are calculated for F4, after L-phenylalanine was added to
the fermentation.

Error Analysis

Results of the Monte-Carlo error estimation based on the measurements
of X are presented in Figure 4.8. Errors for the loading vectors 1 — 3
assuming measurement errors from + 1 to 10% are shown. As expected,
relative loading vector errors are increasing with increasing measurement
errors. However the error distribution with respect to the observations is
different for each loading vector. Especially those observations that are not
identified as key parameters according to Figure 4.6 possess high relative
error values. For example, a,q and apo in loading vector 1 achieve errors
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FIGURE 4.8. Estimated errors of loading vectors 1 - 3 with respect to the ob-
servations optical density (od), concentrations of glucose (cgiu), tyrosine (ciyr),
L-Phe (cphe), acetate (cace), and dissolved oxygen (DO). Measurement errors of
1, 2.5, 5, 7.5 and 10% are assumed for calculations (see colums).
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FIGURE 4.9. Phase diagram of pc; and pca score courses considering eight fer-
mentations (F1-F8) with the L-Phe producing strain E. coli DSM. Estimated
errors are indicated for the most successful fermentation F2. Some selected sam-
pling times (indicating the fermentation course) of F2 are given as well.

up to 75% if measurement errors of 10% are assumed. Similar tendencies are
indicated for agj,, and app. in loading vector 2. However, estimated errors
of the key parameters tyrosine and acetate show relatively small values in
loading vector 1 and loading vector 2. Thus it can be concluded that the
identification of the key parameters tyrosine and acetate is not influenced
by measurement errors.

In analogy to the discussion of score courses based on the phase dia-
gram of Figure 4.7, the effects of measurement errors on these trajectories
was studied as well. The aim was to investigate whether scores can be used
for fermentation discussion taking into account obviously existing measure-
ment errors. Score courses and the corresponding error bars are presented
in Figure 4.9. Special focus is laid on the origin of the diagram to enable
detailed discussion of fermentation F2, which has been identified as the
most successful experiment because of the high L-Phe titers achieved.

As indicated in Figure 4.9 some score error bars were calculated as larger
than 100%. This circumstance obviously hampers a detailed discussion of
the score courses. However, scores of fermentation F2 at 11 and 12 hours
appear to be significantly lower than scores of other fermentations. This
pcs difference can be caused by relatively high tyrosine concentrations that
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were detected at this time. During this phase tyrosine is needed for the pro-
duction of E. coli cells that should produce L-Phe in the next fermentation
period. Thus there might be a hint to a relatively high tyrosine concentra-
tion which is needed in this phase to enable high L-Phe production in the
next period (as also discussed in [KNY90] and [KY90]). However it must
be stressed that this can only be regarded as a vague hypothesis since the
large score errors severely limit a detailed score course analysis.

Summarizing Comment

The PCA of eight fed-batch fermentations with the L-Phe producing strain
E. coli DSM has shown that this statistical tool is generally suited for
fermentation data analysis taking into account an unlimited number of
standardized data. As a result, tyrosine and acetate concentrations were
identified as fermentation key parameters, which will be studied in detail
in the following section.

It is noteworthy that the dominant PCA result, the identification of the
so-called key parameters tyrosine and acetate, was not affected by measure-
ment errors of 10%, as shown by the Monte-Carlo simulations. This stresses
the reliability of the PCA approach, although a detailed score course anal-
ysis failed owing to the large error margins of the scores. Furthermore, it
would be interesting to study additional effects such as data distributions,
different fermentation kinetics or the use of derived variables such as sub-
strate consumption or product formation rates instead of pure concentra-
tion courses to further qualify the PCA tool for the analysis of fermentation
runs. However, these studies have not yet been performed.
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4.4 Fed-Batch Process Development

In the following the results of the fermentation process development for
different, L-Phe producing FE. coli strains will be presented. It is note-
worthy that not all strains listed in Table A.1 (see subsection A.1.1, Ap-
pendix) were available at the beginning of the project. Instead, they were
sequentially constructed during the course of the cooperation project by
our collaborating partners (as indicated). Especially the close relation to
the molecular biologists and biochemists at the Institute of Biotechnology
1 (IBT1) turned out to be invaluable. Thanks to this close cooperation, ob-
viously existing significant (pathway) flux controls, which were observed by
lab-scale fermentations in the author’s group, could rapidly be alleviated by
overexpression of the respected genes. An example was the identification of
AroB by 'H-NMR based analysis of DAH(P) accumulation in the fermenta-
tion supernatant and the subsequent plasmid-encoded aroB overexpression
considered in new strain developments by the cooperating partners. Similar
examples could be given for aroL and so on.

However, because fermentation process development based on ’given’
strains was in the foreground of the research activities, the following sec-
tions will solely concentrate on this part.

4.4.1 Tyrosine and Glucose Control

Significant parts of the following subsection were already published
in Gerigk et al. ([GMK'02], [GBGN102]) and applied for patent
[GRSTO1]. Results were acquired during the Ph.D. thesis of M. Gerigk
[Ger01] and the master thesis of R. Bujnicki [Buj01] and E. Ganpo-
Nkwenkwa [GNO1] which were co-supervised by the author.

At the beginning of the fermentation process development, an experi-
mental setup and strategy was applied that was motivated by preliminary
results of the industrial partner and by the general aim to keep the pro-
cess as simple as possible. Therefore, the primary experimental setup was
chosen as depicted in Figure 4.10. It was tested in an experimental series
consisting of 10 subsequent fermentations using the tyrosine auxotrophic
strain F coli 4pF20 (see Table A.1, Appendix). The fed-batch protocol,
using the 'DSM’ medium as indicated in Table A.2 (subsection A.2.1, Ap-
pendix) considered the following steps: The initial batch phase was finished
after 5 g - L' glucose was consumed and the initial amount of 0.3 g - L™*
tyrosine was depleted. Then a feed containing glucose (700 g - L~!) and
tyrosine (7.5 g - L) started lasting until the end of the growth phase,
which was indicated by ODggg ~80. During this period, 100 umol IPTG
was added for induction. After this, only glucose (700 g - L™1) was fed.
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FIGURE 4.10. Experimental setup of the primary fed-batch experiments for
L-Phe production with an tyrosine auxotrophic strain of E. coli in a 20-L biore-
actor. Two separate feeds were installed with glucose and tyrosine (during cell
growth) and without tyrosine (during the L-Phe production period). NH; was
used for titration. Only pH and DO (and temperature) were automatically con-
trolled.

It is noteworthy that tyrosine was supplied in a suspension because of
its low solubility of about 0.45 g - L' (at pH 7, 25°C, in water). The
feeds were adjusted manually aiming at realizing almost constant glucose
concentration levels at 5 g- L ™! by considering the ’current’ glucose content
which was measured off-line during the process. As a result of this strategy,
significantly variant glucose, tyrosine, L-Phe and OD curves were achieved.
Glucose levels between 25 to 0 g- L~ were measured, together with variant
tyrosine concentrations (1 to 0 g- L~!) and maximum L-Phe titers of 30.9
to 12.8 g- L~ (after 50 h process time). Furthermore, the best results of the
latter, namely the L-Phe titer of 30.9 ¢ - L~ 'could not be reproduced. This
finding was especially remarkable because the L-Phe titer of 30.9 g - L~*
was regarded as promising with respect to the achievements of other groups
(see the section 4.2.1).

Taking into consideration that tyrosine was identified as a fermentation
key variable (see preceding subsection), all lab-scale experimental results
were reconsidered and plotted according to Figure 4.11. This retrospective
analysis revealed that maximum L-Phe titers were only achieved if maxi-
mum tyrosine levels did not exceed 0.2 g- L1
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FIGURE 4.11. Final L-Phe titers as a function of the maximum tyrosine con-
centration achieved during the 20-L fed-batch experiments. The corresponding
cell-dry weights [g- L™'] (CDW) are given as labels.

This finding is in agreement with the aromatic amino acid pathway char-
acteristics, which has already been presented in subsection 2.6.1. Accord-
ingly, high tyrosine levels cause allosteric and transcriptional control of
the AAA pathway activity. While chorismate mutase / prephenate dehy-
drogenase (encoded by tyrA) and DAHP synthase (encoded by aroF') are
feedback inhibited by tyrosine, the transcription of aroB (coding for shiki-
mate kinase II) is repressed, even in the presence of 36 mg - L' ([FHSS],
[FEH88]). Furthermore indications were given that also the synthesis of
AroF is repressed by tyrosine (or very high levels of phenylalanine). Addi-
tionally it was observed that the PheA synthesis (i.e. the synthesis of cho-
rismate mutase / prephenate dehydratase) can be repressed in the presence
of tyrosine as well.

Summarizing, the necessity to optimize the tyrosine supply was clearly
identified.

By analogy, the glucose supply should be optimized as well. An opti-
mum glucose feed should aim at an unlimited microbial L-Phe produc-
tion, while the unwanted by-product formation of acetate should be pre-
vented at the same time. High growth or glucose consumption rates in
combination with an insufficient oxygen supply are presumably impor-
tant reasons for the beginning of acetate overflow metabolism in E. coli
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([KBW93], [KBW94], [XJE99]). Konstantinov and coworkers ([KNY90],
[KY90], [KKSY90], [KYNS91]) developed dynamically adjusted glucose
feed strategies to prevent an exceed of oxidative capacities of L-Phe pro-
ducing E. coli cells. As a consequence, glucose concentrations were not
detectable during the fed-batch phase (< 0.1 g - L™1), which can also be
accomplished by using the alternative approach of Takagi et al. [TNOY96].

Despite the successful results based on these approaches, their applica-
bility might be hampered if additional genetic changes such as the overex-
pression of tktA, tal and/or pps together with alternative glucose uptake
systems and additional overexpression of genes coding for AAA pathway
enzymes will be considered in future L-Phe production strains. Examples
were already presented in the preceding sections.

As a consequence, it seems to be most likely, that the second ‘generation’
of L-Phe producing strains will possess a combination of genetic changes of
central metabolism and of aromatic amino acid pathway. Due to the funda-
mental character of these genetic alterations, microbial kinetics of growth,
substrate consumption and product formation will vary significantly from
strain to strain. For instance, the use of an heterologous glucose uptake sys-
tems (as proposed by Flores et al. [FXB196] or recently by Chandram et
al. [CYD™'03]) will strongly effect glucose uptake rates and will also affect
optimal extracellular glucose levels. Also, tyrosine supply for production
strains using the wild-type (tyrosine-feedback sensitive) aroF™* ([FHS88|,
[FEHSS8]) or the feedback-resistant aroF’" will be significantly different. A
process strategy that aims at identifying the best suited production strain
together with its optimal process conditions should be flexible enough to
adapt to strain specific microbial kinetics. Hence, a fermentation approach
is needed that could be used for different production strains ensuring indi-
vidually optimal cultivation conditions.

For this purpose the general approach for the control of the two key pa-
rameters of L-Phe production, namely glucose and tyrosine, is presented in
the following. Experiments were conducted with the two L-Phe producing
strains E. coli aroF-fbr (4pF26) and E. coli aroF-wt (4pF69). As indicated
in Table A.1 (see subsection A.1.1, Appendix) both strains differ in the use
of aroF"! (in E. coli aroF-wt) and aroF™" (in E. coli aroF-fbr). The use
of aroF™" in E. coli aroF-fbr should make this strain less sensitive towards
high tyrosine concentrations than E. coli aroF-wt with aroF™t. Note, that
E. coli aroF-fbr and E. coli aroF-wt possessed additional plasmid-encoded
aroL, which was intended to compensate a reduction of aroL transcrip-
tion in the presence of high tyrosine concentrations. As a consequence,
the discussion of tyrosine effects can be focussed on feedback inhibition of
DAHP-synthase alone.
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FIGURE 4.12. Correlation of the volumetric oxygen uptake rate (OUR, mM-h™1)
and the (optimal) tyrosine demand (TYR, g-h™') during the growth phase from
7 to 13 h process time found by empirical lab-scale studies using the L-Phe
producing strain E. coli 4pF20. Additionally the regression coefficient r is given
to indicate the quality of the linear approximation.

Fermentations in the 20-L bioreactor used the sole carbon source glucose
in the fed-batch medium as indicated in subsection A.2.1 (Appendix). Stan-
dard analysis was applied as shown in subsection A.3.3 (Appendix). pH was
controlled by 25 % ammonia water titration. Glucose and L-tyrosine (due
to the L-tyrosine auxotrophy of the strain) were added to the bioreactor
to ensure cell growth during batch phase. Two separate feeds for tyrosine
(25 g - L1 tyrosine dissolved in 5% ammonia water to increase tyrosine
solubility) and glucose (700 g - L~!) were then started to extend growth
phase. The feed rates of both substrates were automatically adapted by
the control strategies to be shown in the following. When the feeding phase
was started, L-Phe production was induced by addition of IPTG (final
concentration 100 pM). Cell growth was stopped by tyrosine limitation
(approximately at ODgap ~80) only feeding a limiting tyrosine supply for
cell maintenance with a rate of 150 mg - h~" until the end of the fermenta-
tion. The process was monitored using the technical setup as described in
subsection A.4.2; Appendix.
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Tyrosine Control

Motivated by the results of Forberg and Higgstrom ([FH88], [FEHSS]),
who identified a maximum tolerable tyrosine concentration of 36 mg- L™!,
a maximum tyrosine concentration of 20 mg- L1 was regarded as an upper
limit for the experiments. Tyrosine control was preferred to be realized as
an indirect controlling approach, because on-line HPLC tyrosine measure-
ment was assumed to be not reliable enough!!. For this, a linear, empirical
correlation was identified estimating the volumetric tyrosine consumption
rate as a function of the on-line measured oxygen uptake rate (OUR). This
simple correlation was motivated by preliminary findings (depicted in Fig-
ure 4.12) indicating that the metabolism activity (mirrored by the oxygen
uptake rate) can be directly controlled by the tyrosine feeding using grow-
ing, tyrosine auxotrophic mutants.

Hence, the tyrosine feed rates were adjusted automatically during the
growth phase following the equation

Vil = 28 [—{} - 3}0 e
"'Lh I

g

(4.1)

Here, m represents a controlling parameter that could be used, for instance,
to increase tyrosine limitation by increasing m values. To control acetate
production, an enzymatic on-line glucose control system was installed (see
section A.4.3, Appendix) that used the empirical value of 5 g - L™! as
setpoint!'2. To prevent oxygen limitation, DO levels were kept always above
20% saturation (data not shown). The process setup is shown in Figure
4.13.

To study the effect of different tyrosine supply on L-Phe formation rates
and final product titers, an experimental series was carried out choosing
different set points of the tyrosine controlling parameter m of equation 4.1.
m was set t0 0.6, 1.0 and 1.5 (and to 2.0 using E. coli aroF-wt) thus reducing
the tyrosine feeding rates 2.5 fold (3.3 fold) with respect to the maximum
feed rate with m as 0.6. In all experiments, the total amount of tyrosine
fed to the culture was constant (180 g of tyrosine solution) which finally
lead to different lengths of tyrosine controlled periods. Indirect tyrosine
control always started approximately after 6 h and lasted until 14 to 20
hours depending on the tyrosine feed rates. After this, tyrosine feed rates
were kept constant at 0.15 g7y g - b~ until the end of the fermentation to
limit microbial cell growth and to enable an L-Phe production with high
L-Phe/glucose selectivity.

11The HPLC detection limit for tyrosine was found to be about 10 mg - L.
12Details of the glucose control are given in section A.4.3.
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FIGURE 4.13. Experimental setup for lab-scale fermentations using on-line glu-
cose control (measuring glucose levels enzymatically in the cell-free permeate
from the bioreactor by-pass) and tyrosine control (using exhaust gas analysis for
O2 measurements for estimating the tyrosine feeding according to equation 4.1).

Figure 4.14 gives an overview of the resulting tyrosine concentrations as
a function of process time, controlling parameter m and production strain.
In fed-batch fermentations with m as 0.6, an accumulation of tyrosine was
observed for E. coli aroF-fbr as well as for E. coli aroF-wt. Reducing the
tyrosine feed rates with increasing m values, tyrosine accumulations were
also significantly reduced. In case of E. coli aroF-wt, the primary chosen
upper limit of 20 mg-L~! tyrosine was only exceeded for m set as 0.6. Higher
tyrosine concentrations were temporary measured using F. coli aroF-fbr,
which should be tolerated by this strain owing to the existing tyrosine
resistants in aroF7?". From this we concluded, that the indirect tyrosine
control can successfully be used for the tyrosine-sensitive strain E. coli
aroF-wt, when m values larger than 1 were used.
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FIGURE 4.14. Tyrosine courses using the strains E. coli aroF-fbr and E. coli
aroF-wt in L-Phe fed-batch production processes with different set points of m
ranging from 0.6 to 2.0.

In Figure 4.15, courses of resulting biomass specific L-Phe formation rates
T phe are given. A maximum specific L-Phe formation rate of 0.08 g- (gh) ™!
was estimated by spline interpolation with the controlling parameter m as
1.0 using the strain F. coli aroF-fbr. Using other m values, only 0.04 to
0.06 g - (gh)~* were achieved. Obviously the tyrosine accumulations up to
0.3 g-L~! did not significantly reduce the biomass specific L-Phe formation
rate, which was a consequence of the feedback resistant AroF/?.

Using E. coli aroF-wt with the tyrosine feedback regulated gene aroF™*
the maximum 7pp,. values measured in fed-batch processes were 0.06 g -
(gh)~!. This maximum L-Phe formation rate was the same for all fermen-
tations with a controlling parameter m between 1.0 and 2.0. However, when
the tyrosine feed rate was increased (m as 0.6), a significant reduction of
the L-Phe formation rate was observed, achieving only a third of the max-
imum values of the other fermentations. Presumably, the reduction was
caused by the external tyrosine accumulation up to 0.18 g- L', which may
have caused intracellular tyrosine concentrations far above the reported
inhibiting value of the wild-type AroF of 36 mg - L~!. On the contrary,
when tyrosine feed was reduced by choosing m as 2.0, a significant exten-
sion of high level L-Phe formation with 0.03 g - (gh)~! was observed after
30 h lasting until 45 h process time. Although tyrosine feed rates were all



188

.. [9/gh]

e (9/GN]

0.08
0.06
0.04
0.02
0.00

0.08
0.06
0.04
0.02
0.00

4. L-Phenylalanine Bioprocess Development

process time [h]

[]
- ", il E. coli aroF-fbr
1 ‘- ¥ y-—m=06
'..."I' n-m=10
‘-" Yvyv . :: e-m=15
(]
;r I "' I
b 4 i' "y
res '
E. coli aroF-wt
v-m=086 —e-—m=15
a—-m=10 —4-m=20
,.. .:I““A;‘
I o v | <
= FE LA AL AR T | |
0 10 20 30 40 50

FIGURE 4.15. Comparison of the biomass-specific L-Phe production rates wppe
in fed-batch fermentations with different setpoints of controlling parameter m
using the strains E. coli aroF-fbr and E. coli aroF-wt. Rate curves were derived
by spline fitting.
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FIGURE 4.16. Courses of L-Phe concentrations of seven fed-batch fermenta-
tions with different setpoints of controlling parameter m using the strains E. coli
aroF-fbr and E. coli aroF-wt. HPLC measurement showed error margins less than

5%.



4.4 Fed-Batch Process Development 189

25

=20
£ 3
2 g

-—-I15

2

i;%1{)
2 B
5 %
~ 0

5

0

1.5 1.0 0.6 2.0 1.5 1.0 0.6
control parameter m

FIGURE 4.17. Comparison of L-Phe/glucose yields after 36 and 48 hours pro-
cess time using the strains F. coli aroF-fbr and FE. coli aroF-wt under different
tyrosine-controlled (parameter m) fed-batch conditions.

similar during this period, the experiment with the lowest tyrosine feeding
rate during the earlier cell growth was the one that showed the longest L-
Phe production period. Consequently, the highest L-Phe titers (34 g- L7,
see Figure 4.16) were also measured during this experiment. It should be
stressed, that this value is even higher than the maximum titer of 28 g- L1
achieved for the optimal tyrosine control (m = 1) using E. coli aroF-fbr.

The effects of different tyrosine feeding strategies on fermentations with
E. coli aroF-fbr and E. coli aroF-wt were also qualified, when L-Phe/glucose
yields are compared (see Figure 4.17). In general, yields using FE. coli aroF-
wt were higher than their counterparts of E. coli aroF-fbr. An exception was
observed for m set to 0.6. Here the tyrosine inhibition on L-Phe production
using E. coli aroF-wt was such strong, that only a very low selectivity of
about 6 % (mol-mol~!) was achieved. It should be stressed that the highest
glucose/L-Phe yield of about 18 mol% was reached with the most tyrosine
limiting feeding profile with m set to 2.0 using the strain E. coli aroF-
wt with aroF“t. This result is particularly remarkable because it shows,
that not necessarily metabolic engineering with respect to the cloning of
an tyrosine feedback resistant aroFf*" gene for L-Phe production should be
preferred. Instead, when an optimum tyrosine feeding is chosen, higher L-
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Phe titers and L-Phe/glucose yields are obtained using the wild-type gene
aroF'vt,

Furthermore DAHP-synthase activity measurements (following the pro-
tocol presented in subsection A.3.12, Appendix) were carried out for each
strain at 10-12 h process time and also after 30 hours. A maximum activity
of 0.5 U 'mg];,lotem was found for E. coli aroF-fbr at 13 h using the tyrosine
control with m set to 1.0. Other m values lead to reduced activities lower
than 0.3 U - mgp;item. After 30 h, no significant DAHP-synthase activity
was detected. The measurements were thus in agreement with the above
mentioned phenomenological results and they also explained, why L-Phe
formation declined after approximately 21 h process time (see figures 4.15
and 4.17). Compared to E. coli aroF-fbr DAHP-synthase activities of FE.
coli aroF-wt were significantly higher, for instance achieving a maximum
of 20U - mg;rlotem after 10 h process time using the tyrosine control with
the optimum m set to 2.0. Most notable, DAHP-synthase activities after
30 h process duration were still about 0.6 U - mg;rlotem (for m set > 1.0)
which was even higher than the maximum value of E. coli aroF-fbr. It is
noteworthy that AroF/?" did not show significant activity at this time.

From the above results the conclusion can be drawn that FE. coli aroF-
wt should be preferred for L-Phe production, however, only in conjunction
with an optimum tyrosine control system. Only in this combination the
maximum process selectivity of about 18 % (mol - mol) and the maximum
titer of 34 g - L™! was achieved.

Glucose Control

To investigate whether and how different glucose levels effect L-Phe pro-
duction, an experimental series using E. coli aroF-wt was carried out. As
the strain possessed an active phosphoenolpyruvate:carbohydrate phospho-
transferase system (PTS), the results of Ferenci ([Fer96], [Fer99]) and others
(Hunter and Kornberg [HK79], Postma et al. [PLJ93],Lengeler et al. [LS99)])
were considered, assuming a glucose uptake via Mgl (half-saturated at 0.2
puM or 0.036 mg - L~!) and PtsG (half-saturated at 3 to 10 uM or 0.6
to 1.8 mg - L™1) at micromolar external levels and via PtsG and mannose
specific PtsM (half-saturated at 1.3 mM or 230 mg - L=!) at millimolar
external levels. Thus, glucose control setpoints at 0.1, 5 and 30 g- L' were
chosen that saturate the glucose uptake via PtsG and that also allow a
limited glucose uptake via PtsM. In all experiments, tyrosine supply was
controlled setting m to 1.

As indicated in Figure 4.18, glucose control started at the end of the
batch phase when the setpoint was reached (at approximately 6 to 10 hours
after inoculation). The starting glucose concentration was 15 g - L™! in



4.4 Fed-Batch Process Development 191

100
A L AAARAA— | LA LAAlA, ah,
.y
10— "m
\ V\- e RN T TTTE B
5 Y
g !
S soo-ee—0 ¢
= eeoo®
0.1 [ glucose set points [
—e—0.1g/
—n—35 gl
start of glucose control —4—30.0 gf
0.01 - :

0 10 20 30 40 50

process time [h]

FIGURE 4.18. Three courses of the glucose-controlled fed-batch fermentations
at setpoints of 0.1, 5 and 30 g - L are shown. The L-Phe producing strain FE. coli
aroF-wt was used with tyrosine control with m set as 1.0. Enzymatic glucose
error margins are within 5%.
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FIGURE 4.19. Biomass-specific glucose consumption rates ogiu. during the glu-
cose-controlled fed-batch phase of the three experiments with glucose setpoints
of 0.1, 5 and 30 g - L~*. The tyrosine control with m set to 1.0 was applied for
E. coli aroF-wt. Rate courses were derived by spline functions.
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FIGURE 4.20. Alanine and acetate courses in glucose-controlled fed-batch fer-
mentations at 0.1, 5 and 30 g - L™!. Tyrosine control was applied using the
strain E. coli aroF-wt with m set as 1.0. Acetate and alanine error margins from
HPLC-measurements were less than 10%.

experiments with setpoints at 0.1 and 5 g- L~! and 30 g - L~ for the last
fermentation. As shown, glucose control was well realized for setpoints 5
and 30 g - L~!. Using setpoint 0.1 g - L™!, a continuous glucose increase
during fed batch fermentation was detected. However it should be pointed
out, that the on-line measured glucose concentrations did not show this
tendency. On-line glucose control always indicated 0.1 g - L=! (data not
shown). It was thus concluded that an enzymatic sensor drift, maybe due to
partly inactivation of glucose oxidase of the sensor, caused the ‘controlled’
increase of glucose up to 0.4 ¢ - L™! in the bioreactor.

Figure 4.19 depicts the biomass specific glucose consumption rates o guc
of the three experiments after the batch phase was finished. Although glu-
cose consumption rates were very similar at the beginning of fed-batch pe-
riod, a slightly lower glucose consumption rate was observed at 0.1 g - L1
indicating that glucose uptake via PtsM was probably limited. During the
later fermentation phase, strongly decreasing oy, values (down to 0.05
g-(gh)™1) at 30 g- L~! glucose were measured after 30 hours, while glucose
consumption rates at 0.1 and 5 ¢g - L' kept at a stationary level of 0.2
g-(gh)~"
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To study the phenomenon, the metabolism overflow indicators acetate
([KBW93], [KBW94]) and alanine were monitored during the fermenta-
tions as indicated in Figure 4.20. While acetate is produced (under aerobic
conditions) with the aid of pyruvate dehydrogenase, phosphotransacetylase
and acetate kinase coproducing one ATP (Majewski and Domach [MD90]),
alanine is produced from pyruvate via amino transferase using glutamate
as amino donor. Based on further studies of Xu et al. [XJE99] and of Luli
and Strohl [LS90], acetate is known to be an inhibitor for growth (inhibi-
tion constant K7 of 9 g- L~!) and also for glucose consumption (inhibition
constants between 1 to 5 g - L~ for different E. coli wild-type strains).

As shown, glucose levels of 0.1 and 5 g- L' did not effect the by-product
formation of acetate and alanine. Acetate concentrations were lower than
2 g- L~ in both fermentations. By analogy, only very low alanine titers up
to 0.1 g - L~! were detected in these fermentations. However, completely
different by-product courses were found, when glucose was controlled at 30
g-L~1. Significant acetate titers higher than 2 g- L~! were measured at the
end of the batch phase. During the glucose controlled production period,
acetate titers finally increased up to 41 g-L~! accompanied by high alanine
titers up to 4.6 g - L~1. These acetate concentrations are (by far) higher
than the reported inhibition constants. Hence, the decline of glucose uptake
after 30 h process time at 30 g- L~! extracellular glucose concentration can
be regarded as a consequence of the acetate inhibition as reported by Luli
and Strohl [LS90].

Because an increase of by-product formation can also affect L-Phe pro-
duction, biomass specific L-Phe formation rates 7pp, were given in Figure
4.21. During the first 10 hours, L-Phe formation rates were similar in all
experiments. Only a slight reduction could be identified in the presence of
30 g- L~! glucose compared to the fermentations at 5 and 0.1 g- L', Signif-
icant differences occurred during the later L-Phe production phase. While
T phe values between 0.03 and 0.04 g - (gh)’1 were maintained in the pres-
ence of 0.1 and 5 ¢g- L~! glucose until 43 h process time, L-Phe production
strongly reduced after 15 hours and completely broke down after 30 hours
at high glucose levels of 30 g- L~!. Considering the aforementioned acetate
inhibition, we thus concluded, that high acetate titers not only caused a
reduction of glucose uptake but also a reduction of L-Phe formation.

These effects are also indicated in Figure 4.22 where L-Phe and tyrosine
concentration courses of the three fed-batch experiments are compared.
While tyrosine levels were very similar during all fermentations owing to
indirect L-Tyr control, L-Phe courses varied significantly in the different
experiments. Approximately after 25 hours, no further L-Phe accumulation
was detected in the 30 g - L™! glucose experiment, which is in agreement
with the calculated L-Phe formation rates of Figure 4.21. On the contrary,
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FIGURE 4.21. Biomass specific L-Phe formation rates 7w pne at different controlled
glucose levels of 0.1, 5 and 30 g-L~". Tyrosine control was applied using the strain
E. coli aroF-wt with m set as 1.0. Rate courses were derived by spline fitting.

—e—L-Phe (0.1 gl)
—=—L-Phe (5 gfl)
—a—L-Phe (30 gfl)

L-Phenylalanine [g/l]

—o— L-Tyr (0.1 gll)
—o— L-Tyr (5 gil)
—a—L-Tyr (30 ghl)

process time [h]

L-Tyrosine [g/l

FIGURE 4.22. Courses of L-Phe and L-Tyr titers in glucose-controlled fermen-
tations at 0.1, 5 and 30 g - L™! glucose. Tyrosine control was applied using the
strain F. coli aroF-wt with m set as 1.0. Error margins for HPLC measurement

were less than 10%.
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when glucose was controlled at 0.1 or 5 g - L™!, an L-Phe accumulation
could be observed lasting until 48 h. The highest L-Phe titer was thus
achieved in the 5 g- L™! glucose experiment (approximately 35 g- L~1!). By
analogy, the highest total amount of L-Phe (500 g) was also produced in
this experiment, followed by 320 g with 0.1 g- L~ glucose and 190 g with
30 g - L~ glucose.

Hence, an optimum for L-Phe production was found with a glucose con-
trol setpoint at 5 g- L' with respect to the three setpoints investigated'?.
This result is remarkable, because former approaches ([KNY90], [KY90],
[KKSY90], [KYNS91], [TNOY96]) obviously followed the aim to avoid ac-
etate production by controlling glucose concentrations at a very low level
below 0.1 g- L~! at the same time ensuring sufficient oxygen supply. Our
experimental results show that the by-product courses as well as the L-Phe
production would suggest best process conditions at 5 g - L' glucose.

This result is advantageous with respect to the upscalability of the total
process approach. Following the route of controlling glucose concentrations
at a very low concentration level, inhomogeneous mixing and resulting con-
centration gradients could build up zones of glucose limitation in large pro-
duction bioreactors. Glucose represents the sole carbon source for microbial
L-Phe production in the fermentation medium. Hence, L-Phe formation
would be limited subsequently. Controlling glucose levels at 5 g- L~! would
at least reduce this phenomenon.

300-L Upscale

The results of the preceding paragraphs have shown that a general fed-batch
control approach for L-Phe production with tyrosine auxotrophic strains
can be achieved by establishing (i) an indirect tyrosine control and (ii) a
direct glucose control. While the first enabled the use of aroF*! which even
revealed to be superior to the usually applied aroF" genes, the optimal
glucose control at 5 g-L~! offers the advantage of a simplified process scale-
up by preventing unwanted carbon-source limitation. The latter are likely
to occur when the glucose level are controlled at 0.1 g- L™!, as proposed
by the previous approaches.

To demonstrate the upscaling quality of the current approach, experi-
ments were performed using the strain E. coli 4pF20 (for details see Ta-
ble A.1, Appendix). It is noteworthy that this strain differs from E. coli
aroF-fbr and E. coli aroF-wt by lacking of aroL overexpression, thus being

13Tn addition to the experiments presented here, similar experiments using 15 g- L1
as glucose setpoint were performed, but not shown here. The results are in agreement
with the observations presented in this section.
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FIGURE 4.23. Courses of L-Phe, glucose, cell dry weight, acetate and tyrosine
concentrations in a 20-L fed-batch process using the strain E. coli 4pF20 with
glucose control (setpoint: 5 g-L™!) and tyrosine control (setpoint: m = 1.0). After
14 h process time, a tyrosine-containing feed with 150 mg - h~! was installed to
supply sufficient tyrosine for maintenance purposes.

subject to transcriptional control by the tyrR regulon at high tyrosine lev-
els. Besides, the same medium and cultivation conditions were applied as
already mentioned.

Figure 4.23 indicates that the glucose/tyrosine control was also applica-
ble for E. coli 4pF20 in 20-L scale fed-batch fermentations. In contrast to
previous results cultivating F. coli 4pF20 with the manual fed-batch proto-
col, highly reproducible L-Phe titers = 30 g - L~ were now achieved using
the optimum setpoints 5 ggiy cose * L=! and m = 1.0. The slightly variant
glucose levels were assumed to be not significant for the microbial glucose
uptake owing to the high affinities of the underlying PTS system (as ex-
plained in the preceding paragraphs). High by-product formation could not
be observed. Similar to reports of Konstantinov et al. ([KNY90], [KY90])
acetate accumulated up to 5 ¢ - L™! only during the final hours of the fer-
mentation. Because of the tyrosine control, tyrosine was only detectable
during the feeding phase.

Additional experiments to test the robustness of this approach were car-
ried out on pilot scale. Using the same process parameters and feeding
strategies, experiments were performed in a 300-L bioreactor. Figure 4.24
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FIGURE 4.24. Concentration courses of L-Phe, glucose and tyrosine in the 20-L
approach as well as in the 300-L fed-batch process. Both processes used E. coli
4pF20 with glucose control (set point: 5 g - L™*) and tyrosine control (m = 1.0).

shows the course of glucose, tyrosine and L-Phe in this approach. The com-
parison with the L-Phe curve of the 20-L bioreactor reveals a high similarity
between the 300-L and the 20-L process. Thus it was concluded that an
appropriate process (control) strategy was found that is adaptable to dif-
ferent geno- and phenotypes of tyrosine auxotrophic I-Phe producing F.
coli and that can also be applied in pilot scale experiments.

4.4.2 PTS™ L-Phe Producer

Significant parts of the following subsection represent yet unpub-
lished results and were taken from the current Ph.D. thesis of N.
Riiffer [Riif03] and from the master thesis of R. Bujnicki [Buj01]
which have been co-supervised by the author.

As presented in subsection 4.2.2; various authors already outlined the
beneficial effects of the native PTS inactivation and its replacement by an
alternative, non-PEP consuming glucose uptake system for the production
of DAH(P) or other AAA pathway derivatives. In the case of DAH(P), the
theoretical DAH(P)/glucose yield of 43 % mol - mol~! could be doubled
to 86 % mol - mol~!, which was almost achieved by Baez et al. [BBGO1].
Own studies (see section 3.5) showed that a maximum L-Phe/glucose yield
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of 59.7 % mol - mol~! is possible provided that the tricarboxylic acid cycle
is inactive thus concluding that either high phosphoenolpyruvate synthase
activity (Pps) completely redirects the carbon flux from PYR to PEP or
no PEP is produced because a non-PEP consuming glucose uptake system
is used!*.

Motivated by these promising perspectives, the strain E. coli 20pMK12
was constructed by our cooperating partners, as indicated in Table A.1
(see section A.1.1, Appendix). It is noteworthy that the strain’s genotype
is similar to F. coli 4pF20, which was introduced in the preceding sub-
section, except for the glucose uptake system used. While FE. coli 4pF20
realized glucose consumption via the native PTS, E. coli 20pMK12 pos-
sessed an completely inactivated PTS together with the plasmid-encoded
overexpression of glf (coding for the glucose facilitator originating from
Zymomonas mobilis)*®. Because previous experiments of Krimer [Kri00]
revealed a negative impact of the additional glk (coding for glucokinase)
overexpression in such strains, the incoming glucose had to be phosphory-
lated by the wild-type, ATP dependent glucokinase in E. coli.

In analogy to the experiments presented in the preceding subsection,
lab-scale fermentations using a 20-L bioreactor were conducted, following
the same protocols, applying the same process controls and using the same
media as already presented. However, in contrast to the previous procedure,
only 10 uM IPTG were used for induction after ODgog ~10 - 12 was
achieved. The relatively low IPTG amount turned out to be optimal to
induce the membrane based glf protein appropriately, although the slightly
higher amount of 25 M IPTG seemed to be favored for the co-expression
of plasmid-encoded aroF/*" and pheA®" [Riif03].

Based on previous findings of Weisser et al. ([WKSS95], [WKS96]), who
characterized the glucose facilitator by assigning a glucose-specific Ky,
value of 4.1 mM, an experimental series was performed studying the L-
Phe production at different extracellular glucose levels of 0.5, 5.0 and 30
g - L™, which equals about 3, 30 and 170 mM respectively. Hence, the
first glucose setpoint is expected to limit glucose uptake, while the other
glucose levels should allow an unlimited glucose consumption.

As illustrated in Figure 4.25, the primary chosen setpoints of 0.5, 5.0
and 30 g - L= were well realized in the fed-batch experiments using FE.
coli 20pMK12. All fermentations reached similar biomass concentrations

141t is noteworthy that 59.7% mol - mol~! are equal to 89.6% C-atom yield owing to
the formation of the C9-skeleton L-Phe out of the C6-skeleton glucose.

15 A dditionally the feedback resistant genes aroFfb" and pheAfb” were inserted in the
chromosome.
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FIGURE 4.25. Off-line measured glucose levels during the three lab-scale exper-
iments using E. coli 20pMK12 with the glucose set points 0.5, 5.0 and 30 g- L™*
as indicated.

of about 35 gcpw - L', although the maximum growth rate at external
glucose levels of 0.5 g - L~1 was the lowest (data not shown).

Figure 4.26 depicts that the extracellular glucose levels severely affected
the L-Phe formation of E. coli 20pMK12, which is also supported by the
findings given in Figure 4.27. As shown, L-Phe formation entirely broke
down after 13 hours process time when the extracellular glucose level was
controlled at 0.5 g - L~' 16, In general, L-Phe production at 5.0 and 30.0
Gglucos e - L1 was very similar. Only slight advantages were observed apply-
ing the concentration level of 5.0 g- L~'. Here, the initial L-Phe production
was higher than at 30.0 g - L=! glucose, which might be the result of an
increased lag-phase caused by the non-physiological glucose titer. Also the
acetate formation was similar in the experiments with 5.0 and 30.0 g- L™!
glucose. Only at the end of the fermentations relatively low amounts of
acetate were produced (20 mM at 5.0 g- L= and 60 mM at 30.0 g- L~1).

Because of the diffusion driven glucose transport into F. coli 20pMK12
(based on the glucose facilitator used) one could assume that biomass-

16 Figure 4.27 reveals that L-Phe was even consumed as indicated by the decline of the
L-Phe levels measured in the biosuspension.
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FIGURE 4.26. L-Phe courses of the three lab-scale fed-batch experiments using
E. coli 20 pMK12 with the different glucose setpoints 0.5, 5.0 and 30 g - L.
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FIGURE 4.27. Biomass-specific L-Phe formation rates mppe of the strain E. coli
20pMK12 at different, controlled external glucose levels of 0.5, 5.0 and 30 g- L™1.
Rates were derived from splined concentration profiles.
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FIGURE 4.28. Biomass-specific glucose consumption rates ogiu cose 0f the strain
E. coli 20pMK12 at different controlled glucose levels of 0.5, 5.0 and 30 g - L™
Rates were derived from splined concentration courses.

specific glucose uptake rates, indicated by ¢ gy cose, are higher at high ex-
tracellular glucose levels of 30 g- L™! than at lower glucose concentrations.
Figure 4.28 reveals that this is only partially true. While the glucose up-
take at 0.5 g - L' was obviously limited, almost the same glucose uptake
rates were found using 5.0 or 30 g - L~! glucose as setpoints'”. Hence, the
glucose-faciliator based glucose uptake system was either saturated (ac-
cording to findings of Weisser et al. ([WKSS95], [WKS96]) or intracellular
carbon flux limitations existed that hampered a further increase of glucose
consumption. The latter would (most presumably) make it necessary to co-
overexpress glk (coding for glucokinase) and tktA (coding for transketolase
A) as already outlined by Krémer [Krd00] or Frost et al. [FD95], Flores et
al. [FXB196], and Chandram et al. [CYD™03], respectively. However, such
strains, which should also include the amplification of some selected genes
coding for AAA pathway reactions, were not accessible during this study.

Besides, experiments with E. coli 20pMK12 revealed final L-Phe/glucose
yields of about 12% mol - mol~! which is lower than the previous results

17The first O glucose Value at 5.0 ggry cose * L~ should be treated with care owing to
the obvioulsy existing high measurement errors which superimposed the correct o g1y cos e
estimation.
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based on E. coli 4pF20. With this strain L-Phe/glucose yields of about 18
% mol-mol~" (after 36 h) and 13.5 % mol-mol~! (after 48 h) were observed.
Additionally, the amount of DAH(P) detected in the biosuspension was 12
g-L~ ' using E. coli 4pF20 and only 5.6 g- L' using E. coli 20pMK12, thus
offering better perspectives for future FE. coli 4pF20-derivatives provided
that the obviously existing aroB limitation can be alleviated in future strain
constructions.
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4.5 ISPR Process Development

Backman et al. [BOM190], the authors of one of the most successful L-Phe
production process published so far, outlined that ’...contrary to conven-
tional wisdom, the tyrosine-specific DAHP synthase determined by aroF is
in fact inhibited by phenylalanine...”. Own studies (Jossek, unpublished)
revealed that 30% of this AroF/?"18 activity is lost in the presence of only
3 g- L™ 'of L-Phe. This is remarkable because no active L-Phe export sys-
tem is known so far (apart from the 'vague’ indications given by Grinter et
al. [Gri98]). Hence, L-Phe is supposed to permeate the cellular membrane
basically by diffusion [JK96] which necessitates even higher L-Phe levels
inside the cell than outside in the supernatant.

Regarding the DAHP isoenzymes in E. coli, which are intended to ensure
high carbon fluxes into the AAA pathway, the consequences are severe. Of
the three potential candidates for DAHP synthesis, namely AroF, AroG
and AroH, only AroH can be assumed to convert E4P and PEP to DAHP
unaffected by high L-Phe titers. AroG, which is responsible for more than
80% of DAHP synthase activity in wild-type strains, is known to be strongly
feedback regulated by L-Phe. As mentioned, AroF activity seems to be
strongly inhibited by L-Phe titers as well. Therefore, merely AroH, which
has already been qualified to play only a minor role in wild-type strains, is
left to catalyze high’ carbon fluxes into the AAA pathway (for details see
also section 2.6.1).

Backman et al. [BOM™90] successfully solved this problem because they
...adopted an historically proven approach and isolated feedback-inhibition-
insensitive mutations in the gene(s) for DAHP synthase by means of resis-
tance to toxic amino acid analogues...” and thus selected an appropriate E.
coli L-Phe producer. Because such strains were not accessible and a corre-
sponding strategy could not be followed in this project, a different approach
was aimed at - namely the on-line, selective separation of the accumulating
product L-Phe to prevent or reduce inhibiting, feedback regulating effects.

This strategy was also motivated by the fact that product separation
and purification has to be performed anyway and that the downstream
processing step, although sometimes overlooked, not infrequently domi-
nates the total production costs. Hence, establishing an in situ product
removal (ISPR) approach offers the possibility to overcome the product
inhibition problem concomitantly allowing an overall process optimization
which could finally reduce the production costs.

18 Please note that AroFf?" codes for the tyrosine (and not phenylalanine !) feedback
resistant mutant of wild-type AroF that was used in previous strain constructions such
as E. coli 4pF20.
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FIGURE 4.29. Percental distribution of the 247 microbial, whole cell ISPR
projects (of the last 20 years) with respect to the product classes given by Stark
and von Stockar [SS03].

Comprehensive examples of ISPR reviews covering the last 20-years ac-
tivities for product removal from whole cell (microbial) bioprocesses are
given by Freeman et al. [FWL93], Lye and Woodley [LW99], Schiigerl
[Sch00] and Stark and von Stockar [SS03]. The first defined ISPR as ’...the
fast removal of product from a producing cell thereby preventing its subse-
quent interference with cellular or medium components.” They also pointed
out that ISPR processes are intended to increase product/substrates yields
together with process productivity by aiming at alleviating three different
drawbacks:

e to overcome product inhibition
e to minimize product losses
e to reduce the number of subsequent downstream processing steps.

In the case of L-Phe, this primarily holds true for the first and the last
item.

Figure 4.29 indicates that ISPR process development so far was domi-
nated by approaches focusing on the removal of organic solvents and organic
acids. Prominent examples are ethanol and lactic acid separations, which
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contributed to each class by 70 % and 55 %, respectively [SS03]. Accord-
ingly, these two substances represent the most successful ISPR applica-
tions. Separating ethanol (and also butanol) from fermentations resulted
in a 20 % reduction of the manufacturing costs, as reported by Roffler et al.
[RBWST], Daugulis et al. [DAMI1] and Groot et al. [GALL92]. The yeast-
based BIOSTIL process consisting of the continuous ethanol distillation
with cell retention by centrifugation [EFD91] succeeded on an industrial
scale in Brazil, where sugarcane is excessively available and inexpensive as
a renewable raw material [SS03]. Recently, Cargill Dow Polymer LLC (Mid-
land USA) started their 140 kilotons-scale polylactide production based on
sugar in Blair (Nebraska, USA). This process is supposed to make use of
the patented extractive lactic acid fermentation using pressurized COg (17
bar) together with tertiary amines as organic solvent on industrial scale
[SS03].

Despite these successful examples it is noteworthy that industrial or pilot
scale ISPR processes are still rare. Of the 247 ISPR approaches reviewed by
Stark and von Stockar [SS03] only a few managed to achieve pilot or even
technical scale, which was predominantly caused by the increasing technical
complexity (coinciding with increasing investment costs) which was not
fully compensated by the ISPR benefits achieved. Therefore, it is a common
statement of all reviews ([FWL93], [LW99], [Sch00], [SS03]) that future
ISPR studies should consider (novel) powerful and highly selective ISPR
techniques preferably to remove high added value products to establish
robust and economic processes!'?.

Studying the ISPR examples published so far, the striking fact is found
that no L-Phe based process has been presented up to now??. This might
be surprising because L-Phe market prices are much higher than those
of ethanol or lactic acid thus fulfilling the precedingly mentioned demand
to focus on products with higher value. Additionally, selective separation
techniques such as reactive extraction/perstraction only play a minor role
of about 15 % of all reviewed ISPR approaches [SS03|. Again, this might
be unexpected because these technologies offer the possibility to selectively
remove the product from the biosuspension, as supposed.

Hence, motivated by the biological necessity to separate L-Phe from the
fermentation supernatant the aim was followed to develop an ISPR pro-
cess, preferably by applying the selective approach of reactive-extraction,

190One example of such novel ISPR approaches was recently presented by Stark et al.
[SKMT03] who illustrated the applicability of novel microcapsules for the recovery of
alcohols (but also organic acids) inside the bioreactor.

20In general, ISPR processes for the separation of amino acids are very rare. Only
glutamate was reported to be removed by hydrophobic adsorption [SS03].
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to enable the on-line separation of the product thus reducing its inhibitory
affect on L-Phe formation concomitantly concentrating the aromatic amino
acid for further downstream processing.?!

4.5.1 Basics of Reactive Extraction

To characterize the L-Phe separation, it is meaningful to remember some
physicochemical properties of the aromatic amino acid (see also Table 2.5,
subsection 3.2): L-Phe is soluble in water up to 30 g - L= (under typical
fermentation conditions: pH 6.7, T = 36°C') and possesses an affinity to
organic solvents owing to the aromatic ring structure. Depending on pH,
L-Phe cations, zwitterions or anions exist that provide a molecule charge
useful for L-Phe separation. Own preliminary experiments using the prin-
ciple of Donnan dialysis ([Miy96a], [Miy96b], own data not shown) had
revealed that a purely charge-dependent amino acid separation was not
sufficiently L-Phe selective. An additional selectivity barrier - such as an
organic phase - needed to be installed which could be realized by reac-
tive extraction. Compared to physical extraction, reactive extraction offers
higher efficiencies owing to higher distribution coefficients [ADS89] and
it allows the separation of polar agents such as organic and amino acids
in contrast to non-carrier-dependent extraction processes [Sch94]. Further-
more, the working temperatures of reactive-extraction and fermentation
processes are similar.

The principle of reaction extraction is depicted in Figure 4.30. The
scheme considers an external, fully integrated reactive extraction unit in
order to avoid any unwanted loss of fermentation medium. L-Phe is sep-
arated from a cell-free fermentation solution which can be obtained by
biomass retention in a cross-flow ultrafiltration unit. Using for instance
hollow fiber modules to install supported liquid membrane (SLM) based
L-Phe transfer, the aqueous solution can be brought into contact with an
organic phase??. An ion exchange takes place at the aqueous/organic in-
terface. If cation-specific carriers are used in the organic phase, a proton is
transferred into the aqueous phase while at the same time L-Phe™ is loaded
onto the carrier. If anion-specific carriers are used, anions are exchanged

21Tt is noteworthy that L-Phe is usually separated and purified from biosuspension
following a multi-step procedure consisting of cell separation by ultrafiltration, active
carbon-based cleaning of the cell-free permeate, adsorption/ion-exchange and final crys-
tallization ([Leu96], [ASJPI7]).

221t is noteworthy that hollow fiber modules are not necessarily needed to realize the
aqueous/organic interface, as it will be shown in the following sections. However, at the
beginning of the project the aim was followed to reduced the potentially negative impact
of the organic phase on the fermentation culture as much as possible. Therefore, the
hollow fiber system was primary favored beause it offers the advantage of a dispersion-
free L-Phe transfer.
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FIGURE 4.30. Principle of reactive extraction shown for L-Phe, which might
preferably be charged as anion or cation (or zwitter ion) dependent on the present

pH. X codes for a carrier, C encodes the counterion and A represents the acceptor
phase. For explanation of the mechanistic principle see text.

by analogy. In Figure 4.30 carriers are indicated by X and counter ions
(for example: protons) by C. It is assumed that the ion-exchange process
occurs dispersion-free, which is mainly caused by the use of the hollow fiber
modules that reveal laminar flows inside the fibers (details will be given in
the following sections). However, due to the solubility of carriers in aqueous
solution, a diffusive carrier and solvent transport into the aqueous phase
must be taken into account. After transport of carrier/L-Phe complex to
the organic/aqueous interface, L-Phe is released into the stripping phase
while the carrier is loaded with the counter ion again and regenerated for
the next extraction cycle. As the driving force for the extraction process is
not the L-Phe concentration alone, but the stripping phase concentration
of counter ions (which could be freely chosen), a concentration of L-Phe
against the gradient of the amino acid is possible. Thus, a significant re-
duction of liquid volumes can be achieved for further product purification,

for instance by precipitation®?.

In general, one can think of a variety of possible carriers to be used in the
organic phase. However, because it was a major aim to develop an ISPR

23 Please notice that the flow scheme of Figure 4.30 can also be changed to counter-
current flow inside the extraction or back-extraction modules. However, own studies
revealed that the resulting L-Phe mass transfer differences are small because usually L-
Phe mass transfer limits are usually dominated by other effects (see following sections).
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TABLE 4.2. Cation- and anion-selctive carriers used for L-Phe removal with the
aid of reactive extraction
Do,EHPA? DNNSA® Aliquat 3367  Alamine 308°

supplier Bayer King Ind. Henkel Henkel
M [g/mol] 322 495 404 353
density [kg/L] 0.97 0.87 0.88 0.80
flashp. [°C] 198 -1.1 110 190
sol. [g/L]* <1 <1 <1 <1
affinity cations cations anions anions

%solubility in HoO, 20°C'
bDi—2—cthylhexy1 phosphonic acid
“Dinonylnapthalene sulfonic acid
dTrioctylmethyl ammonium chloride
¢Tri-isooctylamine

process for pilot or technical scale, only these carriers were considered that
have been commercially available. Table 4.2 lists the basic characteristics
of the four carriers used for the experiments.

In the past, the application of integrated reactive extraction in fermen-
tation processes was mainly focused on the extraction of organic acids
([Sch00], [SS03]). For instance, lactic acid was separated on-line and off-line
from e.g. Lactobacillus delbrueckii fermentations with the aid of the anion-
specific carrier Alamine 336 in small- and lab-scale approaches ([SHHM91],
[YWO91], [HTT*95],[YJS96], [TBMO1], [WHVP02]). The separation of cit-
ric acid during continuous fermentations with Aspergillus niger was also
described ([WB98a], [WB98b]). Also the separation of lactic acid from a
fermentation solution in the presence of citric and acetic acid was studied
[FS99]. Using Alamine® 304-1 (triaurylamine) propionic acid (together
with acetic acid) was concentrated from fermentations with Propionibac-
terium thoenii [GRGG99]. Additionally the general applicability of Aliquat
336 for the in situ extraction of carboxylic acids from Pseudomonas putida
cultures was investigated [JQMS99]. Other examples such as the integrated
separation and esterification of ethanol using Saccharomyces cerevisiae (to-
gether with an immobilized lipase) [ORCABI7] were reported as well. Ad-
ditionally, the antibiotic penicillin V and/or G was subject to numerous
ISPR approaches using centrifugal extractors [LS87] and hollow fiber mod-
ules ([YCO00], [LSS02]).

In addition to these applications, the reactive extraction mechanism was
also studied for amino acid removal within several projects ([THWS86],
[YYGS86], [DMR90], [TYI"91],[UHLC92], [LKR"96], [ASJP9I7], [WJMOIT],
[DWJ199], [COGO1], [LD03]). Because of the amino (-NHj) and the carboxyl-
group (-COOH), amino acids behave as cations at low pH, as anions at
high pH and they are of zwitterionic character at an intermediate pH
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[Sch94]. Hence anion-selective carriers such as Aliquat 336 or Alamine 336
or cation-selective carriers such as DosEHPA or DNNSA can be applied for
amino acid removal depending on the pH. In general, anion-selective car-
riers were predominantly used for amino acid treatment, which holds also
true for L-Phe?*. As organic solvents for instance octane, octanol, toluene,
n-paraffine or methyl-isobotyl ketone were studied. Corresponding exam-
ples are published by Teramoto et al. [TYI91]. Boyadzhiev and Atanassova
[BA94], Escalante et al. ([EOI96], [EAOI98]), Scarpello and Stuckey [SS00],
Liu and Dai [LD03] and Pursell et al. [PMTS03] also including modeling
aspects of the L-Phe mass transfer.

Despite the promising results which were presented in all these studies,
it should be stressed that none of these approaches was applied in an ISPR
process for L-Phe separation and concentration. Most of the L-Phe reac-
tive extraction studies used ‘aqueous model solutions’ instead of complex
fermentation media and focused their interest only on anion-selective carri-
ers like Aliquat 336. However, this carrier is suspected to be toxic for cells
which obviously hampers its use in an ISPR approach. Hence it was the aim
of the following studies to develop an ISPR process using an appropriate
reactive extractive system for I-Phe separation.

4.5.2  Identifying the Reactive Extraction System

Significant parts of the following subsection were already published
in MaaB et al. [MGK"02] and considered in the patent application
[MTP™*00]. Results were acquired during the Ph.D. thesis of D. Maa$
[Maa00] and during the master thesis of K. Silberbach [Sil99] and N.
Kaftzik [Kaf99] who were co-supervised by the author.

Experimental Constraints

The aim of developing an ISPR process for on-line L-Phe separation (and
concentration) represents an ambitious goal, since any inhibitory influence
of downstream processing on the fermentation process should obviously
be prevented. In order to avoid loss of unseparated product or fermenta-
tion components, it was planned to fully integrate the downstream sepa-
ration step into the fermentation process. Thus, the fermentation medium
that was processed should be completely recycled, which represents an-
other challenge since inhibitory effects of L-Phe separation would directly
influence E. coli cultivation.

24 Additionally, L-Phe separation approaches using charged membranes were reported
as well [IFKNO97].
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With respect to the carrier /solvent composition that had to be identified,
the following boundary conditions need to be met:

e Carriers and organic solvents should possess low water solubility.
e The carriers should be readily soluble in the organic phase.

e No tendency for emulsification should occur in the total aqueous/organic
system.

e Due to the application of reactive extraction integrated in a biopro-
cess, sufficient biocompatibility should be achieved.

e The handling of carriers and solvents should not imply unnecessary
safety risks.

e Carriers and solvents should be “cheap” in order to limit downstream
processing costs.

As a result, the solvents kerosene, butyl stearate, decanol, octanol and
xylene were used for preliminary experiments. To consider L-Phe extraction
at high pH values (above 9), the liquid cation exchangers tri-octyl-methyl
ammonium chloride (Aliquat 336 , Henkel, Germany), which represents a
standard liquid anion exchanger for the extraction of heavy metals on an
industrial scale, and Tri-isooctylamine (Alamine 308, Henkel, Germany)
were considered. Cation-selective reactive extraction should be tested with
D>;EHPA or DNNSA. (NHy)2SOy4, NaOH, KOH, H2SO4 and KCl were used
as different counter ion candidates.

Carrier Identification

Preliminary experiments were conducted according to the protocol given in
subsection A.3.15 (Appendix). Figure 4.31 shows a comparison of extrac-
tion degree results using different carriers under appropriate pH conditions
and applying equation A.2, Appendix. For cation-specific L-Phe™ extrac-
tion with DoEHPA and DNNSA a pH below 3 was set. Anion-specific L-
Phe™ extraction with Aliquat 336 and Alamine 308 was performed at a pH
above 9. In this way, L-Phe ions were extracted out of aqueous solution, at
the same time leading to the generation of new L-Phe ions after equilibra-
tion thanks to dissociation in the aqueous phase. A start concentration of
10 g- L' L-Phe in the aqueous phase was chosen in each experiment. In or-
der to prevent carrier-limited L-Phe extraction out of the organic kerosene
phase, 10% v/v carrier in kerosene was used. In the case of Aliquat 336
this concentration was reduced to 5% v/v carrier in kerosene.

From Figure 4.31 the conclusion can be drawn that Alamine 308 is not
suited for L-Phe separation due to the very low degree of extraction. On
the contrary, although only relatively low amounts of Aliquat 336 were
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FIGURE 4.31. Comparison of the four carriers used at appropriate pH for the
separation of L-Phe ions from aqueous solution in separation funnels.

used, a high extraction degree of 88 % was achieved. Extraction results
using DoEHPA and DNNSA were similar. Thus, Aliquat 336, DEHPA and
DNNSA were favored for subsequent experiments considering the biological
compatibility.

Biocompatibility tests were carried out in pH-controlled shaking flasks
using the FedbatchPro”™-equipment of DASGIP mbH, Jiilich, Germany.
For batch experiments the precedingly introduced strain F. coli 4pF20 was
cultivated in the shaking flask medium containing 15 g - L=! glucose (see
subsections A.1.1 and A.2.1, Appendix). A number of twelve 1-L shaking
flasks were used in parallel with the pH set point 6.5 at 37°C and a working
volume of 100 m L. Cultures were inoculated at 10 % of the working volume.
After 5 hours process time, carriers (15 uL-L~1) were added to the culture
to simulate the effect of carrier toxicity on growth. The amount of carrier
addition was chosen such that the maximum solubility was reached. The
effects on cell growth were monitored by optical density measurements as
depicted in Figure 4.32.

As shown, the addition of the quaternary ammonia salt Aliquat 336
was followed by an immediate growth stop. Compared to the reference
fermentation without carrier addition, no significant growth effect could be
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FIGURE 4.32. Comparison of ODsg20 courses in pH-controlled shaking flasks us-
ing the strain E.coli 4pF20 after addition of the anion-selective carriers Alamin
308, Aliquat 336, the cation-selective carriers DoEHPA, DNNSA and after addi-
tion of kerosine alone. Carrier addition was performed after 5 hours process time
such that the maximum solubility was reached.

observed after the addition of DoEHPA, DNNSA or Alamine 308. These
carriers are apparently tolerated by E. coli.

As a conclusion from the batch experiments with separation funnels and
shaking flasks, the anion-specific carriers Alamine 308 and Aliquat 336 were
excluded from further investigations - the first due to insufficient extraction
capability, the second due to FE. coli toxicity. Additional extraction exper-
iments in separation funnels were carried out, now focusing on the back
extraction of L-Phe. It was found that back extraction from the DNNSA
organic phase was not complete (data not shown). L-Phe was not fully re-
moved from DNNSA | which was indicated by an incomplete L-Phe balance.
Furthermore, handling of DNNSA represents a high safety risk compared
to DoEHPA | since the DNNSA flash point is —1.1°C. Thus, DoEHPA was
selected for reactive extraction process development.

Solvent Identification

Using 10% v/v DoEHPA for extraction experiments, different solvents were
studied for the extraction of 10 g - L~! L-Phe in separation funnels. As
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FIGURE 4.33. Comparison of the extraction degree E achieved in separation
funnel experiments usind the organic solvents and the cation-selective carrier
D2EHPA for L-Phe separation from aqueous solutions.

indicated in Figure 4.33, kerosene achieved the highest extraction degree
E. Kerosene represents a C12 - C16 fraction of mineral oil and it is relatively
cheap and readily available on the market. It possesses a low water solubility
(5-10 mg - L~1). Hence, with respect to the previously mentioned criteria,
kerosene was regarded as a promising extraction solvent.

After the solvent identification based on separation funnels was finished,
the carrier DoEHPA together with kerosene was tested in fed-batch fermen-
tations with the L-Phe producing E. coli strain 4pF20. Fermentations were
performed in a 7.5-L bioreactor that was equipped with an ultrafiltration
unit (hollow fiber module, 500 kDa cutoff, 0.042 m? membrane area, 1 mm
inner fibre diameter; Schleicher & Schuell, Germany) applying the protocols
as already presented (see subsections A.1.1, A.2.1, A.3.3, A.4.2, Appendix).
A mixture of 10 % v/v DoEHPA /kerosene (150 mg- L~!) was continuously
added to the drained-off, cell-free permeate before the total reflux was re-
cycled into the bioreactor. In total, 3.2 mL of DoEHPA /kerosene mixture
was added thus simulating the Do EHPA /kerosene effect caused by reactive
extraction that was not yet installed.

As indicated in figures 4.34 and 4.35, significant changes of microbial L-
Phe production were observed after the start of DoEHPA /kerosene addition
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FIGURE 4.34. Effect of DoEHPA /kerosene addition on the L-Phe production
using F. coli 4pF20 in a 7.5-L bioreactor with an ultrafiltration loop as indicated
in the text. The course of L-Phe production with DoEHPA /kerosene addition is
compared to a reference fermentation without addition of the extractive compo-
nents.
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FIGURE 4.35. Effect of D;EHPA /kerosene addition on the biomass-specific
L-Phe formation 71— ppe using E. coli 4pF20 in a 7.5-L bioreactor with an ultrafil-
tration loop as indicated in the text. The wr_ ppe course with DoEHPA /kerosene
addition is compared to a reference fermentation without addition of the extrac-
tive components. Rates were estimated based on splined concentration courses.
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at approximately 9 h process time compared to the reference fermentation.
In the case of DoEHPA /kerosene addition, considerably higher L-Phe titers
were achieved than without carrier/solvent addition. When the reactive-
extraction unit was experimentally simulated, L-Phe titers were almost
doubled. Because the other process conditions in the two fermentations
were comparable, this effect is solely attributed to the addition of the carrier
and/or the solvent.

To elucidate the phenomenon, biomass (cell-dry weight) specific L-Phe
production rates 7w _ ppe were compared in Figure 4.35. High L-Phe forma-
tion rates = 0.03 gr,— phe- (9o pw -h) ~! were reached when Do EHPA /kerosene
was supplied for approximately 15 hours. This high level L-Phe production
was only maintained in the reference fermentation for 2 hours. Obviously,
the addition of extractive components sustained L-Phe production. Further
studies adding the carrier alone revealed that this effect is mainly caused
by DoEHPA (data not shown). As a working hypothesis it was assumed
that the cell-membrane integrity is changed in the presence of DoEHPA
thus facilitating the L-Phe export which coincides with a reduction of its
inhibiting impact. In total, this beneficial effect led to a doubling of final
L-Phe/glucose yield in the case of DoEHPA /kerosene addition compared
to the reference fermentation.

Hence, the interim conclusion can be drawn that the fully integrated
reactive extraction unit is not expected to inhibit microbial L-Phe produc-
tion. On the contrary, an increase of L-Phe/glucose yield due to a prolonged
high level L-Phe production phase can be anticipated.

Counter Ion Identification

The most efficient counter ion system was identified by qualifying batch
extraction results using separation funnels. The organic phase consisted of
10 % v/v D2EHPA in kerosene which was preloaded by an extraction from
10 g - L= L-Phe solution. Two counter ion levels (1 and 2 molar) were
studied. In the case of KCL, only 1 M was used due to the appearance
of emulsions at 2 M. Figure 4.36 gives an overview of the total extraction
degrees F that were achieved using different counter ion systems. Overall
extraction degrees were calculated referring to the start concentration of
L-Phe in the aqueous donor phase.

Back extraction of L-Phe from DyEHPA is based on cation exchange.
Thus, cations such as (NH4)™, Nat, KT and H' should be preferred. Ex-
periments with NaOH and KOH showed a clouding of the aqueous phase
which was caused by microemulsions produced by the entrainment of car-
riers into water. Despite the high extraction degrees of NaOH and KOH,
these systems were omitted for further investigations because the observed
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FIGURE 4.36. Overview of the different extraction degrees E achieved after back
extraction with the respected counterions at 1 and 2 M using the L-Phe-preloaded
D2 EHPA /kerosene organic phase.

unstable aqueous/organic interfaces were expected to cause severe problems
in a pilot process scale-up. When 1 molar KCl was used no clouding was
found. However the extraction degree was relatively low. Because relatively
high extraction degrees without clouding were measured with HoSOy, these
counterions were used for further experiments.

Extraction Equilibrium

Extraction equilibrium studies were conducted using separation funnels.
Different start pHs at 2, 5.9, 7.3, 9.5 and even 12 were chosen in order to
investigate the cation-selective L-Phe extraction with 10% v/v DoEHPA/
kerosene. The start pH was installed by NaOH titration and 10 g - L™!
L-Phe was added at the beginning.

As indicated in Figure 4.37, only a negligible amount of L-Phe cations
should exist at high pH values such as 12. However, to our surprise, a
significant L-Phe extraction was observed nevertheless. To elucidate the ef-
fect, 10% v/v D2EHPA /kerosene was brought into contact with an aqueous
phase of pH 12. Hence similar extraction conditions were installed except
for the L-Phe addition, which was omitted. After phase mixing and settling
a final pH of 4.9 was measured. It was thus assumed that the dissociation
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FIGURE 4.37. Illustration of the zwitterionic character of L-Phe (at room tem-
perature) depending on the pH installed. At low pH, cations predominate, while

prevailing concentrations of anions are found at high pH. Zwitterions are observed
at intermediate pH values.
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FIGURE 4.38. Estimation of the equilibrium constant K for L-Phe extraction

using DoEHPA /kerosene in the organic phase. The pH drop in the aqueous phase
owing to the dissociation of phosphoric acid is indicated as well.
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TABLE 4.3. Characteristics of the hollow fiber modul Liqui-Cell
(Hoechst-Celanese Co., Charlotte, USA) used in pilot scale reactive extraction
experiments for L-Phe separation

4X28 x30 240ID

length [cm] 100
diameter [cm] 10
temperature range [°C] 1-60
effective are. [m?] 18.6
specific area [m?/m?] 3641
max. transmembrane pressure [bar] 4.14
max. operation pressure [bar| 5
number of fibers 31,800
length of fibres [m] 0.71
membrane polypropylene
porosity [%] 40
pore size [um)] 0.03
fiber inner diameter [pum) 244
fiber outer diameter [pm] 300
membrane thickness [um] 28

of phosphoric acid of the DoEHPA was responsible for the pH drop (see
Figure 4.38). As a consequence, cationic L-Phe species are now present in
the aqueous phase which could be extracted by DoEHPA.

Using the approach given in subsection A.7.12 (Appendix), the estima-
tion of the equilibrium constant K was realized, as shown in Figure 4.38. It
should be stressed that the significant pH drop, as introduced in the pre-
ceding paragraph, occurred in each experiment thus ensuring the presence
of L-Phe cations in the aqueous solution.

Reactive Extraction on Pilot Scale

After the series of preliminary experiments was completed, mass transfer
studies were carried out on a pilot scale ensuring that the experimental
setup suited to the 300-L fed-batch process, which will be presented in
the following subsection. The setup consisted of two pilot-scale hollow fibre
modules (see Table 4.3 and Figure 4.39) providing an effective membrane
area of 18.6 m? for extraction and back extraction of L-Phe. For all exper-
iments, the Do EHPA /kerosene system was used together with sulfuric acid
as the proton donor in the stripping phase.

Regarding a general description of the hydrodynamic condition inside the
hollow fiber modules (see Figure 4.39), the characteristic Reynolds number
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FIGURE 4.39. Scheme of the hollow fiber modules used for L-Phe separation by
reactive extraction.

(Re) can be defined according to

Re— VHF i (4.2)
v
where vy denotes the superficial velocity, v codes for the fluid viscosity
and d; represents a characteristic length (diameter). In the case of Re def-
inition for flux inside the fibres, the inner diameter dgyr should be taken.
For Re definition of flux outside fibers, the previously published suggestions
([CR&6], [SPND98]) can be followed leading to the estimation

v ov (datd) (%)
Re=——=—" (4.3)
v v lepf - N -dgr

where V' describes the liquid stream, N codes for the number of fibers and
dp, denotes the hydraulic diameter. The other parameters are indicated in
Figure 4.39.

Using this definition, Re numbers from 11.6-23.3, 2.2-5.7 and 11.6-31.5
which correspond to flow rates from 250-500, 60-156 and 250-680 L - h~!
were realized in the aqueous donor, the organic and the aqueous strip-
ping phase in a series of ten mass transfer experiments installing circu-
lating streams as indicated in Figure 4.40 ?°. In addition different levels
of DoEHPA and sulfuric acid concentrations were tested thus leading to
five experimental parameters together with different liquid volumes rang-
ing from 5 to 9 L that were used in the ten mass transfer experiments as
shown in tables 4.4 and 4.5.

25Because turbulent flow is expected to begin at Re number > 2,300, the hydrody-
namic situation inside the hollow fiber modules can be characterized as strictly laminar.
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FIGURE 4.40. Setup of circulating donor, organic and acceptor phases used in
the series of ten mass transfer experiments. cphe,p and cppe,a describe L-Phe
concentrations in the donor and acceptor phase, respectively. Vp and V4 are the
corresponding liquid volumes and Aps represents the effective membrane area.

Applying the simple modeling approach as shown in subsection A.7.13
(Appendix) good model approximations were achieved as indicated by the
regression coefficients near to 1 found for each analysis. As already men-
tioned (subsection A.7.13, Appendix), the assumption of constant equi-
librium concentrations in the aqueous donor and the aqueous stripping
phase represents a strong simplification of real conditions where rather
time-variant equilibrium concentrations occur. Hence, estimated equilib-
rium concentration values should be regarded as model parameters which,
in case of the aqueous stripping phase, are accurately estimated.

When the resulting mass transfer coefficients are studied, an interesting
correlation to experimental conditions can be identified (see Figure 4.41).
For instance, the comparison of experiments 2 and 4 (also 9 and 10) in-
dicates that increasing DoEHPA concentrations caused rising 5, values.
If experiments 1 and 3 are compared, a significant improvement of 5, is
apparent, while the sulfuric acid concentration was doubled.

Because of technical constraints, Rep was kept constant for most exper-
iments. However, an increase of 5, and 4 can be observed in experiments
2 and 5 when Rey was increased. This result was unexpected, but it indi-
cates, that total mass transfer from donor to stripping phase is (obviously)
limited by the organic to stripping phase L-Phe transfer. Small changes of
B 4 coincide with bigger changes of 5. This statement is supported by the
analysis of the Reg effect. If experiments 3 and 6 or 2 and 7 are compared,
an improvement of both mass transfer coefficients is identifiable together
with a decline of Rep. As a possible reason, one can assume that L-Phe
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TABLE 4.4. Experimental setup of mass transfer experiments. Reynolds numbers
for aqueous donor (ReD), organic (ReO) and aqueous stripping phase (ReA) are
given together with DEHPA and H2SO4 (acid) concentrations

Nr Rep Repo Rea cCp,EHPA Cacid
- B R M
1 11.6 2.2 11.6 20 1
2 11.6 5.7 23.2 10 1
3 11.6 5.7 11.6 20 2
4 11.6 2.2 11.6 30 1
5 11.6 5.7 31.5 10 1
6 11.6 2.2 11.6 20 2
7 11.6 2.2 23.3 10 1
8 11.6 2.2 11.6 10 1
9 23.2 5.7 11.6 20 2
10 11.6 5.7 11.6 30 2

TABLE 4.5. Absolute errors (delta) for mass transfer coefficients beta D and
beta A and standardized equilibrium concentrations cPheD,eq and cPheA eq are
given according to the series of 10 mass transfer experiments in pilot scale. To
qualify goodness of fit regression coefficients for donor rPhe,D and stripping phase

rPhe,A are presented as well

Nr  Bp+A  Bu+A  cBpip  Cphea  PheD  TPhea
- [er1077] [<#1077] (1077 ] [ [l

1 7247.5 36+4.7 5.841.6 1.140.07 0.999 0.991
2 7943.5 58+4.4 0 1.240.04 0.997 0.994
3 8016.9 5443.9 0.5%+1.1 140.03 0.999 0.997
4 96+4.4 5042.5 2.540.6 140.02 0.998 0.999
5 117+6.7 67+4.4 8.3+1.6 1.140.03 0.997 0.997
6 134411.7 61%5.3 4.2+1 1.140.03 0.993 0.995
7 150+£7.1 67+3.6 8.2+0.9 140.02 0.992 0.999
8 16048.1 7244.4 5.7+1 1.1£0.02 0.999 0.990
9 239+51.1 4248 9.741.3 1.1£0.09 0.925 0.994
10 289430.6 77+£5.3 4.3£0.6  1.140.02 0.989 0.998
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FIGURE 4.41. Overview of the mas transfer coefficients 8, and 5, achieved
using the simple balance model as indicated in the text.

back extraction was such slow that still loaded carrier/L-Phe complexes
were transported to the extraction module (1) at high organic phase cy-
cling rates. Thus, extractive mass transfer was limited by the availability
of ‘free’ carriers. However, this working hypothesis needs to be critically
discussed, as it will be performed in the following subsection.

Summarizing it should be noticed that the mass transfer study identified
mass transfer coefficients up to 288 -10~"cm - s~ which are comparable to
the results of Escalante et al. [EAOI98] and Cardoso [Car97] who estimated
112 - 116 -10~"cm - s~ using Aliquat 336 in hollow fibre modules.

L-Phe Separation from Fermentation Solution

The selective separation of L-Phe from cell-free supernatant was studied
using the reactive extraction setup on a pilot scale (Figure 4.42). A filtered
fermentation solution (42 L) containing 25 g- L~! L-Phe at a fermentation
pH 6.5 was connected with the extraction unit. To investigate the con-
centration potential of reactive extraction, the stripping phase volume was
only 1/6 of donor volume and 10% v/v DoEHPA in kerosene was used.
As a result, the total amount of 588 g L-Phe was extracted in 13.5 hours
with an averaged permeability of 10 gppe - (m?h). A four times higher L-
Phe concentration was achieved in the stripping phase compared to the
donor phase. The elementary analysis of the acceptor phase revealed an
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98 % cation portion of L-Phe in the stripping phase. After precipitation of
the stripping phase (titration to the isoelectric point with NaOH), the dry
product had a purity of more than 99 %.

Hence it was concluded that reactive extraction based on the
cation-selective carrier DoEHPA in kerosene using H>SO4 as coun-
ter ion donor in the stripping phase represents a promising sys-
tem for on-line L-Phe separation in a fully integrated ISPR ap-
proach. Therefore the technique was studied on 300-L bioreactor
scale in subsequent experiments.

FIGURE 4.42. Experimental setup used for pilot-scale reactive extraction exper-
iments based on two LiquiCell”™ hollow fiber modules for extraction and back
extraction, respectively.
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FIGURE 4.43. Setup of the total ISPR process using reactive extraction for
on-line L-Phe separation on pilot scale. L-Phe was produced in the 300-L biore-
actor with E. coli 4pF20 applying glucose and tyrosine control. Via the ultrafil-
tration unit, cell-free permeate was drained off to be further processed for reactive
extraction. Two hollow fiber modules were installed. Final purification of L-Phe
was realized via precipitation after titration to the isoelectrical point in the ac-
ceptor phase.

4.5.8  Membrane Based Reactive Extraction on Pilot Scale

Significant parts of the following subsection were already published
in Gerigk et al. [GMK™'02]. Results were acquired during the Ph.D.
thesis of D. Maal [Maa00] and M. Gerigk [Ger01l] who were both
co-supervised by the author.

Motivated by the promising results of reactive extraction development,
pilot-scale ISPR experiments were performed using the L-Phe producing
strain F. coli 4pF20 as precedingly introduced. Figure 4.43, depicts the
experimental setup consisting of a 300-L bioreactor together with the tech-
nical scale reactive extraction unit, as already presented. The experimental
approach considered glucose and tyrosine control according to the expla-
nations given in the preceding sections.

At the beginning, fed-batch fermentations were started using the by-
pass alone, without integration of the reactive extraction system to study



4.5 ISPR Process Development 225

40
—e— L-phe bioreactor yu|
—o— L-phe stripping phase DDD
calculated (fictive) L-Phe course PD’
30 - - -
= start
2 9 |_by-pass and _._.f.
f reactive extration oo o®
-l
10 /
0
0 10 20 30 40 50

time [h]

FIGURE 4.44. Courses of L-Phe concentration in the biosuspension (circles) and
in the aqueous acceptor phase (rectangles) of the reactive extraction unit dur-
ing the pilot-scale run of the ISPR process. Additionally, the calculated, fictive
concentrations of the biosuspension are given.

the influence of the recycling loop on the process performance without
superimposing effects of L-Phe extraction. As a result drain-off rates about
30 L-h~! of cell-free permeate were measured at the beginning of by-pass
circulation, which started about 16 hours after inoculation of the 300-L
bioreactor. Gradients of dissolved oxygen or pH were not observed.

Subsequent experiments were conducted using the integrated reactive
extraction loop. Corresponding results are given in Figure 4.44 focusing on
the L-Phe courses?S. After 48 h process time an L-Phe titer of approxi-
mately 22 ¢g- L~ was achieved. Starting after 16 h process time, L-Phe was
extracted on-line into the stripping phase reaching the final concentrations
in the stripping tank of 37 g - L~!. Thus it was possible to extract L-Phe
against the concentration gradient existing from the fermentation solution
towards the stripping solution. Taking into account the amount of L-Phe
that was extracted during the fermentation run, L-Phe concentrations of
approximately 32 g- L~! would have been achieved (see calculated, fictive
curve in Figure 4.44). Therefore it was possible to achieve an even higher

26 Because courses of glucose, tyrosine, acetate and optical density were similar to
previous fermentations, these curves were not shown.
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FIGURE 4.45. Courses of the L-Phe/glucose yield Yphe Giue in two similar
fed-batch fermentations with (circles) and without (rectangle) reactive extrac-
tion.
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FIGURE 4.46. Comparison of the total L-Phe formation and extraction rates
during the pilot-scale ISPR process.
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(fictive) product titer using the integrated approach than in the scale-up
experiment reaching 29 g - L~! L-Phe (Figure 4.23, this section).

Ay

IR |

FIGURE 4.47. Picture of the total pilot-scale ISPR setup used of on-line L-Phe
separation using reactive extraction. The 300-L bioreactor is shown together with
the by-pass consisting of a peristaltic pump and the ultrafiltration unit. On the
bottom, the red tubes are identifiable which connected the bioreactor with the
reactive-extraction system (in the background). Also via the red tubes, the L-Phe
reduced permeate stream is recycled into the bioreactor. A correponding movie
is offered at the internet at www.fz-juelich.de/ibt/ferm.

Obviously the on-line reactive extraction technique did not hamper mi-
crobial cell growth and/or product formation. On the contrary, further
analysis of the cell-specific product formation and glucose consumption
rates revealed an increase of the molar product/substrate ratio, in accor-
dance with the lab-scale results already presented in the preceding subsec-
tion. Figure 4.45 illustrates that after 30 h process time the molar yield in
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the ISPR process was still rising (up to about 17.5 mol%) while the final
yield was already achieved in the non-ISPR scale-up experiment (about 13
mol%). Thus, the ISPR approach offers the advantage to improve the total
L-Phe/glucose yield.

Using the ISPR approach, a maximum L-Phe formation rate of approx-
imately 250 g - h=! in the 300-L fed-batch fermentation was observed (see
Figure 4.46). At the same time, L-Phe was extracted at a maximum extrac-
tion rate of 110 g - h~!. Hence, L-Phe accumulated in the bioreactor and
resulted in the final L-Phe titer of 22 g - L~!. In total, about 2 kg L-Phe
was separated on-line (indicated by the grey area beneath the extraction
course) and about 5 kg L-Phe was left for off-line downstream processing.
Further downstream processing by precipitation (titration by NaOH to the
isoelectric pH) yielded up to 99% pure product, contaminated with less
than 40 mg - kg~ of other organic compounds.

Hence the ISPR process was successfully developed thus rep-
resenting one of the rare examples of fully integrated product
removal. It was found that the integration of reactive extraction
even allows to improve the whole process performance by in-
creasing the L-Phe/glucose yield and by rising the total process
productivity, indicated by the amount of L-Phe produced. How-
ever, only 26.7% of the total L-Phe were extracted on-line thus
motivating to perform additional studies focusing on potential
mass transport limitations.

4.5.4  Total Process Modeling

Significant parts of the following subsection were in press published
by Takors [Tak03].

To investigate why only 26.7 % of the total L-Phe amount was sepa-
rated on-line using the membrane based reactive extraction approach, a
simple model of the total ISPR pilot scale was formulated thus enabling
corresponding simulation studies. These studies were also intended to elu-
cidate how potential L-Phe mass transfer limitations could be overcome
experimentally.

The ‘black-box’ modeling approach introduced in the foregoing subsec-
tion can only provide limited insight into the mass transfer of the reactive-
extraction unit and is thus not suitable to model and to design the total
pilot-scale ISPR process. As shown, it turned out that the loading state of
the carrier /L-Phe complex in the organic phase plays an important role dur-
ing L-Phe separation. Unfortunately, concentrations of loaded or unloaded
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FIGURE 4.48. Extended scheme of the pilot scale ISPR process considering all
buffer tanks used in the reactive extraction unit.

carriers could not be measured in the organic phase because appropriate
analytical approaches were not available. Thus it was an additional aim of
the modeling activities to estimate non-measurable carrier/L-Phe complex
concentrations to discuss their affect on the total L-Phe mass transfer.

Experimental Basis

As an extension of the setup given in Figure 4.43, Figure 4.48 also depicts
buffer tanks of the pilot-scale reactive extraction unit. These are three
5 L tanks B, C and D and the 50 L acceptor tank A. During the fed-
batch experiment, the L-Phe containing cell-free fermentation solution was
pumped at decreasing rates from (initially) 22 to (later) 8 L-h~! from the
ultrafiltration unit (500 kDa cutoff, 4.4 m? membrane area, 1 mm inner
fiber diameter, Schleicher & Schuell, Germany) into the extraction module
and was subsequently recycled into the bioreactor?’. The aqueous cell-
free solution was brought into contact with the organic phase containing
kerosene with 10 v/v % of the cation-selective carrier Do,EHPA. The proton
exchange was assumed to take place in the aqueous phase next to the
aqueous,/organic interface due to the existing low aqueous carrier solubility
(< 1g- L7') and the non-solubility of L-Phe cations in the organic phase.

27The decreasing pump rates were a consequence of biofouling in the ultrafiltration
module.
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Loaded carrier/L-Phe complexes were transported to the back-extraction
module, where I-Phe™ was replaced by HT protons of HoSO, origin.

Mass transfer studies comprised the experiments given in tables 4.4 and
4.5. Time-variant L-Phe concentrations in the donor tank cppe,p and in
the acceptor tank cppe 4 are given in the figures 4.50 and 4.51. Modeling
studies considered velocities with respect to the mean flow through the
hydrophobic hollow fibers while the velocity of the organic phase was esti-
mated considering the mean flow through the outer space outside the fibers
in the modules.

Modeling Assumptions and Simplifications

Modeling was carried out using gPROMS 2.1.1 (Process System Enterprise
Ltd, London, UK). As pointed out in the introduction, it was a major aim
of this study to identify a process model that is able to mirror the ex-
perimental results appropriately and that possesses a certain simplicity to
encourage its easy use. For these reasons, no pH effects were considered in
the model because the integrated process under consideration is assumed
to be always performed at pH 6.5 owing to production strain qualities.
Mass transfer modeling followed the idea of studying transfer kinetics in
one hollow fiber and transferring the results by analogy to the whole bunch
of fibers in the modules. As shown in Maaf§ [Maa00], only very low con-
centration changes (< 10 %) occurred during a single flow of organic and
aqueous solution through the hollow fiber modules, which is in agreement
with further observations of Escalante et al. [EOI96] even studying oppo-
site and non-opposite aqueous/organic flows. These experimental findings
motivated the simplifying modeling assumption that, non-opposite, paral-
lel aqueous and organic streams could be assumed in the model in order to
enable a straightforward parameter identification and to avoid complex re-
cursive computing during non-linear parameter identification. Hence, con-
centration changes along the hollow fibres (dependent on the variable z) are
estimated expecting only small changes in accordance with previous experi-
mental observations. For model identification, the total set of concentration
courses in acceptor and donor phase was used. Resulting mass transfer co-
efficients thus represent mean values with respect to process time, module
length and different experimental conditions.

Mass Transfer Modeling

Detailed approaches for reactive-extraction modeling have been published,
for instance by focusing on fundamentals of counter-transport under steady-
state conditions [KS89], by modeling the removal of penicillin G with hollow
fiber modules [LSS02] or by studying kinetic effects during L-Phe separation
from aqueous solution using Aliquat 336 [EAOI9S|. However, the experi-
mental setup used for the ISPR L-Phe process (devices, extraction system,
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FIGURE 4.49. Modeling approach for the aqueous/organic L-Phe mass transfer.
Carrier™ /H" complexes of the organic phase (ccmo) are assumed to be trans-
ferred through the organic/aqueous interface to enter the aqueous film (ccup).
By diffusion they are transported to a reaction plane which is assumed to be
located next to the interface where L-Phe (cppep) is taken up and diffusively
brought back to the interface resulting in an area-specific carrier™ /Phe™ transfer
called ncphe. All reactions and transport are in steady-state.

process integration etc.) is not covered by these approaches. Moreover, it
should be stressed that the following model considers the idea of a ‘reaction
plane’ to identify additional potential mass transfer limitations?®. This is
motivated by the apparently low-solubility of the carrier DoEHPA, which
contrasts with the good solubility of the often-used, cell toxic quaternary
ammonium salt Aliquat 336.

The modeling approach is based on the well-known ‘two-films theory’
assuming an aqueous and an organic film which are directly in contact in
the hollow fiber modules used. As indicated in Figure 4.49, all mass transfer
rates are assumed to be in steady-state, which means that the diffusively
driven transport of carrier/proton(H) complexes through the organic film
equals their short-way diffusion through the aqueous film to the reaction
plane (which is assumed to be located right next to the aqueous/organic
interface) and also equals the counter diffusion of L-Phe cations coming
from the bulk-side of the aqueous film.

28Recently, the idea of considering a ’reaction plane’ was also followed by Lazarova
et al. [LSS02] introducing a ’reaction zone’ in their hollow fiber mass transfer model for
the removal of penicillin G with the aid of the secondary amine Amberlite LA-2.
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The consideration of the reaction plane in the aqueous film is moti-
vated by the existing (low) solubility of the carriers in the aqueous so-
lution (together with the non-solubility of L-Phe cations in the organic
phase) and allows the identification of potential mass transfer limitations
caused by the low carrier solubility. Proton-exchange rates are known to be
very fast (reaction rate constant: 1.4 - 10" L - (Mol - s)~! [Atk94]), which
consequently leads to thin reaction planes, from which newly produced
carrier/L-Phe complexes diffuse back to the aqueous/organic interface.
Rates and reactant concentrations (L-Phe in the donor phase (cppe,p); car-
rier (DoEHPA) copo and carrier/L-Phe complexes coppeo in the organic
phase) are assumed to vary only slightly along the module (see modeling
assumptions), which makes them dependent on the variable z. Correspond-
ing mass transfer coefficients inside the films kppep, kogp and kcgo are
defined with respect to the total module length (see Figure 4.49) and the
total film thickness 0. At the aqueous/organic interface an equilibrium of
carrier/proton(H) complexes in the organic phase with their counterparts
in the aqueous phase is presumed. A detailed list of all variables and pa-

rameters used for modeling is given in the tables B.5 and B.6, Appendix
B.

Focusing the L-Phe mass transfer near by the aqueous/organic interface,
the steady-state assumption for all educts leads to the formulation of the
area-specific L-Phe transfer rate 7(2)

#bhen(2) = kphen (¢phen(z) — 0) 5 = — = kenp (ccnn(z) = 0) 713 -
=keno (cono(z) = cono,i(2)) (4.4)

Note that the educts are supposed to react completely at the reaction
plane. The variable x is introduced to achieve a length-proportional re-
duction of the mass transfer coefficients and to allow a study of the pre-
sumed carrier-complex diffusion into the aqueous donor and into the ac-
ceptor phase. Because both reaction planes are assumed to be located right
next to the organic/aqueous interface, z < dp. Further re-arrangement of
equations 4.4 leads to

. c -k +c -k - K
T}SheD (2’) _ CHOEx CliD PheD PheD C (45)
kcro + Ke

where K¢ describes an equilibrium constant taking into account the inter-
face concentrations of the carrier /proton(H) complex in organic and aque-
ous phase, which was experimentally estimated at 99.6 with the help of
NMR measurements. It is noteworthy that equation 4.5 is only valid for
ccHOEz = 0N cpren = 0.
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By analogy, the modeling of the organic/aqueous mass transfer in the
back-extraction module is realized

L _ CCPheOBex " kophea + cua -kua - Kc 46
Tphea(z) = kcrhen (4.6)
kcPheo + Kc

considering the coefficients for mass transfer of the carrier/L-Phe com-
plex in the aqueous acceptor kcppea and organic phase kopreo as well as
proton(H) transport inside the aqueous acceptor phase kg 4. To model the
complete experimental setup of figures 4.48 and 4.49, the following differ-
ential equation system is used:

Extraction module

dephep(2) Ocphen(2) 4
—a = —Up - 92 - Deap 'Tg’heD(z) (4-7)
decpheoEa(2) 0ccpPheoEz(2) 4
R _ : 4.
0 (o) 92 Deap "Phen(2) (4.8)
CCHOE=x (Z) = CCconst — CC’PheOEm(Z) (49)
Back-extraction module
deppea(z) Ocppea(z) 4
I = —v4 92 Deay Tphea(?) (4.10)
dega(z) Ocma(z) 4 .
Riatehih N . _ . 4.11
a VA G Deap TPhea(?) ( )
dcopheoBex(2) 0ccPheOBez (%) 4
% = —vo - Leaz °r — Dcap . T'%heA(Z) (412)
CCHOBEI(Z) = CCconst — CC’PheOBem(z) (413)

Additionally, four tanks must be considered (see Figure 4.48) leading to
four additional ordinary differential balance equations

dephea(0)  Va

acceptor tank: ————~ = — (CPheA (L) — CPheA (0)) (4-14)
dt Va
decpheopes(0) Vi
buffer tank B: M -9 (CCPheOEx (L) — CCPheOBex (0))
dt Ve
. (4.15)
d c0Ez(0 Vi
buffer tank C: CCP}L—OE() =2 (CC'PheOBe:v (L) — CCPheOEzx (0))
dt Ve
. (4.16)
deppep (0 V
donor tank: CPh—D() S (CpheD(L) — CPheD (0)) (4-17)
dt Vb

Please notice that index 0 and L refer to the entrance and to the exit of
the hollow fiber modules, respectively. For the sake of brevity only L-Phe
balances are given.
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Modeling Results

Using this differential equation system, model identification was performed.
It turned out that of the six mass transfer coefficients initially considered,
only two are necessary to model the experiments. While kcyp, kcro,
kcpheo and kg4 showed only poor statistical significance leading to typ-
ical over-parameterization problems (poor parameter accuracy - error >
100%, singular parameter covariance matrix etc.), the step-by-step model
reduction finally lead to a reduced model that only consists of kpp.p and
kcphea as model parameters. Table 4.6 shows high accuracies by giving
small relative standard deviations << 1% of the respected parameters.

Figures 4.50 and 4.51 represent an overview of the resulting model pre-
dictions compared to the experimental observations. It can be stated that
the predicted concentration courses in the donor and acceptor tank are well
mirrored by the model, which is indicated by high regression coefficients of
L-Phe courses in the donor 0.983 + 0.019 and acceptor tank 0.994 + 0.005.
This result might be surprising with respect to the significant simplifying
assumptions which were the basis for model formulation. However it indi-
cates that their obviously exists a small number mass transfer limitations
dominating the overall L-Phe transfer.

Motivated by the result that only kpprep and ko pprea revealed to be signif-
icant under different experimental conditions, the conclusion can be drawn
that in the extraction module neither the transport of carrier/proton(H)
complexes in the organic phase nor their short-way diffusion in the aqueous
phase is limiting — but, obviously, the L-Phe diffusion in the aqueous film
is the most significant transfer step kppep is estimated at 128 E-7 cm - s~ 1.
By analogy it is assumed that in the back-extraction module, no significant
limitation of the carrier /Phe-complex transport as well as of the proton(H)
exists. However, the transfer of L-Phe-loaded carriers into the aqueous ac-
ceptor phase seems to be limiting. Here a mass transfer coefficient ko ppea
of 178 E-5 em - s~! was estimated. The mass transfer coefficients differ in
two orders of magnitude. This is most presumably a consequence of the sig-
nificantly different L-Phe concentrations in the corresponding phases which
is compensated by different mass transfer coefficients under the constraint
of steady-state flux.

TABLE 4.6. Final parameters of the L-Phe mass transfer model identified from
the ten pilot scale experiments

parameter unit value standard deviation
kphen em-s~1 128 E-7 < 1%
kophea em-s~1 178 E-5 < 1%




4.5 ISPR Process Development 235

120

100

L-phenylalanine [mM]

FIGURE 4.50. Experimental (circles) and simulated (lines) courses of the L-Phe

extraction from the donor tank in a series of ten experiments using the pilot-scale
reactive extraction setup.
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FIGURE 4.51. Experimental (circles) and simulated (lines) courses of the L-Phe
back-extraction into the acceptor tank in a series of ten experiments using the
pilot-scale reactive extraction setup.
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The fact that no mass transfer limitation is identified in the organic
phase might be surprising, especially if lower diffusivity for the carrier/L-
Phe complex and extensive laminar films in the organic phase are expected.
However, one should also consider the very low solubility of the carrier/L-
Phe complex in the aqueous phase which is two orders of magnitude smaller
than in the organic phase and which consequently limits the mass transfer.
The model identification results based on the different experimental condi-
tions (see tables 4.4 and 4.5) and the accuracy of model predictions support
this simple mass transfer model. Additional mass transfer studies focusing
on the aqueous/organic interface would be desirable, however they could
not be performed within this project.

Macrokinetic Model of the L-Phe-Producing Strain

To study whether and how the reactive extraction model can be used for
total ISPR modeling, a complete model including the fed-batch fermen-
tation process has to be formulated. In order to enable a comparison of
pure simulation and large-scale experiments, the fermentation model was
identified using a different database — namely a small-scale (20-L) fed-batch
process. It was the general aim to keep the macrokinetic approach as simple
as possible, which resulted in the following non-segregated, non-structured

approach:
CTyr

= _ 4.18

K Hrmax Cryr + KSTy'r ( )
Kiphe

TPhe = T Phe max il (420)

Kiphe + cphe
It is thus assumed that the growth of L-Phe-producing E. coli cells is
only dependent on the (limiting) supply of the auxotrophic amino acid
tyrosine, because glucose concentrations were controlled at a saturating
level of 5 g- L~! during the whole fermentation (see preceding sections). A
tyrosine maintenance consumption is considered (see equation 4.19). L-Phe
production is supposed to be completely growth-decoupled but inhibited by
high product concentrations as observed with respect to AroF activity. This
macrokinetic model was used together with ordinary differential balancing
equations (not shown) taking the concentrations of cell-dry weight (ccpw ),
L-Phe (cpne), tyrosine (cryr) and the liquid volume (Vg) as dependent
variables and considering the common feed of glucose and tyrosine as an
independent input variable.

Figure 4.52 presents a comparison of modeled and measured values. The
model parameters are given in Table 4.7. Only a poor estimation of Yx 7y,
and mry, was achieved thus leading to temporary inaccurate model pre-
dictions of tyrosine consumption. The inaccuracies are the consequence of
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FIGURE 4.52. Comparison of modeled and measured values of cell dry weight
(cdw), L-phenylalanine (Phe), tyrosine (tyr) and the tyrosine feeding rate in a
lab-scale fermentation process using an L-Phe-producing E. coli strain.

experimental difficulties caused by partial tyrosine precipitation that oc-
curred inside the feed tubing owing to the very low tyrosine solubility of
0.38 g- L~'.2% However, the modeling of the L-Phe course is not hampered,
which is qualified as most important for the purpose of this study. Note,

29The problem of low tyrosine solublity has already been adressed in the foregoing
sections and it was solved by titrating the tyrosine feed to pH ~10 to increase tyrosine
solubility. However, the data used for this analysis based on the ’old’ protocol without
pH adaption.

TABLE 4.7. Final parameters of the unstructured, kinetic model of an L-Phe
producing E. coli strain based labscale fed-batch experiments.

parameter unit value standard deviation
Pmax h=1 0.321 +0.01127
Ks1yr gryr - L1 0.00152 +2.53E — 6
YXTyr gcpw - gT_“;r 35.29 = 100%
MTyr 9Tyr (gcpwh)il 0.00245 = 100%

T Phe max JPhe (gCth)_l 0.0756 +0.049

Kiphe gPhe L1 20 +1.35
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that a significant L-Phe inhibition constant of 20 & 1.35 g- L™ is identified
confirming previous AroF inhibition results.

Modeling the Total Process

Combining the fermentation model with the reactive-extraction modeling
approach, a total process model is constructed aiming at the simulation of
the 300-L ISPR approach, which was presented in the preceding subsection.
Figure 4.53 compares simulated and measured values of L-Phe concentra-
tion in the bioreactor and in the acceptor tank together with the bioreactor
tyrosine course. Additionally the glucose/tyrosine feeding profile is given.
As indicated in Figure 4.48, the reactive extraction was combined with the
fed-batch process via an ultrafiltration unit, of which the permeate rates
were taken as independent (measured) input variables for the simulations
varying between 22 and 8 L - h~! (caused by biofouling which occurred
during filtration).

Figure 4.53 illustrates a good conformity between measured and simu-
lated courses. In particular the L-Phe accumulation in the acceptor tank
is well reflected by the model predictions. Thus, the conclusion is drawn
that the simple ISPR model is applicable to model the overall process. This
offers the possibility to study the non-measurable carrier/L-Phe complex
in the organic phase taking into account the modeled values.

As an example, the 3-dimensional plot of the carrier/L-Phe-complex in
the extraction module is given in Figure 4.54. It can be seen that reactive-
extraction started after 13.6 hours and lasted until the end of the process
at 48 h process time. Surprisingly, the simulation reveals that still loaded
carrier re-enter the extraction module causing a significant accumulation
of the carrier/L-Phe complex in the organic phase up to 45 mM at the
outlet after 48 hours. This result is especially remarkable as there was
no alternative analytical approach to measure the loaded carrier/L-Phe
fraction in the organic phase. Furthermore, the accumulation of the loaded
carrier/L-Phe complex can be regarded as a potential candidate of existing
mass transfer limitations which need to be studied in detail.

Optimization of the ISPR Process

As a consequence, one might think of increasing the back-extraction mem-
brane area to reduce the amount of still-loaded carriers re-entering the
extraction unit. Thus, corresponding simulations were carried out by in-
creasing the number of back-extraction modules — installed in series — from
one to three. As indicated in Figure 4.55, the concentration of still-loaded
carriers re-entering the extraction module decreased significantly, as it was
previously assumed. However, the rate of L-Phe transfer, which is moni-
tored at the entrance of the back-extraction module, did not increase as
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FIGURE 4.53. Simulation of the total ISPR L-Phe production process based
on the model parameters which were identified separately. Shown are the con-
centration courses of measured and simulated L-phenylalanine in the bioreactor
(phe) and in the acceptor tank of reactive extraction (pheqcc), together with the
corresponding values of tyrosine (tyr) in the fermentation suspension during the

fed-batch process. Additionally, the tyrosine feed is given.
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FIGURE 4.54. Simulated course of the carrier/L-Phe complex in the organic
phase in the extraction module as a function of process time and module length
during the on-line reactive extraction of L-Phe from the fed-batch process on the

300-L scale.
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FIGURE 4.55. Comparison of the carrier/L-Phe complex concentration at the
entrance of the extraction module with the resulting L-Phe mass transfer rates
mirrored at the entrance of the back-extraction module. Both variables are pre-
sented as functions of process time. Three simulation runs are shown for each
variable considering up to three similar back-extraction modules installed in se-
ries

expected. In contrast, a decrease of L-Phe transfer is found by increasing
the number of extraction modules used.

This result might be surprising at first sight, however, taking into ac-
count the identified main transfer limitations — namely kppe.p and kcprea
- a phenomenological explanation can be given. The identification of kppep
indicates that L-Phe mass transfer inside the extraction module is only de-
pendent on the mass transfer of L-Phe cations through the aqueous film
to the reaction plane and not on the carrier /L-Phe complex in the organic
phase inside the module. Hence, extraction rates are independent of the
back-extraction membrane area (data not shown). On the contrary, back-
extraction rates are significantly reduced because of reduced carrier /L-Phe
concentrations in the organic phase (because of the extended extraction
membrane area). Decreasing carrier/L-Phe concentrations in the organic
phase also cause decreasing carrier/L-Phe concentrations in the aqueous
acceptor phase which are most dominant for total back-extraction (in-
dicated by kcprea). As a consequence, the back-extraction rates decline
with increasing extraction membrane area, which maybe contrasts primary
pre-simulation assumptions.
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The preceding analysis reveals the complexity of the total L-Phe mass
transfer and consequently stresses the need to perform corresponding sim-
ulation studies. Most strikingly, this fact was also outlined by the inde-
pendent studies of Lazarova et al. [LSS02], who investigated the penicillin
G removal with anion-selective carriers in hollow fiber modules. In accor-
dance with the independent findings presented in the preceding paragraphs,
these authors outlined that ’... the extraction of penicillin G is dominated
by the diffusional resistance in the aqueous layer...” and ’...the stripping
of penicillin G from the loaded organic solution to the regenerating aqueous
buffer ... is controlled by the rate of the reverse chemical reaction, or the
membrane resistance, or the combination of them.’ which correspond to
the identification of ko ppea in this study. In addition these authors stress
the importance of ’'carefully’ optimizing the whole reactive extraction sys-
tem by ...taking into account not only the effective removal of penicillin G
from the feed ... but also its successful stripping and solvent regeneration
...”. The authors also localized the main process resistance in the back-
extraction module, in analogy to the findings of this study. Hence it can
be concluded that the simple modeling approach applied in this study suc-
ceeded to identify the key limitations of L-Phe transport in the pilot-scale
setup thus offering the chance for simulative ISPR optimization.

As shown, there are two major limitation steps which are localized in-
side the aqueous films regarding the L-Phe cations in the donor and the
carrier/L-Phe complex in the acceptor phase. As a consequence, the fol-
lowing strategies for total process optimization can be discussed:

o If kpp.p is addressed, high L-Phe concentrations in the permeate
(and also in the fermentation suspension) are advantageous. With re-
spect to the identified product inhibition at 20 g- L~!, there obviously
exists an upper limit for process optimization. However, one can think
of a later start of the reactive-extraction unit during the process run,
provided that the product accumulation does not exceed critical L-
Phe titers. Furthermore, the use of optimized L-Phe producers (with
higher production rates) can also be considered. Here, the consid-
eration of on-line L-Phe separation would be most advantageous to
prevent a fast accumulation of the inhibiting product.

e By analogy, the mass transfer described by k¢ ppea can be discussed
leading to simulation studies with extended extraction membrane
area or considering alternative carriers, which possess higher aque-
ous solubility and which are still tolerated by the cells.

e Finally, one should consider the striking fact that all identified can-
didates for mass transfer limitations are located in the films of the
aqueous phase. These films originate from the strict laminar condi-
tions inside the hollow fiber modules. Hence, the optimization of the
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integrated reactive extraction should also focus on the improvement
of hydrodynamics at the organic/aqueous interface in order to mini-
mize aqueous film extension and to eliminate corresponding transfer
limitations subsequently.

It is especially the last item, namely the alleviation of mass
transfer limitations by improved hydrodynamic conditions, which
was the basic motivation to perform the reactive extraction stud-
ies with a different reactive extraction technology finally leading
to an improved ISPR process as it will be presented in the next
subsection.

4.5.5 Reactive Extraction with Centrifugal Extractors

Significant parts of the following subsection are submitted for pub-
lication in Riiffer et al. [RHK103] and applied for patent [RWT02].
Results are acquired during the Ph.D. thesis of N. Riiffer [Riif03]
and during the master thesis of U. Heidersdorf [Hei02] and I. Kret-
zers [Kre02] who have been co-supervised by the author.

Motivated by the beneficial effects of the ISPR approach (e.g. increase of
L-Phe/glucose yield, concentration of L-Phe in acceptor, simplified down-
stream processing and product purification by final precipitation) and be-
ing aware of the obviously existing mass transfer limitation because of the
strictly laminar conditions inside the hollow fibre modules, the aim was
formulated to develop a novel ISPR process which should lead to even
improved overall process performance. This decision was also supported
by the finding that the interface stability between the aqueous and the
organic phase inside the pores of the hollow fiber modules is strongly de-
pendent on the trans-membrane pressure difference. Thus, pressure peaks
occurring during the filling or the operation of the modules could cause
phase instabilities and breakthroughs, which finally could terminate the
process. Obviously, this technical drawback can hamper the scale-up of the
technology.

Accordingly, future ISPR process developments should alleviate the (so
far existing) L-Phe transport limitations concomitantly offering a facili-
tated handling of the total reactive extraction unit in combination with
low investment costs. Hence, liquid-liquid centrifuges have been considered
as an alternative solution for ISPR process development.
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Liquid-liquid centrifuges are well-known for phase separation and have
even been applied for the off-line recovery of penicillin from fermentation
supernatant ([Van84], [LS87], [Sch94], [Sch00]). Compared to the previously
used hollow fiber membrane contactors, liquid-liquid centrifuges offer the
advantage of being more robust in case of pressure changes, which could
easily occur during a fermentation. This facilitates their handling and also
their scale-up quality [MMFT02]. Because of the turbulent conditions in-
side the centrifuges, increased mass transfer rates could be assumed, too.
However, this advantage could easily be reversed if large amounts of sol-
vent or carrier permeate into the aqueous solution to be recycled into the
bioreactor. Because of their toxicity, a severe process inhibition of microbial
metabolism could be the result.

Considering both the chances and the risks of integrating centrifugal
extractors in a microbial production process, studies were performed to
develop a novel ISPR approach using centrifugal reactive-extraction for
on-line L-Phe separation. Emphasis laid on

e the identification of some basic characteristics of the L-Phe transfer
in the liquid-liquid centrifuges

e the integration of the technology in the fed-batch process for L-Phe
production

e the qualification of the total ISPR process.

Experimental Setup

For fermentation experiments, the tyrosine-auxotrophic L-Phe producer FE.
coli 4pF81 was used. As indicated in section A.1.1 (Appendix), this strain
represents a further development of F. coli 4pF20, which was considered
during the first period of the ISPR studies. Compared to E. coli 4pF20,
E. coli 4pF81 additionally possesses the plasmid-encoded genes aroB and
aroL coding for 3-dehydroquinate synthase and shikimate kinase II, respec-
tively, both representing 'well-known’ metabolic engineering targets of the
aromatic amino acid pathway (see section 2.6.1). Because previous stud-
ies of Gerigk et al. [GBGNT02] uncovered that aroF“! was superior to
aroF#" (provided that appropriate tyrosine control is applied) aroF'** was
used instead.

Fed-batch fermentations were performed in a 20-L bioreactor (ISF 200;
Infors, Switzerland) using the same medium, cultivation conditions, tech-
nical devices and analytical approaches as in previous experiments (see
sections A.2.1, A.4.2, A.3.3, Appendix). Depending on the experimental
purpose 7.5 to 10 L initial volume were used. Glucose was controlled at
5 g - L1 applying the Process Trace System (Trace AG, Braunschweig,
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see section A.4.3; Appendix). During the L-Phe production period (which
started after ODgag ~80 was reached) the tyrosine supply was reduced to a
minimum of 125 mg - h~! sufficient for maintenance. pH 6.5 was adjusted
by 25% ammonia titration. Temperature was controlled at 37 °C during
the aerobic cultivation at dissolved oxygen set at 40 %. L-Phe production
was induced with 100 uM IPTG at ODgyg ~8-12. The drain off of cell-free
(and protein-free) permeate via the bypass started during the production
phase after growth was stopped.

Two liquid-liquid centrifuges (Model V2; CINC, Brakel, Germany) were
used for reactive extraction of L-Phe. The rotation speed of the centrifuges
was adjusted by the system’s control units and the volumetric flow by
peristaltic pumps (Watson & Marlow, Germany). The volume of this model
is ~140 mL, rotor speed is 2,000 — 5,900 rpm and maximum flow rate is
2 L-min~'. One centrifuge was used for L-Phe extraction with the carrier
D>EHPA (cation exchanger) in kerosene. The second centrifuge was used
for back-extraction with the acceptor HySO4 in water.

A scheme of the liquid-liquid centrifuge used is given in Figure 4.56.
Heavy (aqueous) and light (organic) phases enter the centrifuge tangentially
and flow down to the bottom through a fissure between the rotating cylinder
and the inner wall of the centrifuge. Mixing of both phases and extraction
of L-Phe takes place in the space between the rotor and support container.
By a continuous addition of new liquid the fluid inside the centrifuge is
transported into the inner part of the rotor where phase separation takes
place on the basis of the different liquid densities. The heavy phase leaves
the centrifuge at the outer, the light phase at the inner outlet.

Experiments for the characterization of the centrifuges for reactive ex-
traction were performed with aqueous model solutions of L-Phe in 0.9 %
NaCl as well as with cell- and/or protein-free fermentation supernatant.
Heavy (aqueous) and light (organic) phases were circulated through the
running centrifuges for 4-6 hours with peristaltic pumps (Watson and Mar-
low, Germany). Samples were taken at the inlet and outlet of the heavy
phase of each centrifuge.

In analogy to the previously used ISPR setup, a bioreactor bypass was
installed to prepare cell- and also protein-free permeate. Cells were retained
with the aid of a cross-flow hollow fibre ultrafiltration (UF) module (3600
em?, 500 kDa cut off; Schleicher & Schuell, Germany). To avoid oxygen
limitation by-pass residence time of about 3.6 s were realized by pumping.
was necessary. The primary UF drain off was 4.8 L - h~! and reduced to
2 L - h™! because of biofouling. For the production of protein-free perme-
ate, cell-free permeate was pumped through the second ultrafiltration unit
consisting of 5 cassettes (Ultran-Lab, 10 kDa cut off; Schleicher & Schuell)
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FIGURE 4.56. Scheme of the liquid-liquid centrifuge used (CINC, Brakel, Ger-
many) showing the inlets and outlets of light (organic) and heavy (aqueous)
phases.

FIGURE 4.57. Experimental setup for reactive extraction using the two lig-
uid-liquid centrifuges for extraction and back-extraction. It is noteworthy that
this system completely replaced the membrane based approach shown in Figure
4.42.
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FIGURE 4.58. Curves of cell dry weight, glucose, L-Phe and acetate concentra-
tions during the fed-batch reference fermentation for the L-Phe production using
E. coli 4pF81 in a 20-L lab-scale bioreactor are shown. Additionally the controlled
feed-profiles for glucose (700 ¢ - L™') and tyrosine (25 g - L™!) are given.

at a flow rate of up to 4 L - h~'. Protein- and cell-free permeate was con-
tinuously recycled into the reactive extraction unit with a volumetric flow
rate of 1.5 — 3.5 L- h~'. The L-Phe reduced permeate originating from the
reactive extraction unit was recycled as well.

Typical Fed-Batch Fermentations

Fed-batch fermentations for L-Phe production using the strain FE. coli
4pF81 were performed with glucose control at 5 g - L™! to prevent acetate
formation caused by overflow metabolism at high glucose concentrations,
as well as to avoid carbon limitations resulting in reduced L-Phe formation
rates [GBGNT02]. Based on the previous studies, the L-tyrosine-limited
feeding was successfully applied to avoid an unwanted feedback inhibition
DAHP synthase encoded by aroF “t.

A typical fermentation with E. coli 4pF81 is depicted in Figure 4.58. As
indicated, the glucose concentration was controlled at a setpoint of 5 + 0.5
g- L1 after the initial batch phase was completed. The biomass increased
exponentially to 30 gopw - L~! until the growth rate dropped to main-
tenance metabolism because the significantly reduced tyrosine supply was
installed after 14 hours. L-Phe production was induced with IPTG after 6
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hours process time, which was subsequently followed by the feeding of the
substrates glucose and tyrosine as indicated. L-tyrosine was only detectable
in the initial feeding phase (data not shown). A biomass-coupled rise of L-
Phe titers was observed during the exponential phase which slowed down
when 180 mmol - L~ was reached (in accordance with the macrokinetic
model which was presented in the preceding subsection)?’. Final L-Phe
titers of 206 mmol - L™ (34 g - L~') were measured after 50 hours pro-
cess time®'. Because of the glucose control, acetate production was very
low. However, significant acetate formation started after L-Phe production
decreased, which led to a final concentration of 380 mmol - L~!. Tt is note-
worthy that the availability for glucose and oxygen kept constant during
the whole production period thus indicating that acetate formation was
obviously not a consequence of ‘classical’ overflow metabolism.

Basic Characteristics of the L-Phe Separation Using Liquid-Liquid
Centrifuges

To characterize the reactive extraction in the centrifuges, off-line experi-
ments with aqueous model solution were performed. According to the pre-
vious findings 10 ¢ - L~! L-Phe solution, 10 % Dy;EHPA in kerosene and 1
M H3S04 were used to study the effects of different volumetric flow rates
and rotor speeds on the L-Phe extraction. For the sake of brevity, only
basic findings are listed in the following;:

e Rotor Speed: Within the typical range from 2,400 to 3,600 rpm, the
rotor speed had almost no influence on the extraction performance.

e Volumetric Flow Rates: Extraction and back-extraction mass trans-
fer was improved by increasing volumetric flow rates of the aqueous
donor and of the organic phase. Technical, upper limits were found
at 8 L-h~! aqueous flow rate.

e System Stability: The system was less stable when unequal flow
rates of light and heavy phase were used. Flow rates below 4 L -h~!
showed the best system stability. As expected, the system was more
stable when L-Phe was separated from salt solution (9 g- L~ NaCl)
or from fermentation supernatant instead from pure water. In the
latter case, emulsions tended to occur readily. The fermentation su-
pernatant had to be filtered to remove cell debris and proteins, other-
wise unwanted protein precipitation occurred at the aqueous/organic
interface in the centrifuge. As a consequence the centrifuges were op-
erated such that the organic/aqueous interface was radially driven

30The molar weight of L-Phe is about 165 g - mol~1.
31 Please notify that this value is only slightly higher than the maximum concentrations
found using E. coli 4pF20.
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FIGURE 4.59. Experimental setup of the total ISPR process using two lig-
uid-liquid centrifuges for reactive L-Phe extraction out of cell- and protein-free
permeate drained off from the ultrafiltration module 1 (UF1, 500 kD) which is
installed in the bypass of the 20-L bioreactor. As indicated, glucose and tyrosine
are controlled, as well as pH, dissolved oxygen (DO), temperature (not indicated)
and pressure (not indicated). Via the reflux, the reactive extraction unit is fully
integrated in the production process. Reference fermentations are carried out
solely using the fermentation equipment as shown.

into the centre of the centrifuge thus enabling a small fraction of the
heavy phase to leave the device via the light phase outlet.

e Extraction components: Different concentrations of L-Phe (from
60 to 120 mM), carrier (from 10 to 20 %) and sulfuric acid (from 1 to
2 M) were investigated. The carrier concentration was identified as
the most dominating component. A six fold L-Phe concentration of
(initially) 15 g- L~ in the aqueous phase to 90 g- L~! in the acceptor
(leaving 4 g - L~! L-Phe back in the donor phase) was achieved with
1 M HySOy.

Integrated Experiments

The total ISPR experimental setup is illustrated in Figure 4.59. While run-
ning the fermentation process, cell-containing biosuspension was recycled
through the bypass which retained the cells with an ultrafiltration module.
Cell-free permeate flowed into a buffer tank and from there into an addi-
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FIGURE 4.60. L-Phe concentration courses are shown regarding the acceptor
phase, the fermentation suspension and the reflux during a 32-h ISPR experi-
ment (marked area) with integrated reactive extraction. Additionally, the calcu-
lated L-Phe course (line) is given with respect to the total amount of separated
and accumulated L-Phe relative to the working volume of the bioreactor.

tional ultrafiltration unit for protein retention®?. The setup of two subse-
quent filtration units was chosen to minimize the cell-containing by-pass
volume thus avoiding unwanted oxygen or pH gradients. Nevertheless the
ultrafiltration area had to be large enough to allow 1.5 - 3.5 L-h~! to per-
meate to the extraction devices. The L-Phe-reduced aqueous donor phase
leaving the centrifuge was recycled into the bioreactor. Back-extraction of
L-Phe took place in the second centrifuge.

All fed-batch fermentations were started without running the bypass. L-
Phe production was induced after 7 hours process time (see Figure 4.60)
and cell growth was stopped by limited tyrosine supply after 14-15 hours.
After 18 hours process time a product concentration of about 65 mmol-L~*

32The additional protein retention step was found to be essential to prevent unwanted
precipitation of proteins and/or cell debris in the liquid-liquid centrifuges. Compared to
the previously presented ISPR process, this additional separation step complicated the
setup at first sight. However, the handling of the centrifuge-based reactive extraction
unit turned out to be (still) significantly easier than the operation of the hollow fiber
modules.
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was achieved, and bypass recycling together with reactive extraction was
started simultaneously.

Based on the preliminary experiments the reactive-extraction conditions
with respect to the best phase stability were installed: rotor speed: 2,400
rpm, organic flow rate: 2 L - h™!, acceptor flow rate: 2 L - h~!, permeate
flow rate: 1.5 — 3.5 L - h~!. In the case of the permeate stream, the flow
depended on the time-variant filtration permeability, basically caused by
biofouling.

As indicated in Figure 4.60, production and extraction worked at the
same time. While the L-Phe concentration in the bioreactor remained con-
stant for 20 hours and even decreased during the last 12 hours of the pro-
cess time, the L-Phe level in the reflux of the centrifuge was about half
of the bioreactor concentration, thus indicating the extraction capacity. In
the 5 L acceptor tank, L-Phe titers steadily increased to 360 mmol - L™!
(60 g - L1), which is more than 10-fold higher than the concentration in
the bioreactor. Relative to the bioreactor working volume, a maximum L-
Phe concentration of about 180 mmol - L' (30 g - L~!) would have been
achieved. Although this value is slightly lower than the maximum titer of
the reference fermentation (see Figure 4.58), the benefits of the on-line reac-
tive extraction should be considered leading to highly concentrated L-Phe
in the acceptor that can easily be further processed by precipitation.

Most strikingly, the fully integrated centrifugal reactive-extraction showed
its general applicability by allowing stable operation conditions for more
than 32 hours. Obviously, the primary assumed inhibiting effects of the
solvent and /or of the carrier were not dominant. During the first 20 hours,
the L-Phe separation rate kept pace with its microbial formation rate, in-
dicating that cellular metabolism was not hampered. However, after 38
hours indications were observed that the metabolism activity declined thus
reducing the L-Phe formation rates (data not shown).

From this the conclusion was drawn that reactive extraction based on
liquid-liquid centrifuges is promising and that the duration of on-line ex-
traction should be a parameter for total process optimization.

Hence a shorter on-line extraction period was studied. Additionally, the
flow rates of the organic and the acceptor phase were set to 3.5 and ~2
L - h™! to increase L-Phe separation rates and to stabilize the extraction
system. The resulting L-Phe concentration curves are shown in Figure 4.61.
indicating that L-Phe production started after 7 hours. Compared to the
preceding experiment, reactive extraction was actuated later (after 22 h
process time) because the pre-chosen threshold value of 90 mmol - L~ was
also achieved later owing to a slightly lower biomass concentration.
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FIGURE 4.61. L-Phe concentration courses are shown regarding the acceptor
phase, the fermentation suspension and the reflux during a 18-h ISPR experi-
ment (marked area) with integrated reactive extraction. Additionally, the calcu-
lated L-Phe course (line) is given with respect to the total amount of separated
and accumulated L-Phe relative to the working volume of the bioreactor.

As shown, the on-line L-Phe separation was running for 18 hours. Dur-
ing this period, the L-Phe level in the bioreactor slightly decreased and
the reflux contained about half of the amount of L-Phe in the reactor. 350
mmol-L~! (58 g- L~') L-Phe was concentrated in the acceptor, which is al-
most nine times higher than the level in the fermentation suspension. After
40 hours the extraction was stopped whereas the fermentation continued
until 50 hours. This procedure was performed to test the metabolic activ-
ity of the cells after reactive extraction. As shown in Figure 4.61, product
formation still took place increasing the L-Phe titers in the fermentation
supernatant to 143 mmol - L= (23.5 g- L~!). Thus we concluded that the
cells were still active and they were not inhibited by, for example, too high
kerosene or carrier concentrations. Relative to the final working volume
in the bioreactor, a maximum titer of 275 mmol - L= (45.5 g - L™1) was
achieved.

To qualify the ISPR process, the space-time yield (STY) based on the
calculated L-Phe concentrations (see Figure 4.61) is given in Figure 4.62.
As shown, STY values from 0.8 to 2.0 g- (Lh)~! (5 to 11.5 mmol - (Lh)™1)
were achieved during the production phase. The initial drop of the pro-
duction STY (immediately after the reactive-extraction start) is similar to
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FIGURE 4.62. Space time yield (STY [g/(Lh)]) during the 18-h ISPR process
considering L-Phe formation and on-line L-Phe extraction. The total amount
of L-Phe produced [g] and separated during the experiment is shown at the
right-hand side

previous findings described by Gerigk et al. [GMK™'02] and — strictly speak-
ing - not yet fully understood. Because any gradients of dissolved oxygen,
concentration or pH inside the bypass circulation can be ruled out due to
low bypass residence times of 3 to 4 seconds, the working hypothesis is
formulated that product formation declined owing to the increased shear
stress which is imposed on the cells during their bypass circulation. This
negative effect is more or less compensated during the course of separa-
tion. In general, L-Phe extraction rates from 1.2 to 1.5 g - (Lh)~" (7 to 9
mmol - (Lh)~1) were maintained during the whole separation period thus
keeping the L-Phe level in the suspension almost constant. In total, 616
g (3.73 mol) L-Phe was produced and approximately half (290 g which
represents 1.76 mol) could be extracted on-line. The rest was left in the
biosuspension for off-line separation after fed-batch production.

Besides L-Phe separation analysis, differences between the experiments
with and without integrated reactive extraction can also be seen regard-
ing the acetate formation (data not shown). In the reference fermentation,
acetate production started already after 30 hours when L-Phe formation
decreased. Similar results were obtained in the fermentation using long-
lasting (32 hours) reactive extraction, when acetate formation began after
38 hours process time, again correlated to the decline of L-Phe formation.
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FIGURE 4.63. Comparison of biomass-specific product formation rates in the
reference fed-batch fermentation without integrated reactive extraction and in
the ISPR process considering the 18 hours lasting reactive extraction.

Therefore and because glucose and oxygen supply remained constant dur-
ing the whole production period, we regard acetate formation as a cellular
response to the diminishing ability to convert glucose into L-Phe which, for
instance, can be caused by decreasing DAHP synthase activity. The latter
was observed experimentally [GBGNT02] and can also be a consequence of
L-Phe feedback inhibition, shown in the preceding subsection. Interestingly,
almost no acetate production was found during the 18-hours-lasting reac-
tive extraction experiment. As already emphasized, no cessation of L-Phe
formation was observed which consequently resulted in low acetate titers,
thus outlining an additional benefit of the integrated reactive extraction
approach.

Clear differences can be seen in comparing the production rates of a ref-
erence fermentation without integrated L-Phe separation with those of the
ISPR approach using integrated reactive extraction for 18 hours (Figure
4.63). During the ISPR period, the production rate was maintained at a
constant level of about 0.03-0.04 g - (gh)~! until the end of the experi-
ment whereas it decreased to zero after 35 h in the reference fermentation.
As a consequence, the integral, molar L-Phe/glucose yield enhanced from
14.5 % in the reference fermentation to 18.6 % in the ISPR approach,
which represents a 28 % relative yield rise. This relative yield improve-
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ment is comparable to the results of the membrane based ISPR approach
using E. coli 4pF20 for L-Phe production. From this we concluded that
the on-line L-Phe separation obviously avoids the inhibitory product ac-
cumulation (with respect to the DAHP synthase activity). However, this
phenomenological finding cannot be substantiated by e.g. in vivo enzyme
activity measurements or by quantitative analysis of the potentially ben-
eficial effect of DoEHPA addition, as previously proposed [Maa00]. The
relevant studies have not yet been completed.

Concluding Remarks

The novel ISPR process based on reactive extraction with liquid-liquid
centrifuges proved its applicability for on-line I.-Phe separation and con-
centration using the strain E. coli 4pF81. This system represents the first
approach known so far for fully integrated reactive extraction based on
liquid-liquid centrifuges to separate bioproducts from a microbial produc-
tion process.

It was shown that the ISPR approach (using reactive extraction for 18
hours) is superior to the reference fermentation without product separation
because of

e the significantly extended high-level product formation period of 0.03
t0 0.04 g-(gh)~! (about 0.25 mmol-(gh)~!) to the end of the process,

e the prevention of unwanted by-product accumulation (acetate), and

e the consequently increased integral L-Phe/glucose yield from. 14.5 %
(without) to 18.6 % (with) fully integrated reactive extraction.

Compared to the membrane based reactive extraction approach the cen-
trifuge technique offers the advantage of simplified handling and higher
L-Phe permeability, which consequently leads to a facilitated system scale-
up. While both approaches enable an on-line concentration of L-Phe, the
liquid-liquid centrifuges support higher L-Phe concentrations in the accep-
tor (up to 360 mM, 60 g - L=1), which significantly reduces the amount
of liquid to be handled during further product purification, for instance
during precipitation.

This approach allows the online separation of almost half of the total
L-Phe produced during the fed-batch process, which is higher than the
previously described value of 26.7 %. If volumetric extraction rates are
compared, the ISPR approach using liquid-liquid centrifuges also offers
some advantages. Here 1.19 — 1.47 g1, ppe - (Lh) ™! is extracted, while the
membrane-based extraction only achieved approximately 1/3 of this, i.e.
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0.3 — 0.5 gr._pne - (Lh)~L. Hence, the primary formulated aims of devel-
oping a novel ISPR process to reach higher I.-Phe permeability, improved
L-Phe/glucose yields and simplified operation procedures are fulfilled by ap-
plying liquid-liquid centrifuges for reactive extraction thus qualifying this
tool as interesting for the on-line (cation) separation of inhibitory products.
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4.6 L-Phenylalanine Process Development:

Conclusions and Outlook

e Preliminary Studies: An experimental bioreactor setup was in-

stalled allowing 6-fold, parallel fed-batch fermentations of novel strains
under realistic process conditions. The application of exhaust gas
analysis enabled the analysis of carbon balances already in this small-
scale as one of the first steps of strain qualification. Principal compo-
nent analysis (PCA) was successfully applied for fermentation data
identifying tyrosine and acetate as fermentation key variables which
were thus focused in subsequent experiments.

Fed-Batch Process Development: A tyrosine and glucose - con-
trolled fed-batch strategy was developed that even allowed to use the
tyrosine feedback-sensitive (wild-type) enzyme AroF instead of the
usually applied feedback resistant AroF/?". This strategy is even su-
perior to the alternatives (using AroF/?") because higher L-Phe titers
(up to 32.2 g- L=1) and maximum L-Phe/glucose yields of about 18%
mol - mol~! were reached. The glucose and tyrosine control approach
was shown to be upscalable to the 300-L bioreactor. Experiments with
E. coli 20pMK12 (possessing a non-PTS based glucose uptake based
on the glucose facilitator from Zymomonas mobilis) revealed that the
glucose uptake and the L-Phe formation rate strongly depend on the
extracellular glucose levels. Because PTS™ strains reached higher L-
Phe titers and better L-Phe/glucose yields than the PTS™ construct,
future strain development focused on PTSY strains.

Identification of the Reactive Extraction System: Motivated
by the obviously existing L-Phe feedback inhibition on product for-
mation, studies were performed to identify an appropriate reactive
extraction technique which was intended to be used as a fully in-
tegrated L-Phe removal approach. After detailed preliminary stud-
ies, the cation-selective carrier DoEHPA, dissolved in kerosene using
H5S0O, as counter ion donor was identified as a suitable system for
on-line L-Phe separation using hollow fiber modules for extraction
and back-extraction on pilot scale. High product purity up to 99%
was achieved by subsequent (simple) precipitation of the concentrated
L-Phe in the acceptor (stripping) phase. Reactive extraction worked
at pH 6.5 thus allowing its application at typical fermentation pH
(and temperature). In lab-scale fermentation experiments the addi-
tion of DoEHPA resulted in enhanced L-Phe/glucose yields. Simple
mass transfer studies gave rise to the assumption that the carrier
regeneration might be incomplete during back-extraction.

Membrane Based ISPR Process: Combining a 300-L bioreactor
with the reactive extraction unit, pilot-scale experiments studying
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the total ISPR process were performed. It was found that total L-
Phe/glucose yield was improved from about 13 mol% (without) to
17.5 (mol%) with reactive extraction. L-Phe was extracted on-line
with maximum rates of 110 g - h~! leading to final titers of 37 g -
L~ (after 48 h) in the aqueous acceptor. Hence reactive extraction
proved its applicability as a fully integrated technique at the same
time purifying and concentrating the product in the acceptor phase.

e Total Process Modeling: The total, pilot-scale ISPR process was
modeled using a coupled, differential equation system considering the
reactive extraction unit as well as the 300-L fed-batch bioreactor.
The model was applied for total process optimization revealing the
complex interactions of the reactive extraction unit thus underlining
the necessity for detailed simulation studies. The analysis of L-Phe
mass transfer experiments uncovered that the dominating mass trans-
fer limitation is located in the back-extraction module, expressed by
kcphea, which denotes the transport resistance of the low-soluble
carrier/L-Phe complex entering the aqueous acceptor phase. Fur-
thermore, L-Phe extraction is limited by the diffusive transport of
L-Phe cations to the aqueous/organic interface, encoded by kppep.
Because both transport resistances are located in the aqueous phases
in strictly laminar hydrodynamic conditions the conclusion is drawn
that total mass transfer enhancement can be achieved by installing
turbulent hydrodynamics instead.

¢ Reactive Extraction with Centrifugal Extractors: Motivated
by the modeling results, liquid-liquid centrifugal extractors were ap-
plied for the first time to separate a bioproduct such as L-Phe from
a fed-batch process in a fully integrated ISPR approach. As a result,
the overall L-Phe/glucose yield of the reference fermentation with
E. coli 4pF81 of 14.5 mol % was increased to 18.6 % in the ISPR
approach. L-Phe was concentrated to 60 g - L™! in the aqueous ac-
ceptor phase thus significantly reducing the amount of liquid to be
handled for further product purification, such as precipitation (see
preceding results). Because of the improved mass transfer conditions
inside the turbulent mixing chamber of the liquid-liquid extractors,
about 3-times higher L-Phe permeability was observed (about 1.2
to 1.5 g - (Lh)™!) compared to the membrane based ISPR process.
The online separation of L-Phe using liquid-liquid centrifuges fully
compensated the product formation rate thus leading to constant L-
Phe levels during the ISPR period. Furthermore the handling of the
liquid-liquid centrifugal extractors turned out to be much more robust
than the use of the hollow fiber modules which were sensitive with
respect to transmembrane pressure changes. An optimum duration of
the online liquid-liquid centrifugal extraction should be considered to
prevent too high permeation of the organic compounds used.
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TABLE 4.8. Comparison of some characteristic process values such as the final
product titer, the integral L-Phe/glucose yield and the space-time yield regarding
the 'best’ L-Phe production processes published so far

approach CPhe, final YL—Ph(zglu cos e STY jnt
: - L] mole g (Lh) 1]
Konstantinov et al. [KYNS91] 46 17 0.85
Backman et al. [BOM™190] 50 25 1.3936n
Riiffer et al [RHK103]. 45.5/60% 18.6 0.91l5’0h

%45.5 g - L~ represent the calculated titer with respect to the final working
volume in the bioreactor and about 60 g - L~ in the acceptor

b50 b process time were considered, however the optimum process time can
be reduced thus increasing the total STY

To sum up, Table 4.8 is given comparing only the best L-Phe process
results published so far with those of our own studies regarding E. coli
4pF81 in the ISPR process using the liquid-liquid centrifugal extractors. As
it is shown, the characteristic process values considering the ISPR approach
are superior to those of Konstantinov et al. [KYNS91]. However they do
not yet achieve the overall L-Phe/glucose yield and the space-time yield of
Backman et al. [BOM*90]. With respect to the precedingly mentioned L-
Phe inhibition, Backman et al. [BOM190] obviously succeeded to select an
appropriate L-Phe production strain which is not L-Phe inhibited anymore
thus possessing an inherent advantage even compared to the ISPR process.

However, as pointed out in the introductory section, such a fully feed-
back resistant strain was not available for our process development. Hence
the ISPR results obtained basically illustrate the quality of these tech-
niques achieving significant process improvements to a competitive level
even considering non-feedback resistant strains (see summarizing Figure
4.64). Additionally one should consider that L-Phe has to be separated
and purified from the biosuspension anyway - also in the Backman et al.
[BOM™90] process. Therefore, the concentration of L-Phe in the accep-
tor phase subsequently allowing a simple product purification represents
an additional advantage of the ISPR process which was not even consid-
ered in the competing process developments published so far. Presumably
this is also why the cooperating partner DSM regards this process as such
interesting to perform economical evaluations.

Additionally it should be mentioned that the ’L-Phe’-technology pre-
sented in the preceding section was one of the driving forces to start a new
cooperation (CHORUS) with the same industrial partner in 2002 - now
focusing on derivatives of chorismate, the branch point intermediate of the
aromatic amino acid pathway. As shown in Figure 4.65, recent experiments
of Bujnicki [Buj03] succeeded to produce the precursors for pharmaceuti-
cal drugs 2,3 cyclohexane diol (not shown) and 3,4 cyclohexane diol (3,4
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L-phenylalanine auxotrophic strains.
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trans CHD) up to the 300-L bioreactor scale with E. coli constructs. For
the sake of brevity and because of intellectual property reasons, strain as
well as fermentation details are not presented. However, it can be outlined
that reactive extraction is again considered for product separation together
with some basic process and strain properties introduced in the preceding
sections.



D

Pyruvate Bioprocess Development

Significant parts of the following section were already published by
Zelié et al. [ZGBT03] or are currently in press [ZGV103] and have
been applied for patents ([GBZTO01], [BGZTO02]). Results are ac-
quired during the Ph.D. thesis of B. Zeli¢ [Zel03] who was co-supervised
by the author.

5.1 Introduction

While the preceding chapter regarded the production of a building block
(the aromatic amino acid L-Phe), this chapter focuses on the production
of a primary metabolite of the central metabolism - namely pyruvic acid
or its salt pyruvate (see Table 5.1)!. The carboxylic acid pyruvate rep-
resents without doubt one of the most important metabolites in central
metabolism, due, for instance, to its significance for the phosphotransferase
(PTS) dependent glucose uptake, its role as a precursor for amino acid syn-
thesis, overflow metabolism and so on. Fell and Wagner [FW00] outlined
the importance of pyruvic acid as a reactant in the E. coli network by
identifying it as one of the mostly used reactants (apart from common
coenzymes).

1Tt is noteworthy that pyruvic acid production and L-Phe formation are obviously
closely related because of the precursor PEP, needed for the latter, which also represents
a predecessor of intracellular pyruvate formation.
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TABLE 5.1. Some selected characteristics of pyruvic acid

Structure Properties.
0

03H403

M, 88.063

solubility  hydrophilic

stability decomposition observed in fermentation
medium at room temperature

0 pKq 2.49, strong acid
PYR comment  smells like acetic acid

melting point at 12°C
boiling point at 165°C'
salts are called 'pyruvate’
commercially sold as calcium pyruvate, etc.

OH

Apart from its significance in metabolism, pyruvate might not be known
as a commercially interesting building block for chemical synthesis. How-
ever, it serves as an effective starting material for the synthesis of many
drugs, cosmetics and agrochemicals such as crop protecting agents [LCL01]
and it even found application in the food industry as a fat burner ([Sta82],
[Sta8&5], [SRGT90]). The latter is motivated by pyruvate’s attributed qual-
ity to accelerate the catabolism of fatty acids in the human body. Fur-
thermore, medical studies (using rats) indicated that pyruvate serves as
a potent antioxidant [DBHS93] thus reducing anoxic injury and free radi-
cal formation [BS93] and it finally can prevent the neuronal degeneration
associated with ischemia [I095]. The carboxylic acid is also a valuable
substrate for the enzymatic production of amino acids [YK78] such as L-
tryptophane ([NEOY72], [TYT84], [KYT96]), L-tyrosine [YKK*72] and
L-dihydroxyphenylalanine (L-DOPA, [LCLO1]).

Own studies estimated a worldwide pyruvate market of about 800 to
1,200 tons per year with current market prices of 10 to 25 € kg~! for
ton-scale production. Even much higher pyruvate prices were found ap-
plying pyruvate salts as fat burner. While approximately 60% of the total
pyruvate production are used as a moisturizer in the cosmetic industry,
the remaining amount is mostly applied for L-ephedrine synthesis (asthma
drug), L-DOPA synthesis (active agent for Parkinson disease treatment)
and as food ingredients.

Regarding the classical chemical synthesis (see Figure 5.1), which is still
in use today [R6m95], pyruvate is produced by the dehydration and de-
carboxylation of the raw source tartaric acid in the presence of potassium
hydrogen sulfate at 220°C [HF32]. It is noteworthy that this classical pro-
cess is energy intensive because of the first pyrolysis step preparing the raw
pyruvate and because of the following vacuum distillation at 80°C. Addi-
tionally it should be notified that pyruvate production thus depends on the
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FIGURE 5.1. Classical production of pyruvate from tartaric acid in a two-step
approach using pyrolysis for the production of raw pyruvate followed by vaccum
distillation for product purification. Ample amounts of KHSO4 were needed to
decompose the raw material tartaric acid at 220°C. The classical production
process, dated from 1932, is still in use.

availability of tartaric acid, which as a raw product, is subject to seasonal
chances.

Besides, the decarboxylation of diethyl tartrate [SFKH92], oxidation
of propylene glycol ([TOS'92], [IKI93]), dehydration of ethylene glycol
[SFI*91] and oxidative dehydrogenation of lactic acid [AO95], in the pres-
ence of heavy metals as catalysts and high temperatures, are common meth-
ods of pyruvate production. These "classical" processes have in common
that they are energy-intensive and that they make use of heavy metals,
which is controversial with respect to environmental protection and sustain-
able process development. Additionally, these processes turned out to be
cost-intensive as well [LCLO1]. As a consequence more sustainable "green"
process alternatives have been developed in the last two decades.

Among these approaches, the following variants can be found:

e enzymatic approaches using either isolated enzymes [BS87] or per-
meabilized Hansenula polymorpha or Pichia pastoris cells ([ADW96],
[ESGT97]) to convert glycolate or lactate to pyruvate
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e resting cells converting for instance 1,2 propanediol with Acine-
tobacter sp..[IMTY82], or saccharified citrus peel extract with De-
baryomyces couderii cells [MSH84], or using lipoic acid auxotroph
Enterobacter aerogenes [YT89], or converting R-lactate with Proteus
sp..[SS93], or applying fumarate as substrate [OSIS01]

e fermentation processes, to be presented further down.

Although the above-mentioned approaches are promising, they have some
inherent disadvantages as follows:

e The maximum theoretical yield of lactate-based pyruvate production
is 1 mol -mol~!, whereas 2 mol-mol~"' can be produced theoretically
using a C6-skeleton such as glucose.

e Current large-scale market prices of lactate, the alternative substrate
of glucose (see above), are approximately five times higher (about 1.5
€ kg!) than glucose prices (0.3 € kg™1), not taking into account the
advantages in atom-economy, as mentioned in the preceding item.

e Following the route of enzymatic synthesis, hydrogen peroxide may
be produced, which leads to an unwanted pyruvate decomposition to
acetate, carbon dioxide and water, and finally lowers the reachable
production yield.

e Often, the above-mentioned methods only achieve low titers (about
30 g-L~1), which make the total process development unattractive for
an industrial scale-up because of high downstream costs for pyruvate
recovery.

e In the case of the resting cell approach, an expensive multiple step
procedure including biomass concentration together with costly waste-
water removal is proposed.

Hence, fermentation processes can be superior to the aforementioned ap-
proaches because fermentations offer the opportunity to produce pyruvate
from the sustainable, low-cost substrate glucose with high product / sub-
strate yield while at the same time avoiding the coproduction of unwanted
by-products such as HoOs.

Therefore fermentation development was performed typically based on
glucose as the main substrate. Several examples are given considering the
multi-auxotrophic yeast Torulopsis glabrata ([MYYT90], [YM94], [MY96],
[HYS99], [HS99], [MY99], [LCLL00], [HAKSO01], [LCLRO1] and [LHCL02]).
Other approaches studied lipoic acid auxotrophic (Fi-ATPase deficient)
E. coli strains ([YST194], [YTT"94], [YHT"97]). In general, both ap-
proaches followed the same idea, namely to control pyruvic acid production
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by the supply of e.g. lipoic acid, which, in the case of FE. coli, reached 30
g-.L~" in 24 hours with glucose as the sole carbon source. Additionally,
other approaches were published using for instance Schizophyllum commune
[TT82], Photobacterium mandapamensis [AVRS81] Enterobacter [YT89]
and Enterococcus [YMM™T92] strains.

Among the pyruvate production processes published so far, the fermen-
tation approach followed by Li et al. [LHCLO02] using Torulopsis glabrata
achieved the highest titer of 69 g - L~! pyruvate together with the highest
pyruvate/glucose yield of 0.636 g - g~! thus offering the best possibilities
for further downstream processing. However, the volumetric productivity
of this process is relatively low (29.8 g - (Ld)~'), which obviously hampers
its use for industrial purposes. Additionally, the production strain is multi-
vitamin auxotrophic, thus demanding the maintenance of a concentration
balance between thiamine, nicotinic acid, pyridoxine and biotin [LHCL02]
during the large-scale production which can cause severe problems in in-
dustrial applications.

Hence, the aim was followed to develop a novel fermentation process
that achieves as high titers and pyruvate/glucose yields as the best Toru-
lopsis glabrata process (known so far) concomitantly offering significantly
improved space-time yields to enable its industrial application.

In the following, the activities for process development will be presented
which based on the FE. coli strains resulting from a fruitful cooperation
with biochemists and molecular biologists at the Institute of Biotechnology
1 (namely M. Bott and T. Gerharz [Ger03]) together with the industrial
partners Rhein Biotech GmbH (Diisseldorf, Germany) and later on Amino
GmbH (Frellstedt, Germany). Because indications were given that high
pyruvate titers (= 500 mM) might inhibit pyruvate production [LCLRO1],
the integration of downstream processing as an ISPR approach was con-
sidered as well as appropriate process alternatives to alleviate the pyruvate
burden.
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5.2 Experimental Conditions

Primary fermentations were performed using the strain E. coli YYC202,
which was subsequently replaced by the pyruvate producer E. coli YYC202
ldhA::Kan. Both strains were acetate auxotrophic as indicated in section
A.1.2, Appendix. As shown in Figure 5.2 F. coli YYC202 IdhA::Kan is
blocked in its ability to convert pyruvate into acetate, formate, acetyl-CoA
or lactate?. Fed-batch experiments were carried out in a 7.5-L bioreac-
tor (INFORS, Switzerland) containing 2.5 L starting medium (see section
A.2.3, Appendix) which was equipped with standard control units for pH,
pressure, temperature, aeration, stirrer speed etc. (see section A.4.2, Ap-
pendix). After sterilization of the bioreactor and peripheral equipment,
fermentation medium was filled into the bioreactor through a sterile mi-

21t is noteworthy that a very similar E. coli strain was recently presented by Tomar
et al. [TEA03]. However, the strains presented by this group only achieved space-time
yields of 28.8 to 36 g - (Ld)~!, pyruvate/glucose yields of 0.72 to 0.78 g - g~' and final
pyruvate titers about 35 g+ L~1 which is inferior to the results achieved with our E. coli
producers, as it will be shown in the following.
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FIGURE 5.3. Scheme of the experimental setup used for lab-scale experiments
with the acetate auxotrophic pyruvate producing F. coli strains. The glucose feed
is directly controlled while acetate feeding followed a control strategy using the
on-line estimated carbon dioxide production rate (CER) as described in the text.

crofiltration unit (0.2 pum cut-off, Sartobran, Satorius, Germany) and the
pH was adjusted to 7.0 by 25 % ammonia titration, also during the later
fermentation process. All experiments were carried out at a temperature
of 37 °C. Sufficient aeration (dissolved oxygen DO > 40 %) was obtained
by vigorous stirring (200 — 1800 rpm), airflow rate (1 — 10 L - min~') and
reactor overpressure (0.2 — 0.8 bar). The bioreactor was inoculated with 10
% of the working volume of a preculture. Standard analytical approaches
(section A.3.3, Appendix) were used for fermentation analysis.

Glucose was used as the main carbon source together with acetate, which
was only supplemented during cell growth (see section A.2.3, Appendix).
Glucose feeding was started when the initial concentration was reduced to
about 5 g - L™'. The glucose control followed the procedure describe in
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section A.4.3, Appendix. An acetate feed, according to a specific feeding
strategy (see following subsections), was started after the depletion of the
initial batch amount, which was indicated on-line by decreasing carbon
dioxide emission rates. The feed was stopped after the biomass concen-
tration had remained constant for 3 hours. A schematic diagram of the
fermentation set-up is shown in Figure 5.3.

5.3 Development of the Fermentation Process

5.8.1 Controlled Acetate Feeding

Pyruvate process development started by using the strain Escherichia coli
YYC202, which is completely blocked in its ability to convert pyruvate
into acetyl-CoA or acetate. Consequently, acetate is required for growth on
glucose minimal medium. Under acetate-limited conditions (non-growing
cells) in shake flask experiments at low glucose concentration, a maximum
yield of 1.7 molpyruvate - mol - was achieved ([GBZTO01], [BGZT02]),

glucose

which could be increased up to 1.9 molyyruvate - molg_ltcoSe using resus-
pended cells in buffer. These high yields were not obtained during the
growth phase, when glucose is used for biomass production to a significant

extent.

Hence, process development had to find an optimum between highly se-
lective pyruvate formation and necessary biomass production — both at high
reaction rates to maximize the final space-time yield. It was assumed that
acetate represents a key fermentation variable to control biomass growth
and highly selective pyruvate production. Because methods for on-line ac-
etate measurements were not accessible (and presumably not successful
because very-low acetate levels had to be controlled to achieve acetate
limitations), an indirect controlling approach was favored. Therefore, the
correlation between acetate consumption rate (ACR) and C'Oz production
rate (CTR) was a matter of detailed analysis to enable an optimal on-line
process control via exhaust gas analysis. Additionally, glucose concentra-
tions were controlled on-line to ensure ample supply of the carbon source
for pyruvate production.

As indicated in Figure 5.4, the retrospective analysis of a series of batch
(and fed-batch) lab-scale experiments using the acetate auxotrophic E. coli
strain revealed a close relation between the optimum acetate consumption
rate (ACR) and the CO5 production rate (CTR). To our surprise, an equal
molar ratio was identified (using an acetate feed containing 109 g - L=!
potassium acetate)

ACR =CTR (5.1)
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FIGURE 5.4. Relation between the CO2 emission rate (CTR) and the acetate
consumption rate (ACR) found in typical batch experiments studying pyruvate
production with an acetate auxotrophic E. coli strain.

This heuristic finding motivated the formulation of the CT'R related
acetate feed Vcetate according to

~927[g - mol™'] - CTR[mmol - (Lh)™'] - Vg
fl=
The idea of considering the parameter f was to perform process studies

under acetate limitation (f > 1), saturation (f ~ 1) and accumulation
(f < 1) just by changing parameter f.

Vacetate [9 : hil]

(5.2)

To study the effect of different acetate feed rates (as a consequence of
the open-loop control chosen) a series of experiments was performed us-
ing E. coli YYC202 with f set as 1.5 (limitation), 1 (saturation) and 0.8
(accumulation). To qualify the results the achieved values of molar pyru-
vate/glucose yield (Ypg), space-time yield (STY') and final pyruvate titer
cp were considered. Superimposing impacts of potentially variant glucose
levels were ruled out by controlling the glucose concentration at 5 + 1
g - L™! thus ensuring saturated glucose uptake conditions because of the
active PTS in E. coli ([PLJ93], [Fer96], [Fer99]). Fermentations were real-
ized as a two-stage fed-batch process. During the first phase (cell growth
and early pyruvate production stage) glucose and acetate were fed accord-
ing to the process control developed. After biomass concentration remained
constant for 3 hours, the second phase (high-selective pyruvate production
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stage) was started by stopping the acetate feed resulting in single glucose
feeding.

As a result, reduced biomass (ODggg ~20, compared to ODggp ~30 at
best conditions) and pyruvate titers were observed when limiting acetate
supply (f set as 1.5) was installed (see Table 5.2). This finding can be ex-
plained by the strain’s acetate auxotrophy demanding a sufficient external
acetate supply for cell growth and maintenance, which obviously was not
achieved using the acetate-limiting feeding procedure (f = 1.5).

TABLE 5.2. Comparison of some characteristic process values such as the final
product titer, the integral pyruvate/glucose yield and the space-time yield re-
garding the different f-values set for acetate feeding. The strain E. coli YYC202
was used.

acetate supply  CPYR,final  YPYR.glucose STY int

- [mmol - L~Y [mol%] lg-(Ld)~ 1]
f=15° 209 (18.4)7 34 12.3
f=1.0° 521 (45.8)% 86 46.5
f= 0.8 500 (44.0)% 80 30.0

a

b

acetate limitation

acetate saturation

“acetate accumulation

dpyruvate concentration in g - L1

On the other hand, no negative effect of acetate accumulation on pyru-
vate production and biomass growth was observed. This seems to be in
contrast to previously published results focusing on other F. coli strains,
where inhibiting acetate concentrations were identified at about 5 to 10
g- L1 [LS90]. Acetate concentrations even higher than 20 g- L~! were still
tolerated by E. coli YYC202.

The maximal product titer cpyr, finai Was limited to concentrations of
about 500 & 20 mmol - L™!, irrespective whether saturating or accumu-
lating acetate feeds were used (see Table 5.2). Even at optimized process
conditions (f < 1.0) a significant coproduction of lactate (final lactate titer:
= 300 mmol - L= (26 g- L™')) was observed in each experiment. Interest-
ingly, the most significant increase of lactate formation occurred after the
final pyruvate concentration reached its maximal value of about 500 + 20
mmol - L1,

From this the conclusion was drawn that the coproduction of lactate can-
not be suppressed by process engineering means and that the construction
of a new genotype is advantageous. As a consequence, the new produc-
tion strain F. coli YYC202 ldhA::Kan was constructed by our cooperating
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FIGURE 5.5. Resulting pyruvate (PYR) concentrations as a function of process
time and the acetate feeding using E. coli YYC202 ldhA::Kan fed-batch fermen-
tations. Acetate limiting supply (f = 1.0) as well as acetate saturated (f = 1.0)
and acetate accumulating (f < 1.0) open-loop controls were studied.

partners, in which the gene IdhA encoding for lactate dehydrogenase was
mutated such that the conversion of pyruvate to lactate was inactivated
(see section A.1.2; Appendix).

A new series of fed-batch experiments was performed with the new strain
using the same process control as described above. The effects of different
acetate feeding strategies at constant glucose concentration of 5 g- L~ were
analyzed. As a result, the same acetate limiting effect on biomass growth
and on pyruvate production was observed, but lactate was not produced at
all. In analogy to the experimental results using F. coli YYC202, acetate
limitation subsequently caused lower biomass growth and pyruvate produc-
tion. There was no significant difference between the effect of saturated or
accumulated acetate feeding on pyruvate production (Figure 5.5).

It is noteworthy that the long lag-phase during the acetate accumulating
experiment (f < 1.0) was caused by technical pH control problems and is
not characteristic for the typical process. From Figure 5.5 it was concluded
that the proper selection of factor f of Equation 5.2 clearly influences the
optimal fermentation performance (see also Table 5.3). As a result, a final
titer cpy R, finai higher than 700 mmol-L™1 (62 g-L™1), Ypy g giu cose Of 111
mol % and STY of 42 g - (Ld)~! were achieved under the best conditions,
which means with f set at 0.8.
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TABLE 5.3. Comparison of some characteristic process values such as the final
product titer, the integral pyruvate/glucose yield and the space-time yield re-
garding the different f-values set for acetate feeding. The strain E. coli YYC202
ldhA::Kan was used.

acetate supply  CPYR,final  YPYR,glucose STY int

- [mmol - L~ [mol%] lg-(Ld)~1]
f=20° 242 (21.3)7 42 14.7
f=1.52 406 (35.7)% 68 24.4
f=1.0° 633 (55.7)% 96 36.0
f=0.8° 704 (62.0)% 111 42.0

a

b

acetate limitation

acetate saturation

“acetate accumulation

dpyruvate concentration in g - Lt

Comparing these results with those of E. coli YYC202, a 40 % increase
of the final pyruvate titer can be stated together with a 39 % increase of
integral pyruvate/glucose yield. The final titer and (to a certain extent)
also the final yield are comparable to the best results of Li et al. [LHCL02]
using Torulopsis glabrata. However, it should be noticed that the space-
time yield of the E. coli process is much higher. Using E. coli 42 g- (Ld)~!
is produced, which is more than 40 % higher than the yeast process which
needs 56 hours compared to only 30 hours with the F. coli strain.

However, when pyruvate curves, given in Figure 5.5, are studied the
question arises why the maximum titer of about 700 mM cannot be further
increased. To elucidate the problem Figure 5.6 is depicted indicating that
pyruvate production rates strongly decline with increasing extracellular
pyruvate concentrations. During the last 5 hours process time there was
even no pyruvate production at all. Because similar observations were found
in other fermentations, it was assumed that high extracellular pyruvate
titers might have an inhibiting effect, as already indicated by Li et al.
[LCLRO1].

Further experiments were performed to test the hypothesis. For instance,
cell samples were taken after the end of the fed-batch fermentation (at high
pyruvate concentrations), washed several times in physiological solution (to
avoid any inhibiting effect of pyruvate), resuspended in a buffer solution
without any nutrient except for glucose and cultivated on the shaker. The
treated biomass, which had previously stopped pyruvate production in the
bioreactor, was then capable of converting glucose into pyruvate almost
stoichiometrically (data not shown), which sustained our hypothesis.

Additionally, cell samples, taken during lab-scale fed-batch pyruvate pro-
duction, were used to determine their intracellular pyruvate concentra-
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FIGURE 5.6. Space-time yield (STY) and pyruvate concentrations (PYR) as a
function of process time using the strain F. coli YYC202 IdhA::kan in a lab-scale
fed-batch fermentation with f set to the optimal value as 0.8.

tions according to the in-house developed protocol, described elsewhere
[BTWO1]. As a result, intracellular pyruvate concentrations of about 4 to 5
mmol-L~! were measured while the extracellular levels were about 102-fold
higher. This finding gave rise to the assumption that an active pyruvate
transport is most likely to export pyruvate into the supernatant, which con-
trasted with our original assumption of pyruvate transport by diffusion.?
Additionally, intracellular ATP levels were determined (again using the
method of [BTWO01]), which appeared to be very low (in the range of 0.5
mmol - L~1). Hence, the working hypothesis was formulated that pyruvate
might be exported actively and re-enters the cell by diffusion thus causing
a futile-cycling (ATP consumption) that finally can limit (and terminate)
the total pyruvate production process.

However, it must be stressed that this working hypothesis was not fur-
ther investigated (despite its attractiveness)*. Instead, the pyruvate pro-
duction process development continued concentrating on bioprocess engi-
neering means to overcome the assumed product inhibition. These are:

3No active pyruvate exporters in E. coli are known so far, although lactate specific
acitve import systems are published that might also accept pyruvate as substrate.

4 Although the postulated active pyruvate export was not further studied in the au-
thor’s group, corresponding research was performed by the cooperating biochemists and
molecular biologists (IBT1), which, for the sake of brevity, cannot be presented here.
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FIGURE 5.7. Experimental setup used for continuous experiments with
cell-retention as well as for repetitive fed-batch experiments. Glucose and ac-
etate control was applied as previously described. Cell-free permeate was drained
off from an ultrafiltration unit, installed in the by-pass of the bioreactor.

e continuous pyruvate production with retained cells
e repetitive fed-batch production

e ISPR process with integrated pyruvate removal.

For all experiments presented in the following the strain E. coli YYC202
ldhA::Kan was applied.

5.3.2 Continuous Fermentation with Cell Retention.

Continuous fermentations with cell retention were conducted using the ex-
perimental setup with the 7.5-L bioreactor as depicted in Figure 5.7. The
process was performed in analogy to the fed-batch process using a relatively
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small by-pass (cross-flow hollow-fiber module: 0.15 m? filtration area, cut-
off of 500 kDa, Schleicher & Schuell). When the maximal optical density
in the fed-batch fermentation was achieved (ODgoy ~30, after about 14
h process time), the acetate feed was stopped and the dia-filtration was
started. During the following period, the glucose feed kept constant in the
range of 60 to 80 ¢g - h~! depending on the acetate concentration in the
feeding medium. An overall dilution rate of 0.1 h~! was set.

The glucose-containing feed of the following period also contained 0, 20
and 40 g - L~! acetate in a series of three subsequent experiments. To our
surprise we observed that only the acetate-free feed enabled a continuous
process lasting for more than 80 h process time. In addition, relatively
high pyruvate concentrations of about 600 mmol - L~ were achieved in
all experiments, which caused a significant drop of the biomass specific
pyruvate production rate from about 6 (at the end of the fed-batch phase)
to 2.0 — 2.5 mmol - (gcpwh)~! in the presence of pyruvate titers ~500
mmol - L=, Thus, space-time yields of 104 to 117 gpyr - (Ld)™! were
achieved together with low pyruvate/glucose yields of 1.10 to 1.24 mol -
mol~1. From these results we concluded that an increase of the dilution
rate would be advantageous to maintain pyruvate formation on a high level.
However, we found the long-term stability of the strain and the achievable
product /substrate yields to be insufficient. Hence other process alternatives
were studied.

5.3.3  Repetitive Fed-Batch Approach

On account of the problems observed during the continuous experiments,
the repetitive fed-batch alternative with cell retention was studied. The
following (heuristic) guidelines were formulated in order to achieve an op-
timized process development:

e the process time should not exceed the "critical" value of approxi-
mately 40 h process time to prevent strain instability,

e product formation should preferably occur with non-growing cells to
enable a highly selective glucose conversion to pyruvate,

e a series of multiple production cycles should be realized to increase
volumetric productivity (space-time yield) and to minimize the pro-
duction period with high extracellular pyruvate titers.

For repetitive fed-batch experiments the same setup was used as already
presented in Figure 5.7 except for the cross-flow hollow-fiber ultra filtration
module in the by-pass, which was larger than the one previously applied



276 5. Pyruvate Bioprocess Development

TABLE 5.4. Comparison of some characteristic process values - namely the inte-
gral pyruvate/glucose yield and the space-time yield - regarding each period of
the repetitive fed-batch experiment using E. coli YYC202 ldhA::Kan.

period YPYR7glu cos e STY it
: mol%] g (Ld) ]
cycle I 146 68.0
cycle 1T 171 145.1
cycle 11T 172 81.9
cycle IV 178 80.1
cycle V 121 38.9

(area 0.98 m?2, cut-off 500 kDa, Schleicher & Schuell, Germany). The repeti-
tive fed-batch process was started in analogy to the fed-batch process. After
the biomass concentration remained constant for 3 hours, the acetate feed
was stopped, the suspension was pumped through the by-pass and the cell-
free permeate was drained off while the biomass was retained. When 60
% of fermentation medium has been pumped out of the system, an equal
volume of fresh fermentation medium was added to the bioreactor through
the same dia-filtration unit to prevent disposal of the biomass in the by-
pass. A new cycle of biomass retention (medium dilution) was started after
the calculated glucose feed rate (MEDUSA) decreased to the previously
estimated threshold of 10 g - h™1.

As indicated in Figure 5.8, altogether four production cycles (II-V) were
realized in repetitive fed-batch experiments with cell retention after the
strain has been cultivated for biomass production in phase I. Figure 5.8
shows the changes in biomass concentration, pyruvate concentration and
specific pyruvate production rate (wpy ) during the experiment. Further-
more, the integral molar yield pyruvate/glucose (Ypy g giucose) and the
integral space-time yield (STY;,:) were calculated for each cycle (Table
5.4).

In general the experiment can be divided into two parts. Part I (cycle
I), characterized by cell growth, enabled pyruvate and biomass production
at the same time and was glucose- and acetate-controlled. Part II (cy-
cles IT - V) enabled highly selective pyruvate production with non-growing
cells. The highest STY of 145 g - (Ld)~! was observed in the second cy-
cle (pyruvate production with non-growing cells), which represents a more
than 3-fold increase compared to our own, best E. coli fed-batch results (42
g-(Ld)™"). The pyruvate/glucose yields Ypy g, giucos e achieved in cycles II,
III and IV were higher than 170 mol % (0.83 g-g~!), which is significantly
better than the best fed-batch results of 111 mol % and is well comparable
to the results using non-growing cells in shaking flasks with low external
pyruvate titers ((GBZTO01], [BGZT02]).
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FIGURE 5.8. Optical density (ODgoo), pyruvate concentration (PYR) and
biomass specific pyruvate production rate (mpy r) as a function of process time in
a sequence of four repetitive fed-batch experiments (II-V) with an initial growth
phase (I).
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The final pyruvate titers in cycles II-IV are comparable to the best re-
sults of Li et al. [LHCLO02] using Torulopsis glabrata. However, it should be
noticed that the STY and Ypyr giucose Of the E. coli process are signifi-
cantly improved. Using E. coli the STY is more than 5-fold higher leading
to 145 g-(Ld)~!, which coincides with even more efficient pyruvate/glucose
yields Ypy g giucose Of up to 1.78 mol - mol~! (0.87 g - g~') compared to
the best value of 0.80 g - g~ published so far (Li et al., [LHCL02]).

Figure 5.8 also indicates a close correlation between decreasing specific
pyruvate formation rates (7 py r) and rising pyruvate concentrations during
each cycle. From that we concluded that an inhibition of pyruvate produc-
tion caused by high extracellular pyruvate concentrations obviously exists.
If the cell concentration courses are analyzed, one might wonder about
the increase of biomass concentration at the beginning of the second cycle.
However, it is noteworthy that this was not growth-dependent but due to
the apparently too slow cell recycling from the ultra-filtration unit into the
bioreactor. By analogy, no cell growth occurred at the end of the cycles
(II-IV). Increasing optical density values only mirror the concentration of
biomass during the ultra filtration period. Because of biofouling effects in
the ultra filtration unit the membrane permeability was reduced (as indi-
cated by extended filtration periods) which might also cause the sequential
decreases of Ypy R giucose and STY from one cycle to the next.
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5.4 ISPR Approach Using Electrodialysis

As an alternative to the process approaches of the preceding subsection, the
on-line separation of pyruvate in an ISPR process was studied to remove
the (most presumably) inhibitory product from the fermentation super-
natant. Reviewing the ISPR approaches of the last twenty years, Stark
and von Stockar [SS03] outlined that reactive extraction, (immobilized)
ion-exchange or electrodialysis should be preferred if hydrophobic prod-
ucts - such as pyruvic acid - need to be separated from the fermentation
supernatant. Because it was known from our own studies (see preceding
chapter) that anion-selective carriers are toxic for the cells, (immobilized)
anion-exchange and/or electrodialysis had to be favored for this purpose.
Preliminary studies of Zeli¢ and the cooperating industrial partner (data
not shown) revealed significant problems while using anion-adsorbers for
pyruvic acid separation. Most striking, the relatively low capacity of resins
and the need to use concentrated acids as eluents made this technology not
attractive in terms of sustainable process development and in a commer-
cial respect [LCLO1]. Hence, electrodialysis was favored for the subsequent
studies.

Applying electrodialysis in ISPR approaches is not new. According to
Stark and von Stockar [SS03], about 12 examples were published within the
last 20 years focusing on the separation of acetic acid, lactic acid and/or
propionic acid from biosuspensions [SS03]. Additional applications were
also found for the separation of amino acids ([TVRW90], [WBdG96]). How-
ever, it may be noteworthy that electrodialysis has not yet been applied
to remove pyruvic acid from the fermentation supernatant. In general, the
charge-dependent ion separation in the electric field of electrodialysis is re-
garded as a promising approach for the downstream processing of organic
acids from fermentation broth [BB02].

5.4.1 Preliminary Separation Experiments

For electrodialysis a three-compartment water splitting electrodialysis unit
(WSED) was used, as presented in subsection A.4.4, Appendix. The ap-
paratus, which is shown in the pictures 5.9 and 5.10 was rent from the
Fraunhofer Institute IGVT (Institut fiir Grenzflichen und Bioverfahren-
stechnik), Stuttgart, Germany.

Preliminary experiments using a synthetic solution (48.0 g - L=! pyru-
vate in water) and pre-treated fermentation suspension were performed in
order to study the effect of medium components on the performance of the
electrodialysis process. Experimental results are summarized in Table 5.5
and Figure 5.11.
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FIGURE 5.10. Electrodialysis cell (four stacks) used for the separation of pyruvic
acid.
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TABLE 5.5. Results of the pyruvic acid separation from different donors con-
sidering aqueous model solution, cell-free (CF) and cell- and protein-free (CPF)
fermentation supernatant. Pyruvate (PYR) titers are given for the aqueous start
solution as well as for the final concentration in the acid medium. For process
validation, the PYR recovery and the current efficiency (CE) are shown.

start PYRqq final PYRg4cidg  PYR recovery CE

lg- L] lg- L] [%] [%]
model solution 48.0 43.8 91.2 99.4
CFB 41.3 24.9 60.2 99.8
CPFB 41.3 34.8 84.3 95.6

Fach experiment was stopped when the stack voltage increased to a
maximum value of 40 V' to prevent a possible membrane rupture. Cur-
rent efficiencies (CE) higher than 99 % and 91 % pyruvate recovery were
achieved in the experiment with the model solution. Compared to this
best result, a 30 % recovery decrease was observed by the use of cell-free
fermentation supernatant (CF) with a similar current efficiency. However,
when fermentation supernatant was used, higher voltage levels and an ac-
celerated voltage increase were measured, indicating membrane fouling by
high-molecular medium components like proteins, cell debris etc. Hence,
an ultrafiltration step (cut-off 10 kDa) was installed for protein separa-
tion, which resulted in an 84 % pyruvate recovery achieving 90 % current
efficiency. From this it was concluded that cell- and protein-free biosuspen-
sion (CPF) should be used for electrodialysis. However, a slightly reduced
pyruvate recovery and current efficiency compared to the model solution
(presumably due to salts in the fermentation medium) must be taken into
account.

Additionally, it was observed that 95 % of the glucose in the cell- and
protein —free fermentation medium was rejected by passing the electrodial-
ysis unit. The final pH of the recycled feed solution in each experiment
was higher than 3, which ensured sufficient amounts of pyruvic acid ions
(PK o, pyruvate ~ 2.5) in the feed.

5.4.2 Integration of Electrodialysis into the Fed-Batch Process

Motivated by the promising findings of the preliminary experiments, the to-
tal ISPR setup was build up, as shown in Figure 5.12. The process consists
of four main steps:

e fermentation with cell retention by ultrafiltration and recycling
e protein separation by ultrafiltration

e product removal by electrodialysis
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FIGURE 5.11. Pyruvate (PYR) concentratrion courses using the electrodialysis
approach with PYR containing model solution, cell-free (CF) and cell- and pro-
tein-free (CPF) fermentation supernatant. Full symbols indicate the donor while
hollow symbols denote the acceptor (acid) solution.

e sterilization by microfiltration and recycling of pyruvate-reduced fer-
mentation supernatant

The protein separation was conducted using planar modules (ULTRAN,
Schleicher & Schuell, Germany ), which consisted of four cassettes with pore
size of 10 kDa. Pyruvate-reduced fermentation permeate was pumped back
into the bioreactor through a sterile microfiltration unit (0.2 pm cut-off,
Sartobran, Satorius, Germany).

As depicted in Figure 5.12, three streams leave the electrodialysis unit:
the pyruvic-acid reduced fermentation supernatant, the pyruvate-enriched
acid stream and the NH4OH-enriched base stream. The pyruvic-acid re-
duced fermentation permeate contained glucose with some nutrients and
could be reused in a continuous recycling process. Consequently, a reduc-
tion of raw material costs was expected. NH4OH produced in the three-
compartment electrodialysis could also be recycled to decrease the amount
of fresh base needed for pH titration. Based on the preliminary experi-
ments, it was expected that pyruvate could be concentrated in the acid
stream thus allowing a simplified purification later on.

As indicated, fermentation suspension was first ultra filtrated (cut-off:
500 kD) to produce a cell-free permeate which was pumped through a
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FIGURE 5.12. Scheme of the experimental setup used for the in situ product
recovery (ISPR) with fully integrated three-compartment electrodialysis. Ab-
breviations: UF - ultrafiltration unit; CF - cell-free permeate; CPF - cell- and
protein-free permeate; CER - CO3 emission/transfer rate. For details see text.
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second ultrafiltration unit (cut-off: 10 kD) to separate the proteins and
cell debris. Then, cell- and protein-free fermentation solution entered the
electrodialysis. The pyruvic-acid-reduced fermentation permeate was recy-
cled into the bioreactor through a sterile micro filtration unit to prevent a
possible contamination by the non-sterile pyruvate separation process.

As shown by the pyruvate concentration and formation courses (see Fig-
ure 5.13), the process can be divided into three parts: a fed-batch phase (I),
a continuous phase (II) and an ISPR phase (III). During the first phase, an
increase of the pyruvate level was observed in analogy to preliminary ex-
periments. In the following the pyruvate concentration remained constant
which indicates an equilibrium between pyruvate production (by retained
cells) and wash-out. The relatively high level of 600 mM pyruvate was
chosen to make high pyruvate levels available to the electrodialysis unit
and to observe increasing (recovering) product formation rates owing to
the on-line separation of the inhibiting product.

Then, pyruvate separation via electrodialysis started after 29 hours pro-
cess time and lasted for approximately 14 hours. During this phase (III) the
pyruvate concentration in the bioreactor decreased by more than 20%. At
the same time, the microbial pyruvate production was still active — though
on a reduced level. Whereas the volumetric pyruvate formation rate STY
was about 60 mmol - (Lh)~during phase (II), it dropped down to approxi-
mately half of its original value during the I.S PR phase. This finding was in
contrast to the assumption that a pyruvate separation might prevent a po-
tential product inhibition and would consequently lead to higher (or longer
lasting) pyruvate formation rates. However, we concluded that the (un-
wanted) co-separation of medium components via electrodialysis — which
for instance was not prevented by additional nutrient supplement - caused
this unexpected result. As a consequence, low STY (68 g-(Lh)~!) and low
Ypy Rgiucose (1.19 mol - mol~1) were observed, which do not represent a
process improvement in comparison to the repetitive fed-batch process.

However, it can be stated that the fully integrated separation of pyru-
vic acid via electrodialysis was successfully realized. Indications are given
in Figure 5.13 (mid-diagram) by showing the courses of pyruvate concen-
tration in the feed (representing the pyruvate level in the permeate stream
originating from the bioreactor) and in the acid compartment of the electro-
dialysis unit. When both courses are compared, a 2.5-fold higher pyruvate
concentration is observed. However, the current efficiency (56 %) and the
pyruvate recovery (72 %) were not as high as measured by previous exper-
iments (see Table 5.5). This was presumably a consequence of membrane
fouling caused by the precipitation of medium components like hardness
material, which was more intensive during the 14 h of the ISPR approach
than during the 2.5 h of the preliminary batch experiments. Finally, pyru-
vate was concentrated in ED up to 550 mM with purity higher than 95
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FIGURE 5.13. Overview of the results obtained during the ISPR process using
electrodialysis for pyruvate removal. Pyruvate (PYR) courses in the fementation
supernatant together with the calculated concentrations (top diagram), PYR
curves measured in the cell- and protein-free permeate and in the acid acceptor
solution (middle) and the resulting space-time yield (STY) qualifying the celluar
productivity (diagram at the bottom) are given.
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%. Only 7% of glucose was also co-separated, which is comparable to the
results of the preliminary experiments. If the total amount of pyruvate
produced is related to the real working volume of the bioreactor, a final
concentration of about 900 mM (79 g - L~!) would have been achieved.
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5.5 Pyruvate Process Development: Conclusions
and Outlook

Based on the pyruvate producing strain F. coli YYC202 IdhA:: Kan, which
was constructed by our cooperating partners (M. Bott and T. Gerharz),
an acetate and glucose controlled fed-batch process was developed achiev-
ing pyruvate titers cpy g, finas higher than 700 mmol - L=! (62 g - L™1),
Ypy R,glucose Of 111 mol % and STY of 42 g - (Ld)~!, provided that the
appropriate acetate feeding is applied. Because indications were found that
high pyruvate titers have an inhibiting effect on pyruvate production, sev-
eral process alternatives such as continuous production with cell retention,
repetitive fed-batch and on-line pyruvate removal conducting electrodial-
ysis in an ISPR approach have been studied. While the continuous pro-
cess revealed significant cell stability problems, the repetitive fed-batch
approach uncovered to be best suited for pyruvate production. In four sub-
sequent production cycles titers up to 650 mM were repeatedly reached,
concomitantly showing PYR/glucose yields Ypy r,giv cose Of up to 178 mol
% (0.87 g-g~1) and maximum STY of 145 g-(Ld)~!. Especially the STY is
more than 5-fold higher than the competing Torulopsis glabrata-process, at
the same time offering improved PYR/glucose yields and similar pyruvate
titers.

Although the ISPR process showed to be inferior to the repetitive fed-
batch approach, the application of electrodialysis for pyruvate removal
should not be neglected. Considering the pyruvate levels in the cell- and
protein-free permeate together with those of the acid solution, a 2.5-fold
concentration was observed which qualifies this approach for further (off-
line) studies to remove the product from the fermentation supernatant.

The E. coli based pyruvate production process has been evaluated eco-
nomically by several industrial partners, which cannot be named here. How-
ever, typical production costs of about 1 to 3 €-kg~! were estimated thus
making the process interesting for industrial applications.

Currently, additional studies were performed focusing on the immobiliza-
tion of the pyruvate-producing E. coli cells on carriers such as Lentikats”™ .
Furthermore, modeling studies were carried out of which the results were
already submitted for publication by Zeli¢ et al. [ZVRWTO03]. For the sake
of brevity, no details are given here. However it can be stated that of the ten
unstructured models considered for modeling substrate consumption, cell
growth and pyruvate formation, one appropriate model was identified. The
model not only succeeded to fit well to one set of experimental data (used
for parameter identification), it was also applied to simulate product for-
mation and cell growth of two additional fed-batch experiments. As a basic
property, a maximum tolerated pyruvate titer (for product formation) of
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63.6 g - L~! was considered as well as a pyruvate inhibition of growth with
Kp =393 +£1.32 g- L. Hence, these findings support the precedingly
formulated hypothesis that high pyruvate titers inhibit product formation.



Summary

Regarding the biochemical engineering definitions given by Bailey [Bai99a],
Leib et al. [LPVO01], von Stockar [SVM103] and Stephanopoulos [Ste03],
this "Habilitationsschrift’” may be characterized as a typical biochemical
engineering report. Methods and apparatus are presented that aim at pro-
viding a quantitative understanding of cellular metabolism considering in-
tracellular pools and fluxes. Furthermore results of ’classical’ bioprocess
developments are given focussing on the production of L-phenylalanine
and pyruvate with recombinant strains. The following list comprises the
essentials of these works:

e Analysis of In Vivo Metabolic Dynamics: Using the previously
developed and optimized rapid sampling device together with opti-
mized analytical protocols, stimulus-response experiments (e.g. with
glucose) were conducted ([SBTWB99], [BHWT02]) based on differ-
ent E. coli strains, among those also recombinant L-phenylalanine
producers [OKDTO03]. Intracellular metabolite dynamics in central
metabolism as well as in the aromatic amino pathway were measured
with the aid of novel LC-MS/MS approaches ([BTWO01], [OT03]).
Preliminary experiments revealed a close relation between glucose
pulse intensity and the length of maximum reaction sequence in the
anabolic pathway to allow the resulting signal detection (signal di-
lution, [SHBTO02]). The novel analysis of corresponding dynamics in
the anabolic pathway requested the access to non-commercial stan-
dards, which was successfully achieved. Based on the experimental
results AroB, Arol. and AroA were identified as metabolic engineer-
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ing targets to enhance L-phenylalanine production. In parallel, the
software Metabolic Modeling Tool (MMT [HBA*02]) for the analysis
of stimulus-response data sets was developed, a statistical approach
for complex metabolic model reduction was presented [DFDT03] and
the problem of model discrimination was critically addressed [WT03].

Sensor Reactor: The 1-L Sensor reactor was developed to mon-
itor temporary changing intracellular carbon flux distributions in
industry-like production processes by serial 13C based metabolic flux
analysis ([MSD*03], [MFdGTO01]). Using the Sensor reactor, the L-
lysine producing strain C. glutamicum MH20-22B was studied during
the growth phase [DMM03] as well as during the L-leucine limited
production phase [DMW 03] with non-growing cells. As a result five
flux maps were obtained indicating the correlation between decreas-
ing decarboxylating (PEP carboxykinase) fluxes and increasing lysine
production rates. Hence the need to fortify PEP carboxylase and/or
pyruvate carboxylase activity was unravelled. Further '3C labeling
studies [WMS™03] analyzing the L-phenylalanine producing E. coli
4pF81 during the L-tyrosine limited production phase revealed the
need to overexpress pps (coding for PEP synthase). Three subse-
quent flux maps were calculated giving rise to the working hypothesis
that intracellular pool accumulations of oxaloacetate (OAA) and 2-
oxoglutarate (AKG) are presumably the reasons for the deteriorating
L-Phe formation rates.

L-Phenylalanine Bioprocess Development: Preliminary statis-
tical studies using principal component analysis revealed the impor-
tance of tyrosine and acetate as fermentation key variables [TGPWO01]
in tyrosine auxotrophic L-phenylalanine producing FE. coli strains.
With the aid of an appropriate tyrosine and glucose control repro-
ducible fermentation results were obtained (up to 300-L scale) even
allowing the use of the tyrosine sensitive wildtype-gene aroF ! which
turned out to be superior to the (tyrosine) feedback resistant aroF 7"
([GRSTO1], [GBGNT'02]). Motivated by experimental observations
indicating an L-Phe inhibition of AroF, a reactive extraction ap-
proach was developed using hollow fibers to separate the organic
phase kerosene with the cation selective carrier DoEHPA from the
aqueous donor phase and the aqueous H2SO,4 containing acceptor
(stripping) phase ([MTP*00], [MGK™02]). Motivated by the promis-
ing L-Phe/glucose yield improvement found in pilot-scale ISPR ex-
periments (300-L bioreactor, [GMK™02]), the question was studied
why only 26 % L-Phe was separated on-line. With the aid of modeling,
mass transfer resistances in the aqueous phases were identified that
suggested turbulent hydrodynamic conditions for reactive extraction
optimization [Tak03]. As a consequence centrifugal extractors were
considered in a novel approach ([RWT02], [RHK*03]). The overall
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L-Phe/glucose yield of the reference fermentation with E. coli 4pF81
of 14.5 mol % was thus increased to 18.6 % in the ISPR approach
and L-Phe was concentrated to 60 g - L~! in the aqueous acceptor
phase which significantly reduced the amount of liquid to be handled
for further product purification (to 99%) via precipitation. About
3-times higher I-Phe permeability was observed (about 1.2 to 1.5
g-(Lh)~1) compared to the membrane based ISPR process which co-
incided with a more robust handling of the ISPR unit. The process is
considered for economical evaluation at the industrial partner DSM.

e Pyruvate Bioprocess Development: Using the pyruvate producer
E. coli YYC202 [dhA::Kan an acetate and glucose controlled fed-
batch process was developed achieving pyruvate titers cpy g, finai
higher than 700 mmol - L=1 (62 g - L™Y), Ypy R giucose of 111 mol
% and STY of 42 g - (Ld)™!, provided that the appropriate acetate
feeding was applied ([ZGB*03], [GBZT01], [BGZT02]). Because indi-
cations were found that high pyruvate titers possess inhibitory effects
on pyruvate production, several process alternatives (continuous pro-
duction with cell retention, repetitive fed-batch and on-line pyruvate
removal conducting electrodialysis in an ISPR approach) were stud-
ied [ZGV103]. The repetitive fed-batch approach revealed to be best
suited for pyruvate production achieving titers up to 650 mM in four
subsequent production cycles with PYR/glucose yields Ypy r giu cos e
of up to 178 mol % (0.87 g-g~—!) and maximum STY of 145 g-(Ld)~*.
The STY is more than 5-fold higher than the competing Torulopsis
glabrata-process, at the same time offering improved PYR/glucose
yields and similar pyruvate titers. Electrodialysis could be applied in
an ISPR approach thus recommending this technique for pyruvate
removal.

Figure 6.1 depicts an overview of the major topics which are addressed
in this ’Habilitationsschrift’. As shown the Sensor reactor as well as the
metabolic profiling approach were applied to study the L-phenylalanine
production in E. coli strains. While the Sensor reactor based metabolic
flux analysis revealed an insufficient precursor supply (PEP), the metabolic
profiling analysis focussed on the aromatic pathway intermediates recon-
firming AroB, AroL and AroA as promising metabolic engineering targets
each exerting considerable flux control. Hence both approaches showed their
applicability for metabolic engineering purposes and are currently applied
for additional biochemical engineering studies, apart from L-phenylalanine
and pyruvate production, which have been presented in this thesis. The
application of these tools is intended to build up a bridge between the clas-
sical biochemical engineering and the biological sciences to allow an efficient
bioprocess development based on metabolic engineering.
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FIGURE 6.1. Biochemical engineering items treated in this 'Habilitationsschrift’
(only a selection is given). Examples for method development are the software
Metabolic Modeling Tool (MMT), the model reduction approach using prin-
cipal component analysis (PCA) and the LC-MS/MS based quantification of
intracellular metabolites of the central metabolism as well as of the aromatic
amino acid pathway. The reactive extraction approach, based on hollow fibers
or centrifugal extractors is given as an example of apparatus development. A
combination of method and apparatus development was followed studying the
Sensor reactor technology. Process development examples are given for pyru-
vate and L-phenylalanine. Both were tested (and modelled) as ISPR processes.
The latter was studied in pilot-scale using reactive extraction, as indicated. As
a combination of method and process development, process control approaches
for the auxotrophic substrates tyrosine and acetate were studied as well. The
metabolic profiling methodology and the Sensor reactor were applied to analyze
the L-phenylalanine production with respect to the intracellular pools and the
corresponding fluxes under industry-like process conditions. This is why both
applications are finally considered in the center of the figure.
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Appendix A
Material and Methods

A.1 Strains and Feedstocks

A.1.1 E. coli Strains of the 'L-Phe Project’

As indicated in the table, most of the recombinant strains were derived
from E. coli K12 LJ110 [ZLLJ0O]. The plasmids were based on the expres-
sion vector pJF119EH [FPF*86] which contains an ampicillin resistance
gene amp’ and an IPTG (isopropyl beta-D-thiogalactoside) inducible tac-
promotor. All strains were thankfully constructed and supplied by members
of cooperating groups as indicated in the table.

The following phenomenological strain characterization can be given:

e E. coli DAHP, E. coli DHS. E. coli S3P: As indicated in Table
A1, the strains are knock-out mutants because the enzymes AroB,
AroE or AroA were inactivated, making the strains auxotrophic for L-
tyrosine, L-phenylalanine and L-tryptophane. Additionally 4-amino-
benzoic acid, 2,3-dihydroxybenzoic acid and 4-hydroxybenzoic acid
were supplemented to the medium to ensure that growth was not
limited by other aromatic compounds except for the aromatic amino
acids. To enable high carbon fluxes for DAH(P), DHS and S3P syn-
thesis, some upstream enzyme activities were fortified by plasmid-
encoded gene expression as indicated.

e E. coli 4pF20: The L-Phe producing strain is tyrosine auxotrophic,
thus enabling a selective glucose conversion into L-Phe with non-
growing cells. To avoid feedback inhibition by L-Phe or tyrosine, the
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feedback resistant chorismate mutase/prephenate dehydratase (en-
coded by pheA7) and the tyrosine-feedback resistant DAHP isoen-
zyme, encoded by aroF/*" [JBS01], were used.

E. coli 4pF26 (aroF-fbr): The L-Phe producing strain is similar
to E. coli 4pF20. However, aroL coding for shikimate kinase II was
inserted on the plasmid pF26 to compensate transcriptional repres-
sion of aroL by tyrR - regulon which is activated by ’high’ tyrosine
levels.

E. coli 4pF69 (aroF-wt): This L-Phe producer contained the wild-
type, tyrosine sensitive aroF' gene (plasmid-encoded) which necessi-
tated the on-line tyrosine control during L-Phe production as indi-
cated in the text. Apart from pheAf", aroL was overexpressed on
pF69 to ensure sufficient shikimate kinase II activity.

E. coli 4pF78: The L-Phe producing strain is similar to E. coli
4pF20, except for the additional use of plasmid-encoded aroB (coding
for 3-DHQ synthase) to ensure a sufficient carbon flux into the AAA
pathway after DAHP synthesis.

E. coli 4pF79: The L-Phe producer is similar to E. coli 4pF 78 except
for the wild-type aroF which replaced aroF’" contained on plasmid
pF78.

E. coli 4pF81: The strain is tyrosine auxotrophic to prevent un-
wanted carbon flux into tyrosine biosynthesis during L-Phe produc-
tion. Limited tyrosine supply thus limits cell growth allowing a highly
selective L-Phe production with non-growing cells. To avoid a feed-
back inhibition of PheA by L-Phe accumulation, the feedback resis-
tant PheA " was used. It is noteworthy that this strains contains
the native AroF making its activity sensitive to tyrosine accumula-
tion, which consequently must be prevented by appropriate process
control.

E. coli 20pMK12: The L-Phe producing strain represents the only
strain of this list with an inactivated PTS for glucose uptake. As
indicated, the PTS-coding genes ptsH, ptsl and crr were deleted and
replaced by kanamycin resistant gene kan. Instead, glf (coding for
the glucose facilitator from Zymomonas mobilis) was inserted on the
plasmid pMK12 together with the feedback resistant genes aroF/"
and pheA”. Additionally, these feedback resistant genes ( aroFfT
and pheA™") were inserted in the chromosome under the control of
the P4 promoter.

E. coli DSM: Because of intellectual property reasons, the genotype
of this strain, which was provided by the cooperating partner DSM,
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cannot be presented in detail. Only the following explanations can be
given: A feedback resistant gene aroF/" together with pheA/" was
inserted and tyrosine auxotrophy was caused by the inactivation of
tyrA.
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TABLE A.1. Genotype of E. coli strains used according to F- nomenclature

ForpAyop ajeuaydord [ ssenur ayeuistion 1y
wiuardg v o adg Yayd Jo yeinun juegsisal youqpoaj ayg- aqgVayd
[Do®asy] aomgayy 1y 7y sswmuapinap ayeuardoad /[ asemm ajmusiions vayd
[tosgr] spssor -y so[ Sk OUl SRUOWOWAY oL 10y Iose] asoon|d b
KBIATI ) d[RA ‘19UD0) HI0I§ MIPDUINY oI 5 DSOH 1 eswuny ajeunyiys qoun
WS @upaed prnsnpur LNSa ase s JH V([ MRS orgpoay amsoas) g dOUD
Tauda ) ol ASUIUAS JHV (] 2AIIEUaS omsol4) o
syeeduog ¢ uog] aseijuAs ayemnbolpiyoap-¢ o
SHOTIRIADIG Y 0] Supoo auai
LN ‘pu pu (dJoan yufiy yoyd) ¢ pru WS
uvy::(aas fspd grsid) 7
Saq 1dg agf Vol fif oy g0 annd ( g f VU g p 040) PP zi( o yahiy yayd) g 0z ziindoz
da(] ‘adg qauo goav , cyayd gouv (EXC) (doiv yufy yoyd) 7 ¥ 1844y
fo( ‘adg o .»E‘_u..:‘a HJoan 6Lrad (dqoin yafiy yayd) g i | GLAdp
adg *Saqq ‘sop mE:,:_....f.uz..._____......ha.E gLad (goin yafiy yoyd) Tl gLady
1dg ‘uog qoun , yayd Join 6944 (dqodn yaliy yoyd) P m-oae fgogdy
1dg ‘uog OV o VD yd g 040 gzAd (dqouv yufiy yayd) ¢ P aq-qoae gz qdp
axdg ‘o] ‘nog ‘sop qgVUd gy fom 0zdd (dJoun yafiy yayd) ¢ v nzAdy
B ‘Bag ‘weg ‘DSD TOLD GAID o 04D pead regvoan (Sy)etaup _x GEsedv des
Baq ‘uog ‘DSH g0 ofosv ghdd  gogagow (X )Eeermw gg-xs) (SV)arAWE X vesedv SHa
SOf ‘RIy g of 040 crad TSEHOI® OTI17] LE | dHVd
AMISLIDIIVMMIP WATOUAS JUSUDIRIBID  ULAUOUAS WATOUAS
Aq pojonigsuoy  HEGITALrd JO SoAljeALIDp pruise|q 100 g 3S0H 309




A.1 Strains and Feedstocks 335

A.1.2  Pyruvate Producing E. coli Strains

The pyruvic acid producing strains were FEscherichia coli YYC202 and Fs-
cherichia coli YYC202 ldhA::Kan constructed at the Institute of Biotech-
nology 1 (Forschungszentrum Jiilich GmbH, Germany) by M. Bott and
T. Gerharz ([GBZTO01], [BGZT02]). Both strains are completely blocked
in their ability to convert pyruvate into acetyl-CoA, phosphoenolpyruvate
(PEP) or acetate, which was realized by the complete chromosomal dele-
tion of genes coding for pyruvate dehydrogenase (ace EF'), pyruvate formate
lyase (pfiB), pyruvate oxidase (pozB) and PEP synthetase (pps). Thus, the
strains were acetate auxotrophic. In the strain Escherichia coli YYC202
ldhA::Kan, the lactate dehydrogenase (ldhA), responsible for the conver-
sion of pyruvate into lactate, is additionally inactivated. The ldhA muta-
tion was performed by Plvir transduction [SBE84] using FE. coli NZN117
[BMJLC97] as a donor. Culture samples were stored in cryogenic vials at
—80 °C in Luria-Bertani (LB) medium containing 50 % glycerol.

Precultures was performed by inoculating 750 pL of cryoculture 1-L
flasks containing 200 mL medium. Flasks were incubated in the rotation
shaker (3033, GFL GmbH, Germany) at 37 °C' and 160 rpm for 15 hours.

A.1.8 C. glutamicum

The L-leucine auxotrophic strain Corynebacterium glutamicum MH-20-
22B, derived from C. glutamicum ATCC 13032 (wild-type) by undirected
mutagenesis [SES92] with feedback-resistant aspartate kinase and altered
L-lysine export carrier was maintained at —80 °C as a 1.8 mL glycerol
stock solution (30 %wv/v).
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A.2 Medium and Cultivation Conditions

A.2.1 E. coli Strains of the 'L-Phe Project’

Cryocultures were stored in Luria-Bertani (LB) medium containing 50%
glycerol at —80°C. Of precultivation medium SK (see Table A.2) 250 mL
was usually filled into 1000-mL shake flasks, 1 mL from feedstocks was
inoculated and cultivated for 16 h at 37°C' on a shaking flask incubator (145
rpm). E. coli fermentations were usually performed at pH 6.5 (titrated by
addition of 10 % NH,OH) and 37°C' under aerobic conditions (for instance
30% dissolved oxygen concentration at 0.5 bar overpressure and aeration
of 1 vvm) unless otherwise indicated in the text. Usually, the antifoaming

agent S289 (Sigma) was used.

TABLE A.2. Medium compositions used for F. coli fermentations

Component  Unit SK® BR? FBR®¢ Feed® GPM/ DSMY
glucose HoO 4 5.0 5.0 15.0 600 15 15
NaCl 4 0.1 0.1 0.1 1.0 1.0
MgS04.7TH,0 4 0.3 0.3 0.3 3.0 3.0
(NHy4)2S04 £ 5.0 5.0 5.0 5.0 5.0
ampicillin g 0.1 0.1 0.1 0.1 0.1
L-tyrosine 4 0.08  0.08 0.08  25/2.5° 0.3
KoHPO, . 120 12.0 120
KHsPOy 4 3.0 3.0 3.0 3.0 3.0
thiamine HC1 %Q 7.5 7.5 7.5 7.5 7.5
FeS0,4.7H20 40075 0.075 0.1125 0.1125  0.1125
CagCl 2H50 40.015 0.015 0.015 0.015  0.015
spore el. sol. % 1.5 1.5 1.5 1.5 1.5
Na citrate % 1.0 1.0 1.5 1.5
L-TYR 4 0.7
L-Phe 4 0.7
L-TRP 4 0.35
aba. % 0.01
dhba. 4 0.01
hdba. 4 0.01

%shaking flask medium for precultures; *medium of 30-L bioreactor (precul-
ture for 300-L bioreactor); Cstart medium for the 300-L fed-batch; “feed
medium for 300-L fed-batch; €25 g - L™ 'tyrosine were dissolved in 5 % NHj
for the 300-L bioreactor feed, 2.5 g - L~ were used for the Sensor reactor;
fmedium used for glucose pulse experiments with knock-out mutants; 9IDSM

medium; aba - 4-aminobenzoic acic; dhba - 2,3 dihydroxybenzoic acid; hdba -

4-hydroxybenzoic acid;
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TABLE A.3. Spore element solution used for E. coli fermentations

Component Unit Content

Al(SOy4)3 18 H20 % 2.0
CoSO4 TH20 4 0.75
CuS04.5H50 % 2.5
H3BOg3 '% 0.5
MnSOy4 % 24.0
NaaMO4.2H20 % 3.0
NiSO4 6H20 % 2.5
ZnS0O4.7TH50 % 15

A.2.2 C. glutamicum MH20-22B

The organisms were cultured in 100 mL complex medium (1 L shaking
flask, 12 h, 150 rpm, 30°C'). The cultures were then cultivated in 9 1-L
shaking flasks containing 200 mZL synthetic medium and 10 mL of the
complex medium culture (12 h, 150 rpm, 30 °C). A 30-L stirred bioreactor
(filled with 15.1 L synthetic medium) was inoculated with the contents of
9 shaking flasks and cultured for 15 h. The fermentation broth was trans-
ferred to a 300-L stirred bioreactor (filled with 160 L synthetic medium)
and cultivated in batch mode. Please notice the presence of the auxotrophic
substance L-leucine in the feed medium which is thus co-fed considering the
glucose feeding profile of Figure 3.18. The medium is given in Table A .4.

A.2.3 Pyruvate Producing E. coli

The fermentation medium contained per liter: 1.50 g NaH;PO4-H20, 3.25 g
KH2P04, 2.50 g KQHPO4, 0.20 g NH4CI, 2.00 g (NH4)QSO4, 0.50 g MgSO4,
1 mL trace element solution, 11 g glucose monohydrate and 0.79 g potas-
sium acetate.

The trace element solution contained per liter: 10.00 g CaCly-2H50,
0.50 g ZnSO4-7H20, 0.25 g CuCl2-2H,0, 2.50 ¢ MnSO,4 - H20, 1.75 g
COCIQ'GHQO, 0.12 g H3BO3, 2.50 g A1C13 . 6H20, 0.50 g Na2M004'2H20,
10.00 g FeSOy.

The shake flask growth medium contained per liter: 3.00 g NagHPOy,
1.50 g KHyPOy, 0.25 g NaCl, 0.50 g NH4Cl, 0.05 g MgSQOy, 0.01 g CaCls,,
2.00 g glucose monohydrate, 0.10 g potassium acetate. The fed-batch fer-
mentation feed medium consisted of 700 g - L™! glucose monohydrate and
109 g - L~! potassium acetate.

Continuous fermentation feed medium was the same as fermentation
medium with the following changes (per liter): no glucose monohydrate,
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0, 10 and 20 g potassium acetate and 0.5 mL antifoam S 289 (for details
see text). Pyruvate model solution used in the electrodialysis experiment
was 48 g - L~! sodium pyruvate in water.

TABLE A.4. Medium compositions used for C. glutamicum fermentations

Component Unit CM* SKP° BR° FBR/ Feed”"

yeast extract % 10 - - - -
peptone 4 10 - - - -
glucose HoO 4 20 110 110/100¢  40/109 600
NaCl -% 2.5 - - - -
MgS0O4.7H20 4 0.25  0.285 0.285 0.285 0.285
(NH4)2S04 4 - 46 60 30 -
urea % - 5 6 6 -
L-leucine % - 0.315 1.3 0.8 0.5
KyHPOy 4 - 0.5 0.5 0.5 0.2
KHoPOy 4 - 0.5 0.5 0.5 0.2
CaCOs3 4 - 5 - - -
biotine = - 0.85 0.85 0.85 0.85
FeSO4.7H20 = - 2.85 2.85 2.85 2.85
MnSO4.H20 -+ - 1.165 1.165 1.165 1.165
CuS04.5H,0 - - 0.0763  0.0763 0.0763 0.0763
ZnS04.7H20 = - 0.63 0.63 0.63 0.63
CoCl = - 0.013 0.013 0.013 0.013
NiCL6H20 £a - 4.25 4.25 4.25 4.25
NasMO4.2H,0 £ - 6.5 6.5 6.5 6.5
KAISO4.12H,0 = - 0.019 0.019 0.019 0.019
NagSeO3.5Ho0 B - 1.93 1.93 1.93 1.93
H3BO3 £ - 5.0 5.0 5.0 5.0
SrCly.6H2O £ - 5.0 5.0 5.0 5.0
BaCly.2H50 e - 5.0 5.0 5.0 5.0
CayCl 4 - - 0.05 0.05 0.05
EDTA® 4 - - 0.1 0.1 0.1
citric acid 4 - - 0.1 0.1 0.1
b

“complex medium ; ’synthetic shaking flaks medium used for preculters;
“synthetic medium for the batch reactor with glucose as sole carbon source;
4110 g - L' were used for the 30-L bioreactor and 100 g - L™" for the 300-L
bioreactor; ®ethylenedinitrilotetraacetic acid; synthetic (start) medium used
for fed-batch fermentations; 940 ¢g-L~! for the 30-L biorcactor and 10 g-L~!
for the 300-L bioreactor;hfeed medium for fed-batch process
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A.3 Analytical Methods

A.8.1 Sampling During Sensor reactor Fed-batch Experiments
with C. glutamicum

During the labeling period, 4 mL samples were taken at 20 minute intervals
from both reactors in order to quantify process similarities. At the end
of the labeling period, approximately 5 g cell-dry weight (200 mL cell
suspension) were pumped out of the Sensor reactor into a 1000 mL flask
pre-filled with 800 mL of 60 % (v/v) methanol (-58°C'). As a result, cell
metabolism was inactivated by methanol quenching. After this, aliquots of
50 mL were prepared, and washed with 45 % (v/v) methanol at —20°C'. In
each case, two aliquots were filled into 30 mL of 35 % (v/v) perchloric acid
solution and the suspension was treated by ultrasound in an ice batch for
10 minutes (Bransonis 2200, Branson Ultrasonics, Danbury, USA). Using
centrifugation for 30 min at 41,000 g (0 °C), the cell debris was separated
and the supernatant subsequently neutralized with 5M KoCOs. Afterwards,
the resulting precipitate of potassium chlorate was separated by 10 min
centrifugation at 4,500 g (4°C'). The supernatant was freeze-dried.

A.8.2 Standard Analysis of C. glutamicum Fermentations

Biomass dry weight was determined gravimetrically and showed a good
linear relationship with photometric turbidity measurements at 600 nm
(CDWg-L7'1 =0.25 [g- L™']-ODgoo). Glucose was measured by using an
enzymatic analysis kit (Boehringer, Mannheim, Germany) with hexokinase
(EC 2.7.1.1.) and glucose-6-phosphate-dehydrogenase (EC 1.1.1.49). Amino
acids were analyzed by HPLC after derivatization with ortho-phthaldi-
aldehyde (OPA), separation on a reverse phase column and detection of
the fluorescence of the OPA derivative [OF92]. Organic acids were mea-
sured by using an Aminex HPX-87H column (Biorad, Munich, Germany)
eluted at 40 °C with 0.2 N NaH>SO,4. The UV absorption was detected at
254 nm.

A.8.8 Standard Analysis of E. coli Fermentations

The same standard analysis protocols for glucose, amino acids and organic
acids were used for FE. coli samples as for C. glutamicum samples, already
described in the foregoing subsection. Turbidity measurements were per-
formed at 620 nm allowing the identification of a linear optical density /cell-
dry weight correlation according to CDW/[g-L~1] = 0.25 [g . L_l} -ODgag-
Cell dry weight (CDW) was measured by filtration of 2.5 to 10.0 mL
fermentation broth through a preweighted microfilter (0.2 pum cut off,
Schleicher&Schuell; Germany). After drying the filter for 24 h at 80°C
and postweighting, the cell dry mass was calculated. Immediately after
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sampling, %ucose was measured by an enzyme-based biosensor appliance
Accutrend? (Hoffmann LaRoche Diagnostics; Switzerland) after appro-
priate dilution.

A.8.4 AAA Pathway Intermediates in the Fermentation
Supernatant

2 mL of cell suspension was centrifuged at 13,000 g for 10 min and the su-
pernatant was stored at —25°C' prior to use. For "H-NMR 400 pL of culture
supernatant was concentrated to dryness in a vacuum centrifuge and was
redissolved in deuterium oxide (D20O) containing 4 mM of the sodium salt
of 3-(trimethylsilyl)propionic-2,2,3,3-d4 acid, TSP (Lancaster). The con-
centration of DAHP and its dephosphorylated derivative DAH in the NMR
sample was calculated by a comparison of metabolite integrals with the
integral of the TSP standard signal (6 = 0 ppm). All 'H-NMR, spectra
were recorded on a Bruker AMX300 FT-NMR spectrometer (300 M Hz).
DHS and shikimate (Sigma) were measured using HPLC with an Aminex
HPX-87X column (Biorad) at 40 °C' with 0.5 mL - min~* 0.1 N H;SO4
and detection at 215 nm [MC85]. DHS was purified of the culture super-
natant of E. coli DHS as described previously [DF93]. S3P was measured
indirectly by converting it into shikimate with the aid of the enzyme al-
kaline phosphatase (Roche Diagnostics) and then correct it for the in vivo
produced shikimate.

A.8.5 YH-NMR of C. glutamicum Fermentation Supernatants

Concentrations of glucose, lysine, leucine and by-products (such as tre-
halose, lactate, isopropylmalate) in culture supernatants were determined
by using standard 1D 'H-NMR. For each measurement, 0.35 mL of cul-
ture supernatant was mixed with 0.35 mL D5O containing 2 mM sodium
trimethylsilyl-(2,2,3,3-2H4) propionate (TSP; Aldrich) as the concentration
standard. The spectral parameters used were as follows: 90° pulses, 8 kHz
spectral width, 16 K data points, 15 s repetition time, 7 s presaturation
time of the water signal and 8 accumulations. The samples obtained from
the Sensor reactor were measured with broadband !3*C-decoupling using
the GARP-1 composite pulse decoupling scheme.

A.3.6 Measurement of L-Phe Enrichments in the Supernatant

13C NMR spectra (with proton decoupling) were recorded at 90.56 M Hz in
5 mm tubes on a Bruker AMX 360. Prior to measurements, samples were
lyophilized and redissolved in DO at twice the original concentration. A
small amount of EDTA was added (5 mg - mL™!) to chelate the metal
ions. To eliminate Noe (Nuclear Overhauser enhancement) and to ensure
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quantitative results, the decoupler was switched off during the 45 s recycling
delay (5 times the longest T1). Acquisition parameters: spectral width 240
ppm; pulse width 6 ps (90° flip angle); data size 80K; acquisition time 1.88
s; number of scans 4800. A line broadening of 1 Hz was applied and 128K
data were used for the processed spectra. The enrichments were calculated
from the integrals of the individual carbon atoms, where positions 2, 4 and
6+8 gave identical integral values and were assumed to not be enriched.
For nomenclature details of the carbon position numbering see A.7.10.

A.3.7 Preparation of Proteinogenic Amino Acids

Proteinogenic amino acids were analyzed at the end of the labeling ex-
periments using the Sensor reactor. The (almost) complete Sensor reactor
content of several 100 mL was pumped in an ice-cold 1-L flask within 70 sec-
onds and a culture equivalent of 4 g dry weight of cells was immediately cen-
trifuged (4,500 x g, 10 min, 4 °C), washed in ice-cold demineralized water
and stored at —70 °C'. After lyophilization, 250 mg of freeze-dried cells was
resuspended in 12 mL of 6.0 N HCI, hydrolyzed at 105 °C' in a sealed flask
for 12 hours and 12 mL of demineralized water was added. The hydrolysate
was filtrated to remove insoluble impurities, lyophilized and resuspended in
2 mL deuterium oxide (D2O; Deutero, Kastellaun, Germany) containing
10 % trichloroacetic acid and 2 mM sodium trimethylsilyl-(2,2,3,3-2H4)
propionate (TSP; Aldrich) as a chemical shift and concentration standard.

A.8.8 Isotopomer Analysis in the Proteinogenic Amino Acids
of C. glutamicum

For the determination of isotopomer distributions in various amino acids,
0.7 mL of prepared hydrolysate was filled into a 5 mm NMR sample
tube and analyzed by using two-dimensional [1H 13 C’] HSQC NMR spec-
troscopy [Szy95]. All NMR measurements were carried out on a Bruker
AMX400-WB spectrometer system (Bruker, Karlsruhe, Germany) equipped
with a 5 mm inverse probe head for 'H at 400.13 M Hz using the 2D-
NMR parameters described previously [PAGET00]. NMR data processing
was performed using the Bruker XWINNMR software. Multiplets were ex-
tracted as 1D traces from the 2D spectrum by summing those traces along
the '3C-axis that contained the multiplet signals at a good signal-to-noise
ratio. After a baseline correction, interactive integration was performed to
obtain the relative intensities of singlet, doublet, triplet and quartet mul-
tiplet components needed for flux calculation.
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A.8.9 Fine Structure of NMR Signals Used for C.
glutamicum Growth Analysis

Total multiplet intensities for each specified carbon atom position are nor-
malized as 100%. Abbreviations used: s, singlet peak (no neighboring la-
beled carbons); d_; and dy;, doublet peaks split by scalar coupling with
different coupling constants to preceding or next carbon in a sequence,
respectively; dd, doublet of doublet signals resulting from simultaneous
identical scalar couplings to two neighboring labeled carbons; ddd, dou-
blets of doublets of doublets signal resulting from simultaneous coupling
to three neighboring carbons with all identical scalar coupling constants.
Symbols in brackets are taken from [Szy95]. *Sum of d_jand dy;: peaks
overlap because of equal or nearly equal coupling constants. ?Coupling to
carbon atom 3. “Two carbon atoms of tyrosine give rise to only one 3C
fine structure.
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TABLE A.5. 13C labeling data of biomass compounds isolated from phase (1).
Abbreviations used: Amino acid of the biomass (AA), Histidine (His), Glycine
(Gly), Phenylalanine (Phe), Tyrosine (Tyr), Alanine (Ala), Glutamate (Glu),
Asparatate (Asp), Threonine (Thr), Isoleucine (Iso), Valine (Val), Lysine (Lys)

AA C-pos. Fine structure of 13C multiplet signal [%]
S d_q dy1 dd ddd
His 2 27.1£1.0 6.6+£2.0 6.3£3.0  59.9£3.0
3 31.741.0 31.54+2.0 5.3£3.0 31.4£2.0
5 41.841.0 58.243.0
Gly 2 39.941.0 60.1%+1.0
Phe 2 31.3£+1.0 3.0£3.0 10.4+2.0 55.4£1.0
3 28.842.0 61.744.0¢ 9.6£3.0
Tyr +9(6%)¢  29.3+2.5 60.542.0¢ 10.2+4.0
+8(€*)¢  42.9%£1.0 24.31+1.5¢ 32.843.0
Ala 2 30.9£1.0 3.4+2.5 8.4+2.0 57.3£1.0
3 35.54+1.0 64.5+1.0
Glu 2 42.942.5 27.14+2.0 22.0+£3.0 7.91+4.0
3 66.5£1.0 30.542.0¢ 3.1£2.0
4 32.3+1.0 2.5+1.5 61.2£1.0 4.0£25
Asp 2 43.2+1.0 27.14£2.0 6.3+1.0 23.442.0
3 43.841.0 23.0+1.0 26.8+1.0 6.4%+1.5
Thr 2 45.242.0 26.8+1.0 7.14£2.0 21.0%1.5
3 43.0£+1.0 48.441.0¢ 8.5£2.6
4 63.1£+1.0 36.941.0
Iso 3 35.8+1.0 51.043.0¢ 9.24+5.0 4.0£4.0
4 58.7 £1.0 31.4+2.0¢ 9.9£6.0
5 72.0£1.0 28.042.5
6 45.3+1.0  54.743.0
Val 3 36.142.0 52.443.0¢ 7.54£3.0 4.0+4.0
4(yY)  45.1£1.0 54930
5(v3)  90.941.0  9.14£2.0°
Lys 3 43.0£2.0 52.0£3.0¢ 5.0£3.0
4 56.441.0 31.244.0¢ 12.44+5.0
5 36.042.0 56.84+3.0¢ 7.243.0
6 46.31+1.0 53.7£3.0
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TABLE A.6. 13C labeling data of biomass compounds isolated from phase (2).
Abbreviations used: Amino acid of the biomass (AA), Histidine (His), Glycine

(Gly), Phenylalanine (Phe), Tyrosine (Tyr), Alanine (Ala), Glutamate (Glu),
Asparatate (Asp), Threonine (Thr), Isoleucine (Iso), Valine (Val), Lysine (Lys)

AA C-pos. Fine structure of 13C multiplet signal [%]
s d_y dyp dd ddd
His 2 27.141.0  4.9420 22430  59.9£3.0
3 294410 334420 6.443.0 30.942.0
5 44.841.0  55.243.0
Gly 2 38.14£1.0  61.941.0
Phe 2 29.941.0  3.3£3.0 81420 58.7£1.0
3 27.542.0 64.644.0% 7.943.0
Tyr  5+9(6%)¢  28.5425 63.04-2.0% 8.544.0
6+8(€%)¢  42.841.0 24.141.5% 33.243.0
Ala 2 291410  2.6425 83420 59.9+1.0
3 33.64£1.0  66.4£1.0
Glu 2 41.042.5  29.242.0 23.843.0 6.0£4.0
3 67.241.0 30.342.0% 2.542.0
4 304410 25415  63.0£1.0 41425
Asp 2 41.841.0 293420 6.5+£1.0 22.342.0
3 43141.0  22.64£1.0 28.5+1.0 5.8+15
Thr 2 41.942.0  29.0£1.0 6.14£2.0 23.0£1.5
3 41.941.0 50.541.0% 7.642.6
4 63.241.0 36.8+1.0
Iso 3 33.8+1.0 56.843.0% 6.145.0  4.0+4.0
4 65.4 £1.0 30.942.0% 3.742.5
5 72.0£1.0  28.042.5
6 42.541.0  57.5£3.0
Val 3 35.842.0 52.5+3.0% 7.843.0  4.044.0
4(yY)  47.1£10  52.9+3.0
573 91.141.0  8.9+2.0°
Lys 3 40.84-2.0 53.543.0% 5.843.0
4 54.341.0 30.744.0% 15.04£5.0
5 33.64£2.0 57.843.0% 8.543.0
6 442410 55.843.0
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TABLE A.7. 13C labeling data of biomass compounds isolated from phase (3).
Abbreviations used: Amino acid of the biomass (AA), Histidine (His), Glycine
(Gly), Phenylalanine (Phe), Tyrosine (Tyr), Alanine (Ala), Glutamate (Glu),
Asparatate (Asp), Threonine (Thr), Isoleucine (Iso), Valine (Val), Lysine (Lys)

AA C-pos. Fine structure of 13C multiplet signal [%]
S d_q dy1 dd ddd
His 2 31.941.0 5.242.0 3.0£3.0  60.0£3.0
3 32.44+1.0 36.3+2.0 4.8£3.0 26.5£2.0
5 51.941.0 48.143.0
Gly 2 42.51£1.0 57.5%1.0
Phe 2 31.5+1.0 3.8£3.0 7.7+£2.0 57.0£1.0
3 31.0£2.0 57.544.0¢ 11.5£3.0
Tyr  5+9(6")¢  31.64+2.5 58.3+2.0¢ 10.144.0
+8(€7) 44.5+1.0 23.341.5 32.343.0
Ala 2 32.6+1.0 3.1£2.5 6.84+2.0 57.5£1.0
3 36.6+1.0 63.4%1.0
Glu 2 39.242.5  30.14£2.0 18.943.0 11.8+4.0
3 65.14+1.0 31.14+2.0¢ 3.9£2.0
4 27.3+1.0 2.1£1.5 62.7£1.0 7.9425
Asp 2 45.3+1.0 27.842.0 6.0+1.0 20.942.0
3 46.741.0 19.6+1.0 27.3*+1.0 6.4%1.5
Thr 2 49.742.0 25.5+1.0 6.242.0 18.6%1.5
3 50.6£1.0 43.74+1.0¢ 5.7£2.6
4 65.7+1.0  34.3%+1.0
Iso 3 38.38%+1.0 49.243.0¢ 9.54+6.0  3.0£3.0
4 64.9 £1.0 27.3+2.0¢ 7.8+6.0
5 70.6£1.0 29.4+25
6 46.4+1.0  53.6%3.0
Val 3 53.243.0 33.243.0¢ 5.943.0 7.7£6.0
4 (+Y) 59.141.0  40.943.0
5 (v2) 90.841.0  9.242.0°
Lys 3 43.3+2.0 50.84+3.0¢ 5.943.0
4 51.84+1.0 35.944.0¢ 12.4+5.0
5 32.84+2.0 55.643.0¢ 11.5£3.0
6 42.3+1.0  57.71+3.0
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A.3.10 Fine Structure of NMR Signals Used for Analysis of
L-lysine Production in C. glutamicum

Total multiplet intensities for each specified carbon atom position are nor-
malized as 100%. Abbreviations used: s, singlet peak (no neighboring la-
beled carbons); d_; and dy;, doublet peaks split by scalar coupling with
different coupling constants to preceding or next carbon in a sequence,
respectively; dd, doublet of doublet signals resulting from simultaneous
identical scalar couplings to two neighboring labeled carbons;Symbols in
brackets are taken from [Szy95]. “Sum of d_jand dy;: peaks overlap be-
cause of equal or nearly equal coupling constants.



A.3 Analytical Methods

347

TABLE A.8. 2D-NMR isotopomer 13C labeling data focussing on the C-atome of
different metabolites and amino acids during L-lysine production phase 1 using
C. glutamicum MH20-22B

cytoplasmic  C-pos. Fine structure of '3C multiplet signal [%]

compound S d_q dy1 dd

trehalose 1 26.242 73.8£3.0
2 22.4+2.5 15.944¢ 61.7£8
3 36.2+5 13.345¢ 50.6£10
4 30.4+8 20.6£5% 49.0+11
5 19.645 6.01+2.5% 74.448

aspartate 2 24.5+2 37.5+2 8.14+3 29.9+4
3 24.1+1 25.5+1 35.4+1 14.942

alanine 2 6.5+2.5 3.7+3 3.8+3 86.1+7
3 16.242 83.842.5

citrate 2 20.5+3 51.5+3 15.543.5 12.54+3.5
4 20.543 15.5+3.5 51.543 12.5+3.5

valine 4 29.2+3 70.8+4
5 90.4+2 9.6+4

glutamate 2 24.5+1.5 34.242 32.3+2 9.1+2.5
3 48.942 45.342¢ 5.94+1.5
4 13.5+£1.5 1.440.7 74.1£1.5 11.0£2

isoleucine 4 63.743 33.945% 2.442
5 69.2+1.5 30.8£3
6 30.3£1.5 69.7£1.5

lysine 3 40.1 +30 54.242.5¢ 5.7+1.5
4 57.7+40 37.443% 5.04+2
5 34.9420 56.313.5¢ 8.943
6 42.5430 57.5+4

threonine 2 27.7+2 32.5+£1.5 10.3%2.5 29.542.5
3 19.943 61.1£2% 18.943
4 56.3+1.5 43.7+1.5
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TABLE A.9. 2D-NMR isotopomer 13C labeling data focussing on the C-atome of
different metabolites and amino acids during L-lysine production phase 2 using

C. glutamicum MH20-22B

Appendix A. Material and Methods

cytoplasmic  C-pos. Fine structure of '3C multiplet signal [%]

compound S d_q dy1 dd

trehalose 1 26.342 73.8£3.0
2 25.5+2.5 16.444% 61.7£8
3 42.7+5 10.745¢ 50.6£10
4 37.2+8 15.444.5¢ 49.0+11
5 22.9+5 2.442.5¢ 74.448

aspartate 2 21.4+2 33.71+2 12.443.5  29.9+4
3 24.2+1 33.8+1 28.1+1 14.942

alanine 2 9.14+2.5 1.8+2 4.0+3 86.1£7
3 15.742 84.3+2.5

citrate 2 16.243 53.1+2.5 18.243.5 12.54£3.5
4 20.5+3 18.243.5 53.1£2.5 12.5+3.5

valine 4 25.043 75.0+4
5 89.2+2 10.8+4.5

glutamate 2 23.8+£1.5 35.0+2 31.2+2 9.1+2.5
3 49.942 44.842¢ 5.94+1.5
4 12.741.5  2.0+0.8 75.4+1.5 11.042

isoleucine 4 60.6+3 33.245% 2.442
5 71.5+1.5 28.5+3
6 31.6£1.5 68.4%1.5

lysine 3 44.7 30 50.5+2.5¢ 5.7+1.5
4 60.7£3.5 35.3+£3% 5.042
5 39.2420 52.443.5¢ 8.943
6 48.1£30 51.9+4

threonine 2 28.4+2 31.5+1.5 9.5+2.5 29.542.5
3 25.9+3 59.04£2% 18.943
4 56.8+1.5 43.2%+1.5
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A.3.11 PEP Carboxykinase Assay

Studying the anaplerotic reactions of C. glutamicum, the intracellular ac-
tivity of PEP carboxykinase was measured to qualify the MFA findings.
To determine PEP carboxykinase activity in cell-free extracts, C. glutam-
icum cells (0.3 - 0.5 g) were harvested by centrifugation after each Sensor
reactor fermentation (4,500 x g, 10 min, 4°C'), washed in disruption buffer
[PMdG*01] and resuspended in 1 mL of the same buffer. The cells were
disrupted on ice for 7 min by sonication using a UP 200S ultrasonic disin-
tegrator (Dr. Hielscher, Teltow, Germany, settings: amplitude 55 %, cycle
0.5) and cell debris were removed by centrifugation for 30 minutes at 15, 000
x g at 4°C. The resulting crude extracts were used for the determination
of specific PEP carboxykinase activity in the direction of oxaloacetate for-
mation as described previously [PMdG*01] monitored by following the
decrease in absorbance of NADH at 340 nm. The protein concentrations
in the crude extracts were determined with bicinchoninic acid according to
a protocol adapted from the work of Smith et al. [SKH*85] using bovine
serum albumin as standard.

A.3.12 DAHP Activity Measurements

DAHP-synthase activity depends on different regulation mechanisms [Pit96]
and was measured in F. coli strains using the method of Schoner and Her-
rmann [SH76] as follows: 2 mL fermentation broth was centrifuged, and
washed three times by ice cold 0.9 % NaCl solution. Cell pellets were dis-
solved in 1.0 mL buffer containing 10 mM BTP (1,3-bis(tris(hydroxymethly)-
methyl-amino)propane) and 0.2 mM PEP (phosphoenolpyruvate). Cells
were disrupted by ultrasonic treatment in an ice bath. The homogenized
cells were centrifuged at 4°C' lasting for 1 h at 15,300 rpm (21,460 g)
and the supernatant was used as cell-free extract for the determination
of protein content (‘Bradford’-assay [Bra76]) and DAHP-synthase activity.
For activity measurement 50 pL cell extract (after an appropriate dilu-
tion that depends on the protein concentration), 500 uL BTP solution
(100 mM BTP in distilled water), 50 L PEP solution (10 mM PEP in
distilled water), 10 uL FeSOy4 solution (1 mM FeSO4*7 HoO in distilled
water) and 360 pL distilled water were merged and changes in absorption
were measured in a photospectrometer (DU 640, Beckmann; Germany) at
232 nm. At halftime measurement the addition of 30 uL E4P solution (50
mM erythrose-4-phosphate in distilled water) started the enzyme reaction
leading to a decrease of absorption. Equation A.1 was used to calculate the
DAHP-synthase activity:

AA/ min-V

Activity|U] = o d

(A1)

With: AA/ min - change of absorption per minute main run, corrected
by the pre-run; V - starting volume [uL]; € - extinction coefficient (28,800
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M=t em™1); v - sample volume [uL]; d - layer thickness of the cuvette
[em]. The activity divided by the protein concentration resulted in the
biomass-specific enzyme activity (Uspec.)-

A.8.18 2D-NMR Measurements for Supernatant Analysis

For two-dimensional (2D) [*H,'* C'] HSQC-NMR spectroscopy ([PAGE™00],
[PMdG™01]), the total amount of dried supernatant — containing the cy-
toplasmic components of approximately 5 g biomass (cell-dry weight) -
was dissolved in 2 mL DoO containing 10 % (v/v) trichloroacetic acid
and 2 mM of the chemical shift standard sodiumtrimethylsilylproprionate-
2,2,3,3-d4 (TSP) (Aldrich) at pH 1.0. 700 uL were used for NMR measure-
ments in 5 mm NMR tubes (Norell, Mays Landing, USA) in a Bruker
AMX400-WB spectrometer system (Bruker, Karlsruhe, Germany). The
measurement device was equipped with a 5 mm inverse probe head for
'H analysis at 400.13 Mhz. NMR data processing was performed using the
Bruker XWINNMR software.

A.8.1 Isotopomer Labeling Used for MFA with E. coli

Please note that data correction followed the procedure described in sub-
section A.5.5.

TABLE A.10. Lable measurements at certain C-positions focusing on L-Phe in the
culture supernatant. Corrections owing to signal dilution (13C memory effect) are
included. p denotes the fraction of L-Phe produced during the labeling experiment
compared to the total amount found in the supernatant.

raw data corrected data
C3 %] C54+C9 (%] p[% C3[% C5+C9 [%)
phase 1 4.50 3.90 39.26 9.76 8.23
phase 2 3.80 3.10 23.66 12.51 9.55
phase 3 3.20 2.60 11.83 18.86 13.78

A.8.15 Reactive Extraction with Separation Funnels

Before experiments, separation funnels were filled with equal volumes of
aqueous and organic phase (organic phase consisted of a mixture of solvent
with 10 % v/v carrier). Then funnels were shaken intensively for 2 minutes
to ensure a good mixture of aqueous and organic phase. After this, at
least 10 minutes were taken for phase settling. When phase separation had
been completed, the aqueous phase was analyzed and the organic phase
was used for back extraction. Back extraction was performed by mixing
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the preloaded organic phase with an equal volume of stripping phase in
separation funnels. In the stripping phase counter ions were added to enable
the L-Phe unloading of the carrier. As a result L-Phe was extracted into the
stripping phase and the carrier was loaded with corresponding ions from
the stripping phase. L-Phe titers in the aqueous phase were measured via
HPLC analysis in order to estimate the amount of extracted L-Phe and to
calculate the degree of extraction E according to

c;qhe a
E = eq—M] . 100 (A2)
cPhe,org

c;qhe,aq and C(;Jhe,or g are the equilibrium concentrations of L-Phe in the
aqueous and organic phase after extraction, respectively. While C?the,a g 8
accessible via HPLC measurement, C?the,m- ,can be estimated using L-Phe
mass balance with the aid of the aqueous L-Phe concentration cpne,aq,0
which was measured before extraction was started.
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A.4 Technical Set-up

A.4.1 Sensor Reactor

Bioreactors

The 300-L stirred tank reactor (Chemap, Volketswil, Switzerland) was in-
oculated with a preculture from a 30-L bioreactor (same manufacturer) and
contained 160 L of synthetic medium. The temperature setpoint was 30 °C
and the pH was automatically maintained at 7.0 by adding 25 % NH4OH.
Pressure and air flow were set manually. The stirrer speed was controlled
automatically to maintain the dissolved oxygen level DO at 30 % CO2 and
O3 in the exhaust gas were analyzed by an off-gas analyzer with NIR and
paramagnetic sensors (Fischer-Rosemount, Haan, Germany).

Sensor Reactor

The Sensor reactor (Infors, Basel, Switzerland) is a specially designed stain-
less steel stirred tank reactor with a total volume of 2 L and a maximum
working volume of 1.2 L. The stirrer is driven by a magnetic coupling
which allowed stirrer speeds of up to 1500 rpm (during fermentations usu-
ally 400-800 rpm). The Sensor reactor is equipped with a pH and DO
electrode (Mettler Toledo,Giessen, Germany). Additionally a pressure sen-
sor (piezoelectric device, Infors, Basel, Switzerland) is coupled to the off-gas
cooler of the Sensor reactor. A device consisting of a welded steel tube, a
flexible tube and a quick disconnect coupling (type 6-DB,Gather Industrie,
Mettmann, Germany) connected the Sensor reactor to a rapid inoculation
unit. Samples were taken manually by a special sampling unit.

Automated control of the Sensor reactor was performed by a LABFORS
control unit (Infors, Basel, Switzerland). Air flow was adjusted manu-
ally. The DO was regulated by automated control of the rpm and pH was
controlled by automatically adding a 10 % NH4OH solution. The temper-
ature was controlled by a combination of heating with an electric blanket
and cooling with water.

Mixing Time Measurements

Mixing time measurements were performed in the Sensor reactor using a
pulsing device controlled by the central process control unit. The pulsing
device consisted of a storage tank with a maximum volume of 60 mL,
which was connected via a quick disconnect coupling (Swagelok, B.E.S.T,
Cologne, Germany) to a solenoid valve (type 330, Biirkert, Menden, Ger-
many) and the Sensor reactor. Mixing time experiments were performed by
using glucose solutions (250 g- L~ or 500 g- L) with KCl as a tracer sub-
stance. The conductivity was measured with a microelectrode (Microelec-
trodes Inc., Bedford, USA) and a conductivity meter (LF300, WTW, Weil-
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heim, Germany). Data acquisition was performed with a measurement de-
vice (AT-MIO-16XE-50, National Instruments Corporation, Austin, USA)
installed in the central process unit (Pentium IT &, Windows ). The
electrode was installed near the outlet valve of the Sensor reactor.

Process Control

The fermentation parameters of pH, pressure, DO and temperature mea-
sured in the Sensor reactor were controlled automatically by a LABFORS

control unit. The actual process data of pH, DO, pressure and tem-
perature were collected from the control unit of the 300-L reactor (update
time 1 s), sent to a central process unit (Pentium IT ®, Windows &) and
processed by special control software (LABVIEW, National Instruments
Corporation, Austin, USA). A moving average of 5 measuring points was
calculated and routed to the LABFORS ® control unit (30 to 60 seconds
update) to serve as new setpoints for the automated regulation of the Sen-
sor reactor.

A.4.2 E. coli Fermentations

Typically, exhaust gas analysis was applied for oxygen and carbon diox-
ide measurements using a BINOS 100 2M System (Rosemount, Germany).
Dissolved oxygen (DO) was determined with an amperometric electrode
(Mettler-Toledo, Germany). Data acquisition was performed via MEDUSA,
an in-house software development. This software tool is currently replaced
by LABVIEW (National Instruments Corporation, Austin, USA).

A.4.8 On-line Glucose Control

The application of on-line glucose concentration measurement and its con-
trol during (fed-) batch fermentations is not a new approach. Several studies
are already published. Examples are given by Kleman et al. ([KCLS91b],
[KCLS91al), Kelle et al. [KLB196] and Hitzmann et al. [HBCT00].

Three peristaltic pumps (U 501 and U 101, Watson&Marlow; Germany)
were used to ensure continuous sampling. With a flow rate of 800 m.L-min !
the biosuspension was pumped through the by-pass (total volume: ~20
mL, mean residence time: ~2s) containing a cross-flow hollow fiber ultra-
filtration unit (500 kDa cut-off, 23 ¢cm? filtration area, Schleicher&Schuell,
Germany). 1.0 - 2.0 mL - min~" cell-free permeate was drained off and
pumped to the manifold of the sequential on-line glucose measurement sys-
tem (OLGA, IBA GmbH; Germany) where 10 pL samples were drained off
for analysis every 120 s. Unused permeate was recycled into the bioreactor.
Hence, not more then 100 mL permeate was used for on-line glucose mea-
surement during fermentation. The whole sampling system was sterilized
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with 1 M NaOH at 50°C for 30 min. Measured values of glucose con-
centrations were subsequently used to estimate glucose consumption rates
as well as derivatives of the glucose consumption rates by application of
a semi-continuous, extended Kalman-Filter [Wie91] which was combined
with a minimal variance controller [Str93] to calculate necessary glucose
pump rates (see Bastin and Dochain [BD90a]).

As a technical alternative to the OLGA system, the Process Trace System
was used (Trace AG, Braunschweig) which simplified the experimental set
up by using a probe instead of an ultrafiltration by-pass to prepare cell-free
permeate which has to be further pumped to the analyzer. This system was
used in the experiments as indicated in the text.

A.4.4  Electrodialysis

The experimental equipment for electrodialysis used a three-compartment
water splitting electrodialysis (WSED) unit (Goema, Germany, Figure A.1)
with a membrane stack having four cells pairs.

The three-compartment WSED stack consisted of anion-exchange, cation-
exchange and bipolar membranes (Tokuyama Co., Japan) with a total effec-
tive membrane area of 0.56 m?2. An electric power unit (Rohde & Schwarz,
Germany) supplied power to the WSED stack such that a constant cur-
rent in the range of 5 A was realized. The WSED consisted of four solution
tanks providing the acid, the base, the feed and the electrode rinse solution.
Initially the acid and the base compartments were filled with demineral-
ized water. All streams were recycled using centrifugal pumps (Iwaki Co.,
Japan) at a flow rate of 1 L - h~t. pH (Methrom, Germany) and conduc-
tivity (WTW, Germany) of the acid, the base and the feed solutions were
measured continuously. 0.5 mol - L' NaySO4 was used as the electrolyte
solution.
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FIGURE A.1. Basic principle of three-compartment electrodialysis. Pyruvate ions
and sodium ions in the feed compartment simultaneously moved into the acid and
the base compartment through anion- and cation-exchange membranes, respec-
tively, during ED operation. Free pyruvic acid was formed by combination of
pyruvate ions and hydrogen ions generated on the cation-exchange layer of the
bipolar membrane. Sodium hydroxide was simultaneously generated by the com-
bination of sodium ions and hydroxyl ions formed on the anion-exchange side of
the bipolar membrane. The electrolyte solution was circulated continuously to
transfer the electric current and to remove gases (O2 and Hz) produced by the
electrode reaction during the operation of the ED. A - anion exchange membrane;
C - cation exchange membrane; aBc - bipolar membrane; HPyr - pyruvic acid;
Na™ - sodium ions; Pyr™ - pyruvate ions

A.5 Sensor Reactor Labeling

A.5.1 C. glutamicum in Batch Process

The fermentation was started in the production reactor with a working
volume of 160 L with an initial ODggy of 3.8 and an initial glucose con-
centration of 130 ¢g - L~'. Labeling experiments were performed during the
exponential growth phase after 8.5, 11 and 14 hours of cultivation. Each
labeling experiment started when an inoculum of about 1 L was drained
off the production reactor into the Sensor reactor and [U —13 C] glucose
(Cambridge Isotope Laboratories, Andover, MA) was added immediately
to the culture in the Sensor reactor (phase 1: 4 g, phase 2: 3 g and phase
3: 2 g, respectively). The final concentrations of [U —'3 C] glucose in all
three Sensor reactor phases were determined by NMR, spectroscopy to be
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7.7 % (phase 1), 7.2 % (phase 2) and 10.5 % (phase 3) of the total glucose,
respectively. After the addition of the [U 13 C’] glucose, both reactors
were run for approximately 2 hours in parallel while 2-mL samples were
taken at 30-minute intervals from both reactors in order to quantify process
similarities.

A.5.2  Correction for Incomplete Labeling of Biomass

When the growth phase of C. glutamicum was studied using C based
metabolic flux analysis, it was considered that the 2 - 3 hours of label-
ing were (most presumably) not sufficient to achieve stationary labeling
patterns in the proteinogenic amino acids. Therefore the measured NMR
signals of the labeled samples were subsequently corrected such that only
a fraction of labeled glucose was used as input value for metabolic flux
analysis. The basic motivation of this simplifying procedure was given by
Drysch et al. [DMM103] as follows:

In an experiment employing a fraction L of [U —13 C’] glucose together
with a fraction (1 — L) of unlabeled glucose as the sole carbon sources, the
13C labeling p at true steady state of any metabolite carbon in the system
under investigation (including biomass) equals:

p=(1-L)-0011+L-1.0 (A.3)

where 0.011 is the natural abundance '3C labeling and the [U 13 C’]
glucose is assumed to be 100% pure.

If L <« 1 the carbons originating from naturally labeled glucose backbone
fragments will rarely give rise to any other than singlet signals in 13C NMR,
and it follows from A.3 that in this case the *C NMR multiplet signal m
extracted from a 2D HSQC spectrum can be represented as

m=(1—-L)-0011-S+L-1.0-M (A.4)

where S symbolizes a unity area singlet peak and M a unity area mul-
tiplet pattern (composed of singlet, doublets, triplet and/or doublet-of-
doublet peaks).

The investigations of C. glutamicum growth phase were performed as
batch experiments with excess glucose in the Sensor reactor. The reactor
was inoculated to a cell density of X; of unlabeled cells at the start of the
experiment. Simultaneously, a pulse of [U 13 C] labeled glucose was added
to the residual unlabeled medium typically resulting in a final fraction L <
0.08 of labeled glucose. Thereafter, cells grew on the mixture of labeled and
unlabeled glucose to a density of Xs and were then harvested, hydrolyzed
and subjected to NMR analysis. Therefore, the measured NMR signal from
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the cells cultivated in the Sensor reactor contains a fraction % of singlet

signal exclusively contributed by unlabeled cells and a fraction &);TXL of
combined singlet and multiplet pattern signals as defined by Eq. A.4 from
the labeled biomass. In analogy to Eq. A.4 it follows that the measured

NMR signal n can be written as
n=(1-L*)-0011-S+L*-1.0-M (A.5)
where

X - Xy
==

The fact that Egs. A.4 and A.5 take identical forms shows that to first
order, the incomplete labeling of the biomass as encountered in our experi-
ments can simply be accounted for by using a fraction of labeled glucose L*
as given by Eq. A.6 as input to the flux estimation algorithm instead of the
true L. Given the fact that typically L < 0.08 and in view of the fact that
during 2 - 3 hours of batch cultivation a true metabolic steady state cannot
be expected, this approximation is thought to be adequate for these first
Sensor reactor experiments. It is noteworthy that alternative approaches
are already under investigation to allow 3C based MFA of growing cells
within ’short’ labeling experiments using the Sensor reactor (see 3.6).

L* (A.6)

A more fundamental concern regarding isotopic stationarity focussing
proteinogenic amino acids is that after application of the pulse of labeled
glucose, the free metabolites in the cell go through a transient phase dur-
ing which their isotopic labeling gradually approaches steady state. Since
protein synthesis also takes place during this phase, these transient iso-
topic labeling patterns are also stored in the proteinogenic amino acids
and potentially interfere with the analysis which is based on full isotopic
stationarity during the complete incubation (this also applies to Egs. A.3
to A.5). The mathematical treatment of these phenomena requires complex
instationary approaches and is still under investigation (see 3.6).

However, a first approximation of the relevance of such transient effects
can be made by considering the carbon throughput in the system. During
the growth phase, C. glutamicum exhibited specific glucose uptake rates
of 3.2 mmol - gopy - b1, ie. 19.2 mmolearbon - Gopw - b1+ As a more
or less realistic figure for C. glutamicum MH20-22B one might assume ,for
example, that the major intracellular free metabolite components are 100
mM glutamate, 50 mM glutamine, 25 mM aspartate, 20 mM lysine and
30 mM trehalose and C6 branched chain amino acids, i.e. a total carbon
content of 1150 mM carbon, or 2.3 mmol.qrpon galDW. Therefore, one
would expect a turnover time of this total free metabolite pool of 0.12
hours, or 7 minutes. While this value is necessarily somewhat arbitrary,
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the order of magnitude nevertheless should be representative of the true
in wvivo situation and it seems sufficiently short in comparison to the total
incubation times of 2 - 3 hours employed in the Sensor reactor study to
exclude a significant distortion of the analyses. Please notice that additional
measurement for turnover times are given in section 3.4.2.

A.5.83 Labeling Non-Growing C. glutamicum in a Fed-Batch
Process

For labeling, [U 13 C’] glucose (99 % atom enrichment, Cambridge Isotope
Laboratories, Andover, MA) was used. To ensure a 15 % content of labeled
glucose in the Sensor reactor immediately upon the start of the labeling
period, samples were taken out of the 300-L reactor before the inoculation
of the Sensor reactor, and the glucose concentration was measured. From
this, the liquid volume of the glucose pulse containing 140 g-L~* [U 13 C’]
glucose was calculated and injected immediately after inoculation such that
the resulting glucose '3C enrichment was 15 %. Then, the glucose feed
(600 g - L™1) was started, containing 15 % labeled glucose. Following this
procedure, the glucose '3C enrichment was kept constant at 15 % at all
times during the whole labeling period of 3 h in the Sensor reactor.

A.5./ Labeling Non-Growing E. coli in a Fed-Batch process

In general, the 13C labeling of non-growing E. coli under fed-batch con-
ditions followed the same procedure as already described in the preceding
subsection, however [1 —13 C] glucose was used instead of [U —13 C’] glu-
cose in the case of C. glutamicum. [1 —13 C] glucose was chosen considering
the results of Mollney et al. [MWKdG99] and own studies [Sch99b].

Immediately before each labeling experiment, the current glucose concen-
tration of the production process was measured and the liquid volume con-
taining 140 g-L~! [1 —'3 C] glucose (99% atom enrichment, Cambridge Iso-
tope Laboratories, Andover, MA) was calculated and subsequently pulsed
into the Sensor reactor to ensure a 25% content of labeled glucose. Then,
the scaled-down glucose feed of the Sensor reactor was started, containing
the same fraction (25%) of labeled glucose. Following this procedure, the
13C enrichment was kept constant at 25% throughout the whole labeling
period. Samples were taken in 20 min intervals from the Sensor reactor and
from the production process. They were centrifuged and the supernatant
was stored at -20°C' for subsequent HPLC and NMR analysis.
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A.5.5 Correction for 2C Memory Effects in the Culture
Supernatant

As outlined in section 3.5, the 13C labeling analysis using L-Phe producing
E. coli was focused on the culture supernatant, namely the accumulated
(by-) products, which originated from the microbial production during the
labeling period. Because a (significant) amount of already produced and
natively (1.1%) labeled (by-) products were found in the samples of the
labeling experiments, the NMR signals obtained had to be corrected such
that only the '*C labeling information which originated from the labeling
period was calculated and could thus be used for subsequent metabolic flux
analysis.

As a basic assumption it was assumed that the Sensor reactor was in
pseudo-steady state, i.e. the intra- and extracellular fluxes were constant
over the timespan of the labeling experiment leading to equilibrated label-
ing patterns in the metabolite pools. Then, the measured '3C enrichments
of the supernatant pools had to be corrected due to the dilution by non-
labeled metabolites which were produced before the labeling experiment.

Therefore, the enrichment (z) [%] achieved during the labeling period
was calculated from the 'H - NMR measurements (y) [%] with the molar
fraction (p) [mol/mol %] of produced L-Phe following the equation

y=p-x+(1—-p)-0.011 (A7)

leading to

x:y—(l—p)-0.0ll (A.8)
p

Raw and corrected data are given in Table A.10.
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A.6 Mathematics

A.6.1 Total Differential Operator

The following illustrative example is taken from Hurlebaus [Hur01].

To illustrate the difference between the total differential operator Dy
and the partial derivative % the following equation is considered:

fla,y,t) =22 +y° +1 (A.9)
with
x(t) =sint (A.10)
y(t) = cost (A.11)
Obviously, the partial derivatives result in the following equations
of
L —9 A.12
20— 2% (A.12)
of
- =2 Al
oy~ (A.13)
of
— =1 Al4
ot (A.14)

Please notice that only one variable is considered in each derivative while
the others were regarded as constant. Instead, the total differential operator
considers each variable to be a function of ¢ leading to the equation system

kY t
D.,=| D, | = gj-§+%-ﬁ+l@
Dt 8x'8_f+ . + -
2x
= 2y (A.15)

2cost —2sint + 1

A.6.2 Local sensitivity functions

Basically, local sensitivities represent the slope of the calculated model
output at a given set of parameter values, in this case the optimal parameter
estimates. The effect of a (small) parameter variation on the solution of
Equation 2.7 can be expressed by the well-known Taylor expansion [SCS00]:

- - P oci(t,
Cz(t7pg + Apg7pk:1...p,k;£g) = Cz(t7 p) + Z %Apg + (A16)
g9
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Often, only the first order partial derivatives dc'(t,p)/0p, are used for
a linear approximation. These partial derivatives can be estimated numer-
ically by a finite difference approximation ([SCS00], [Tur90]) changing the
gth parameter initially at time to by Apg, while the other parameters are
held constant. Consequently the sensitivity functions are derived as follows:

8CZ(t, p) C’L(tapg + Apg7pk:1...p7k7fg) - Cl(t7pg - Apg7pk:1...p,k7ég)

~
~

Opg 2Ap,

(A.17)
This method of the sensitivity calculation can readily be implemented.
However, the accuracy of the resulting slope strictly depends on the pa-
rameter change Ap,. Therefore, preliminary calculation were conducted
using the sensitivity functions of model 11 to identify an optimal param-
eter change Ap, which is small enough to fulfill the assumption of the
local linearity of the nonlinear models and which is large enough to avoid
numerical round-off errors during simulation. For comparison, the direct
computation method based on the explicit solution making use of the to-
tal differential operator (see section A.6.1) was applied. Equation 2.7 was
formulated in matrix notation as follows:

% =N-v(c,p) c(0) =¢’ (A.18)

where t is the time, v is the vector of the rate equations, IN is the stoi-
chiometric matrix, p denotes the vector of the kinetic parameters, c is the
vector of the metabolite concentrations and c is the vector of the steady-
state concentrations. The parameter variation equation system of ODEs,
obtained by differentiating Equation A.18 with respect to the parameter
vector, is then integrated simultaneously with Equation A.18:
d Oc(t,p) d
——== = Dp|—=c(t A.19
ovoc Ov
D, [N -v(c =N-(=——=—+—=—)=N-J-S+F
pIN-vie.p) =N (2524 X) =N (154 )

where J is called the Jacobian matrix and F is called the parametric Jaco-
bian matrix (see also section A.6.1). In contrast to Mauch et al. [MAR97],
g—;(O) = 0 was chosen as the initial condition for the integration of the
ODE system, because the sensitivity functions were employed for the model
reduction and not for the calculation of the elasticity coefficients. The sen-
sitivity calculations via the direct method were realized with the updated

MMT version MMT2 [HFWT02].

In a subsequent calculation step, the sensitivity coefficients were made
dimensionless to allow a comparison of different sensitivity courses:
dc'(t,p)  Olnci(t,p)

i) — Pk _
sk(t) = e Tl pe (A.20)
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The resulting matrixes, S?, composed of the normalized local sensitivity
coefficients s, at j =1...n time intervals:

i i
5171 51710
i __ . . .
St = : S , (A.21)
i i
Sn,l Sn,p

were the basis for the model reduction methods.

A.6.3 PCA for Model Reduction

To decide which parameters can be discarded, we used three methods which
are published in [Jol72]. For all three methods the eigenvalues and eigen-

vectors of R = 87 - S are computed. Here, Si" denotes the transposed
normalized sensitivity matrix S*. The eigenvalues, A\, are ordered accord-
ing to their absolute value

[A1] < A2l < ..o <Ay (A.22)

and their corresponding eigenvectors are given by:

)

Fi:(717727"'77p): N ’ (A23)
’Yp,l e P)/p,p

Y11 oo Yip

where ’Yj = (Vl,jw"v’Yp,j)T, 1 S] Sp

Method 1:
Given p* as the number of parameters to reject, the first p* eigenvectors,
starting with the eigenvector corresponding to the smallest eigenvalue, were
considered in turn. The variable, which had the largest component (abso-
lute value) in the considered vector and which has not already been marked,
was now selected according to:

o = arg (| max [ | ) (A.24)

[>1: xl:arg( max |’Yk,l|>

1<k<p
k#xy...xp_q

The p* columns x;, [ = 1,...,p*, of S? were marked to reject.

Method 2:
Only the eigenvectors corresponding to the p* smallest eigenvalues were
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considered. For each of the p parameters the sum of squares of their com-
ponents in the considered p* eigenvectors was evaluated and the p* param-
eters with the largest amounts were selected.

"
_ 2
T, = arg (élggp Wk,h> (A.25)
h=1
.
. _ 2
[>1: T = arg( 2322 Z’yk),)

k#xy1..x;_1 h=1

The p* columns z;, | = 1...p*, of S’ were marked to reject.

Method 3:
For this method only ¢ = p — p* eigenvectors were considered in turn,
now starting with the eigenvector corresponding to the largest eigenvalue.
The parameter, which had the largest component (absolute value) in the
considered vector and which has not already been chosen, was now selected.

zg = arg (Qggp | Vi | ) (A.26)

[>0: xl:arg( max |7k,p71|>

1<k<p
k#xg...®;_1

The g columns z;, I =0...q — 1, of S? were the one to retain.

Hence, methods 1 and 2 focus on the eigenvectors with the lowest eigen-
value, identifying the most important variables and eliminating them. Be-
yond it, method 3 follows another strategy by focusing on the most impor-
tant eigenvector which is then ’liberated’ from variables with low input.
The three PCA methods were applied to all m matrices R? and only these
parameters, which were identified as unimportant in all matrices and by all
methods were rejected. Only this intersection of irrelevant parameters was
discarded because it was found that the identified parameter importance
could differ with respect to the metabolite knot investigated and the PCA
approach used.

A.6.4 Parameter Tuning Importance for Model Reduction

The ’classical’ study of the normalized sensitivity matrix S* allows the
identification of a parameter ranking with respect to the effects of initial
small parameter changes on the resulting courses of ¢’. If several species,
¢,i = 1...m, are considered, objective functions, e(Apy), can be intro-
duced ([Tur90], [SSC82]) which represent an integral value of the time-
averaged deviations in the trajectories of all species due to small changes
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of a parameter Ap, at the initial time ¢y. In the present work the sensitivity
of the following objective function:

2
n m L A o
(D) =% lcj Pr=1...ptg: Py + APg) — € (P)] 7 (A27)

j=11i=1 C;- (p)

was calculated by the use of the local concentration coefficients:

(91nc ?
0s(py) = alnp ZZ[ alnp ] : (A.28)

j=11

The sum of squares of the normalized sensitivities is termed overall sensitiv-
ity, os(pg), and closely related to the least-square sum, see Equation A.32.
The overall sensitivities provide information on the tuning importance of
the model parameters, which reflects the effectiveness of parameter changes
around their nominal values for the investigated measure, i.e. the objective
function.

A.6.5 PCA for Fermentation Data Analysis

For fermentation data analysis a linear multivariate PCA was used. Fer-
mentation data sets were collected in a data matrix X = [x1 X2, ...Xp] pos-
sessing the dimensionality [n X p] with n measurement vectors x; [p x 1]
(1 <4< n) and p observations. Altogether n = 123 measurement vectors
each consisting of p = 7 observations formed the data basis. Observations
were defined by measurements of optical density (od), concentrations of glu-
cose (Cgiu), tyrosine (cyy,), L-phenylalanine (cphe), acetate (cqce), dissolved
oxygen (DO) and the respiration quotient (rq). To enable data compara-
bility all measurements were standardized according to z}, = ﬂ{k—i& where
Ty, represents the average value of observation k (1 < k < p) considering
every n measurements of this observation. Thus a transformed data ma-

trix X* with x} = [od* c DO rq} was used for

*
glu c

* *
CtyT c ace

phe
calculations.

Based on X* the system matrix M = X*TX*ﬁ was calculated and a
set of orthogonal eigenvectors was estimated such that a maximum system
variance was achieved. In terms of PCA an eigenvector should be called
loading vector ay, possessing the dimension [1 x p]. A certain hierarchy of
loading vectors could be established based on the corresponding eigenvalues
Ak that indicate the part of total variance that is described by loading vector
. Thus the first loading vector ar; describes most of the fermentation data
variance followed by the second loading vector a2 and so on. Hence it is
the aim of PCA to identify a small set of loading vectors that represents
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the vast majority of fermentation data variance. This set of loading vectors
could then be used for the identification of fermentation key parameters.

Loading and measurement vectors could be used to calculate scores. Ac-
cording to equation A.29 the scores

PCri = QX (A.29)

pCii, PC2i, ---, PCki could be determined for each loading vector k£ and
every measurement vector i. Scores could be used to describe fermentation
courses alternatively in phase diagrams (see A.2).

A X3

X

FIGURE A.2. Principle of PCA dimensionality reduction. For instance, fermen-
tation variables x1, X2, x3 of a 3-dimensional space are transformed via PCA to
a 2 dimensional principal component phase diagram.

A.6.6 PCA Error Estimation

Equation A.29 indicates that scores are dependent on measurement vectors
as well as on loading vectors. If observations contain measurement errors,
inaccuracies of the corresponding eigenvectors (loading vectors) and eigen-
values must be considered as well. By applying the first order Taylor ap-
proach (used for score error estimation), the error Apcy; could be estimated

as:
dpcy;

dx;
with a measurement error Ax} [p x 1] for the ith measurement of x*.
Equation A.30 indicates that principal component errors are dependent on

Apcy; = CAX] =V (agpx)) - AX] (A.30)
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measurement errors x; as well as on loading vectors a,. To consider this
relationship, Monte-Carlo simulations were used for score error estimation.
Entries of the data matrix X were superimposed by a randomly chosen,
normally distributed +10 % measurement noise. Based on this noisy data
principal component analysis was carried out to identify loading vectors and
eigenvalues. Totally, the results of 5000 calculations were used to estimate
corresponding errors. All calculations were carried out using MatLab 5.1,
The MathWorks, Inc.
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A.7 Modeling

A.7.1 Stimulus-Response Model Simplifications
Pentose phosphate pathway

Since it is known, that the interconversions between R5P, Ri5P and X5P
are fast enzymatic transformations ([Kab69], [NMDF97]), a lumped pool
of these compounds (C5P) is formulated, that represents the experimen-
tally determined sum of the concentrations. Following the stoichiometric
constraints of the pentose phosphate pathway, this pathway is further sim-
plified as follows:

2C5P = GAP+STP
GAP+ S7TP = FE4P+ F6P
P5P+ E4P = F6P+ GAP

3P5P = 2F6P+GAP

The formulation of a differential equation (DE) for the non-measurable
component E4P is circumvented by re-defining the reaction into the aro-
matic amino acid synthesis

4:P5P+5: PEP = 5: DAHP instead of P5P+E4P = DAHP

since one P5P molecule is equivalent to 4/5 E4P molecules regarding the
number of carbon atoms.

Simplifications within the glycolysis

The linear reaction sequence, GAP = BPG = 3PG = 2PG = PEP,
is substituted by one combined reaction, GAP — PEP, because the con-
versions are known to be fast and not significantly affected by regulatory
effectors ([SW71], [MV93], [STB95]).

Rate equations

Often, kinetic rate equations are too complex to be fully identifiable using
the data set of the substrate pulse experiment. Hence simplified kinetic
equations are used instead. One frequently used example is the multiplica-
tive Michaelis-Menten equation:

de®) Vinaw - ¢ D - @

- A31
dt (Km,c“) + C(l)) : (Km,c(2) + 0(2)) ( )

where ¢V, ¢ ¢®) are the chemical reactants, Vi, is the maximal re-
action rate and K,, . is the half saturation constant for the respective



368 Appendix A. Material and Methods

substrate. This approach is, for instance, well suited to replace complex
terms like the irreversibly ordered or ping-pong bi-bi kinetic [CB95]. Ef-
fects of known effectors can be considered by multiplicative terms which
are added to the basic form of the kinetic equations.

A.7.2  Stimulus-Response Model Identification

As most of the published parameter values are obtained from in vitro exper-
iments with purified enzymes and not from experiments performed under
physiological in wvivo conditions, their validity for describing in wvivo cell
experiments is questionable. This finding has been outlined by the studies
of Mauch et al. [MVRO00] focusing on the well-known enzyme phospho-
fructokinase I in S. cerevisiae. Therefore, enzyme kinetic parameters were
estimated numerically using initial guess values for saturation constants
between 1 to 10 mM and for maximal reaction velocities between 1 to 10
mM - s~ according to Segel [Seg75].

TABLE A.11. Steady-state concentrations of the metabolites used for the ODE
solution.

Metabolite ~ Concentration [mM]

G6P 0.16
F6P 0.16
FBP 2.70
GAP 5.57
DHAP 5.01
G3P 0.39
PEP 0.95
PYR 1.25
6PG 3.66
P5P 1.36

The initial conditions for the integration of the dynamic model, i.e. the
experimentally determined steady-state concentrations, are shown in Table
A.11. The concentrations of the co-metabolites were not simulated but read
in from the data owing to the wide range of feasible reactions, in which these
co-metabolites can participate. This simplifying assumption is valid because
only the carbon atoms are balanced by the models. The experimentally
determined trajectories were approximated by smoothing splines before
use because of the underlying measurement noise (see subsection A.7.6,
Appendix). Simulation and model optimization was performed using the
MMT software [HBA102]. For model identification, the error functional ¢
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was used with

3 (0 )’ (A.32)

1
<==n
1i=1

J

n m

where n is the number of the j time intervals, m is the number of the 7 vari-
ables, i.e. metabolites, c§ denotes the simulated and b§ the experimentally
determined metabolite trajectories. As an example, 2318 'measurements’
derived from the smoothed data with a time grid of 0.01 s and an observa-
tion window from -5 to 18.18 seconds were used as a data basis to identify

model 11 consisting of 122 parameters.
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A.7.3 Model 11

TABLE A.12. Mass balances used for model 11.

dG6P

A = Upts — Upgi — Vglp — Vgbpdh
dF6P

dt = Upgi — Upfk — Umur + VFBPase + 2 * Vtkata
dF'BP _

GdAP - Upfk — Valdo — VFBP—BM — UFBPase
d

dt = Ugldo — VGAP—PEP — USer T Utim + Vtkata
dDHAP _ }

d = Valdo — Vg3pdh — Utim

acsb - —
dlg%]P _ g3pdh 9ty

at = UGAP-PEP — Upk — Upts — Udahps — VPEP—BM

=5 Udahps

dPyr

dy = Upk — Updh + Upts
A6 PG _

T - Ugﬁpdh - Upgdh - Upghl

d}gSP _ 3 4

di vpgdh — 9 Utkata — vrppk - = vdahps
Abbreviations:
Upts phosphotransferase system
Upgi phosphogluco isomerase
Vglp polysaccharide synthesis
Vg6pdh glucose 6-phosphate dehydrogenase
Upfk phosphofructokinase
Umur murein synthesis
VFBPase fructose 1,6-bisphosphatase
Vtkata lumped transaldolase/transketolase
Valdo aldolase

VFBP_BM ’biomass’ synthesis from FBP
vgap_peEp lumped GAP to PEP reaction

VSer serine synthesis

Vtim, triosephosphate isomerase

Vg3pdh glycerol 3-phosphate dehydrogenase
Vgly glycerol synthesis

Upk pyruvate kinase

Udahps DAHP synthase

VPEP—_BM "biomass’ synthesis from PEP

Updh pyruvate dehydrogenase

Upgdh 6-phosphogluconate dehydrogenase

Urppk nucleotide biosynthesis
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TABLE A.13. Kinetic rate equations used for model 11. Bold typing indicates
terms that are discarded after model reduction. Part I
Phosphotransferase system (vpts)

kg pts Gluc™+t PEP™ 72 — ky o GEP"3 Pyphiete.s

Phosphoglucosisomerase (vpgi)

kﬁpgi G6P™ et — kb,pgi FoP"vei-2

Polysaccharide synthesis (vgip)

V;.ap G6P ATP
(Km,c6P,gp+GO6P) (K, arp,gp+ATP)(G6P+K; cep,qgp) 971
Phosphofructokinase (vpfr)

2b-D-e-F6P (1+FBP)?(14+ESE) ATP

(e+1)(L(1+F6Pc)2+(1+FBP)2(1+§—fﬁ’)2) Ko, aTppsr+ATP

ADP"pfk,1 FgP"pfk,2
(ADPnpfk,l +K; ADP, pic Pk 1 ) (FﬁPnpfk,Z +KLF6PYPfk“pfk,2).A

A= (Ki.peppsr""™* + PEP ")

Mureine synthesis (Vmur)

V. mur F6P-ATP
(Km,F6P,mur+F6P)(Km ATP, mur+ATP)
Fructose 1,6-Bisphosphatase (VFBpase)

Ve FBPaseFlBl:'nFBpase
Km, FBPase"FBPase +t FBPPFBPase

Aldolase (vaido)

Maldo,2
V. FBP™aldo,1 (7&‘3? ) aido,
max,aldo KG3P,aldo

Ko aldo"aldo,l J’,FBP"Laldo,I

Fluz of FBP into biomass (vFBp—BM )

V¢ rp_pMFBP"FBP-BM
Km rep_pMm FBP-BM [ FBPPFBP-BM
Triosephosphate Isomerase (Viim)

( V' tim DHAP )7( Vi, tim GAP )
Ky, DHAP.tim K, GAP. tim

1+ DHAD
Ky DHAP  tim K, GAP,tim
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TABLE A.14. Kinetic rate equations used for model 11. Bold typing indicates
terms that are discarded after model recuction. Part IT

Glycerol 3-Phosphate dehydrogenase (Vgspan)

" g3pdh,2
V. g3pan DHA P g3pdh,1 (%) g3pdh,
f,93pdh e e

Ky, DHAP, gspan, " 83Pdh.1 + DHA PPg3pdh,1

Glycerol synthesis (vgiy)

Ngly,2
Vi glyGfi'Pngly-,l(KL) aly.
. a,F6P gly

Ko, Gop,gy 9 1+G3P" 9ty

Combined reactions: VvGap—PEP = VGAPDH

‘UPGM * VPK * Veno

Vi .cap—pep GAP NAD ADP
(Km,cap,gap—prep+GAP) (K nap,cap—pPEP+NAD) (K, apP,GAP—PEP+ADP)

Serine synthesis (vser)

Vf,Ser GAP"Ser
Km,Sernser +GAP"Ser

Pyruvate kinase (vpr)

~ pyrATP) ( Ki,Gg6Ppk \ "pk,1 ( Ki,C5P,pk | "pk,2
Vf«,pk(PEP ADP Kog pk GG6P C5P

A+B

A=PEP ADP (1+ﬁ> + Ko app ok (PEP+K; ppp o)+ Kom . ppp.p ADP

Y PEP .
B=vrr | Komoaze o Pyr (145222 ) + ATP-C

EP,pkKm,ADP, pk i,ADP,pk

C= |:Km,Pyr,pk (1+ Kiim,PEP,pkADP )—l—Pyr (1+ ADP ):|
from PEP into ’biomass’ (vPEp—BM)

Ve pep-BMPEP ATP
A+Kp atp,PEP-BMPEP+K,, pEP PEP-BMATP+PEP ATP
A = K; peEp,PEP—-BMKm, ATP PEP—-BM
Pyruvate dehydrogenase (vpan)

V¢ pan Pyr NAD 1
(K, pyr,pan+Pyr) (Km,nap,pan+NAD) (K acCon,pdn+AcCoA)" pdh

Glucose-6-phosphate dehydrogenase (Vgepan)

V¢ z6panG6P NADP
A-B+NADP G6P+KmYG6pyg6pthADP

A = (Km ,NADP,g6pdh G6P + K, NADP g6panKi,G6P g6pdh)

Keq.g6pdnh—NADP
B <1+ K;i NADP,g6pdh )
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TABLE A.15. Kinetic rate equations used for model 11. Bold typing indicates
terms that are discarded after model recuction. Part I11

6-Phosphogluconate dehydrogenase (vpgdan)

X -
e i,G6P,pgdh \ "pgdh,
Vi opadh ( 6PG NADP— 22— ) ( op,

A+4+-B

A=6PG NADP+Kmn 6pG,pgdh NADP+K ., NADP,pgan6PG

Vi.pgdh G K; ,F6P,pgdh \ "pgdh,2
B= f.pg (K P5P(1+ 6PG ))Jr( . .pg ) ,
Vi,pgdh Keq,pgdn m,P5P,pgdht K, 6PG,pgdh FeP

Entner Doudoroff pathway (vpghi)

N Tpghl,2
Vi pght 6P G ™ pohl;1 (K#) »9
g a,F6P,pghl

K., pghlnpghl’l +6Pan9hl’1

Lumped transketolase and transaldolase reactions (Vikata)

Vianea (PSP RALEER)

(Km,Psp,tkta-‘r P5P (1""%) +A)

A= Vs tkta(Km, Fep,tkta GAP+Km, capP tkta F6P+GAP F6P)
Vr,tktaKeq,tkta

Nucleotide biosynthesis (Vrppk)

n k,2
VeeppiPEPRppk1 (o ADE__)" rep
’ a,ADP,rppk

Km P5P rppknrppk’l +P5Pnrppk,1

DAHP synthase (Vaanps)

Vf,dahpsP5P PEP
(K P5P. dahps+P5P) (K pEP, dahps+ PEP)
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A.7.4 Parameters of Model 11 - Before and After Reduction

TABLE A.16. Parameters of model 11 before and after the model reduction
process. Part 1

rate parameter before after unit

equ. reduct. reduct.

Upts  Kfopts 4.358 3260 mM~(preatipis2—1g—1
Tpts 1 0.996  0.747 1
Npts.2 1.053  1.566 1
Kby pts 0.814 1218  mM ™~ (Pws3tnpesa—1)g—1
Npts.3 1183 1.591 1
Npts 0.141 1

Upgi Kfpgi 0.999  0.994 mM~(rer1 =11
Npgi,1 0.952 1.405 1
Kb pgi 0.997  0.993 mM~ (Meeiz b1
Npgi 2 0.996  1.000 1

Vgip Viglp 1.976  1.886 mM("atr1 g1
Kom.c6P.glp 0.991  0.976 mM
Km,ATP,glp 1.133 1.161 mM
K’i7G6P7glp 0.626 0.629 mM
Ngip1 0.769 1.262 1

Upfk b 1.003 1.037 1
D 0.999 1.065 1
e 0.999 1.046 1
L 0.959 1
c 0.998 1
KIn,ATP,pfk: 0.838 0.811 mM
Top k1 0.999 1
Ki,ADRpfk 0.999 mM
Npfk,2 0.981 1
K’i7F6P7pfk 0.999 mM
Topfie3 14811 20.104 1
Ki,PEP,pfk 0.988 0.984 mM

Vpan  Vfpdn 0.996 1.026 mM"pdntlg1
Km,Pyr,pdh 0.996 0.992 mM
Ko, NAD pdh 0.996 0.985 mM
K’i7AcC()A,pd}L 0.998 0.973 mM

Npdh 1.696 1.700 1
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TABLE A.17. Parameters of model 11 before and after the model reduction

process. Part II

rate parameter before after unit
equation reduction reduction
Upghl Ko, reppghl 1.135 1.143 mM
Npghl,2 7.404 11.977 1
Vrmur Vi mur 0.399 - mM st
K’m7F6P7'mu'r' 1.786 - mM
KTVL7ATP7TILU‘I' 10.740 - mM
UFBPase Vf,FBPase 0.124 - mM 871
Km,FBPase 68.429 - mM
NFBPase 1.960 - 1
Valdo Vinaz.aldo 0.897 0.991 mM s~ 1
Naldo,1 3.091 3.203 1
Ko, F6P,aldo 4.991 4.601 mM
KG3paido 0.811 0.789 mM
Naldo,2 2.671 2.872 1
VFBP-BM  V§FBP—BM 0.044 - mM s~}
NFBP—BM 5.040 - 1
K reP-BM 8.505 - mM
Vtim Vi tim 1.557 1.513 mM s~!
K. DHAP,tim 1.034 1.032 mM
Vi tim 1.114 1.166 mM s!
K.cAPtim 0.834 0.830 mM
Vg3pdh V. g3pdh 1.559 1.783 mM s !
Ng3pdh,1 1.092 - 1
Ky DHAP,g3pdh 3.812 4.066 mM
K, cit,g3pdn 2.072 2.064 mM
Ng3pdh,2 5.692 5.900 1
Vgly Vf,gly 2.947 4.674 mM 871
Ngiy.1 1.592 2242 1
K’rn7G3P7gly 1.662 1.609 mM
K, rep, gty 1.818 1.782 mM
Ny 2 6.135 5696 1
VgAP-PEP V}GAP—PEP 1.929 1.936 mM s~ !
K, GAP,GAP—PEP 3.672 3.250 mM
K, NAD,GAP-PEP 4.290 4.069 mM
Ky, ADP,GAP—PEP 6.783 6.399 mM
USer Vf7S€7' 0.285 - mM S_l
NSer 10.551 - 1
Km,GAP,Ser 15.114 - mM
vPEP-BM  V§PEP-BM 1.321 - mM s~
Kipep,PEP-BM 1.246 - mM
Ko aTP,PEP—BM 41.119 - mM
K. PEP,PEP—BM 14.726 - mM
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TABLE A.18. Parameters of model 11 before and after the

process. Part I11

Appendix A. Material and Methods

model reduction

rate parameter before after unit

equation reduction reduction

Upk Vi pk 1.113 1.390 mM s~ !
Keq.pk 0.801 0.778 1
Ki pyrpk 1.259 1.884 mM
Ko, ADPpk 1.010 0.760 mM
Ki pEPpK 0.391 0.341 mM
Km7PEP,pk 1.094 0.827 mM
Vo pk 2.444 3.662  mMs!
Ko, aTPpk 0.799 0.609 mM
K’rrL7Py7'7pk 0.107 - mM
Ki,ADP,pk‘ 2.232 3.322 mM
Ki ceppk 1.030 1.064 mM
Tpk 1 2.074 2.483 1
K psppk 1.949 - mM
Npk,2 0.089 - 1

Vpgdh Vi pgdh 0.283 0.222 mM s
Keq pgdn 1.712 1.811 mM~!
Kp6PG,pgdn 26.696 - mM
K, NADP pgdn 5.813 - mM
Vb, pgdh 1.130 0.883 mM s~!
Km7p5p7pgdh 3.353 5.018 mM
K 6PG pgdh 1.388 1.045 mM
K. c6Ppgdh 11.543 8.676 mM
Npgdh,1 3.268 2.454 1
K reppgdn 24.530 - mM
Npgdh,2 54.790 - mM

Vtkata Vi tkata 1.134 - mM st
Keq,tkata 1.043 - mM
K’rn7P5P7tkata 2.265 - mM
K cAptkata 0.810 - mM
Vi tkata 0.218 - mM s
K’m7F6P7tk‘ata 13.410 - mM
K’rrL7GAP7tkata 0.868 - mM

Vrppk Vi ropk 0.308 - mM s~
TNrpph 1 1.477 - 1
Ky, psp 2.346 - mM
Ka,ADP 14.891 - mM
Norppk,2 2.263 - 1

Vdahps V. dahps 0.400 0.043 mM s !
Kpsp.dahps 5.591 16.996 mM
Kpepdahps 6.238 17.827 mM
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TABLE A.19. Parameters of model 11 before and after the model reduction
process. Part IV

rate parameter before after unit

equ. reduct. reduct.

Vgepdh  VF,g6pdh 8.384 1.700  mMs™!
Km,NADP,ngdh 3.533 - mM
K cep,g6pdh 0.727 - mM
Keq g6pdn 2.131 - mM
K NADP g6pdn 0.145 - mM
K, c6p,g6pdh 4.058 - mM

Upght  V§.pghl 1.551 1.514 mMs™!
Npghl,1 4.293 7.381 1

K, 6pG,pghi 2.979 3.032 mM
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A.7.5 Model 13

TABLE A.20. Mass balances used for model 13.

d}géP = Upts — Upgi — Vg6pdh
dt = Upgi — Upfk + VFBPase T Vtkb + Vtkata
dFBP _ _ —
ng,gp = Upfk Valdo UFBPase
d
=i = Ugldo — VGAP—PEP — USer — Utim T Utkb
dDHAP _ )
T - Valdo + Vtim
dPg’P _ _ _ _ _
dt = UVUGAP-PEP Upk Upts Vdahps UPEP—-BM
—Vdahps
dPyr
TL = Upk — Updh + Upts
d6 PG — _
7 = Vg6pdh — Upgdh
dIgSP _ _ -9 _
T - Upgdh Vtkb * Utkata Vdahps
dﬁélp _ 2
di — * Utkata — Vtkb — Udahps
Abbreviations:
Upts phosphotransferase system
Upgi phosphoglucoisomerase
Vg6pdh glucose 6-phosphate dehydrogenase
Upfk phosphofructokinase
VFBPase fructose 1,6-bisphosphatase
Vtkata lumped transaldolase/transketolase A
Valdo aldolase
vgap—peEp lumped GAP to PEP reaction
Vtim, triosephosphate isomerase
Vgly glycerol synthesis
Upk pyruvate kinase
Vdahps DAHP synthase
VPEP—BM "biomass’ synthesis from PEP
Updh pyruvate dehydrogenase
Upgdh 6-phosphogluconate dehydrogenase
Vtkb transketolase B

VSer serine synthesis
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TABLE A.21. Kinetic rate equations used for model 13. Bold typing indicates
terms that are discarded after model reduction. Part I

Phosphotransferase system (vpts)

Vinax,pts Gluc PEP
(Km, Gluc, pts+ Gluc) (Km, PP, pts + PEP) (K, g6P,pts+ G6P)"'Pts
Phosphoglucosisomerase (vpg:)

( V#,pgi G6P ) _( Vb, pgi F'6P )
Km,G(z'P,pgz Km,F{;‘P,pgz
3 F6P

6P .
1+ Km,G6P,pgi i+ Km,F6P,pgi

Phosphofructokinase (vpsi)

2 D-e-F6P (14 FBP)?(1+ £92) . ATP
(e+1)(LO+F6P o)+ (1+FBP)? (1+- 25 )7)  KmoarepntATP

Aldolase (valdo)

_ DHAP GAP
Vf,aldo ( FBP Keq,aldo )

Ko, FBP,aldo+FBP (1+7Ki DDIf:}faldo ) +A

NGAP,ald TNDHAP, ald
(Kz,GAP,aldo> o (KI,DHAP,aldo> e

GAP DHAP

NE4P,ald MATP, ald
K B4p,aldo #7000 K ATP . aldo e
E/P ATP

NPEP,ald ) NGit, ald
PEP alde Citrate whatde
Ka, PEP,aldo K, cit,aldo

A _ Vf,aldo
Vi atdo K eq, aldo

. (Km7GAp,aldoDHAP + Km,DHAP,aldo GAP + DHAP GAP)

Triosephosphate Isomerase (vtim)

( V¢ tim GAP ) ( Vi 4im DHAP )
L fetim 707\ Tbitim TS
Ko GAP, tim Ko DHAP tim
1+ GAP 1. DHAP
Kom,GAP, tim Ko, DHAP, tim

combined reactions: vGap—pEP = VGAPDH * VPGM * VPK * Veno

Viax.cAap—pep GAP NAD
A+Kn nap,gap—pep GAP+Ky, gap,cgap—pep NAD+GAP NAD
A=K, cap,cap—PEPKm NAD,GAP—PEP
Serine synthesis (vser)

Vinas,ser GAPYSer
mesernSerﬁ»GAPnSer
Pyruvate Kinase (vpk)
Vs ok PEP Vi, pk Pur ATP
( Km,PEP,pk ) 7( Km, Pyr pk )

PEP .. _Pyr ATP
I+% TR
m,PEP,pk m, Pyr,pk
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TABLE A.22. Kinetic rate equations used for model 13. Bold typing indicates
terms_that are discarded after model reduction. Part IT

Pyruvate dehydrogenase (vpdn)

AcCoA
Vi opdh (Pyr NAD— m)

Pyr NAD+K o pyr.pin NAD+Km D pan Pyr+ A+ ( f2528 ) "Pdb

Ki pdh
_ _ Vipan Pyr
A= Vi, pah Keq,pdn <Km7ACCOA7pdh + AcCoA <1 + K pyr,pdn

Fructose 1,6-Bisphosphatase (VFBpase)

Vinax, FBPase F'BP" FBPase
K 1, FBPase " FBPase + FBP ™ FBPase

Glucose G-phosphate dehydrogenase (vgepdn)

Vinaz.gipah GEP NADP
(Km,c6p,g6pdh+G6P) (Km, napp,g6p+ NADP) (K, G6p,g6pin+ G6P)" 96pdh
6-Phosphogluconate dehydrogenase (vpgan)

Vi.pgah 6PG NADP
Kia,pgdh Km,NADP, pagh+ K m ,NADP,pgah 6P G+ K, PG, pgah NADP+6PG NADP
Transketolase B (vikb)

V. B4P C5P

(Km, 4P, ks +E4P)(Km, csp,tp+ C5P) (KFGP,tkb‘i‘%

)"tkb,l :

GAP Ttkb, 2 AMP
(KGAP,tkb+K7) ’ KAMP,tkb+W

)"tkb,s
i,GAP,tkb P, tkb

Lumped transketolase A / transaldolase reaction (Vikata)

V. thata C5P"tkata,1

n AMP
(Kmycgp,tkam+C5P thata, 1 )(KAMP,tkata+ K, thata

) Mikata,2

DAHP synthase(Vaahps)

Vmax,dahps PEP-NADPH-E4P
A+B

A=K PEP,dahps(Aa+K; E4P dahps PEP+PEP E4P)

Aa = K; gap,dahps K i NADPH dahps + Ki, NADPH,dahps EA4P
B=NADPH(Bb+Ki, £4p dahps EAP+PEP+NADPH)

Bb = K; gapr,dahps Km,PEP,dahps + Km,NADPH,dahps 4P




A.7 Modeling 381

A.7.6 Spline function

Smoothing splines were used for data processing by implementing the rou-
tine, e02bac of the NAG C library (http://www.nag.com/numeric/cl/ CLde-
scription.asp). This method supports to assign weights to the data, which
turned out to be important if different data accuracies are considered as
well as varying numbers and positions of interior knots. For splining, the
analytical function of the weighted cubic B-splines [Hay74] was found to
be well suited and superior to alternative approaches.

A.7.7  Metabolic Flux Analysis (MFA)

The mathematical modeling of '3C labeled isotopomer information for
the determination of metabolic fluxes in C. glutamicum and E. coli was
performed using the 3C-flux software package ([WMI*T99], [MWKdG99],
[PAGE™00]). A flux balance analysis was integrated into the flux analy-
sis, and the inputs and outputs of the metabolic network, as determined
from measurements of substrate uptake and excretion rates, were input
into the analysis. Using this mathematical framework, fluxes in the central
metabolism were identified by the best fit of simulated labeling data to the
NMR measurements, minimizing the sum of squared deviations between
simulation and NMR data.

A.7.8 C. glutamicum Model for MFA with Growing Cells

The precursor fluxes for biomass synthesis and the reaction network de-
scribing the central metabolism of Corynebacterium glutamicum were taken
from [MdGW™96]. This included the reactions of glycolysis, the pentose-
phosphate pathway (PPP), the tricarboxylic acid cycle (TCA) cycle and
the glyoxylate pathway. The various pentose-5-phosphates and the triose
phosphate pools were each lumped together. In the model, PEP and pyru-
vate as well as oxaloacetate and malate were merged into single PEP/ pyru-
vate and oxaloacetate/malate pools, respectively. The total set of anaplerotic
C3-carboxylating and C4-decarboxylating reactions was handled mathe-
matically as a single bidirectional reaction step between PEP/pyruvate
and oxaloacetate/malate. The following enzyme reactions were also pro-
grammed as being reversible: transketolase, transaldolase, succinate dehy-
drogenase and fumarase. The substrate uptake and all precursor effluxes
into biomass polymers were set as unidirectional. In the present study, the
model also included the biosynthesis of trehalose from glucose-6-phoshate.

A.7.9 C. glutamicum Model for MFA with Non-Growing Cells

The approach of Marx et al. [MAGW196] was used to model the intra-
cellular fluxes of the glycolysis, the pentose-phosphate pathway (PPP),
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the tricarboxylic acid (TCA) cycle and the glyoxylate pathway during
L-lysine production with non-growing, L-leucine limited C. glutamicum
MH20-22B cells. The various pentose-5-phosphates and the triose phos-
phate pools were each lumped together. In the model, PEP and pyruvate
as well as oxaloacetate and malate were merged into single PEP /pyruvate
and oxaloacetate/malate pools, respectively. The total set of anaplerotic
C3-carboxylating and C4-decarboxylating reactions was handled mathe-
matically as a single bidirectional reaction step between PEP/pyruvate
and oxaloacetate/malate. The following enzyme reactions were also pro-
grammed as being reversible: glucose 6-phosphate isomerase, (glycerin alde-
hyde) GAP — 3 phospho glycerate (PGA) conversion (lumped reaction),
PGA-PEP/PYR conversion (lumped reaction), transketolase, transaldolase,
succinate dehydrogenase and fumarase. The substrate uptake and all pre-
cursor effluxes into biomass polymers (as far as considered due to numerical
reasons) were set as unidirectional. In the present study, the model also in-
cluded the biosynthesis of trehalose from glucose-6-phoshate.

A.7.10 E. coli Model for MFA with Non-Growing Cells

The metabolic model included reactions from glycolysis, pentose phosphate
pathway and the tricarboxylic acid cycle (see following Table A.23). The
glyoxylate shunt was assumed to be inactive under the aerobic experimen-
tal conditions. This also held also true for the Etner-Doudoroff (ED) path-
way. The pools phosphoenolpyruvate (PEP) and pyruvate (PYR) as well
as oxaloacetate (OAA) and malate (MAL) were lumped leading to a PTS
decoupling from the PEP/PYR conversion. The reactions of the L-Phe pro-
duction pathway and the respective C-atom transitions were implemented
as shown (see also Figure A.3). Fluxes were estimated by using an evo-
lutionary optimization which was followed by a local optimization (opti-
mizers are CooolEvoAlpha and CooolBFGSAlpha from the Coool library
http://coool.mines.edu/).
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TABLE A.23. Model reactions for metabolite flux analysis studying non-growing
E. coli 4pF81 during L-Phe production. uptl and upt2 denote the non-labeled
and the [1-13C] labled glucose uptake, respectively. The initial labeling position is
given by *. It is noteworthy that bsPHEa and psPheb code for the same PHEaux
synthesis leading to two isotopomers which are equally found by NMR. C-atom
transitions are indicated by letter sequences and represent the basis for the set-up
of the isotopomer mapping matrix.

Name Reaction C-atom transition
uptl Glu13C>G6P *ABCDEF > *ABCDEF
upt2 GlucNat>G6P ABCDEF > ABCDEF
empl G6P>F6P ABCDEF > ABCDEF
emp?2 F6P>FBP ABCDEF > ABCDEF
emp3 FBP>GAP+GAP ABCDEF > CBA+DEF
emp4 GAP>PEP/PYR ABC > ABC
pppl G6P>CO2+RubP ABCDEF > A+BCDEF
ppPp2 RubP>X5P ABCDE > ABCDE
ppp3 Rub5P>Ri5P ABCDE > ABCDE
ppp4 X5P+E4P> ABCDE+abced >
GAP+F6P CDE+ABabced
ppPpP5 X5P+Ri5P> ABCDE+abcde >
STP+GAP ABabcde+CDE
ppp6 GAP+S7P> ABC+abcdefg >
E4P+F6P defg+abcABC
teel PEP/PYR >AcCoA+CO2 ABC > BC+A
tce2 AcCoA+MAL/OAA>ICIT AB+abed > dcbaBA
tceed ICIT>AKG+CO2 ABCDEF > ABCEF+D
tecd AKG>SUC+CO2 ABCDE > BCDE+A
techa SUC>MAL/OAA ABCD > ABCD
teehb SUC>MAL/OAA ABCD > DCBA
anal PEP/PYR+CO2> ABC+a >
MAL/OAA ABCa
bsUracil MAL/OAA+CO2> ABCD+a >
Uracil+CO2 CBAa+D
Uracilaux  Uracil>UracilAux abcd > abced
bsDAHP  PEP/PYR+E4P>DAHP ABC+abed > ABCabced
bsSHI DAHP>SHI ABCDEFG > BCDEFGA
bsPheA PEP/PYR+SHI> ABC+abcdefg >
L-Phe+CO2 ABCabcdef+g
bsPheB PEP/PYR+SHI> ABC+abcedefg >
L-Phe+CO2 ABCafedcb+g
Pheaux PHE>PHEAux ABCEFGHIJ > ABCDEFGHIJ
CO2aux C0O2>CO02Aux A>A
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FIGURE A.3. Overview of the simplified aromatic amino acid pathway model
used for 3C based metabolic flux analysis. Please note that all carbon atoms
that originate from PEP are indicated with large letters while E4P origins are
considered with small letters. 'reac 1’ describes the lumped reaction from PEP
and E4P via DAHP synthase, 3-DHQ synthase, 3-DHQ dehydratase and SHI
dehydrogenase to SHI. ’reac 2’ sums up the following conversion from SHI to
S3P including PEP via EPSP synthase to EPSP and later on to chorismate
(CHO). The reactions 'reac 3’ and ’'reac 4’ both symbolize the last conversions
from CHO to L-Phe.
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A.7.11 FE. coli Model Used for Linear Programming

The linear programming approach used to study the optimum L-Phe forma-
tion with non-growing F. coli used the stoichiometric matrix as presented
in Table A.24. The underdetermined reaction system (two degrees of free-
dom) was solved by considering the following constraints:

e The P/O ratio was assumed to be constant at 1.8, a heuristic value
already used by previous studies [Sch99b] which (more or less) corre-
sponds to typical assumptions published elsewhere [Wie02b].

e Reactions of the tricarboxylic acid cycle were lumped to one tca flux,
because no efflux into biomass synthesis had to be considered (non-
growing cells).

e Balances for NADH, NADPH, ATP were not closed but open.

e Flux limit constraints were used: respiration (resp), tricarboxylic acid
cycle (tca) and futile cycling (fut) had to be positive.

e For optimization the following constraints were used: maximization
of L-Phe flux and minimization of futile cycling activity (fut).



Appendix A. Material and Methods

386

TABLE A.24. Stoichiometry and flux constraints used for linear programming

considering L-Phe production in non-growing E. coli
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A.7.12 FEstimation of Equilibrium Constants for Reactive
Ezxtraction

Because of the relatively low solubility of the carriers in the aqueous phase,
L-Phe transfer is assumed to take place at the aqueous/organic interface. If
the cation-specific reactive extraction process is focused (such as DoEHPA),
the extraction procedure can be described as follows ([TYIT91], [Sch94],
[WIM9T])

Al +2(CH) = AC(CH)3,0rg + H, (A.33)

2,0rg

Here, AT denotes the cation amino acid species, C codes for the carrier
and H represents the proton (counter ion). It is assumed that cation-specific
carriers occur as dimers (CH)s. Thus, altogether four carrier molecules CH
are used to extract one AT. Using reaction equation A.33 an equilibrium
constant K was estimated according to

CAC(CH)3,0rq-CHY,

K = (A.34)

2
€af, C(cH)

with ¢ as the molar concentration of the respected species introduced in
reaction A.33. For further analysis the equilibrium constant K was derived
from experimental data, estimating the amount of carrier/L-Phe complex
in the organic phase by simple mass balancing

Va
CAC(CH)3,07‘9 = (C?‘Laq - C]A,aq) : V 4 (A35)
org

Here cf)47aq and cjl47aq represent the start and equilibrium concentrations
of the amino acid (here: L-Phe) before (0) and after (1) extraction from
the aqueous phase V,, into the organic phase V4.

A.7.13  Estimation of Mass Tranfer Coefficients by Simple
Modeling

Coefficients for the description of mass transfer from the aqueous donor
phase into the organic phase (8p) and from the organic phase into the
aqueous stripping phase (8,) were estimated by a simple modeling ap-
proach. Mass balances were formulated for the donor tank and module 1 as
well as for the stripping tank and module 2. For simplification, it was as-
sumed that concentration gradients inside the modules could be neglected
as previously described [EOI96]. Thus L-Phe mass transfer mpp.p from
aqueous donor to organic phase can be formulated as

mpnep = Bp - Am (CPhe,D - C;qhe,D> (A.36)

with Ay as the effective membrane area, cppe,p as the L-Phe concen-
tration in aqueous phase and ¢, ,, as the equilibrium concentration in
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aqueous phase. Hence the donor tank can be balanced as follows:

dcphe,D

Vo=

= BD : AM (CPhe,D - C(;Ihe,D) (A37)
taking into account the tank volume Vp, which was constant with Vp
>> Vinodule- By analogy, a corresponding equation was derived for mass
transfer form organic to stripping phase.

Using MicroMath”™ Scientist”™ (Salt Lake City, USA) parameters 3,
Ba, c;qhe, p and c;qhe, 4 were estimated using experimental results. It is note-
worthy that for model simplification ¢%, , , and ¢, 4 were considered as
constant and not as time-variant equilibri{lm concentfations, which contra-
dicts usual assumptions. However, this modeling approach only intended
to allow only a rough parameter identification (in analogy to previously
published results of Escalante et al. [EOI96].
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TABLE B.1. List of abbreviations used for metabolites. Part I

Abbreviation Full name

6PG 6-phospho-d-gluconate
AcCoA acetyl-CoA

AKG a—ketoglutarate

ALA alanine

Asp aspartate

CHO(R) chorismate

DAHP 3-desoxy-arabino-heptulosonate-7-phosphate
DHAP dihydroxy acetone-phosphate
DHS 3-dehydroshikimate

E4P D-erythrose-4-phosphate
EPSP 5-enolpyruvoylshikimate-3-phosphate
F6P fructose-6-phosphate

FUM fumarate

G3P glycerol-3-phosphate

G6P glucose-6-phosphate

GAP glyceraldehyde-3-phosphate
Glu13C 13 labeled glucose

GluNat natively labeled glucose
GLN glutamine

GLU glutamate

HPPY 4-hydroxy phenylpyruvate
ICIT isocitrate

ILE isoleucine

Isopmal isopropylmalate

KIVAL a-ketoisovalerate

LEU leucine

Lys lysine

MAL malate

OAA oxaloacetate

Oxival oxoisovalerate

P5P lumped pool of pentose phosphates
PEP phosphoenolpyruvate

PGA 3-phosphoglycerate

PP phenylpyruvate

PPA prephenate

PPY phenylpyruvate

PYR pyruvate

Ri5P ribose-5-phosphate

Rub5P ribulose-5-phosphate
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TABLE_B.2. List of abbreviations used for metabolites Part 11

Abbreviation Full name

S7P sedoheptulose-7-phosphate
SHI shikimate

SUC(C) succinate

URA uracil

X5P xylose-5-phosphate

TABLE B.3. List of abbreviations of miscellaneous purpose

391

Abbreviation Full name
At amino acid cation

AAA aromatic amino acid (pathway)
CTR carbon dioxide transfer rate
(CH)q dimer of the carrier (C) proton (H) complex
E. coli Escherichia coli

ED electrodialysis

FCC flux control coefficient

ISPR in situ product recovery

MFA metabolic flux analysis

MS mass spectrometry

OD optical density

TCA tricarboxylic acid cycle

PPP pentose-phosphate pathway

OD optical density

(O)DE (ordinary) differential equation
OUR oxygen uptake rate

PCA principal component analysis
Pps phosphoenolpyruvate synthase
PPP pentose-phosphate pathway

PTS phosphoenolpyruvate:carbohydrate transferase system
PykA/PykF pyruvate kinase (isoenzymes)

S. cerevisiae
Tal

TCA

Tkt

7. mobilis

Saccharomyces cerevisiae
transaldolase
tricarboxylic acid cycle
transketolase
Zymomonas mobilis
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TABLE B.4. List of abbreviations used for mathematical terms and variables
Abbreviation Full name

A effective membrane area

metabolite concentration, measured

metabolite concentration, simulated

vector of all metabolite concentrations, simulated
vector of all steady-state metabolite concentrations,
simulated

objective function with respect to a

o0 o S

2
>
=

small parameter change

parametric Jacobian matrix

index, parameter

matrix of eigenvectors

eigenvector, represents a column of T’
index, parameter

index, metabolite/variable

index, time interval

Jacobian matrix

index, parameter (and row in I")
eigenvalue

total number of independent metabolites/variables
total number of time intervals
stoichiometry matrix

stoichiometric coefficient

SNZI I AL T MY

S

overall sensitivity with respect to parameter p
total number of parameter

vector of parameters

small parameter change

Covariance matrix

standardized, local sensitivity coefficient
sensitivity matrix

n ® ;U[g’U'U

time
reaction rate

(ST
*

standardized pool velocity
vector of rate equations

volume

discarded entry of an eigenvector

DR < <

error functional
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TABLE B.5. List of parameters and variables used in the total ISPR process

model, Part [

Symbol Unit Meaning

CCconst mmol - Lil total amount of carrier in the organic phase,
constant

CHA mmol - L_l proton conc. in the aqueous acceptor phase

carrier/proton complex concentrations at

CCHD mmol - L_l at the organic/aqueous interface

CCHO mmol - L1 in the organic bulk

CCHOBex mmol - Lil in the organic bulk in the back-extraction module

CCHOEzx mmol - L_l in the organic bulk in the extraction module

CCHO,I mmol - L1 at the organic/aqueous interface

L-Phe concentration

CPhe mmol - Lil in the fermentation suspension

CPheA mmol - Lil in the bulk of the acceptor phase

CPheD mmol - Lil in the bulk of the aqueous phase

carrier/L-Phe concentration

CC PheOBex mmol - L_l in the organic bulk in the back-extraction module

CCPheOEx mmol - L71 in the organic bulk in the extraction module

miscellaneous

Dcap m outer diameter of the hollow fibers

5D m thickness of the aqueous film in the donor phase

KC - equilibrium constant between the interface conc.
of the carrier complex in organic and aqueous
phase, estimated experimentally

T m small distance between reac. plane and interface

mass transfer coefficient of carrier/proton complex from the

k‘CHD m - S_l aqueous organic interface to the reaction plane
inside the aqueous film of the donor phase

k’CHO m - 371 organic bulk to the organic/aqueous

interface inside the organic film

mass transfer coefficient of carrier/L-Phe complex from the

kcphea m-s!
kcpheo m-s !
mass transfer coefficient of

kga m-s !
kpheD m- s

area specific L-Phe flux

“11 2 \—

TPheA mmol - (m”s)

T mmol - (m?s)~
PheD

1
1

aqueous/organic interface to the reaction plane
inside the aqueous film of the acceptor phase
bulk of the organic phase to the

organic/aqueous interface inside the organic film

protons from the bulk to the reaction plane inside
the aqueous film of the acceptor phase
L-Phe from the bulk to the reaction plane inside

the aqueous film of the donor phase

at the aqueous acceptor and organic interface

at the aqueous donor and organic interface




394 Appendix B. Legends

TABLE B.6. List of parameters and variables used in the total ISPR process
model, Part II

Symbol Unit Meaning
average velocity of the aqueous
VA m - 5_1 acceptor phase inside the hollow fibers
of the back-extraction modules
UD m - 8_1 donor phase inside the hollow fibers
of the extraction modules
liquid streams of
VA L-ht acceptor
VD L-h~t donor
VO L-p! organic phase
(buffer) tank volumes of
VA L acceptor
VB L organic cycle (upper tank)
Ve L organic cycle (lower tank)
VD L donor
macrokinetic parameters
1% hil specific growth rate
Hmax hil max. specific growth rate
KIPhe mmol - Lil inhibition constant with respect to L-Phe
KSTyr g L_l Monod-constant for tyrosine affinity
MTyr mmol - (gcpwh)_l maintenace for TYR
T Phe mmol - (gcpwh)il biomass specific L-Phe formation rate
T Phe max mmol - (gCDWh)il max. biomass specific L-Phe formation rate
OTyr mmol - (gCDWh)il biomass specific TYR consumption rate
YXTyr gcow TTL’ITLOl_1 biomass/tyrosine yield.

TABLE B.7. List of Indices

Index Full name

A acceptor, stripping phase
aq aqueous phase

C carrier

CDW cell-dry weight

D donor

eq (at) equilibrium

H proton, counter ion

org, O  organic phase
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