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Producing synthetic fuels via Power-to-Fuel processes requires hydrogen and a carbon source. To attain a sus-
tainable fuel, both reactants must originate from a renewable source. For the carbon source, biogas plants offer
substantial potential. Hence, this paper presents a new biogas-oxyfuel process that couples a biogas plant with
Power-to-Fuel production and enables a decentralized and economical supply of biogenic carbon dioxide for the
production of renewable methanol. By using the oxygen byproduct of the Power-to-Fuel synthesis in the oxyfuel
combustion of a combined heat and power unit, a simple separation of the CO; in the flue gas is made possible.
To analyze the thermodynamic changes within the combustion engine when switching from regular to oxyfuel
combustion, an AspenPlus model of the combined heat and power unit of a biogas plant is built up herein. Due to
the higher heat capacity of the new working gas carbon dioxide in comparison to nitrogen, the ideal Otto engine
cycle’s mechanical efficiency drops by 5.8 percentage point. This drop in efficiency leads to a loss in revenue for
the operator of the biogas plant. Together with the additional equipment expenditures for the CO, separation,
this loss is defined as the CO; separation costs. For a retrofit of existing biogas plants with an installed electric
power of 75—1000 kW, the CO separation costs are determined to be 88—33 €/t. The process shown therefore

offers a promising way to deliver biogenic CO; at low cost for decentralized Power-to-Fuel systems.

1. Introduction

Within the energy and transport sectors, the transition towards
renewable electricity generation and the electrification of drivetrains
will be two key strategies to lower dependency on fossil fuels and
therefore reduce the greenhouse gas emissions. However, some modes of
transportation, for example aviation, maritime and heavy-duty will to at
least a certain extent still rely on liquid energy carriers with high
volumetric energy density. Therefore, Schemme et al. [1] identified
Power-to-Fuel (PtF) as a key to sustainable transport systems. Within
this concept, electric energy (power) is transformed into fuel via the
production of hydrogen in an electrolysis step and a subsequent reaction
step with a carbon source to hydrocarbons, alcohols or ethers. One
prominent example of this is methanol synthesis, which is comparably
simple, already commercially-available for the reactants of Hy and CO,
and is therefore at a high technology readiness level (TRL) [2,3].
Methanol itself can be used as a fuel or transformed into a wide range of
hydrocarbons, ethers or higher alcohols [4]. As can be seen from Eq. 1,

two reactants are needed for the production of methanol:
3H, + CO,—~CH;0H + H,0 @

On the one side is hydrogen and on the other is carbon dioxide. To
fulfill the requirement of being a renewable fuel, it is essential that both
reactants are derived from a renewable source. As mentioned, for
hydrogen this can be achieved through the electrolytic splitting of water
powered by renewable electricity. Proton exchange and alkaline elec-
trolyzers are already commercially available in the MW range [5]. For
carbon dioxide, the question of whether the source is renewable is not as
straightforward. A general overview about possible COy sources for
Power-to-Fuel applications, namely industry flue gases, air and biogenic
sources, can be found in Hanggi et al. [6].

As CO; can be captured in large quantities from different industrial
sectors and capture methods are commercially-available, these sources
were amongst the first to be considered for Power-to-Fuel applications.
Recent examples are the ALLIGN CCUS [7] and MefCO4 [8] projects.
However, nearly all of CO5 emissions produced by industry are derived
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Fig. 1. State-of-the-art biogas separation for Power-to-Fuel usage: (i) biogas upgrading plant flowsheet; (ii) energy balance for the CHP with the resulting ratio of
enthalpy stream b to a and available C-atoms for power-to-fuel usage depending on the heat demand ratio; (iii) graphical carbon balance for ¢~=0.3.

from the combustion of fossil energy carriers, which will be significantly
reduced in order to achieve the necessary greenhouse gas emissions
reductions and hence will not be as readily available in the future.
Furthermore, using CO5 captured from fossil energy generation for the
production of synthetic fuels would contradict the entire principle of
generating a renewable fuel. In the worst case scenario, this approach
would even justify the extended operation of facilities using fossil
feedstocks. Therefore, only the process-related and unavoidable CO,
emissions, as they partially occur alongside cement and steel produc-
tion, could be seen as suitable Power-to-Fuel reactants. Here, a double
use of CO5 would at least reduce overall emissions.

The second source of CO; for Power-to-Fuel applications is the direct
capture of CO from the air (DAC: direct air capture) [9]. Several com-
panies and research associations have developed various techniques to
efficiently ad- or absorb carbon dioxide from the atmosphere [10]. Pilot
plants and a first commercial plant have been built recently [11]. The
use of the separated CO; in Power-to-Fuel systems is investigated, for
instance, in the SOLETAIR project [12,13] and is foreseen for the
planned Nordic Blue Crude plant in Norway [14]. The main advantage
of this concept is that the supply of CO; is location-independent and can
therefore be supplied where renewable electricity can be generated at
low cost. This is especially important for the Power-to-Fuel technology,
as it depends on inexpensive hydrogen. This is shown in Schemme et al.
[15], where the Hj cost was determined to be responsible for 58-83 % of
the total production cost of synthetic fuels. The drawback of the DAC
technology is that the energy demand is higher than, for example, the
capture of CO; from flue gas [16]. To ensure carbon-neutral CO;, pro-
duction, the energy consumed within the recovery would have to orig-
inate from a renewable source as well.

The third CO; source for a possible PtF application are biogenic CO,
emissions. Here, the production of ethanol via fermentation and of
biogas are the main routes. In Europe and foremost in Germany, biogas
production is a well-developed technology with a high degree of dis-
tribution [17]. Biogas contains between 30—50 vol. % of COj, the
remaining 50—70 vol. % being methane [18]. Approximately 17,000
biogas plants are operated in Europe with over 10,000 running in Ger-
many [19]. For Germany, Billig et al. [20] determined the amount of
CO4 within biogas to be 12 Mt/a, which would be a significant source for
synthetic fuel production. CO from biogas plants has already been
analyzed or used in further reactions. Angelidaki et al. [18] examined
several biogas upgrading technologies using hydrogen to enhance the
methane yield, thus also coupling electrolysis systems with biogas plants
in so-called Power-to-Gas processes. Two general possibilities are dis-
cussed: CO; can be either separated from biogas and chemically-reacted

in the Sabbatier reaction to form methane or biologically-transformed
into methane via hydrogen supply into the liquid phase of the biogas
fermenter. Several pilot plants for Power-to-Gas applications are in
operation [21], of which some use biogas as the COy source. One
example is the AUDI Power-to-Gas synthetic methane plant in Werlte,
Germany, which uses CO; extracted from biogas and hydrogen from an
electrolysis unit to produce synthetic methane [22]. On the side of liquid
instead of gaseous synthetic fuel production, Marchese et al. [23] pro-
posed a Power-to-Liquid system that coupled a biogas upgrading plant
with an electrolysis unit and Fischer-Tropsch synthesis.

The significant biogenic CO, potential from biogas plants is distrib-
uted amongst the already mentioned large amount of biogas sites in
Europe. In order to harness this potential, CO, must be separated from
the biogas. This is currently performed in 216 biogas upgrading plants
out of 10,000 total biogas sites in Germany [24], which are in average
larger than the biogas plants without upgrading [25]. The recovered
methane is fed into the natural gas grid, whereas the separated CO, is
released into the atmosphere and could instead be accessible for
Power-to-Fuel usage. The separation is performed using the established
technologies of amine or water pressure washing, membrane processes
or pressure swing absorption [18]. The small number of biogas
upgrading plants, in contrast to the total amount of biogas sites, has an
economic rationale. The average electric power of a biogas plant in
Germany is 500 kW [25], which translates into a biogas flow of 208
Nm?/h if a mechanical efficiency of 0.4 for the combined heat and power
unit (CHP) [26] and the volumetric energy content of a typical biogas of
6 kWh/Nm? [27] are assumed. Sahota et al. [28] report on a minimum
capacity of biogas-upgrading plants of 200 Nm®/h, below which
biogas-upgrading plants cannot be economically operated. The reason
for this behavior is the significant economy of scale effects between
biogas capacities of 250-500 Nm>/h on the investment costs for biogas
upgrading technologies reported in Beil and Beyrich [29] and Bauer
et al. [30]. An average biogas plant is therefore too small for an
economically-viable biogas upgrading operation. This leads to the
observation that the COy from the majority of biogas plants is not
directly accessible for Power-to-Fuel applications and the biogas is
therefore burnt in a CHP to generate electricity and heat. The question
that therefore arises is: Can the significant but highly distributed carbon
potential of biogas plants be made available in an economical manner
for Power-to-Fuel applications?

To answer this question, the analysis in Fig. 1 shows the status quo of
a biogas upgrade plant which, under the current state-of-the-art, would
be necessary to provide carbon dioxide in the biogas for PtF usage. Fig. 1
(i) depicts a typical scheme of a biogas plant with a subsequent



F. Schorn et al.

Power-to-Fuel system

Water L

Journal of CO2 Utilization 45 (2021) 101410

|
Electricity
|

Synthetic
fuel

|
1 | Fuelsynthesis —
|

Oxyfuel combustion

Fig. 2. Coupling of Power-to-Fuel systems with oxyfuel combustion.

separation of CH4 and CO,. After leaving the fermenter, the biogas (a) is
split into two streams, (b) and (c). Stream (b) is sent to a CHP to supply
the necessary heat for the fermenter and produce electricity for the local
grid. Stream (c) is separated into methane (d) and carbon dioxide (e),
which would then be accessible for Power-to-Fuel applications. Ac-
cording to the central coordinating agency in the area of renewable
resources in Germany (FNR) [27], a typical ratio c; of the heat demand
for a fermenter Qf to the total energy of the produced biogas (H,) is
about 0.3. Furthermore, a typical mechanical efficiency for a biogas CHP
is approximately 0.4 [26]. If we take these numbers and place them in
the energy balance around the CHP given in Fig. 1(ii), the results show
that the biogas flow (c) going to the separation is significantly reduced to
only 50 % of the original biogas flow (a) from the fermenter. This
behavior is shown for varying heat demand ratios ¢, in the graph of
Fig. 1(ii). On the left axis, the enthalpy ratio of stream (b) to (a) is given.
With rising ¢; from 0.1 to 0.5, the amount of biogas that must be burnt in
the CHP increases from 17 to 83 % of the total biogas produced. On the
right axis, the resulting quantity of carbon atoms for possible PtF ap-
plications is given in orange. Here, not only the CO», but also the carbon
within the methane, is considered. Depending on the heat demand of the
fermenter, only 7-33 % of the produced biogenic carbon atoms would be
accessible for Power-to-Fuel usage. This is also shown in Fig. 1(iii). Of
the total amount of carbon in the biogas (1), only 20 % (e = 0.2) is
available for possible PtF application for the typical heat demand ratio
of 30 % of the fermenter’s enthalpy flow.

This evaluation shows that a typical biogas separation plant, apart
from the aforementioned minimum size limitation, is not an optimal
carbon source for a PtF application, as the maximum yield of biogenic
carbon is only about 33 %. This is reasonable, as within the process
presented in Fig. 1, the desired products are heat, electricity and
methane. However, if the aims were re-defined as exploiting the full
carbon potential of the biogas and still being able to produce heat and
electricity, a complete combustion of biogas in a CHP with a down-
stream separation of CO, would be necessary. Given that every methane
molecule reacts to a carbon dioxide molecule during combustion, the
volumetric quantity of biogenic CO, for PtF usage per plant would
approximately double. This is already done in the large majority of the
noted 10,000 biogas plants in Germany. The problem with a regular
combustion process in a CHP is that the produced CO, is highly diluted
by the nitrogen in the air. A stoichiometric combustion of a biogas
containing 50 % methane would lead to an exhaust gas with a volu-
metric CO, content of approximately 25.8 % (2 / 7.762); see Eq. 2.

79
CH, + CO, +2(0, + ﬁNz) —2CO0, + 2H,0 + 3.762 N, (2)

To capture the carbon dioxide from the flue gas, the complex

technology of flue gas separation would be necessary, which would
again not be economically-viable.

The dilution of the flue gas with nitrogen can be avoided by means of
an oxyfuel combustion. Here, the fuel is combusted with pure oxygen,
leaving only a flue gas mixture containing water, CO2 and potential
incombustible pollutants [31]. The oxyfuel combustion with further
separation of the CO5 was already investigated for power plants [32]
and the production of cement [33]. In such applications, oxygen is
supplied through an air separation unit. Since in a Power-to-Fuel system,
oxygen is a byproduct of water electrolysis, the coupling of oxyfuel
combustion in a biogas plant and a Power-to-Fuel application can be
beneficial. This concept is qualitatively shown in Fig. 2. The coupling of
the similar Power-to-Gas technology with an oxyfuel combustion of
natural gas for electric grid balancing is discussed by Bailera et al. [34].
To the best knowledge of the authors, a system analysis of a biogas plant,
coupled with a Power-to-Fuel system to enable an oxyfuel combustion
and a simple separation of the CO» has not been investigated thus far.
For this purpose, a system will be investigated as shown Fig. 2 with the
focus on the oxyfuel combustion of biogas. Therefore, the aim of the
present work is to analyze the retrofit of existing biogas plants to an
oxyfuel operation. Here, the mass balances, thermodynamic changes
within the system and the economic impact of such a retrofit will be
analyzed. This concept enables then a biogenic carbon dioxide supply
for decentralized Power-to-Fuel systems or other carbon dioxide use
cases.

2. Methodology and approach

As is presented in the introduction, the overall goal of this study was
to answer the question as to whether the significant but highly distrib-
uted quantity of biogenic CO, emissions can be made accessible in an
economical fashion for Power-to-Fuel applications. This question will be
answered by outlining the principle, characteristics and economics of a
biogas-oxyfuel process. The process can either be used to retrofit already
existing biogas plants or for new ones to use the easily available carbon
dioxide in synthetic fuel production. The focus of this paper lays on the
retrofit of already existing biogas plants. The following chapter will
explain the methodology and approaches used. After highlighting the
overall flow chart of the process, the modeling approach followed will
be presented. This includes the implementation of the thermodynamic
conditions of a four-stroke gasoline engine with the help of process
engineering software, the subsequent adaptation to a fuel gas consisting
of biogas, oxygen and CO; and the separation of CO; out of the flue gas
of the oxyfuel process. For the economic evaluation, the principle and
assumptions are described at the end of this section.
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2.1. Process flow sheet of the developed biogas-oxyfuel process

Biogas + process. Within the electrolyzer, water is split into oxygen and
hydrogen by means of renewable electricity. Hydrogen is sent for
methanol synthesis while the oxygen byproduct is sent to the combined
heat and power plant where it is mixed with biogas from the fermenter
as well as recycled and cooled CO». The recycled CO, takes over the role
of the inert gas, which is usually N when combusting with air. The
exhaust gas from the CHP is cooled down in a condenser to partially dry
the flue gas. The resulting CO; stream is split into two streams, which are
guided to the methanol synthesis and exhaust gas recirculation (EGR)
segments.

Methanol Looking at the scheme, a couple of questions arise, namely:
synthesis

.‘ CO, Fig. 3 shows the general scheme of the developed biogas-oxyfuel

Fermenter

0 0,

H,

Electrolyzer

1 Overall mass balance: How much methanol can be produced from a
given amount of biogas? Is sufficient oxygen produced as a byprod-
uct of electrolysis to run the oxyfuel process?

2 How is the maximum temperature in the CHP controlled? What are
the additional differences in the combustion thermodynamics of
using CO» instead of Ny as an inert gas?

Fig. 3. Scheme of the biogas-oxyfuel process.

co,
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25%CO, ; . 1 mol CO, ;
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Fig. 4. Molar balance for the maximum methane content of biogas of 75 vol.%.
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Fig. 5. Transfer of the four-stroke Otto cycle in process engineering software.
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To answer the first question, Eq. 2 shows the general stoichiometric
combustion equation for 1 mol of biogas with a variable amount of CH4
of 0> yey, < 1:

ery*CHy A (1= yep, )+ COy 422y oy, » O2—1-COy + 24y oy« H, O 3

One key result of this equation is that the amount of CO5 per mole of
biogas is independent of the share of methane in the biogas, as every
mole of methane reacts to one mole of CO5. This also results in the
conclusion that one mole of methanol can be produced per mole of
biogas; see Eq. 1. However, to convert one mole of COz into one mole of
methanol, 3 mol of hydrogen are needed. With the production of 3 mol
of hydrogen during electrolysis, 1.5 mol of oxygen are produced as a side
product:

3H,0-3H, +1.50, @

Therefore, the maximum share of methane within biogas in the oxyfuel
production of methanol can be:

15+02 = 2%y, * O cm, = 075 (s)

As biogas seldom exceeds a methane content of 75 vol.% [35], it can
be stated that the oxygen produced in the electrolysis exceeds the oxy-
gen demand for the oxyfuel combustion. Fig. 4 shows the molar balance
for the maximum methane content of 75 vol.% in the biogas. For any
concentration with less than 75 vol.% methane, surplus oxygen will be
produced by the electrolysis unit.

To answer the second question, the thermodynamic states of the
combustion process must be assessed. This was done by setting up a
process model that will be introduced in the following section.

2.2. Process modelling of the cogeneration unit

To analyze the key thermodynamic states within the CHP, two pro-
cesses were modelled using the process engineering software, Aspen-
Plus. First, a base process was set up to transfer a regular four-stroke
Otto cycle, which a CHP uses, in a steady-state process engineering
simulation by evaluating the thermodynamic conditions for each of the
following steps: adiabatic compression, isochoric combustion, adiabatic
expansion and the gas exchange. The principle with the chosen effi-
ciencies [36], assumptions and thermodynamic models is shown in
Fig. 5. Second, the base model was further adapted to the oxyfuel
combustion process. For this purpose, air was replaced by pure oxygen
and recycled CO; from the flue gas.

2.2.1. Base model

For the base model, the four transitions from one step to the other of
the Otto cycle shown in Fig. 5 are modelled in AspenPlus using the Peng-
Robinson equation of state model [37,38] in the following way:

1-2 The compression of the intake gas mixture is modelled as an
adiabatic compression (Compr) with an isentropic efficiency of 70 %

[36]. With a defined compression ratio €, the pressure at stage 2 (p2) is
calculated with a design specification. It varies py so that the following
constraint is met:

EZE:&withm]:mz 6)

Vaoop

2—3 The second step is modelled as an adiabatic reactor with iso-
choric combustion (RStoic). As the mass and volume remain constant in
this step, the density will also not change. Therefore, the pressure can be
calculated by adapting the reaction pressure to fulfill the requirement
P3 = Pa--

3—4 The adiabatic expansion (Compr) is modelled with the condi-
tion that the densities of step 1 and 4 are equal, as are the mass and
volume. The isentropic efficiency is again 70 %. The final pressure p4 is
calculated by fulfilling design specification p, = p;.

4—5 To model the gas exchange with a steady-state process engi-
neering software, the remaining pressure p4 in the cylinder is expanded
in a turbine (Compr) to atmospheric pressure. This agglomerates the
two-step exhaust discharge and fresh mixture intake. As the atmospheric
pressure is constant, no further design specification must be added. The
turbocharger is modeled with an isentropic efficiency of 76 % and a
mechanical efficiency of 90 % [36].

The total mechanical energy of the model is the sum of the me-
chanical work of the piston compressor (1), expansion within the piston
(3) and gas turbine (4):

Pmech = Pcamp + Pexpaml + Pim‘bo (7)

A design specification is implemented to adjust the biogas flow to the
desired total mechanical energy. With the total mechanical energy of the
CHP, the mechanical efficiency of the system can be calculated with the
incoming mass flow and lower heating value of methane LHVcys4 =
50.048 MJ/kg [39] as:

Pmech
Nmeeh = e, - LHVen, (8)

It is obvious that the approach used and process engineering software
has limits and implies some simplifications compared to the actual
process within a four-stroke spark-ignited engine. Nevertheless, the
described model delivers sufficient information for a first evaluation of
the process. The overall goal of the base model is to calculate the three
characteristic values of maximum pressure and temperature, as well as
the efficiency of the CHP. This important input data is used for the
switch from regular biogas to oxyfuel combustion. The comparison and
validation for maximum pressure and the efficiency will be performed
using the literature data [26,40,41] in the results section.

2.2.2. Oxyfuel combustion

For the oxyfuel combustion process, the same model as described
was used, but the ambient air was replaced by a mixture of pure oxygen
from the electrolysis and CO; from the recycle stream. A design
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Fig. 7. Temperature-dependency of isentropic coefficients for air and oxyfuel mixtures with biogas.

Flue gas

120 °C,1 atm 30 °C

Condensate (Aspen)
Condensate (real)

Fig. 8. CO, separation system implemented in AspenPlus: Flash evaporator
implemented to analyze carbon slip through the condensate. In reality, the
condensate would be separated in the heat exchanger.

specification controls the amount of oxygen entering the combustion
chamber to fulfill the requirement of stoichiometric combustion (A = 1).
To ensure that the engine faces neither thermal nor mechanical over-
load, the maximum temperature and pressure, as well as the efficiency
from the base case, are used as limits. To control the thermal load, a
design specification adds enough CO, that the maximum temperature of
the regular combustion with air is not exceeded. A mechanical overload
would occur if either the maximum pressure or efficiency were to in-
crease compared to the base model. If the hardware of the CHP is not
changed (i.e., the compression ratio €), the thermodynamic analysis
shows that due to the change in the working gas from air to oxygen/COs,
the efficiency of the engine will drop slightly: The efficiency of an ideal
Otto engine depends on the compression ratio and isentropic coefficient
&, which is depicted in Fig. 6.

To investigate the isentropic coefficient of the oxyfuel fuel gas, the
specific heat capacities under constant pressure were calculated for a
temperature window from 300 to 3300 K using the UNIFAC model using
the property analysis of AspenPlus. Fig. 7 shows that over the full
temperature window, the resulting isentropic coefficient of the oxyfuel
mixture with biogas is lower than the mixture with air. The shown
compositions are for a stoichiometric combustion. The amount of CO5 in
the oxyfuel fuel gas is already adapted to fulfill the requirement of a
constant maximum temperature compared to the base process with air.
Meanwhile, the isentropic coefficient is lower for the oxyfuel due to the
higher heat capacity of CO5 compared to air. Hence, a drop in efficiency
will occur when operating the CHP under the same boundary conditions
and therefore the mechanical overload can be neglected. However, the
reduced efficiency will lead to a lower amount of electricity produced
for a given biogas flow rate and result in a loss of revenue for the
operator of the plant. This difference in income will be assigned to the
produced CO; and, together with the investment cost for further
equipment, will determine the CO; cost of the proposed oxyfuel plant.
The economic assessment will be described in detail in chapter 2.3.

The thermodynamic analysis conducted here shows that a retrofit of
existing biogas plants to the oxyfuel combustion process is feasible but is
accompanied by reduced efficiency if the engine is not adapted. If this
process were built up in a new biogas plant, an adapted engine (i.e.,

compression ratio, valve timing, intercooling system, water injection,
etc.) could compensate the reduced efficiency due to the higher heat
capacity of the COs. In this regard, the theoretical approach performed
represents a worst-case consideration without optimization of the
engine.

2.2.3. COg separation

The flue gas produced by the oxyfuel process consists of carbon di-
oxide and water. After the combustion, it is cooled down to deliver
process heat. The product specification of CHP manufacturers state a
flue gas temperature of 120 °C and atmospheric pressure after the pro-
cess heat utilization [42], which will be taken as inlet parameters. The
separation system of the products is shown in Fig. 8. It is modeled with a
shell and tube heat exchanger (HeatX), a flash evaporation (Flash2) and
fan (Compr) with isentropic and mechanical efficiencies of 0.75 and
0.95 respectively to overcome the pressure losses. The output of this
separation model is the required heat transfer area, the power of the fan
and the COj slip out of the system through the condensate.

The flash evaporator is only used as a theoretical unit to evaluate the
COq slip of the system through the outgoing condensate due to the
dissolution of CO5 in water. It will not be installed in reality though and
therefore not considered in the economic assessment. In the later sepa-
ration unit, the heat exchanger has a separate outlet for gas and
condensate. CO, dissolution can be analyzed by implementing the
equations of the dissociation of water (Eq. 9), the reaction of water with
carbon dioxide to hydrogen carbonate (Eq. 10) and the dissociation of
hydrogen carbonate to a carbonate ion (Eq. 11) [43]. For this assess-
ment, the Electrolyte NRTL model in AspenPlus was used:

2H,0 < OH™ + H;0" )
2H,0 + CO, < HCO; + H;0* (10)
H,0 + HCO; < CO{™ + H;0" an

The respective equilibrium constants can be calculated by means of
Eq. 12:

B
In(K.,) =A+2+CeIn(T)+D-T 12)

using the equilibrium constants from Arachchige and Melaaen [43].
2.3. Economic assessment

Within this evaluation, a retrofit of existing biogas plants to a biogas-
oxyfuel operation is considered. The biogas plants already include a
fermenter, a biogas pretreatment for moisture and sulfur removal and a
cogeneration unit and already operate economically in their present
form. In this case, as discussed in the previous section, a drop in effi-
ciency and therefore reduced electricity production will occur, which
leads to a loss in revenue for the operator of the biogas plant. Addi-
tionally, further investments for the newly installed units, heat
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Fig. 9. Reduced income when operating the biogas-oxyfuel process is
compensated by revenue for CO,.

exchanger and fan have to be made. To balance out the loss in revenue
and additional capital cost, the operator of the plant would need to be
refunded for the generated CO,. Otherwise the assumed retrofit would
not be made by the operator, since it would only result in increased
costs. This is independent on the further use of the generated COo,
whether it would be in Power-to-Fuel applications or for example carbon
capture and storage. Therefore, the additional investment costs and the
loss in revenue are assigned to the produced CO,, which is depicted in
Fig. 9. As a Power-to-Fuel plant, consisting of an electrolyzer and
methanol synthesis system, as depicted in Fig. 3, is considered to be
installed at the same location, the side product oxygen is assumed free of
charge. The economic assessment of the Power-to-Fuel plant is not part
of this publication. The necessary CO> costs for a continuous economic
operation are calculated with the following economic assessment.

The loss in revenue (LIR) depends on the feed-in tariff for the elec-
tricity production t,, the flow rate Vbi(,gm, the lower heating value epjogqs
of the biogas and the difference in the electric efficiency Az of the CHP.
Therefore, the LIR can be expressed as:

LIR ER K Vb[ugm * €hiogas * AI’] (13)

To allocate this loss in revenue to the produced mass of CO,, the CO»-
specific LIR can be expressed as:

€hiogas * AI’]

el
mco, Pco,

LIR S J
—¢ with n1co, = Viogas *Pco, a#

This specific loss in revenue will be treated as a cost of utility cyr
within the further techno-economic assessment. To reach the described
break-even point, the cost of manufacturing (COM) of CO, must be equal
to the amount of COy produced multiplied by the revenue it recoups
(rco,):

COM = ngz . r(;oz - rCOZ = @ (15)
mco,

The additional cost for the capital investment and operation of the
heat exchanger and fan can be calculated with the cost estimation
method for the chemical processes of Turton et al. [44]. Here, the fixed
capital investment (FCI) is determined with an equipment cost-based
method. Based on the initial cost for standard equipment defined in
Turton et al. [44], factors that consider the building year (2018 in this
publication), material, pressure and total direct and indirect plant costs
are multiplied. Finally, the cost of manufacturing of a product without
depreciation (COMy) is then given as:

COM,; = 0.180 FCI 4 2.73Co1, + 1.23(Cyr + Cwr + Cru) (16)

The operating labor Cy,, is neglected in this economic assessment, as
it is assumed that the required heat exchanger and fan will be main-
tained by the same staff that runs the biogas and CHP plant and will
therefore not lead to additional labor costs. The costs for waste treat-
ment Cyr and those for distribution, sales and research and development
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Table 1
Key assumptions for capital and operation cost estimations for the retrofit of the
proposed system to existing biogas plants.

Capital cost estimations Operation cost estimations

Specification Value Specification Value
Additional equipment Heat exchanger,  Cost of oxygen 0 €/t
fan
Investment cost Turton et al. Cost of electricity 0.15
estimation method [44] (for Cfan) €/kWh
Depreciation method Annuity Feed-in tariff ¢, 0-0.3
€/kWh
Interest rate 7% CoL 0
Lifetime 20 a Cwr 0
Reference year 2018 Crum 0

Crum can be neglected in this case of a very small “chemical plant”. For
the depreciation, the annuity method with an interest rate i = 7%, a
lifetime n = 20 a and no working capital is assumed. This leads to the
reduced equation for the cost of manufacturing (COM) of the produced
CO, [45]:

i-(1+40)"

COM = 0.141 FCI + 1.03 - C FCle————
+ ur + At -1

a7)
The utility costs consist of the described loss in revenue (LIR) and the
electricity costs for running the fan Cy,,. By dividing Eq. 17 by the CO,
produced by the biogas oxyfuel process and considering Eq. 14 and Eq.
15, the specific break-even revenue for the CO, can be calculated as:

€ ogas & Cran \ | FCI (140 )"
rco, |—| = 1.03- 1, Soiosa O Cpan PO (G 141 +#
Ico, Pco, Mmco, mco, (1+i)" =1

18)

The first term represents the additional operating expenditures
(OPEX) and the second term the annual capital costs (ACC) imposed by
the depreciation of the capital expenditures (CAPEX) for the required
additional equipment. Any CO2 revenue higher than this value will
constitute an additional profit for the plant operator. To summarize the
methodology of the economic assessment, Table 1 shows the key as-
sumptions used to determine the capital and operational expenditures.

3. Results

This section will highlight, on the one hand, the simulation results of
the implemented process modeling of the biogas-oxyfuel process. After
presenting the outcome and characteristic parameters of the base model,
the results will be transferred to the oxyfuel and separation model. The
system will be laid out for biogas plants with an initial electric output of
75-1000 kW, as 500 kW of installed capacity is the average for biogas
plants without upgrading in Germany [25]. On the other hand, the re-
sults of the oxyfuel combustion and CO»-separation model will act as the
input data for the economic assessment of the newly developed plant.
The break-even cost for the produced CO; to run the biogas with the
same revenue as prior to the retrofit will then be calculated and analyzed
for the different sizes of the system.

3.1. Base model

Fig. 10 shows the resulting flow diagram for the calculated pressures
and temperatures of the system. A biogas containing 60 vol.% CH4 and
40 vol.% CO, was assumed and the compression ratio was set to e = 13,
which is a typical value for CHP engines [26]. The maximum tempera-
ture and pressure reach 2407 °C and 122 bar, respectively, and the
observed maximum pressure lies within the regular range of natural gas
engines for power generation [40]. The maximum temperature for
adiabatic combustion serves as a theoretical value for comparison with
the oxyfuel combustion in order to avoid a thermal overload.
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Fig. 10. Simulation results of the base model.

Table 2
Stream results of the investigated biogas plant sizes.

Biogas Biogas Biogas CO;, flow in CO;, flow COy
plant flow enthalpy combustion in flue flow in
electric [kmol/ flow [kJ/s] chamber gas flue gas
output h] [kmol/h] [kmol/h] [kg/h]
[kW] (Eq.

7)

75 1.39 186 0.55 1.39 61

125 2.30 308 0.92 2.30 101
250 4.60 614 1.84 4.60 203
375 6.88 919 2.75 6.88 302
500 9.21 1,231 3.68 9.21 405
1000 18.44 24,645 7.38 18.44 811

The mass or molar flows of the system are not depicted in Fig. 10, as
they do not affect the pressure or temperature of the ideal system and are
therefore independent transfer information for the oxyfuel combustion
model. However, the respective biogas flow into the system for the
different system sizes is needed for the CO; separation model to calcu-
late the investment cost for the additional equipment. Table 2 shows the
investigated biogas plant sizes and gives the results for the biogas molar
and enthalpy flows, as well as the CO2 molar flows. The mean value for
mechanical efficiency according to Eq. 7 is 40.6 %, which corresponds
well to current natural gas engines for power generation from biogas in
cogeneration plants [26]. As is stated in Eq. 3, the molar flow of CO3 in
the flue gas is identical with that of biogas and independent of the CO,
concentration in the biogas. The resulting CO, molar flow will not
change when transferring to the oxyfuel combustion model, but will be
far easier to separate from the flue gas and be available for a
Power-to-Fuel application.

3.2. Oxyfuel combustion model
For the oxyfuel combustion, the maximum temperature of the base

model was used as the reference to which to adjust the recycled CO2
content in the flue gas of the CHP. The results are shown in Fig. 11. To

34

Co,

Table 3
Initial vs. oxyfuel electric output of the different biogas plant sizes. For each size,
the biogas inlet flow is identical.

Initial biogas plant electric output Biogas electric output with oxyfuel

[kW] combustion [kKW]
75 64

125 107

250 214

375 319

500 428

1000 857

limit the temperature to 2407 °C, the CO5/CH4 mass ratio must be set to
11.8. As a result, 68 % of the CO5 in the flue gas must be recycled. The
maximum pressure of 119 bar is below the 122 bar of the base model,
which prevents a possible mechanical overload. Because of the greater
heat capacity of the working gas, the temperature of stream S5 is higher
than the base model. This will result in a higher heat output of the CHP
plant. Due to the described differences in the thermodynamic properties

Table 4
Stream composition of the oxyfuel combustion system (the streams are depicted
in Fig. 11).

Stream Substance Composition in mol.%
. CH4 0.600
Biogas co, 0.400
O, (023 1.000
CO, 0.960
€0, H,0 0.040
CO, 0.576
[e2% 0.269
@ H,0 0.021
CH,4 0.134
CO, 0.711
Oy 0.000
@ H,0 0.289
CH4 0.000

l:' Temperature (°C)
O Pressure (bar)

biogas

N N
o o

0;

Fig. 11. Simulation results of the oxyfuel combustion system.
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Table 5
Required heat transfer area for the CO, separation system.
Initial Biogas plant electric output [kW] A [m?]
75 8.4
125 14.4
250 25.4
375 40.4
500 49.0
1000 101.3
Table 6
Condensate composition in mol.-%.
H,O CO H30" HCO3 OH™ CO3
0.999 4.76e-6 2.01e-6 2.01e-06 2.3%-12 1.3e-12

of the working gases, the mechanical efficiency drops to 34.8 %, which
translates into an absolute drop of Ay = 5.8 % pt. and a reduction in the
mechanical power of approximately 14.5 %. Table 3 therefore compares
the initial biogas plant electricity output of the new one with the oxyfuel
combustion. Both processes have the same biogas inlet flow. For the
subsequent discussion, the initial biogas plant electricity output will be
used as a reference for the power class to describe the different system
sizes.

Table 4 shows the stream compositions of the model according to
Fig. 11. The inlet CO; is saturated with water at a temperature of 34 °C
and is already a result of the CO, separation model discussed in the next
section. As desired, stream three (S3), which leaves the combustion, only
contains CO, and water.

3.3. COg separation

The flue gas of the oxyfuel combustion model enters the CO, sepa-
ration at 120 °C, as this is a typical temperature of flue gases after a

Module Cost Fan
300,000

EZOO,OOO
O
L 100,000

oIIIIII

75 125 250 375 500 1000
inital biogas electric output [kW]

® Module Cost Heat Exchanger
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process heat utilization as stated in the methodology section. Since a
retrofit of an existing biogas plant is investigated in this publication, the
heat extraction out of the flue gas is not modelled. Further, no thermal
integration of the CO; separation system with the combustion model
exists. From this temperature, the flue gas is cooled down further to 30
°C in a shell and tube heat exchanger, modeled in Aspen Plus. The
regular cooling fluid is liquid water, which enters the heat exchanger at
25 °C. The outcome of the model is the required heat transfer areas for
each power class, which are depicted in Table 5 and the resulting
pressure drop of 61 mbar within the heat exchanger. The pressure drop
is used in the calculations for the economic assessment of the operating
costs. The mean heat transfer coefficient k was calculated to 237 W/m?>
K.

Additionally, the CO3 slip through the condensing water was inves-
tigated in a flash evaporator. Here, Eq. 9 - Eq. 11 were implemented. The
resulting composition of the condensate is shown in Table 6. The low
amount of CO5 in the water results in an overall CO, slip of only 0.018
%.

3.4. Economic assessment

Drawing on the results of the previous sections, the loss in revenue
and the investment and operating costs of the additional equipment can
be calculated. Fig. 12 shows the investment cost for the heat exchanger
and fan. With the method of Turton et al. [44], the minimum and
maximum capacities are defined for all equipment types. For the chosen
shell and tube heat exchangers, the minimum heat transfer area is 10 m>
and for fans, the minimum gas flow rate is 1 m®/s. As all of the inves-
tigated system sizes have flow rates under the defined minimum, the
investment costs for the fan are identical for all system sizes and
represent the minimum available size within this cost prediction
method. It is obvious that this will not be the case for real application.
However, an extrapolation outside the minimum defined system sizes
would not be in agreement with the approach defined by Turton et al.
[44]. When comparing the investment cost in Fig. 12, on the left, the

5 400
[T °

;.37‘\300

23200 o

T

@ % 100 ..

© o °
E 0

0 200 400 600 800 1000
inital biogas electric output [kW]

Fig. 12. Module costs for the additional equipment of the system (left); mass specific FCI depending on the biogas system size (right).
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Fig. 13. Loss in revenue as a function of the feed-in tariff with the calculated drop in efficiency.
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Fig. 14. Break-even CO; price as function of the system size and feed-in tariff for the electricity produced.

additional costs for the required system only increase slowly with the
system size. This results in a sharp decrease in the investment costs over
the yearly produced mass of CO5, which is depicted on the right-hand
side of Fig. 12. Therefore, in terms of capital investment costs, the
proposed configuration will be especially beneficial for larger systems.

The loss in revenue in proportion to the produced CO, was specified
in Eq. 14 and depends on the difference in the mechanical efficiency and
feed-in tariff for the electricity produced. With the calculated drop in
efficiency of Ay = 5.8 % pt., the loss in revenue becomes only linearly
dependent on the feed-in tariff t.; when switching from the regular to
oxyfuel combustion, as depicted in Fig. 13. Between the typical
compensation prices of 0.05 - 0.25 €/kWh, a CO;, price of approximately
9-44 €/t would offset the loss in revenue from the lower mechanical
efficiency of the combustion engine.

On the basis of the information gathered and Eq. 18, the break-even
revenue cost can be calculated for the different system sizes:

€ iogas * Al Can FCI
reo, [—} = 1.03- (td-MJr f ) o (0.141
Ico, Pco, mco, mco,

i-(141i)"
+(1+i)"_1)

(19

The cost of the fan Cy, is calculated with the specific power con-
sumption (see Fig. A1) and an electricity price of 0.15 €/kWh. The re-
sults for the break-even CO3 price r¢o, are shown in Fig. 14. The already
observed trends in Figs. 12 and 13 are combined here, which means that
the minimal break-even price for the produced CO, decreases for larger
system sizes and increases for higher feed-in tariffs. It is notable that
even for an unconventionally high compensation of 0.3 €/kWhg] and the
smallest biogas plant size, the resulting break-even CO; price does not
surpass 120 €/t. This value represents the current CO5 separation cost
for large industrial flue gases with post-combustion techniques [46].

The feed-in tariff of 0 €/kWhg in Fig. 14 is only included for the sake

Table 7
Cost composition of the break-even CO, price for a feed-in tariff of 0.15 €/kWh.

of completeness, but does not represent a valid solution. The primary
output of the biogas plant is still electricity and heat, as the oxyfuel
process only allows a simple separation of the new product CO». If the
operator is not compensated for the electrify produced (= 0 €/kWh), the
plant will not run. As stated earlier, the chosen method assumes
economical operation of the plant under the given feed-in tariff and
calculates the required CO5 compensation for the additional equipment
and the loss in revenue due to the lower efficiency. For the combination
of any system size and feed-in tariff, Fig. 14 shows a break-even price
above which an additional profit for the operator will be generated.

For a typical feed-in tariff for German biogas plants built up to 2014
of 0.15 €/kWhg|, the detailed operating and capital costs are exemplarily
shown in Table 7. As operational expenditures are predominantly
dependent on the loss of revenue due to decreased mechanical effi-
ciency, the higher electricity demand of the fan with increasing system
size only has a marginal impact on the OPEX. The resulting CO; break-
even prices of between 33-88 €/tcoz are again at the lower end of cur-
rent CO3 separation costs from flue gases.

Fig. 15 shows the composition of the CO5 production costs in a pie
chart for three different system sizes and the feed-in tariff of 0.15
€/kWh. For larger systems, the loss in revenue becomes the most rele-
vant cost factor for the CO2 produced via the oxyfuel system, for
example with a 68 % share for a biogas plant in the 500 kW power
class. This offers significant cost reduction potentials for newly-built
biogas plants with oxyfuel combustion technology given that, as
mentioned earlier, the drop in efficiency might be far less for an adapted
engine.

4. Discussion

Referring back to the overall scheme of the process presented in
Fig. 3, this study showed the possibility of accessing the significant, but

Initial biogas plant electric output [kW] OPEX (Fan + LIR) [€] CAPEX [€] CO,, produced [t/a] OPEX [€/tco2] CAPEX [€/tcoa] €
]
75 12,900 31,200 500 26 62 88
125 21,600 31,800 840 26 38 64
250 43,200 33,500 1680 26 20 46
375 64,700 36,400 2520 26 14 40
500 86,400 38,000 3360 26 11 37
1000 172,700 46,000 6720 26 7 33
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Fig. 15. Composition of the CO, production cost for three different system sizes [ACC: annual capital cost; LIR: loss in revenue].

Table 8
Annual CO, and possible methanol production from the BOP Process, together
with the required hydrogen.

Biogas plant CO, Annual CO, Methanol H, required for
electric flow in production [t/  production methanol
output [kW] flue gas a) capacity [t/a] production [t/a]
(Eq. 7) [kg/h]

75 61 486 354 67

125 101 811 590 112

250 203 1621 1181 223

375 302 2416 1759 333

500 405 3243 2362 446

1000 811 6492 4728 894

highly distributed quantities of renewable CO, produced by biogas
plants. Table 8 shows the annual CO, production of the analyzed system
sizes with 8,000 operation hours, the producible methanol and required
hydrogen. To produce one kilogram of methanol, 1.373 kg CO, and
0.189 kg of hydrogen are required [47]. It should be noted that the
annual CO5 production quantities of the systems are at their respective
maximums. The classic approach of a separation into CO5 and methane
would only yield 7-33 % of the biogenic carbon, as shown in Fig. 1.

The system approach in this paper is based on a steady-state model,
which operates with constant hydrogen and oxygen streams from an
electrolysis unit. With the ongoing transition of the energy sector to-
wards renewable and fluctuating electricity production, the possibility
of dynamic operation of the system would be desirable. This could be
achieved with either dynamic operation of the complete system or with
the implementation of gas buffer storages. With the dynamic operation
of the complete system, a fluctuating operation of the methanol syn-
thesis running at pressures of up to 8 MPa and temperatures of 250 °C is
challenging. Constant methanol production can be achieved with gas
storage for biogas, COy, Hy and O,. With this configuration, the system
could either draw electricity from the grid to produce hydrogen or
supply electricity via the CHP. The resulting costs for the gas storage and
especially the reduced operating hours would, however, affect the sys-
tem’s economics.

The proposed system varies strongly in two major points compared
to the current state of the art presented in Fig. 1. First of all, in the
proposed system, the whole biogenic carbon is made available for a
Power-to-Fuel usage by combusting the entire biogas in a CHP while also
producing electricity and heat. In contrast, for a state of the art biogas
upgrading system, this amount only accumulated to roughly 20 % of the
biogenic carbon for a typical heat demand of the fermenter. Secondly,
the separation of CO; is also fundamentally different in the proposed
system compared to the state of the art. While here, CO; is separated
from a biogas to yield the desired product methane, in the proposed
system CO2 only has to be separated from water in the flue gas via
condensation. This is achieved by combusting the biogas with oxygen
and thereby reducing the separation complexity and energetic effort
significantly. However, a comparison of the current state of the art
biogas upgrading to the proposed system is not entirely fair, since cur-
rent biogas upgrading systems are not laid out to produce a pure carbon
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dioxide stream, but are instead designed to produce methane for the gas
grid. Therefore, the respective products of the two systems are different.

Compared to industrial post combustion techniques, the biogas-
oxyfuel process yields similar prices with 33-88 €/tco, even though
the capture capacity with of maximal 6492 t/a (see Table 8) is signifi-
cantly smaller than current industrial sequestration capacities of up to
8.4 Mt/a [48]. This can be explained by the simple extraction with a heat
exchanger in the biogas-oxyfuel process, the possibility to use the
combined heat and power unit also in an oxyfuel mode and the avail-
ability of oxygen from the electrolysis at no costs. If the oxygen would
have to be generated onsite, the CO5 price would rise accordingly.

Table 8 The environmental impact of this system was not assessed in
detail in this publication and should be further studied. A life cycle
assessment from Eggemann et al. [49] reported on significant environ-
mental enhancements of a similar system concept compared to a fossil
methanol production.

Biogas plants built in Germany through 2014 formerly received a
guaranteed feed-in tariff for 20 years, depending on their size and the
type of biomass they used [50]. However, since 2014, this funding has
been rearranged, which resulted in a tender system in the current
renewable energy law, EEG2017 [51]. This tendering protocol resulted
in a sharp drop in installed biogas plants, as they were no longer
economical [52]. An exception are small manure biogas plants with an
installed capacity of up to 75 kW. These plants still receive a guaranteed
compensation of 0.2314 €/kWh. However, if a biogas plant would no
longer be capable of running economically, for example because of a
reduced or expired federal guaranteed electricity compensation, the
renewable product CO, could serve as new income to again achieve
economical operation of the plant. To determine the required
break-even cost for the CO; in this case would require a complete eco-
nomic assessment of the biogas plant, which is not the focus of this

paper.
5. Conclusion

As stated in the introduction, Power-to-Fuel processes are in need of
a renewable CO, source, apart from the hydrogen produced by elec-
trolysis. Biogas sources represent significant but not easily accessible
potential. The introduced biogas-oxyfuel process offers a new way to
make use of the full biogenic carbon potential for a Power-to-Fuel pro-
cess by using the oxygen side-product of the electrolysis to run the CHP
by means of oxyfuel combustion. Using pure oxygen yields an exhaust
gas that contains only COy and water, which drastically reduces the
separation effort. To control the temperature within the engine, part of
the separated COs is recycled. An AspenPlus model was developed to
analyze the differences between the regular combustion of biogas with
air in comparison to oxyfuel combustion. Because of the higher heat
capacity of carbon dioxide in comparison to nitrogen, the mechanical
efficiency of the engine drops if a retrofit without engine adaptation is
applied. This leads to a drop of A = 5.8% pt. of the ideal Otto engine
cycle efficiency, having had an original efficiency of 40.6 %. The
resulting loss in revenue for the electricity compensation and cost of the
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additional heat exchanger and fan equipment varies between 88 — 33 €/t
of separated COx, for a feed-in tariff of 0.15 €/kWh¢| and for system sizes
of between 75-1000 kW of electricity production under normal condi-
tions. Those production costs already lie within the range of the sepa-
ration cost of fossil industrial flue gas separation. The discussed process
is therefore already capable of delivering CO» at low cost for small
systems, even for this worst-case scenario, with an engine that is not
adapted to the new working gas. With growing installed capacity, the
CO; production costs decrease and the share of the loss in revenue in-
creases, which offers further cost reductions if the drop in mechanical
efficiency is reduced by an adapted engine.

The coupling of Power-to-Fuel production with the oxyfuel com-
bustion of biogas was found to be highly beneficial. The separation effort
is reduced while the maximal biogenic carbon yield is made available.
With this concept, even small biogenic CO, sources can be made avail-
able in an economical manner. However, this coupling makes both
processes dependent on each other, meaning that one process cannot run
without the other. A transfer of the concept of oxyfuel combustion with
Power-to-Fuel systems to similar sites, where biogenic or unavoidable
CO-, emissions are emitted from combustion, could also be beneficial.

Overall, this study offers a sustainable option to supply CO5 from
biogenic sources for Power-to-Fuel applications at considerable cost.
The research question raised at the beginning can be answered under the
following circumstances: The highly distributed carbon potential of
biogas plants can be made available in an economical manner for Power-
to-Fuel applications through the biogas-oxyfuel process that was
developed. The coupling criteria for this process is that the Power-to-
Fuel plant is dimensioned to utilize the full gaseous biogenic carbon
potential of its host biogas plant.
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Fig. A1. Power consumption of the electric fan for the different system sizes.
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