
Direct olivine carbonation: Optimal process

design for a low-emission and cost efficient

cement production

Andreas M. Bremen,: Till Strunge,;,¶ Hesam Ostovari,§ Hendrik Spütz,: Adel

Mhamdi,: Phil Renforth,; Mijndert van der Spek,; André Bardow,§,},K and

Alexander Mitsos˚,:,},#

:Process Systems Engineering (AVT.SVT), RWTH Aachen University, 52074 Aachen,

Germany

;Research Centre for Carbon Solutions, School of Engineering and Physical Sciences,

Heriot-Watt University, Edinburgh EH14 4AS, United Kingdom

¶Institute for Advanced Sustainability Studies e.V., 14467 Potsdam, Germany

§Institute of Technical Thermodynamics, RWTH Aachen University, Aachen, Germany

}Institute of Energy and Climate Research: Energy Systems Engineering (IEK-10),

Forschungszentrum Jülich GmbH, 52425 Jülich, Germany

KEnergy & Process Systems Engineering, ETH, 8092 Zurich, Switzerland

#JARA-ENERGY, 52056 Aachen, Germany

E-mail: amitsos@alum.mit.edu

Abstract

Employing mineral carbonation products as a cementitious substitute could reduce

the cement industry’s greenhouse gas emissions. Yet, a transition towards low-emission

cement requires financially competitive cement production at standardized product
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specifications. Aiming to tackle this challenge, we modeled and optimized a direct

mineral carbonation process. In detail, we embedded a mechanistic tubular reactor

model in a mineral carbonation process and imposed product specifications based on

the European cement standard in the optimal design formulation. In the next step, we

considered the business case of blended cement consisting of ordinary Portland cement

and the mineral carbonation product that could be categorized as CEM II in the Eu-

ropean cement standard. We computed the minimum production cost and greenhouse

gas emissions of the produced blended cement by using Bayesian optimization to find

Pareto optimal operating conditions of the mineral carbonation process. Our results

showed that the cost of mineral carbonation in the cement industry can be competitive

while cutting the greenhouse gas emissions up to 54%.

1 Introduction

The cement industry is required to reduce greenhouse gas (GHG) emissions both resulting

from energy-related CO2 emissions and process-inherent CO2 emissions caused by the cal-

cination of limestone (CaCO3).1,2 A decrease of the energy-related CO2 emissions requires

a shift towards renewable energy supply and improvements in energy efficiency.2–7 Yet, re-

ducing the CO2 emissions from calcination necessitates the reduction of cement’s clinker

intensity or the installation of carbon capture and storage (CCS).3,8–12 Mineral carbonation

can both reduce cement’s clinker intensity and the direct CO2 emissions by chemically bind-

ing CO2 from the flue gas of cement production and using mineral carbonation products

to partially substitute clinker.2,13–16 Mineral carbonation products are mineral carbonates

and amorphous silica. Benhelal et al. 16 have shown the applicability of amorphous silica

from mineral carbonation as supplementary cementitious material (SCM) by experimentally

comparing compressive strengths of mortars composed of ordinary Portland cement (OPC)

and different amounts of amorphous silica. The blended cement containing clinker and SCM

from mineral carbonation could become carbon-neutral under certain circumstances, e.g.,
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with a high substitution rate and a large amount of low-emission electricity.2 However, the

economic feasibility of operating a mineral carbonation plant requires closer consideration.

Especially for a standardized commodity such as cement, cost factors play a significant role.

A business case is viable, only if the production of blended cement becomes profitable.15

Previous studies focus mainly on the assessment of mineral carbonation in terms of

the amount of stored CO2.17–21 Hitch and Dipple 22 used synergies of mining and mineral

carbonation in their economic study on the use of waste streams containing magnesium

silicates for mineral carbonation. In a recent study on the economic feasibility of blended

cement with by-products from mineral carbonation, we concluded that blended cement can

compete with conventional OPC on the basis of potential revenue from the European emission

trading system (ETS),15 but the gap between a substantial greenhouse gas emission reduction

and costly mineral carbonation remains. Additionally, only precipitated calcium carbonates

are currently granted ETS eligibility,23 while a similar decision is expected for magnesium

carbonates.15 In summary, to reduce the cement industry’s greenhouse gas emissions via

mineral carbonation, both the utilization of silica-rich SCMs in the production of blended

cement as well as the eligibility of mineral carbonation in the ETS are required.

Generally, recent studies on the sustainability and profitability of mineral carbonation

processes rely on assumptions of operating conditions and conversion rates based on experi-

mental results.2,14,15 Estimating process performance from experiments is a suitable approach

within the scope of evaluating the potential of technology. However, this procedure limits

the scope to distinct operating conditions used in experiments. We previously performed

sensitivity analyses for different operating conditions but had to neglect their dependency

on conversion rates, as experimental results are only available for distinct operating condi-

tions.14,15 Therein, the evaluated process configurations refer to direct and indirect mineral

carbonation, which employ a single reactor or spatially separated reactors for dissolution of

feedstock and precipitation of product, respectively. We concluded that the direct mineral

carbonation of olivine shows the greatest potential in Europe based on the limited availability
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of experimental data.2,14,15

Several experimental studies have determined beneficial operating conditions for direct

mineral carbonation of olivine.19,20,24–31 These studies assessed conversion rates depending

on temperature, pressure, additives, and particle size of feedstock material. According to

Gerdemann et al.,20 optimal operating conditions for the direct olivine carbonation are at a

temperature and pressure of 185 °C and 150 bar, respectively.20 Gerdemann et al. 20 showed

experimentally that at 185 °C conversion is at a maximum and argued that pressure above

150 bar is impractical. Eikeland et al. 28 reported a maximum conversion at 190 °C at a

pressure set to 100 bar. They suggested that a particle size ă 10 µm is preferable. Wang

et al., Wang et al. 30,31 performed experiments at moderate pressure (ă 45 bar) with an opti-

mal temperature of T = 175 °C. Thus, lab-scale experiments indicate a pressure-dependent

optimal temperature, whereas a trend is not clear. To quantify these dependencies, we devel-

oped a dynamic, mechanistic model of direct forsterite carbonation that accounts for reaction

kinetics.32 The model is capable of predicting conversion rates on the basis of model inputs:

temperature, pressure, and particle size. Therein, we formulated dynamic mole balances

and applied nonideal thermodynamics for the species interaction. Hence, the influence of

operating conditions of the reactor, i.e., temperature, pressure, particle size, and residence

time are extensively evaluated with respect to reactor performance, both experimentally and

computationally.19,20,24–32 However, these process design choices require the consideration of

the overall mineral carbonation process to obtain (1) favorable operating conditions for (2)

a low-emission and cost-efficient process configuration.

Up to now, mineral carbonation research is only driven by the need for GHG emission

reduction, as the economic performance of large-scale mineral carbonation is evaluated as

means of cost of CO2 storage.14,17–20,22 The main issue of previous studies on operating con-

ditions, life-cycle, and techno-economic assessments of mineral carbonation is their inability

to holistically investigate the multi-objective nature of this problem, i.e., both sustainability

and profitability. In this study, building on previous work,2,15,32 we combine mechanistic
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reactor modeling and process modeling with life cycle and techno-economic assessment to

evaluate the implementation of mineral carbonation in the cement industry. For this purpose,

we aim at finding the optimal operating conditions and process scale for the direct mineral

carbonation of olivine in terms of GHG reduction and profitability of blended cement.

In this study, we propose a process design including pretreatment, reaction, and separa-

tion steps, given in Section 2.1. In Section 2.2, we reformulate the balance equations of a

mechanistic batch carbonation model32 to a tubular reactor model to predict reactor perfor-

mance depending on operating conditions. Subsequently, in Section 3, we propose evaluation

criteria by introducing the carbon footprint and the levelized cost of blended cement at pre-

defined composition on the basis of models taken from Ostovari et al. 2 and Strunge et al.,15

respectively. With these criteria, we optimize the reactor conditions and the process scale

by the use of Bayesian optimization33 for a present time and a future scenario in Section 4.

This enables both the evaluation of process operating conditions as well as the simultaneous

consideration of environmental and economic benefits. Finally, in Section 5, we close with

concluding remarks. With this work, we close the gap between the evaluation of distinct

process set-ups and the determination of optimal operating conditions for a low-emission

and profitable cement production.

2 Industrial-scale olivine carbonation process

Previous research on the performance of mineral carbonation focuses on lab-scale experi-

ments. However, its industrial scale-up imposes major challenges. The combination of large

process streams and long residence times due to slow reaction kinetics results in large process

units. Additionally, the low added value in a mineral carbonation process requires a smart

choice of recycling streams to minimize the loss of valuable auxiliary streams.

Generally, a direct mineral carbonation process comprises three steps: pretreatment,

reaction, and separation (cf. Section 2.1). The first step includes crushing and grinding of
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mined feedstock material and the supply of purified CO2 from the flue gas. In the second

step, the mineral reacts with CO2 to form carbonates and amorphous silica. Finally, in the

separation step, the carbonation products, the unreacted feedstock, and the liquid phase are

separated and partially recycled.

For the pretreatment step, i.e., the grinding of feedstock and purification of CO2, we as-

sume the state-of-the-art technology for the direct mineral carbonation of olivine as applied

in our previous studies.2,14,15 Previous studies on industrial-scale mineral carbonation consid-

ered continuously stirred tank reactors (CSTR), as they seem viable from a lab-scale exper-

imental perspective.2,14,15,19,34 However, the long residence times and large process streams

necessitate a large number of CSTRs. Therefore, O’Connor et al. 19 proposed a tubular reac-

tor with a CO2 side-feed but did not include this set-up in their economic and environmental

evaluation. Our study is the first to consider the use of tubular reactors for mineral carbon-

ation in the process design. We compute reactor outlet properties by the use of mechanistic

modeling of tubular reactors as discussed in Section 2.2.

The basis for the separation of the reactor outflow is taken from our previous work,15

where we adopted the process conditions from Eikeland et al. 28 and use findings for solid

separation from Kremer and Wotruba.35 Here, we extend the solid separation sequence to

achieve defined product specifications based on the particle size distributions (PSDs) of solid

phases at the reactor outlet that are computed with the mechanistic reactor model. In

detail, the design of the solid separation enables customized silica content in the product

stream. In our case, we assume that particles do not interact with each other, i.e., they do not

coagulate, as the unit operations and their implications on particle interaction are yet subject

to research.35 As such, we do not have enough information to account rigorously for potential

interactions. Our calculations are in that sense idealized, i.e., what reactor design should

aim for. Still, Kremer and Wotruba 35 consider hydrocyclones and classification centrifuges

as promising unit operations for high separation efficiencies at high throughput but mention

the need for further research. Hence, we here consider hydrocyclones and classification
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centrifuges in the separation sequence for the separation of the unreacted olivine, and the

product phases (magnesite and amorphous silica) on the basis of density difference and

different PSDs of solid phases. Furthermore, to obtain an energy-efficient process, we adopt

the results from the heat integration in our previous work.2,14

In Section 2.1, we guide through the proposed process design and justify major assump-

tions. Subsequently, in Section 2.2, we give the foundation for the incorporation of a tubular

reactor in the process design based on our mechanistic reaction model.32 Finally, we provide

detail on the process model implementation and simulation in Section 2.3.

2.1 Olivine carbonation process design

MEAin

Flue gasin

Gas purge

Olivinein

Waterin
Water purge

SCM 25% SiO2

Deposit

Compression cascade

CO2 recycle

CO2 side feed

Tubular reactor

Ball mill

Crusher

Preheat1

Preheat2
Slurry

Cooler1

Cooler2

Flash

MEA 
absorber

Hydrocyclone1
Hydrocyclone2

Classification
centrifuge

Filter1

Filter2

Water recycle

Qpreheat

Qreaction

CO2,in

.

.

Pretreatment

Reaction

Separation

Flue gasout

MEAout

Figure 1: Direct mineral carbonation process divided into the pretreatment ( ),
reaction ( ), and separation ( ) with mass streams ( ) and heat streams ( ).

Fig. 1 shows the flowsheet of the mineral carbonation process. The mineral feed to

the process is olivine, which comprises roughly 80 % forsterite (Mg2SiO4) and 20 % fayalite

(Fe2SiO4).36–38 We assume only carbonation of forsterite while fayalite is inert. In the pre-

treatment step, the solid pretreatment set-up is taken from O’Connor et al. 19 consisting of

7



two particle size reduction steps. The feedstock mineral is first pretreated in a cone crusher

to obtain a particle size ă 1 cm and then mixed with a recycled mineral stream. A ball

mill provides the desired PSD of feedstock material for carbonation. We assume a nor-

mal distribution with a mean diameter µolivine and standard distribution σolivine “
µolivine

6
.

We estimate the power requirement for fine grinding from the surface area increase and a

mineral-specific surface tension combined with a grinding efficiency of 1 %.39 The ground

solid material mixed with partially recycled process water is then pressurized to the reaction

pressure. Subsequently, the stream is preheated with the reactor outflow up to a temperature

of TPreheat1,out “ Treaction ´ ∆Tmin where Treaction is the reaction temperature and ∆Tmin is

the minimum temperature difference of 10 °C. Steam then heats the slurry to the reaction

temperature in Preheat2 before the slurry enters the tubular reactors.

Similar to previous studies,2,14,15 we consider monoethanolamine (MEA) post-combustion

capture to obtain purified CO2 from the cement plant’s flue gas stream. The MEA post-

combustion capture, represented as a single unit in Fig. 1, requires (a) the solvent MEA

as makeup stream, (b) heat provided by the reaction enthalpy from the reactors ( 9Qreaction),

and (c) steam as an external utility. Both the MEA makeup and required heat depend

solely on the amount of the purified CO2 feed to the process CO2, in. After purification,

the CO2 is pressurized in a compression cascade with intercooling. Then, the CO2 stream

is stoichiometrically fed to the tubular reactor through a side feed to keep the gas volume

flow within the reactor constant. The number of tubular reactors depends on the scale of

the process and resulting mass flow at the reactor inlet. Section 2.2 provides further details

on the reactor assumptions.

In the separation step, the reactor outflow is cooled down and expanded to ambient con-

ditions to separate the unreacted CO2 in the flash unit for recycling. The solid-liquid slurry

is processed by (1) separating unreacted olivine in Hydrocyclone1 for recycling, (2) separat-

ing remaining large particles consisting of olivine and magnesite in Hydrocyclone2 and the

Classification centrifuge, and (3) filtering excess process water in Filter1 and Filter2. The
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use of Hydrocyclone1 for olivine recycling is adapted from Strunge et al..15 The recycled

mineral stream contains an increased content of inert material. Thus, we limit the recycling

stream to allow at most a 30 % share of inert material at the reactor inlet. The subsequent

separation of product phases is particularly designed for the separation of particle size dis-

tributions obtained from the mechanistic reactor model. In detail, we employ the additional

Hydrocyclone2 to enable sufficient purification of the product phase in the Classification

centrifuge that is adapted from Strunge et al..15 Instead of using a dewatering centrifuge as

in Strunge et al.,15 we employ filters that do not contain any solid phase in the permeate to

prevent the recycling of product phases. The solid product streams are partially mixed to

obtain a product stream containing a 25 % content of amorphous silica. The solid streams

contain residual moisture of 10 %. This separation sequence enables the process to provide

SCM with the predefined amorphous silica content for the range of operating conditions

employed in this study. As the unit operations in the separation sequence have only a minor

influence on costs and GHG emissions, potential design changes required due to different

solid phase specifications, e.g. by particle interaction, are expected to have a limited impact

on the evaluation of the overall system.

2.2 Mineral carbonation tubular reactor

Tubular reactor models have different levels of accuracy based on mechanistic effects that

are considered. The most detailed variant are three-dimensional distributed models consid-

ering convective and diffusive fluxes resulting in partial differential equations (PDE) that

require suitable boundary conditions. The effects along the axial direction of the reactor,

i.e., reaction progress, are much more decisive for the evaluation of olivine carbonation per-

formance than effects in the azimuthal or radial direction. Furthermore, the technological

readiness level of mineral carbonation does not allow such detailed modeling as up to now,

experimental investigations were only conducted in batch operation.19,20,24–31 Additionally,

the investigations did not focus on understanding mechanistic effects within the mineral car-
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bonation system such as mass transfer at phase boundaries, particle interaction, diffusion

effects, and flow regimes throughout the reaction. Thus, rigorous reactor modeling under

consideration of all mechanistic effects is still not possible. Hence, a simpler model for the

feasibility of a tubular reactor for mineral carbonation is the only option without detailed

experimental investigations, which go beyond the scope of this study. Furthermore, disre-

garding the radial and azimuthal dependence of the reactor yields computationally faster

performance. As the reaction conditions change substantially along the axial direction, we

do consider this dimension. We assume stationary operation, resulting in differential equa-

tions with a single independent variable. Most importantly, our model predicts what reactor

design should aim for, i.e., the best possible performance as we disregard potential mass

transfer limitation in azimuthal and radial direction.

In the following, we first analyze the reactor dimensions in combination with flow regimes

and, subsequently, we consider the underlying mineral carbonation reaction system. We

illustrate the tubular reactor cross-sectional area to highlight the multi-phase flow in Fig. 2

and provide the considered data for the calculations in Appendix A.

To design a tubular reactor for the direct carbonation of olivine, we consider the poten-

tial size (length, diameter) of a tubular reactor as well as flow regimes of the multi-phase

flow. For this purpose, we consider a multi-phase mixture of olivine, water, and CO2 at

reactor temperature and pressure set to 185 °C and 150 bar, respectively. These values are

reported as favorable reactor conditions for the carbonation of olivine.19 For the analysis, we

provide substance properties at reactor conditions summarized in Appendix A Tab. 2. We

estimate the properties of the slurry as a quasi-homogeneous phase that contains water and

olivine based on Thomas,40 who provided a correlation of dynamic viscosity and solid volume

fractions up to 50 % under consideration of non-Newtonian, inertial and non-homogeneous

suspension effects.

In this study, we adopt the solid/liquid ratio of 0.2 kgolivine{kgwater from previous stud-

ies.15,32,41 With its lower density, the suspension carrier solution (water) takes up a major
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share of the volume. In combination with a residence time of 3 h taken as average from

multiple experimental studies,19,28,30,31,41 a large reactor volume is required. As pressurized

tubular reactors come with construction limitations at large sizes (e.g., due to statics require-

ments), following Aspen Capital Cost Estimator,42 we limit the reactor diameter and length

to 1.25 m and 120 m, respectively. With these maximum dimensions, we employ multiple

reactors to obtain sufficient reactor volume for an industrial scale carbonation process. The

required reactor volume could be realized in parallel operation or with multiple reactors in

series. The parallel configuration enables the straightforward evaluation of the process scale

as the number of identical reactors can be selected according to the required reactor volume,

while the flow properties in each reactor remain the same. In the following, we analyze the

flow properties of one tubular reactor with a diameter of 1.25 m and a length of 120 m. In

the overall process, we employ several such tubular reactors.

At constant fluid density, the maximum overall volume feed flow rate is 1.36ˆ 10´2 m3

s

corresponding to the given residence time. Besides the slurry flow, a gas phase flow needs to

be fed into the reactor to supply CO2 for the carbonation reaction. If a stoichiometric CO2

gas feed solely entered at the reactor inlet, the gas phase would take up more than 50 % of the

cross-sectional area resulting in an even larger reactor volume. Hence, as O’Connor et al. 19

proposed, we employ a CO2 side feed at the reactor bottom so that the gas phase disperses

within the solid-liquid slurry. The CO2 feed is stoichiometric so that the gas volume flow

occupies 10 % of the cross-sectional area at all axial positions. To maintain a residence time

of 3 h, the olivine feed flow rate is limited to 2 kg
s

resulting in an overall volume feed flow

rate (gas-slurry) at the reactor inlet of 13.6 m3

s
.

Depending on the mass flow rate and phase properties (density, viscosity) of the gas and

slurry flow, different flow patterns occur in a pipe flow.43 We calculate the required flow

properties for both phases for the determination of the flow pattern (cf. Appendix A, Tab.

3), and find a stratified flow pattern with separate gas (top) and slurry (bottom) flows. This

flow pattern may prohibit sufficient mixing and, hence, may result in a limited mass transfer
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at the gas-liquid interface. As compensation, the CO2 side feed at the reactor bottom further

enables dissolution of gaseous CO2 in the slurry, as illustrated in Fig. 2. In our study, we

do not consider, however, the gas bubbles within the slurry in the analysis of gaseous flow

properties and consider the flow of the gas phase on top of the slurry phase only.

Figure 2: Cross sectional area of the plug flow reactor with CO2 side feed at reactor bottom
and multi-phase flow of gas phase and solid-liquid slurry. The stratified flow profile of slurry
and gas phase is justified with the two-phase tubular flow analysis by Baker.43

Due to the non-circular cross-sectional area of gas and slurry flows, the analysis of the

flow regime of the slurry flow and the gas flow requires the consideration of the hydraulic

diameter. It enables the calculation of flow properties assuming a tubular flow of this di-

ameter. With the hydraulic diameter, we obtain a turbulent flow of both the slurry and

the gas flow with Reslurry “ 4.9ˆ 104 and Regas “ 2.4ˆ 104 denoting the ratio of inertial

forces to viscous forces. With the turbulent flow of the slurry phase, we evaluate the ef-

fects of axial mixing by the consideration of axial dispersion. In general, axial dispersion

is caused by molecular diffusion, nonideal flow profiles, and in the case of turbulent flow,

turbulent diffusion (eddies).44 We estimate the dispersion coefficient in a turbulent pipe flow
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of the quasi-homogeneous slurry from a correlation of Reynolds number, flow velocity, and

hydraulic diameter to be E “ 2.2ˆ 10´3 m2

s
.45 Taylor 45 considers the effects of a nonideal

flow profile and turbulent diffusion with the former being the dominant factor for disper-

sion in a turbulent flow. To account for molecular diffusion, we consider the H+ ion as

the smallest molecule in our system and, hence, the highest diffusion coefficient reported as

DH+ “ 9.3ˆ 10´9 m2

s
.46 With DH+ ! E, the consideration of axial molecular diffusion is

negligible. Hence, to determine the effects of axial dispersion in comparison to convective

flow, axial dispersion by turbulent diffusion and nonideal flow profile is sufficient. We deter-

mine the Bodenstein number of the slurry flow to be Boslurry “ 611 which denotes the ratio

of convection to dispersion. With Bo " 1, we can neglect axial dispersion in the slurry flow

and, thus, assume no mixing of slurry in the axial direction. The gas phase contains CO2 and

H2O, and its composition remains nearly constant over the reactor length. The gas phase is

assumed to be in equilibrium with the liquid phase, whose change in composition over the

reactor length only slightly affects the gas phase composition at constant temperature and

pressure. Hence, dispersion effects are irrelevant in the gas phase.

We point out that we do not consider radial mixing effects of the top gas phase and

gas bubbles within the slurry since this would entail a thorough analysis of, among other

factors, bubble size, buoyancy velocity, the interaction of gas bubbles with solid particles,

and gas-liquid phase, all in a turbulent slurry flow. Instead, we assume a best-case scenario

with ideal mixing in this work and leave these points open for future research. Hence, based

on this analysis we assume a one-dimensional convective flow profile (plug flow) of both the

gas phase and the slurry without consideration of axial dispersion and diffusion for the range

of reactor operating conditions.

To model a plug flow reactor, we extend the mechanistic reaction model from our pre-

vious work32 to a convective reactor model. The original model is a system of differential

and algebraic equations (DAE) that accounts for (1) the isopotential conditions of gas-liquid

equilibrium (GLE) and the law of mass action for dissociation equilibrium (DE), (2) surface-
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controlled dissolution and precipitation of solid phases coupled with nucleation of product

phases and (3) PSDs of solid phases. The DAE is of a differential index higher than one due

to the consideration of isopotential conditions. Therefore, the mole balance equations are

projected to reaction invariants to obtain a DAE of differential index one.47–50 In our previ-

ous work, we showed similarities to batch experiments underlining the model capabilities of

predicting mineral carbonation performance.32 For the conversion of the transient batch re-

action model to a stationary plug flow reactor model, we replace the projected mole balance

equations of the original model with projected balance equations for one-dimensional con-

vective flow. For further details on governing and constitutive equations, thermodynamics,

and model assumptions, we refer to Bremen et al..32

2.3 Process implementation and simulation

The process model (mass and energy balances) and the reactor model are implemented in

Aspen Plus V1151 and Dymola 2020,52 respectively. Based on the modeling language Mod-

elica,53 Dymola is a widely used software environment for the object-oriented modeling of

complex systems with a wide range of applications. With open-source software environ-

ments, Modelica allows the reusability of model components and enables interfacing with

control and dynamic optimization software.54 The simulation of the entire process requires

the results of the Dymola simulation to be provided to the Aspen model. For this purpose,

we use a Matlab55 interface to both Dymola and the Aspen Simulation Workbook (ASW).

The ASW is provided in MS Excel56 that links Aspen Plus flowsheet variables. As the

process simulation depends on the reactor outputs, we run the plug flow reactor model first

with given operating conditions: temperature, pressure, and particle size distribution. To

integrate the Dymola model, we provide model inputs (temperature, pressure, feedstock par-

ticle size distribution) and use the DAE integrator DASSL57 with an integration tolerance

of 10´8. After running the reactor model, we extract simulation results and provide these

as input to the ASW, namely the overall conversion, PSDs of solid phases, and the required
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feed of CO2. The simulation results of the process model in Aspen Plus are then used for

the evaluation of the process described in the following Section 3.

3 Olivine carbonation process assessment

To analyze the mineral carbonation process proposed in Section 2.1, we provide the setting

and major assumptions for the evaluation in Section 3.1 and briefly summarize criteria for

cost and carbon footprint assessments in Sections 3.2 and 3.3, respectively. In this work,

we consider both a present-day scenario (2021) and a future scenario (2030) further detailed

in Section 3.4. The underlying model equations are implemented in Matlab.55 We provide

parameters for the techno-economic assessment and the life cycle assessment (LCA) that

differ in both scenarios in Appendix B. For remaining parameters, we refer to Strunge

et al. 15 and Ostovari et al..2 All parameters are also provided within the models given the

electronic supplementary information (ESI).

3.1 Scope of this study

The aim of the mineral carbonation process is to produce SCM via the direct carbonation

of olivine while storing sufficient CO2 to reduce the carbon footprint of the cement industry,

as shown in Fig 3. The European cement standard allows different amounts of SCM of

certain compositions to replace OPC and categorizes different cement types depending on

OPC substitution.58 CEM II is the most consumed type of cement in Europe consisting

of OPC mixed with different shares of shale and silica fume, fly ash, limestone, natural

pozzolan, and/or steel slag.59,60 The European cement standard DIN EN 197-158 defines a

CEM II to contain 20-35 wt.% natural pozzolan with at least 25 wt.% amorphous silica that

is the strengthening component in blended cement. In our study, we aim to produce SCM

from mineral carbonation that performs as a natural pozzolan. Therefore, 25 wt.% of the

SCM should be silica while magnesite and unreacted olivine are the remaining components
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(see Fig. 1). We assume the average allowed substitution of 27.5 wt.% as a representative

substitution rate.

Cement plant
Mineral 

carbonation

Mixing

CO2

CO2CO2

Cement
feedstock

Carbonation
feedstock

Deposit

Blended 
cement

Flue gas

Ordinary 
Portland 
cement

SCM 25% SiO2

Figure 3: The mineral carbonation plant produces SCM with CO2 from the cement plant.
OPC and SCM are then mixed to produce blended cement.2

The mineral carbonation process is assumed to be located next to a cement plant in cen-

tral Europe that produces one million tons of OPC per year with emissions of 850 kgCO2{tOPC.61

This enables a potential OPC substitution by SCM of 275,000 t
a
. Further mineral carbon-

ation products are deposited in the limestone quarry close by to the cement plant (10 km).

As suitable feedstock mineral is located in Southern and Northern Europe,38,62 we transport

raw material a distance of 1200 km to the production site, partially by ship, train, and truck.

3.2 Techno-economic assessment

The economic evaluation is adapted from Strunge et al.,15 who built a business case based

on (a) the usage of mineral carbonation product streams as SCM, (b) ETS eligibility of the

CO2 avoidance, and (c) feedstock availability in relatively close proximity (ă 2000 km). The

economic model considers both capital expenditures (CapEx) and operational expenditures

(OpEx) for the construction and operation of the mineral carbonation plant. To obtain a

single evaluation criterion, we introduce the levelized cost of blended cement that includes
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participation in ETS, OpEx, and discounted CapEx using an expected plant lifetime at a

given interest rate.

The production of blended cement emits CO2, thus requiring participation in the ETS.

The ETS prices depend on the considered scenario setting discussed in the subsequent pro-

cess optimization (Section 3.4). OpEx constitutes expenditures for feedstock supply and

transport, cooling water, electricity, steam, product deposit, insurance, labor, and mainte-

nance.

We calculate the CapEx by estimating the expected cost of a mature technology based on

an nth of a kind plant.63,64 The CapEx further constitutes the total direct cost of each process

unit taking indirect costs, process contingencies, and project contingencies into account.

Total direct costs are given in Aspen Plus Capital Cost Estimator51 for the compressors,

pumps, heat exchangers, flash unit, expanders, hydrocyclones, filters, and the classification

centrifuge. We take total direct cost functions for the units MEA post-combustion capture,

cone crusher, ball mill, and tubular reactors from Strunge et al..15 The crusher and ball

mill are sized according to their power input. The electricity demand of the crusher is set

to a value of 2 kW h
t

20 with a constant output particle size. The ball mill power demand is

proportional to the specific surface area increase, and therefore dependent on the predefined

output particle size distribution.39

3.3 Life cycle assessment

Our study is based on the LCA method described in ISO 14040, ISO 14044 and ISO

14067.65–67 As our main motivation for mineral carbonation is the reduction of GHG emis-

sions, we focus on its impacts on climate change by applying the standardized methodology

of carbon footprinting.67 The carbonation process stores the CO2 from the flue gas of cement

production and avoids GHG emission by substituting clinker. Yet, the construction and op-

eration of the plant cause GHG emissions due to material and energy demand. To reduce

the carbon footprint of cement, the carbonation process should emit less GHG emissions
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than it avoids.

To assess the GHG emissions from the mineral carbonation process, we use data from

Ostovari et al..2,14 In detail, we account for GHG emissions from carbonation plant con-

struction, mining, transportation, consumption of feedstock, cooling water demand, electric-

ity demand, thermal energy demand, and product deposit. We assume the GHG emissions

from carbonation plant construction to be proportional to the amount of treated CO2. To

calculate the carbon footprint of SCM, we subtract the overall stored CO2 from the GHG

emissions caused by the mineral carbonation process. Thus, we provide a credit for the CO2

emissions avoided from the flue gas in line with the recommendations of Müller et al..68

The carbon footprint of blended cement is the sum of the carbon footprint of SCM and of

OPC with the predefined shares of 27.5 wt.% and 72.5 wt.%, respectively. Here, we assume

blended cement with 27.5 wt.% carbonation products to perform similarly to conventional

OPC and CEM II.

3.4 Scenario definition

Besides the cement substitution, the main economic driver for the implementation of the

mineral carbonation process is the participation in the ETS. The carbon prices within the

ETS have been increasing steadily and are to increase further within this decade. The current

carbon price is forecasted to triple by 2030 compared to 2021.69 Hence, mineral carbonation

economics are expected to strongly improve within the next decade. To evaluate the benefit

of an increase in the ETS price, we consider two scenarios: The first one considers current

prices for the ETS, utilities, and capital cost to assess the present-day potential of the mineral

carbonation process. We calculate the current ETS price as the average of the period July

2020 to July 2021 to a value of 38 €. The second scenario considers the year 2030 with

an estimated ETS price of 129 €.69 Other costs and carbon footprint parameters, e.g., of

electricity, are adjusted accordingly for the year of 2030, which is given in the electronic

supporting information (ESI). We note that currently the industry is partially subsidized by
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allocating ETS certificates at no cost. This cross-funding will be phased down by 2030.70

Hence, in our study, we do not consider free allocation of ETS certificates.

4 Process optimization

According to Ostovari et al.,2 carbon-neutral blended cement is technically feasible, however,

they did not consider its cost. At the same time, Strunge et al. 15 provided a cost analysis of

blended cement and concluded that the scale of the mineral carbonation process is critical

for its overall profitability. They find a maximum profit at the plant capacity that enables

the highest possible cement substitution with a minimum deposit stream. Yet, this process

scale differs from the process scale for carbon-neutral blended cement in Ostovari et al..2

Therefore, we combine the consideration of both carbon footprint and profitability by using

multiobjective Bayesian optimization to determine their trade-off.

In this study, the degrees of freedom for the olivine carbonation process are the reaction

temperature, pressure, initial PSD of feedstock material as well as its flow rate into the

process. These variables have not yet been determined in a holistic set-up, but rather from

a limited point of view, i.e., either from experimental investigations or simplified process

models. The feedstock material flow rate is crucial for the overall scale of the process,

whereas temperature, pressure, and mean of the PSD of feedstock material determine the

overall conversion within the tubular reactors, and hence, the PSDs of solid phases exiting

the reactors. We set these degrees of freedom as the decision variables for the optimization

and provide lower and upper bounds for the optimizer to find an optimum process.

The scale of the process is limited by the amount of CO2 production from the cement plant

that is available for carbonation, resulting in an upper bound of 800,000 tolivine{a. The lower

bound for feedstock flow rate is set to 80 wt.% of the required amount for 27.5 wt.% cement

substitution, namely 160,000 tolivine{a. We expect the process not to be Pareto optimal

for a process scale below maximum possible substitution as in this case, both levelized
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cost and carbon footprint of SCM increase.15 We determine the reactor temperature to

be within 150 °C and 220 °C, as at lower temperature hydrated magnesium carbonates are

observed experimentally71,72 and at higher temperatures, conversion drops substantially due

to a reduced CO2 solubility.32 We allow a reactor pressure between 40 bar and 200 bar, as

this is the range of operation in experiments. Feedstock particles could be ground to a

mean particle size between 5 µm and 30 µm. Lower particle size could hinder separation of

magnesite from unreacted olivine particles as magnesite is found in the range of 1 µm to

5 µm.

The optimization formulation has four decision variables: optimal temperature, pressure,

mean of feedstock’s PSD, and process scale. It is at the border between problems that can

be solved with brute-force approaches, such as trivial discretization, and sophisticated opti-

mization methods. Hence, we decided to employ Thompson sampling efficient multiobjective

optimization (TSEMO) that enables multiobjective optimization of black-box models based

on Gaussian processes (GP) as surrogates.33 A gradient-based optimization method is not

suitable in our case, as we employ a procedural approach of coupling reactor simulation

results with the Aspen Plus flowsheet model and do not calculate gradients of the reactor

model and the process model. Additionally, the nonsmooth overall model behavior result-

ing from nucleation within the reactor model and functions for the calculation of levelized

cost and carbon footprint does not allow the use of finite differences for the approximation

of gradients. Within TSEMO, each optimization is set up by first building an initial GP

from the evaluation of objectives by different combinations of optimization variables, i.e.,

by Latin hypercube design.73 Subsequently, within the optimization algorithm, an iterative

approach of (1) adding sampling points via Thompson sampling (TS), (2) updating the GP

with the new data set, (3) multiobjective optimization of the GP with NSGA-II,74 and (4)

an additional process model evaluation yields the Pareto optimal production cost and carbon

footprint of blended cement.

The major share of computational time on a PC with an Intel Core i3-6100 CPU for
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one iteration is attributed to the integration of the reactor model, as the model incorporates

events due to the reinitialization of nodes within the PSDs resulting from nucleation. In

total, roughly eight minutes are required to perform one iteration, whereas six minutes

are accounted for reactor model integration and two minutes to process simulation. The

computational time spent on the optimization algorithm is negligible.

4.1 Optimal operating conditions

Preliminary optimization results show that the particle size is always at its lower bound.

Thus, grinding the feedstock particles to a fine powder is beneficial for high conversion rates,

which promotes both carbon footprint and profitability. In other words, the higher conversion

rates offset the additional GHG emissions and both CapEx and OpEx due to fine grinding.

Hence, in the following, we only show optimization results for a fixed mean particle size of

feedstock material of 5 µm. Furthermore, to exclude the strong effects of the process scale on

both profitability and carbon footprint, we first fix the process size to an SCM production of

275,000 t
a
, which corresponds to the most profitable process scale found by Strunge et al..15

We found the temperature and pressure dependence on the optimization variables to be

orders of magnitude smaller than the process scale dependence on the optimization variables,

as evaluated in the following (cf. Figs. 4 and 6).

Hence, we consider only the optimization of temperature and pressure for the first op-

timization case illustrated in Fig. 4. Pareto optimal temperature and pressure are found

after 250 iterations in the range of 195.7-197.6 °C and 165.9-178.2 bar, respectively. Figs. 4a

and 4b show the optimization iterations in the design space of temperature and pressure.

The color-coded levelized cost and carbon footprint both show that a higher reaction pres-

sure allows a higher temperature, which in return promotes the conversion. A temperature

increase is, however, limited by the a reduction of dissolved CO2 in the liquid phase. Figs.

4c and 4d show the Pareto front with color-coded temperature and pressure, respectively.

Increasing the operating pressure increases the carbon footprint of blended cement, and at
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(c) Color-coded temperature on Pareto front.
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(d) Color-coded pressure on Pareto front.

Figure 4: Influence of temperature and pressure at maximum substitution capacity accord-
ing to Strunge et al. 15 on (a) levelized cost and (b) carbon footprint with Pareto optimal
carbon footprint vs. levelized cost ( ). The Pareto front with (c) color-coded Pareto optimal
temperature (195.7-197.6 °C) and (d) color coded Pareto optimal pressure (165.9-178.2 bar)
show a low trade-off between carbon footprint and levelized cost of blended cement (BC).

the same time, promotes the conversion that reduces the levelized cost (top left of Pareto

front). Contrarily, a lower pressure enables a lower carbon footprint at a lower temperature,
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but at increased levelized cost (bottom right of Pareto front).

Our results suggest that higher pressures than those argued by O’Connor et al. 19 are

feasible and pay off both financially and for the climate. This is the first study to propose

a higher pressure than 150 bar for the carbonation of olivine. O’Connor et al. 19 showed

improved conversion for higher pressures up to 250 bar, but did not consider this beneficial

beyond 150 bar. Still, the direct costs of the compression cascade account for roughly 15 %

of the total direct cost and, hence, are a major cost driver of the process. At the same time,

high pressure is required for sufficient conversion that is more decisive for a low-emission

and profitable process. Therefore, with high pressure and the selection of an appropriate

temperature that promotes a high conversion, the levelized cost and the carbon footprint of

blended cement are close to the Pareto front. The trade-off between pressure and temperature

is then insignificant (cf. Figs. 4a and 4b). In general, carbon footprint and profitability

correlate strongly, as participation in the ETS is essential for the profitability of the process.

In return, this strong correlation makes the trade-off between Pareto optimal temperature

and pressure small (cf. Figs. 4c and 4d).

To put the optimization results into perspective, we compare Pareto optimal processes

with process configurations based on operating conditions taken from literature, illustrated

in Fig. 5. The lower pressure levels in literature result in lower conversion and, hence, sub-

optimal process performance. Nonetheless, the simulation results with literature data must

be considered with caution, as the temperature-pressure combinations do not necessarily

match the optimal temperature-pressure combinations of the mechanistic reactor model.

The differences of levelized cost of blended cement in this work and literature data seem

rather low, which is why it is important to note that still, a major share of levelized cost

of OPC originates from OPC production as it comprises 72.5 wt.% of the mass of blended

cement and only the share of 27.5 wt.% of the SCM production results in the increased cost.
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Figure 5: The optimization shows lower carbon footprint and levelized cost of blended cement
(BC) compared to simulation with input temperature and pressure taken from literature and
a mean particle size of 5 µm.

4.2 Optimal carbonation process scale

To further assess the carbon footprint and cost of blended cement, we consider the opti-

mization of the process scale for the present-day and future scenario. We set the olivine

mass flow rate into the process as a decision variable with a predefined lower and upper

bound. As the range of Pareto optimal operating conditions has a minor influence on both

carbon footprint and levelized cost of blended cement in comparison to process scale, we

fix temperature and pressure to one operating condition from the Pareto front of Fig. 4,

namely T “ 196.9 °C and p “ 169.2 bar. Analogous to Section 4.1, we fix the mean particle

size of feedstock to 5 µm. With only one decision variable in this optimization scenario, a

straightforward discretization is feasible, but the previously employed optimization frame-

work comes at no cost while rendering the same or more accurate results. To benchmark
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the produced blended cement from carbonation products with other CEM II on the cement

market, we consider CEM II with natural pozzolan. Here, we assume three extreme cases

for CEM II with natural pozzolan regarding the carbon footprint of natural pozzolan and

its cost, namely natural pozzolan without production cost but the carbon footprint of OPC

(CEM IIa), natural pozzolan with the production cost of OPC but carbon footprint equal

to zero (CEM IIb), and natural pozzolan without production cost and a carbon footprint of

zero (CEM IIc, best-case).

With a total of 100 optimization iterations, the Pareto front illustrated in Fig. 6a shows

a trade-off between levelized cost and carbon footprint of blended cement. The carbon

footprint of blended cement decreases with increasing process scale as a larger amount of

CO2 is permanently stored by carbonation. The increased amount of stored CO2 is attributed

to blended cement resulting in its lower carbon footprint. In return, the levelized cost of

blended cement increases with increasing mineral carbonation process scale, because the

amount of utilized SCM from the carbonation process remains constant over the Pareto

front. The Pareto front shows several discontinuities resulting from step functions within

the total direct cost calculation of the CO2 compression cascade with the Aspen Capital

Cost Estimator. As the CO2 cascade comprises roughly 15 % of the total direct cost, the

discontinuities are visible in the Pareto front.

At minimum levelized cost of blended cement, the process produces as much SCM as

can be substituted in blended cement (top left of Pareto front). This represents the most

economic process scale illustrated in Fig. 4. An increase in feedstock mass flow rate is

still Pareto optimal with an increase of the levelized cost of blended cement and a decrease

of the carbon footprint, as more CO2 from the cement plant is stored. Consequently, the

amount of deposited solid products increases. The lowest carbon footprint is found, where

the entire amount of available CO2 from the cement plant is used in the mineral carbonation

process. This process configuration decreases the carbon footprint of blended cement down

to 456 kgCO2e{tBC but increases its levelized cost to 135 €{tBC.
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Pareto optimal mineral carbonation capacities result in a generally lower carbon footprint

of blended cement than both OPC and CEM II with natural pozzolan in the present day

scenario (cf. Fig. 6a). The final product blended cement in the most economic Pareto

optimal process configuration is competitive with conventional OPC production while having

a lower carbon footprint. The production cost of OPC within the European Union ranges

from 35 €
t
to 73 €

t
.75 In this study, we use a production cost of 62.60 €

t
.76 Adding the expenses

for ETS certificates in the amount of 32 €
t
from 850 kg

t
CO2e emissions, the total cost of OPC

increases to 95 €
t
. At a similar levelized cost, the carbon footprint of blended cement is 33 %

lower than that of OPC. Considering that OPC and blended cement are categorized as CEM

I and CEM II in the European cement standard, respectively, a comparison with the carbon

footprint of a comparable CEM II cement is necessary. Assuming zero carbon footprint for

natural pozzolan (CEM IIb and CEM IIc in Fig. 6), at the same substitution ratio of OPC

with natural pozzolan the carbon footprint of CEM II cement (616 kg
t
) is still higher than our

Pareto optimal results. The carbon footprint reduction in relation to the best case CEM II

cement is only 7 %. Hence, the most profitable process scale does not necessarily result in a

high carbon footprint reduction. Only an increased process scale enables a reduction of up to

46 % and 26 % compared to OPC and CEM IIb{c cement, respectively, by essentially adding

carbon storage. In the present day scenario, the carbon footprint of the Pareto optimal

mineral carbonation process scale is below the average cement carbon footprint, yet, the

levelized cost is beyond present-day cement prices.

As a substantial carbon footprint reduction necessitates considerably increased levelized

cost of 135 €{tBC, the realization of the mineral carbonation process seems economically

infeasible in the present day scenario due to the lower cost of OPC production. However,

with the increasing forecasted ETS price of 129 € in 2030, the cost savings of a carbon

footprint reduction should be significant. Without any improvement of the conventional

cement process, the levelized costs of both OPC and CEM II are expected to increase due

to the increased ETS price (cf. Fig. 6b). We run the process scale optimization again
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Figure 6: Pareto optimal carbon footprint and levelized cost of blended cement with olivine
feed as a decision variable for (a) the present day scenario (2021) and (b) the future scenario
(2030). The top left of both Pareto fronts represent the process scale at maximum substi-
tution, the bottom right of the Pareto fronts shows the limit of CO2 availability from the
cement process. The range of conventional CEM II is derived from cement blends containing
72.5 % OPC and 27.5 % of SCM with (CEM IIa) no production cost and carbon footprint
of OPC, (CEM IIb) production cost of OPC and zero carbon footprint, and (CEM IIc) no
production cost and zero carbon footprint.

with cost estimations for 2030 and the same operating conditions as in the present day

scenario, since the influence of operating conditions is rather low. The results illustrated in

Fig. 6b show an increased Pareto optimal levelized cost of blended cement, while the carbon

footprint is further reduced due to a lower carbon footprint of utilities. Again, the most

profitable process scale is found at maximum substitution capacity (top left in the graph).

The largest carbon footprint reduction is 51 % and 32 % compared to OPC production and

the best case CEM II production, respectively. In comparison to the present day scenario,

a process scale increase is less costly, as can be seen from the steeper decrease of the Pareto

front for the future scenario. This stems from the increased ETS price, which makes the

mineral carbonation process scale-up less expensive compared to the present-day scenario.
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The Pareto optimal levelized costs of blended cement are in the range of cost for OPC and

CEM II, which shows the economic feasibility of combined cement and SCM production

via mineral carbonation. Furthermore, by employing mineral carbonation in the cement

industry, the emission targets of 472 kgCO2e{tBC
77 could be met. This underlines the future

capabilities of applying mineral carbonation products in the cement industry. We underline

that mineral carbonation as a stand-alone process without the application of its products

in the cement industry becomes economically feasible only at an ETS price of 327 € (cf.

Appendix C). Hence, the use of mineral carbonation products as SCM is essential to achieve

an economic process configuration by 2030.

4.2.1 Heat integration for further process improvement

A high share of costs and GHG emissions of mineral carbonation stems from utility demand

(Tabs. 6 and 7 of Appendix C) Therefore, the effect of heat integration on cost and GHG

emissions of mineral carbonation can be strong. A priori, we manually integrated the excess

heat from the reactor to the required heat for the MEA post-combustion capture, and heat

up the solid-liquid reactor feed slurry with the reactor outflow. Within the optimization

algorithm, we did not perform a complete heat integration. A pinch analysis of the remaining

hot and cold streams results in a decrease of utility cost by 18 % and 11 % for the minimum

and maximum Pareto optimal mineral carbonation capacity, respectively, considering the

future scenario (2030). Without consideration of potential additional CapEx, this results

in a reduction of carbon footprint and levelized cost of blended cement to 555 kgCO2e{tBC

and 138 €{tBC for the lowest Pareto optimal process capacity, respectively. Heat integration

at the largest Pareto optimal process scale results in a carbon footprint and levelized cost

of 394 kgCO2e{tBC and 165 €{tBC, respectively. These results are illustrated in Fig. 6b and

interpolated for process capacities that lie within the lowest and largest Pareto optimal

capacity. In summary, the consideration of heat integration in the future scenario allows

a carbon footprint reduction of 54 % and 36 % compared to OPC and best case CEM II
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production, respectively.

5 Conclusion and outlook

In this work, we combined process modeling and Bayesian optimization to evaluate the

capabilities of mineral carbonation to reduce the carbon footprint of the cement industry

while ensuring the economic competitiveness of the process. For this purpose, we proposed

a mineral carbonation process with an integrated tubular mineral carbonation reactor. The

mineral carbonation process model was implemented in Aspen Plus and coupled with a

mechanistic tubular reactor model implemented in Modelica. We defined an application for

mineral carbonation products in the cement industry for the production of CEM II cement.

With models both for the carbon footprint and the cost of the produced blended cement, we

evaluated the mineral carbonation process producing SCM for the cement industry. By the

use of Bayesian optimization, we found Pareto optimal operating conditions for the mineral

carbonation reactor and the process scale.

Our results showed that the carbon footprint and cost of the mineral carbonation process

were at their minimum for a mean particle size of the feedstock of 5 µm, a temperature

range of 196-198 °C, and a pressure range of 166-178 bar. The Pareto optimal process scale

showed a strong trade-off between carbon footprint and cost. The stored CO2 is directly

attributed to overall CO2 emissions of blended cement resulting in a lower carbon footprint

with increasing process scale. Similarly, the higher cost of a larger process scale is attributed

to the cost of blended cement, thus increasing its levelized cost. Today’s production of

blended cement was most competitive at maximum substitution capacity with a carbon

footprint reduction of 33 % and 7 % compared to the carbon footprint of OPC and best

case CEM II, respectively. In the future scenario (2030), mineral carbonation can produce a

blended cement with 51 % lower carbonation footprint at a competitive cost. Heat integration

of the mineral carbonation process can reduce the carbon footprint further by 54 % at a lower
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levelized cost than that of OPC. With this process configuration, the emission targets for

2030 can be significantly undercut.

The foundation of these results was given by rigorous process modeling with the use of

mechanistic modeling of a multi-phase tubular reactor. However, the reactor model still

may contain inaccuracies, which need further consideration, as the conversion is crucial for

a low-emission and cost-efficient process. Still, the mechanistic tubular reactor model is a

first step towards underlining the potential of applying tubular reactors in an industrial-scale

mineral carbonation process. Furthermore, the downstream process for the solid separation

is designed for the properties of solid phases that are computed by the reactor model. As the

mechanistic model does not account for solid particle interaction, the downstream process

that is based on previous work should be considered closely. Nonetheless, the downstream

process is designed at ambient conditions and requires small amounts of utilities compared

to upstream units. Hence, the downstream units cause only a minor share of CapEx, OpEx,

and GHG emissions. Thus, design changes are not expected to have a major influence on

the optimization results.

While process and reactor modeling are still subject to further investigation, this work

highlights the potential of applying mineral carbonation in the cement industry. Next to

the process set-up, the applicability of SCM from mineral carbonation in blended cement

requires an in-depth evaluation. Policymaking for the standardization of mineral carbonation

products as well as progress towards participation in the ETS are the basis for the future

implementation of an industrial scale mineral carbonation process.

Supporting Information Available

We provide process models that are required for the process evaluation. The files are provided

in a .zip folder in the following structure:

• Document: Supporting Information with data and calculations for reactor modeling,
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scenario data, and the stand-alone mineral carbonation process.

• AspenPlus: AspenPlus process model and ASW Excel file

• Dymola: Modelica code and executable for reactor simulation

• Matlab: Functions for calling reactor and process model for the evaluation of carbon

footprint and levelized cost

• Results: Folder structure for saving simulation results

This information is available free of charge via the Internet at http://pubs.acs.org/
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A Data and calculations for reactor modeling

In Tab. 1, we provide the design specifications of a tubular reactor that we employ for the

mineral carbonation reaction. We use this data to determine flow regimes of the slurry and

the gas phase flow with results provided in Tab. 2. To underline the separate flow of gas

and slurry flow, we provide the calculations for the determination of flow patterns in Tab.

3 and refer to the corresponding graphs by Baker,43 who provided the groundwork for the

prediction of two-phase flow patterns. The results are in accordance with a more recent

study.78
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Table 1: Reactor design properties.

Specification Value

Length L 120 m

Diameter d 1.25 m

Residence time τ 3 h

Volume flow 9V 1.36ˆ 10´2 m3

s

Flow velocity v 0.011 m
s

Volume share of gas phase 10 %

Hydraulic diameter gas flow dh 0.24 m

Hydraulic diameter slurry flow dh 0.76 m

Table 2: Reactor flow properties at 185 °C and 150 bar.

Substance Density Viscosity dh Re “ ρvdh
η

Bo “ vL
Dax

“

kg
m3

‰

rmPa ss rms r´s r´s

Water 890.879 0.14979 - - -

Olivine 322380 - - - -

Suspension
p0.2 kgolivine{kgwaterq

1013 0.17240 0.76 4.9ˆ 104 6.1ˆ 102

Gas (CO2/H2O) 194.181 0.021582 0.24 2.4ˆ 104 -

Table 3: Flow pattern according to Baker.43

Specification Value
Gg

λ
0.017 kg s

m2

GlλΦ
Gg

1084

B Present day and future scenario data

In Tabs. 4 and 5, we provide relevant data for the cost and GHG emission calculations. Here,

we present the changed values in the present day and future scenario. For further detail on

parameters and data, we refer to Strunge et al. 15 for the techno-economic assessment and
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to Ostovari et al. 2 for the life cycle assessment.

Table 4: Price data for techno-economic assessment.

Scenario Present day (2021) Future (2030)
EU ETS r€{tCO2s 37.7383 12969

Electricity
“

€
MW h

‰

58.184 6285

Natural gas
“

€
MW h

‰

21.686 3287

Table 5: GHG emission data.88

Scenario Present day (2021) Future (2030)
Electricity rkgCO2e{kWhs 0.4 0.208
Steam rkgCO2e{kWhs 0.24 0.219

C Stand-alone mineral carbonation process

In addition to the approach of combining cement production and mineral carbonation to

produce SCM, mineral carbonation also offers the possibility of a stand-alone unit. In this

case, the purpose of mineral carbonation is solely the storage of CO2 in a solid material with-

out a substitution of cement. In this section, we provide carbon footprint and cost data of a

stand-alone mineral carbonation process for the future scenario (2030). Here, the products of

mineral carbonation are not substituting OPC. Thus, we consider only the large-scale process

of 800,000 tolivine{a that uses the available CO2 from the cement process with a production

capacity of 725,000 tOPC{a. The CO2 mitigation cost are calculated to 327 €{tCO2avoided with

a total of 231,000 tCO2avoided{a and 370,000 tCO2stored{a. The cost distribution is given in Tab.

6, which is similar to the results of Strunge et al..15 Tab. 7 provides the distribution of GHG

emissions resulting from the process. The utilities show a major share of carbon footprint

while the feedstock procurement (mining) has a negligible influence.
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Table 6: Cost distribution of a stand-alone mineral carbonation process with a capacity of
800,000 tolivine{a.

Position Share r%s
Utilities 42.8
Feedstock 13.3

Transportation 13.6
Annualized CapEx 19.6

Fixed OpEx 10.7

Table 7: Distribution of GHG emissions of a stand-alone mineral carbonation process with
a capacity of 800,000 tolivine{a.

Position Share r%s
Utilities 78.0
Feedstock 0.3

Transportation 15.9
Construction 5.8
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